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Summary 

One of the very promising synthetic fuel production strategies is the Fischer-Tropsch 

process, founded on the Fischer-Tropsch Synthesis, which owes its discovery to the 

namesake researchers Franz Fischer and Hans Tropsch.  The Fischer-Tropsch Synthesis 

(FTS) converts via complex polymerisation reaction a mixture of CO and H2 over 

transition metal catalysts to a complex mixture of hydrocarbons and oxygen containing 

compounds with water as major by-product.  The mixture of CO and H2 (termed syngas) 

may be obtained by partial oxidation of carbon containing base feedstocks such as coal, 

biomass or natural gas via gasification or reforming.  The Fischer-Tropsch (FT) process 

thus presents the opportunity to convert carbon containing feedstocks to liquid fuels, 

chemicals or hydrocarbon waxes, which makes, for instance, the monetisation of 

stranded gas or associated gas a possibility.   

The FT-process is typically carried out in two modes of operation: low temperature 

Fischer-Tropsch (LTFT) and high temperature Fischer-Tropsch (HTFT).  LTFT is 

normally operated at temperatures of 200 – 250 °C and pressures of 10 – 45 bar to target 

production of high molecular weight hydrocarbons, while HTFT is operated at 300 –

 350 °C and 25 bar to target gasoline production.   

The catalytically active metals currently used commercially are iron and cobalt, since 

product selectivity over nickel is almost exclusively to methane and ruthenium is highly 

expensive in addition to requiring very high pressures to perform optimally.  Fe is much 

cheaper, but tends to deactivate more rapidly than Co due to oxidation in the presence of 

high H2O partial pressures.  One of the major drawbacks to using Fe as FT catalyst is 

the requirement of lower per pass conversion which necessitates tail gas recycle to 

extend catalyst life and attain acceptable overall conversions.  A more active or similarly 

active but more stable Fe-catalyst would thus be advantageous.  For this reason 

promotion of a self-prepared typical LTFT Fe-catalyst with Ru was investigated. 

A precipitated K-promoted Fe-catalyst was prepared by combination of co-precipitation 

and incipient wetness impregnation and a ruthenium containing catalyst prepared from 

this by impregnation with Ru3(CO)12.  The catalysts, which had a target composition of 

100 Fe/30 Al2O3/5 K and 100 Fe/30 Al2O3/5 K/3 Ru, were characterised using XRD, SEM-

EDX, ICP-OES, TPR and BET N2-physisorption, before testing at LTFT conditions of 

250 °C and 20 bar in a continuously stirred slurry phase reactor.   
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Catalyst characterisation results showed the catalysts to consist of ferrihydrite as major 

iron phase, while no other structural information pertaining to Al, K or Ru could be 

determined from the XRD patterns.  BET surface areas were high (between 

170 and 180 m2/g) as expected for ferrihydrite.  Elemental composition as determined by 

EDX and ICP were slightly off the targeted values, but Fe/K and Fe/Ru ratios were 

determined to be within the target range.  The TPR investigation showed Ru to be an 

effective reduction promoter, with clear reduction peak shifts to temperatures 100 –

 150 °C lower.   

Both catalysts attained very similar levels of CO-conversion at the same tested space 

velocities and both catalysts were able to attain CO-conversion levels approaching 

100%.  The Ru-containing catalyst showed an apparent deactivation of 21% over 478 h 

TOS vs. 27% over 415 h for the non-Ru-containing catalyst, suggesting the Ru-promoted 

catalyst to be superior in terms of stability.   

The Ru-promoted catalyst showed significantly higher selectivity to CH4 and CO2 than 

the catalyst promoted with K only. Olefinicity and C5+-selectivities were also 

significantly lower over the Ru-promoted catalyst.  The higher methane selectivity is 

thought to stem from a combination of ruthenium’s inherent FT activity and an 

enhancement of the H2-adsorption.  High CO2-selectivity would seem to be a result of 

enhancement of the re-carburisation of magnetite facilitated by Ru similarly to what has 

been proposed for Cu.  This alone probably would not account for the large amounts of 

CO2 which suggests that Ru also helps to promote the WGS reaction over Fe. The 

increased WGS activity (leading to lower water partial pressures), coupled with 

enhanced magnetite carburisation would help in explaining the Ru-containing catalyst’s 

improved stability.   
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Chapter 1:  Introduction 

 

 

With a growing global population and a more environmentally conscious society, the need 

to increase energy supply, while reducing mankind’s environmental impact, requires 

scientists to re-evaluate the way in which energy demand is met.  A novel approach to 

supplement the fuels and chemicals derived from natural crude oil reserves with synthetic 

fuels has been known to researchers since the early 20th century. Commercial production 

of these synthetic fuels (synfuels) started with coal liquefaction technologies in Germany 

as a way to gain fuel independence.  Germany, like South Africa, is a country with no 

crude oil reserves, but large quantities of coal.  The first technology employed was the 

direct liquefaction of coal using Bergius’s high pressure hydrogenation process.  Later  an 

indirect liquefaction method, the Fischer-Tropsch Synthesis (FTS), was discovered and 

has been applied commercially in South Africa since the 1950’s.  

The FTS reaction was discovered by Franz Fischer and Hans Tropsch in 1923 – 1926, 

after Friedrich Bergius’s development of the high pressure coal hydrogenation process in 

1910 –1925.   It offers an indirect route to the production of “synthetic crudes” from 

carbon containing materials.  The FTS is a catalytic conversion of synthesis gas (a 

mixture of CO and H2) into a complex spectrum of hydrocarbons which includes olefins, 

paraffins and oxygenates. The synthesis gas can be obtained from various carbon 

containing sources, such as coal, biomass or natural gas. Research in FTS has a history 

dominated by stops and starts.  This is mostly linked to the rise and fall of natural crude 

oil prices, but also other oil crises such as the 1973 Arab oil embargo and the South 

African boycotts during the Apartheid era.   

This chapter, briefly, introduces the concept of synthetic fuels as alternatives to 

conventional fuels.  The Fischer-Tropsch Synthesis, its history, revival and applications is 

as well introduced in this chapter.  This is discussed in more detail in Chapter 
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2.  Additionally, this chapter serves to introduce and discuss the premise for this research 

project, important research questions, and aims and objectives, and the expected outcomes 

of the research.    

 

1.1 Synthetic Fuels:  Alternatives to crude-derived fuels 

The 20th and 21st century synthetic fuel industry evolved in three stages.  The first is the 

invention, followed by the early development, of the Bergius direct coal liquefaction 

process and the Fischer-Tropsch Synthesis (1910 – 1926).  Secondly, Germany’s 

industrialisation of these processes from the late 1920’s up to 1945.  The third is the 

global transfer of these technologies to countries such as Britain, Japan, the USA, South 

Africa, and others from 1930 – 1990’s (Stranges, 2007).    

The production of synthetic fuels (or synfuels) saw its birth in the early 20th century with 

the invention of direct coal liquefaction (DCL) technology.  Friedrich Bergius, in 1913, 

invented the high pressure coal hydrogenation process (Williams & Larson, 2003; 

Dancuart & Steynberg, 2007) which converts coal to a partially refined synthetic crude 

oil which can be further refined into transportation fuels, as well as liquefied petroleum 

gas (LPG) (Williams & Larson, 2003).  The second technology for the production of 

synthetic hydrocarbons was discovered by Franz Fischer and Hans Tropsch in 1923. The 

Indirect coal liquefaction (ICL) process via the Fischer-Tropsch Synthesis (FTS) converts 

coal into synthesis gas (a mixture of H2 and CO) and then via catalytic reaction to liquid 

hydrocarbons (Williams & Larson, 2003).  

These synthetic fuel production routes were quickly recognised as an opportunity to 

attain fuels independence by the German government.  The DCL and ICL processes were 

incorporated into Germany’s energy plan and in the 1930’s gained considerable support 

from the Nazi government (Stranges, 2007). It was argued that the German 

government’s involvement played a key role in the synfuel industry’s development and 

advancement as it led to risk-free industry-government collaboration in the 1930’s and 

during World War 2 (Stranges, 2007). Although the Bergius coal hydrogenation process 

was the main contributor to Germany’s transportation fuels requirements during WW2, 

post-war, DCL (and synfuel research in general) was, for the most part, abandoned when 

low-cost Middle-East oil became available in the 1950’s (Williams & Larson, 

2003).  Synfuel R&D was revived in industrialised nations during times of oil crises 

(such as the Arab oil embargo in 1973 and the oil crisis of 1979), but were, in many cases 

abandoned again with declining oil prices (Williams & Larson, 2003).   
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Fischer-Tropsch R&D, for the most part, suffered a similar history.  With the exception 

of Sasol in South Africa, the history of research and commercial development of synfuel 

production via FTS is littered with stops and starts (Davis, 2005; Stranges, 2007).  This 

(as mentioned before) has been mostly linked to fluctuations in crude oil prices and 

availability (Stranges, 2007).  However, concerns over depleting crude, political unrest in 

major crude exporters, need novel gas monetisation strategies, among other factors have 

sparked a renewed interest in FT research since the 1970’s and late 20th century 

(Dancuart & Steynberg, 2007; Stranges, 2007; Dasgupta & Wiltowski, 2011; Maitlis, 

2013).     

Some other technologies for the production of synthetic fuels are as well being 

considered. These include the conversion of methanol to gasoline and the synthesis of 

methanol (Williams & Larson, 2003) and dimethyl ether (DME) by ICL as a possible 

replacement for gasoline and diesel respectively (Larson & Tingjin, 2003; Williams & 

Larson, 2003).  Methanol, however, does have drawbacks associated with its use as a 

fuel, which limits its use as a gasoline alternative.  However, it is being used as starting 

material to manufacture DME (Williams & Larson, 2003).  DME has been proposed for 

use as a clean cooking fuel or diesel alternative for compression ignition engines due to 

its high cetane number and clean burning characteristics (Larson & Tingjin, 2003; 

Williams & Larson, 2003).   

 

1.2 The FT-Process and FT-Synthesis   

The Fischer-Tropsch process describes the set of technologies for the production of 

synthetic fuels and other products from carbonaceous feedstock via the FT 

synthesis.  This process produces high value products from a low value carbon-

containing feedstock such as coal, natural gas and increasingly biomass. The process 

involves synthesis gas production, the Fischer-Tropsch Synthesis, product separation 

and product workup/upgrading, as can be seen in Figure 1.1.    
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Carbon Source
(Coal, Biomass 
or Natural Gas)

Air, Oxygen or 
Steam

Syngas 
Generation

(Partial 
Oxidation or 
Reforming)

Fischer-Tropsch 
Synthesis

(HTFT or LTFT)

Separation, 
Refining and 
Upgrading

Gas and Liquid 
Products 

 

Figure 1.1:  Simplified block flow diagram illustrating the FT-process 

 

Synthesis gas production by reacting carbonaceous sources such as coal, biomass or 

natural gas with air, oxygen, steam or a mixture at high temperature, is the starting 

point for the FT process. Generally in commercial plants, when using a solid feedstock 

like coal or biomass to produce synthesis gas, the process is referred to as gasification, 

while the process of producing syngas from natural gas is achieved via the reforming 

process  (Zennaro et al., 2013; Höök et al., 2014).  The reactant (air, oxygen and/or steam) 

is added in a controlled manner to avoid the complete oxidation to carbon dioxide and 

water vapour (Zennaro et al., 2013; Höök et al., 2014).  In coal gasification the properties 

of the coal feedstock is of major significance, influencing the choice of gasifier as well as 

the further processing (Höök et al., 2014).  Several types of gasifiers have been developed 

over the years and can be grouped into four major technologies (each with its own 

advantages, disadvantages and application):  fixed bed-, fluidised bed-, entrained flow- 

and indirect- gasification (Zennaro et al., 2013). 

Natural gas as feedstock tends to have a less significant influence on processing and 

potentially presents fewer issues when compared to coal due to its greater homogeneity 

(Höök et al., 2014).  The choice of technology is informed majorly by the required syngas 

composition as well as economic and process optimisation variables.  Some of the 

different options for natural gas reforming are Steam Methane Reforming (SMR), 

Autothermal Reforming (ATR), Catalytic Partial Oxidation (CPO) and Heat Exchange 

Reforming (HER) (Zennaro et al., 2013). The preferred technology for FTS is the 

autothermal reforming because it offers a H2/CO ratio closer to 2:1 (Höök et al., 2014) as 

well as being more economical- and requiring less steam than the SMR (Zennaro et al., 

2013).   

The Fischer-Tropsch Synthesis (FTS) is the catalysed reaction of synthesis gas (a 

mixture of H2 and CO) to produce a complex spectrum of hydrocarbons, and water as the 

main by-product.  This complex mixture of hydrocarbons consists of linear and branched 
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olefins and paraffins, as well as oxygenates (Van der Laan & Beenackers, 1999; Biel, 

2004; Blekkan et al., 2007). The major hydrocarbon formation reactions can be 

summarised as: 

                              (1.1) 

                     (1.2) 

In addition to the main reactions, side reactions also take place.  These include the 

water-gas-shift reaction on Fe-catalysts, formation of oxygenated compounds and the 

Boudouard reaction (Williams & Larson, 2003; Chonco, 2014).  The main and side 

reactions occur to a more or lesser extent depending on the type of catalyst and process 

conditions employed (Williams & Larson, 2003). 

In 1923, Fischer and Tropsch produced a product containing oxygenates (but no 

hydrocarbons), that they termed Synthol, using an alkali iron catalyst at high 

temperatures and pressures (400 – 450 °C and 100 – 150 atm, respectively) (Stranges, 

2007).  At lower pressures they produced hydrocarbons, but found that the Fe-catalyst 

deactivated more rapidly (Biel, 2004).  After further research in 1925 – 1926, with a Co-

Fe-catalyst, they completely eliminated the oxygenated products and produced only 

hydrocarbons at 1 atm and 250 – 300 °C (Stranges, 2007).  The FTS is catalysed by the 

group VIII metals (Biel, 2004; Atashi et al., 2012; Höök et al., 2014).  The metals Fe, Co, 

Ni and Ru are known to be most active for FTS (Van der Laan & Beenackers, 

1999).  However, only Fe and Co are used commercially and at temperatures and 

pressures of 200 °C – 300 °C and 10 – 60 bar, respectively (Van der Laan & Beenackers, 

1999; Itkulova et al., 2007).   

Cobalt-based catalysts have the advantage of higher syngas conversion, higher 

selectivity toward paraffins (Zennaro et al., 2013) and longer life with clean synthesis 

gas.  Such higher production rates can be achieved with smaller reactors (Graham et al., 

2007).  Iron-based catalysts have a higher selectivity towards olefins and C5+ 

hydrocarbons, lower methane selectivity and higher tolerance for sulphur 

compounds.  In addition, the Fe-based catalyst can operate in a wider temperature and 

H2/CO range.  This makes it more suitable for syngas obtained from coal or biomass with 

a low H2/CO ratio (Graham et al., 2007).  This coupled with its relatively low price and 

high abundance has made the Fe-based catalyst a very popular FTS catalyst (Wan et al., 

2007a; Özkara-Aydınoğlu et al., 2012).  The selectivity, activity and stability of the Fe-
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based catalyst can be improved by the addition of chemical promoters such as Cu and K, 

which are the most widely investigated promoters (Özkara-Aydınoğlu et al., 2012).   

Nickel and ruthenium are not suited for application as commercial FTS catalysts.  This 

is because Ni is prone to methanation under typical FTS conditions and even though Ru 

is the most active of the FTS-CO-hydrogenation catalysts, its scarcity make it highly 

expensive (Van der Laan & Beenackers, 1999; Claeys & Van Steen, 2002; Davis & 

Maitlis, 2013).   

It is known that metallic Ru and metallic Co catalyse the synthesis reaction (Van der 

Laan & Beenackers, 1999; Davis & Maitlis, 2013), but the active phase (or phases) of Fe 

for FTS is still debated in literature even though the surface carbidic iron species was 

believed to be the active phase since the earliest studies (De Smit & Weckhuysen, 

2008).  Catalyst reduction/activation is done with H2 for Ru and Co catalysts, because of 

the requirement that the metals be in the reduced state to be active for FTS.  The Fe-

based catalyst is pre-treated in H2, CO or synthesis gas and undergoes phase 

transformations during FTS.  It has been found to consist of a mixture of metallic Fe, Fe-

oxides and Fe-carbides (Van der Laan & Beenackers, 1999; De Smit & Weckhuysen, 

2008).    

Fischer-Tropsch processes are generally carried out at high and low temperatures.  The 

High Temperature Fisher-Tropsch (HTFT) process targets the production of short chain 

hydrocarbons utilising an iron-based catalyst at relatively high temperature of 300 –

 350 °C.  Low Temperature Fischer-Tropsch (LTFT) aims at the production of high 

molecular weight hydrocarbon waxes at relatively low temperatures of 220 – 240 °C 

using either Co- or Fe-catalysts (Dancuart & Steynberg, 2007; Wood et al., 2012; Kaiser, 

2014).   

 

1.3 Why Fischer-Tropsch Synthesis? 

The greatest scientific and technological challenge facing the world in the 21st century is 

the growing demand for energy.  This is evident in the annually rising global 

requirement for more energy (especially in the form of transportation fuels) by modern 

society (Maitlis, 2013).  Putting this in perspective, the global demand for diesel in 2011 

was at 25 million barrels/day and this has been forecast to increase to 37 million 

barrels/day by 2035 (Wood et al., 2012).  
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Recently, many factors have spurred the interest of researchers to re-evaluate energy 

forms and sources, especially with regard to transportation fuels.  Some of these include 

the shift from solid to liquid fuels with the recognition of their superior energy content, 

mass production of automobiles and growing air travels and petroleum powered ships. 

So also is the desire of countries with limited/no crude oil reserves to achieve energy 

independence, and a growing global awareness that petroleum reserves are finite 

(Stranges, 2007).  The general rise in the price of crude oil, unrest and uncertainty in the 

Middle East, rising environmental concerns and stricter legislation with regard to 

transportation fuels and their production has also led to a renewed interest in synthetic 

fuels (Dasgupta & Wiltowski, 2011).   

One of the major environmental concerns surrounding petroleum as the source of 

transportation fuels is the considerable amounts of associated gas flared during 

production (Dung et al., 2008; Nwankwo & Ogagarue, 2011; Wood et al., 2012).  This is 

considered to be the main source of air pollution in oil and gas installations. In the Niger 

Delta (Nwankwo & Ogagarue, 2011), flaring is the preferred method for the disposal of 

“waste gas” in the Niger Delta practised by multinational oil companies.  In addition to 

the environmental concerns, the economic loss associated with this practice was already 

estimated at US $2.5 billion annually in 2008 (with the environmental cost not yet fully 

quantifiable).  Conservative estimates for the Niger Delta alone is that about 50 mscm 

(million standard cubic meter) of associated gas is flared annually, equivalent to 

approximately 40% of the African continent's natural gas consumption (Dung et al., 

2008).   

Other than impacting air quality, the main repercussions of flaring are the formation of 

acid rain from the emissions, and the contamination of soils and groundwater with heavy 

metals in surrounding areas (Dung et al., 2008; Nwankwo & Ogagarue, 2011).  In the 

Niger Delta the environmental effects of flaring are quite evident as retardation in crop 

development has been observed in areas surrounding flare stacks (Dung et al., 2008).   

To address the issue of flaring from both an environmental and economic perspective, 

the “unwanted” associated gas produced during crude oil extraction can be monetised by 

employing Gas-to-Liquid (GTL) Fischer-Tropsch technology.  This utilises the “waste 

gas” as feedstock to produce liquid hydrocarbons.  In addition to being of higher value 

than natural gas/associated gas, the liquid hydrocarbons are easier to store and 

transport.   

Companies, such as the UK based CompactGTL, are looking into small scale Fischer-

Tropsch strategies to utilise associated gas in small modular units.  This approach 
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utilises associated gas by feeding to a methane reformer to produce syngas, which is then 

converted to a synthetic crude oil, water and a “tail gas” in a FT-reactor.  The syncrude is 

then exported to a conventional refinery for further processing.  Even though this 

approach does not directly produce high-value distillate products on site, it has the 

advantages of obtaining feed gas at no cost by avoiding flaring and/or costs associated 

with re-injection. It also extends the application of GTL technology to smaller scale 

stranded gas applications (Wood et al., 2012).   

GTL is considered to present a very attractive gas monetisation strategy for gas 

producers.  The technology will enable them to diversify and expand into the 

transportation fuel markets.  Additionally, this enables more compact- and easy product 

transportation by converting CH4 to liquid fuels and valuable liquid hydrocarbon 

products.  The GTL route thus serves as an alternate solution for the utilisation of vast 

quantities of stranded/isolated natural gas reserves where economical exploitation by 

conventional means is not possible (Wood et al., 2012).   The gas-based FT process has 

the added advantage that the raw feedstock (associated gas) is far cleaner than coal used 

in conventional Coal-to-Liquid (CTL) plants.   

With the rising concerns pertaining to global warming and climate change, 

environmentally motivated legislation is getting stricter in most countries.  This aims at 

reducing emissions associated with power generation, transportation, etc. to improve air 

quality by minimising pollutants and decelerate Global Warming/climate change.  The 

physical and legislative need for cleaner fuels has many researchers looking at 

alternatives to conventional fuel production.    

Of course other methods for the production of synthetic liquid fuels exist, such as the 

direct liquefaction of coal (coal hydrogenation).  High pressure coal hydrogenation, 

developed by Friedrich Bergius, was the most important source of Germany’s synthetic 

fuel during the Second World War (WW2).  However, it is no longer considered a 

desirable approach to the production of synthetic fuels.  Compared to natural gas 

conversion, coal hydrogenation has a much larger environmental impact and higher 

cost.  Additionally, the high aromatics content of the products is not compatible with 

modern fuel specifications (Dancuart & Steynberg, 2007).   

Another possible route for the production of synthetic transportation fuels is the 

conversion of methanol to gasoline, where synthesis gas is first converted to 

methanol.  This, however, produces gasoline with high aromatics content and produces 

virtually no diesel range fuels (Maitlis, 2013).  Another synfuel route is the conversion of 

coal to low molecular weight alkenes and subsequent conversion to gasoline and 
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diesel.  However, the diesel produced is multiple branched, and thus has a low cetane 

number, making it inferior to FT-derived diesel (Maitlis, 2013). Further possibilities 

include the synthesis of methanol or dimethyl ether (DME) by ICL as a possible 

replacement for gasoline and diesel respectively (Larson & Tingjin, 2003; Williams & 

Larson, 2003; Zennaro et al., 2013).  Methanol, however, does have drawbacks associated 

with its use as a fuel including a low energy density, corrosiveness, toxicity and affinity 

to water (Williams & Larson, 2003).  DME has a high cetane number, is non-

carcinogenic and non-toxic, but has an energy density of 55% of number 2 diesel and 

requires slight compression for liquid storage (Larson & Tingjin, 2003; Williams & 

Larson, 2003).   

The Fischer-Tropsch process for the production of liquid hydrocarbon fuels from 

synthesis gas is very flexible in the sense that the synthesis gas can, in theory, be 

obtained from any carbon containing source.  The process can be operated utilising 

Biomass-to-Liquid (BTL), Coal-to-Liquid (CTL) and Gas-to-Liquid (GTL) technologies. 

The carbonaceous material such as coal, biomass or natural gas is converted into syngas 

and then to liquid products via the FTS.  A green approach to synthetic transportation 

fuels is thus made possible via BTL since biomass is a renewable resource (Graham et 

al., 2007).  

It is a  commercially proven technology and has been operated industrially by Sasol in 

South Africa since the 1950’s (Wan et al., 2008; Höök et al., 2014) and PetroSA since the 

1990’s (Bingen, 2002; Dancuart & Steynberg, 2007). Other commercial FT operations 

include the Shell Middle Distillate Synthesis (SMDS) plant in Bintulu, Malaysia.  The 

plant was commissioned in 1993 with an original capacity of 12500 barrels/day, but was 

upgraded in 2003 to 14700 barrels/day (Wood et al., 2012).  In 2007 construction of the 

Pearl GTL plant in Qatar, jointly owned by Shell and Qatar Petroleum and based on 

SMDS technology, was started, with 140 000 barrels/day capacity and production 

commencing in 2011 (Wood et al., 2012; Höök et al., 2014).  Another Sasol venture was 

the Oryx plant in Qatar, a joint venture with Qatar Petroleum, commissioned in 2007 

and 2008 with a 32 400 barrels/day design capacity (Wood et al., 2012).  These plants are 

all still operating commercially.   

A GTL feasibility study was done by Texaco and SASOL in the Niger Delta in 1998, 

resulting in the Escravos GTL project agreement between Sasol,  Chevron Corporation 

and the Nigerian National Petroleum Company.  The construction of the Escravos plant, 

of similar scale and design to Oryx GTL, started in 2005 and (after many delays) was 

expected to start operation in 2013.  Due to the delays and increased cost SASOL 
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withdrew from the project in 2009, however, the FT technology is still used under licence 

(Wood et al., 2012).  Escravos GTL started up in June 2014 and is expected to run at full 

capacity by 2015 (SASOL, 2014).   

FT-derived fuels are attractive due to their low sulphur content and negligible aromatics 

content (Van der Laan & Beenackers, 1999; Graham et al., 2007; Sehabiague et al., 2008) 

and these fuels thus usually exceed the environmental properties of conventional crude-

derived fuels (Maitlis, 2013).  For instance, when comparing the combustion 

characteristics of FT-diesel and conventional diesel, FT-derived diesel yields much lower 

nitrogen oxides (NOx), carbon monoxide (CO), hydrocarbon and nano-particulate matter 

emissions than the conventional crude derived diesel (Graham et al., 2007).   

It is thus fairly certain that FT projects will gain more interest in the light of depleting 

oil reserves and discovery of more stranded gas reserves, and is likely to become more 

attractive with rising crude oil prices (Sehabiague et al., 2008).  Therefore, the 

development of more active catalysts with improved properties, such as stability and 

regenerability, is one of the most significant opportunities for improving the FT-process 

and meeting today's challenges of alternative fuels supply (Eliason & Bartholomew, 

1999; Graham et al., 2007). 

The Fe-catalysts are considered by many to be the ideal catalyst when H2-deficient 

syngas (obtained from carbon sources such as coal or biomass) is used as feed for FTS 

due to its high activity for the water-gas-shift reaction and its relatively low cost 

compared to cobalt and ruthenium (Wan et al., 2007a; Wan et al., 2007b; Chonco et al., 

2013). Though it has been operated commercially with success for decades, the Fe-

catalysed FT-process still presents some challenges.  One of the major remaining 

challenges is the Fe-based catalyst rapid rate of deactivation due to the oxidation of the 

catalytically active phase(s) of Fe for FTS to inactive Fe3O4 (magnetite) by water, the 

main by-product of FTS (Satterfield et al., 1986; Claeys & Van Steen, 2002; Biel, 2004; 

Dalai & Davis, 2008).  Satterfield et al. (1986) showed the effect of water could be 

detrimental to iron catalysts, with irreversible deactivation occurring when water was 

co-fed at 42 mole% of the feed.  (Irreversible deactivation here refers to deactivation due 

to oxidation which was not reversible when returning to initial conditions, i.e. 

deactivation which was not reversible upon cessation of water co-feeding.)  From a 

commercial viewpoint, this coupled with the associated cost of replacement and/or 

regeneration, is quite unfavourable (De Smit & Weckhuysen, 2008).  

Ruthenium is known to be highly active for FTS, producing high molecular weight 

hydrocarbons at low temperature and high syngas pressure (Claeys & Van Steen, 2002; 
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King, 1978; Tang & Li, 2011; Van der Laan & Beenackers, 1999; Davis & Maitlis, 

2013).  It has also been found to be highly resistant to oxidation as evidenced by its 

activity in liquid water (Claeys & Van Steen, 2002; Davis & Maitlis, 2013; Hibbitts et al., 

2013).  Claeys & Van Steen (2002), during water co-feeding experiments on a SiO2 

supported Ru-catalyst, observed an increased reaction rate, C5+ selectivity, chain growth 

probability and olefinicity (and decreased methane selectivity) with increasing water 

partial pressure.   According to Hibbitts et al. (2013), H2O increases chain growth 

probability by increasing the rate of monomer formation for chain growth occurring via 

CHx or the rate constant for chain growth when CO is the monomer.  It is therefore 

thought that promotion of the iron-based catalyst with ruthenium can make make use of 

this property of ruthenium at high water partial pressures associated with high CO-

conversion and that this may make the catalyst more robust (better longevity at high 

conversion), highly active and more selective toward C5+ hydrocarbons.   

Kaminsky et al. (1985) found Ru seems to be more of a methanation catalyst when 

supported on carbon at H2/CO ratio of 3:1 (methane selectivity of more than 

75%).  However, their experiments were carried out at temperatures above what is 

considered the upper limit for low temperature synthesis and with very low Fe/Ru 

ratios.  Their findings thus corresponded well with what is known of ruthenium’s 

behaviour at high temperatures and low pressures.  Bahome et al. (2007) investigated 

Fe-Ru bimetallic catalysts supported on carbon nanotubes with Fe/Ru ratios of 40:1 and 

20:1.  As expected, methane selectivity is a bit higher as the Fe/Ru is decreased, but 

methane selectivities were much lower than that observed by Kaminsky et al. (1985) 

even at much higher conversions.  Decreasing the Fe/Ru ratio increased the CO-

conversion, but increased the methane selectivity showing ruthenium’s low pressure and 

“high” temperature characteristics to be more pronounced at lower Fe-loadings.   

This would imply that promoting Fe with more than 2.5 – 5 wt% Ru would not be 

advantageous w.r.t. the FT-product obtained, even if disregarding the high cost of high 

Ru-loadings.  An investigation by Xu et al. (2003) on SiO2 supported Fe promoted with Pt 

showed an apparent increase in catalyst stability compared to Fe not promoted with Pt 

and was also capable of higher CO-conversion at the same reactor conditions.  However, 

it did also increase water gas shift activity, leading to slightly higher CO2 selectivity on 

the Fe/Pt catalyst compared to Fe only.  A decrease in methane selectivity was also 

observed (however, this will likely not be the case with Ru-promotion).  Ru, being a noble 

metal, is expected to have a similar effect on catalyst stability in addition to its own FTS 

activity and a similar small increase in CO2 selectivity may also be expected.   
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The current industrial practice for Fischer-Tropsch Synthesis using an iron-based 

catalyst is thus to operate at a relatively low single pass conversion to extend the life of 

the catalyst.   However, this requires an increased reactor size and the need for raw 

material recycle.  Considering the higher capital investment and operating costs 

associated with this, it has a negative influence on process economics.   

 

1.4 Statements of Research Problem 

The productivity of an iron-based Fischer Tropsch (FT) process strongly depends on the 

synthesis gas conversion. However, iron is known to oxidize significantly at high CO 

conversion due to the high reactor water partial pressures and in commercial iron-based 

FT plants this necessitates operation at low single pass conversion, resulting in high 

separation and recycling cost of the tail gas and the overall economics of the process. 

Ruthenium has been reported to demonstrate significant stability in the presence of 

water, hence the employment of a FT catalyst promoted with Ru is expected to permit 

high CO conversion. In this study the stability of an industrial Fe-based FT catalyst 

impregnated with ruthenium is investigated.  

 

1.5 Research Aim(s) and Objectives 

The study aims at the development of a precipitated iron-based LTFT-catalyst which 

exhibits improved stability at high synthesis gas conversions while maintaining 

acceptable product selectivity.   To this end the following objectives have been set: 

a) Investigate ruthenium’s influence on the reducibility of the iron-based FT catalyst.   

b) Investigate the influence of the ruthenium addition on the product distribution and 

selectivity towards C5+ hydrocarbons.   

c) Investigate how ruthenium promotion affects catalyst stability at high synthesis gas 

conversion.   
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1.6 Research Questions 

a) Will Fe-based FT catalysts promoted with ruthenium permit high synthesis gas 

conversion while exhibiting reasonable stability? 

b) How does Ru-promotion of the Fe-based catalyst influence the activity of the 

catalyst? 

c) What is the influence of Ru-promotion on the products distribution, including CH4 

selectivity, C5+ selectivity, CO2 selectivity and olefinicity?   

d) How does promotion with ruthenium affect the catalyst morphology and reducibility? 

 

1.7 Scope of the Study 

The thesis will focus on evaluating the stability of a ruthenium promoted precipitated 

iron-based LTFT catalyst at high synthesis gas conversions as compared to a non-

ruthenium promoted precipitated iron-based catalyst of the same composition.  FT runs 

are done in a slurry bed reactor where GHSV will be altered to achieve high CO-

conversion levels.   Samples of the product stream will be analysed by GC to gauge 

performance and compare product selectivities, after which comparative apparent 

deactivation will be used as an indicator of catalyst stability.   

 

1.8 Expected Contribution to Knowledge 

The iron-based FT catalyst has been investigated in many forms and under varying 

conditions.  At the time of writing the author is unaware of much similar research on 

precipitated, high surface area, iron-based LTFT catalysts having been carried out.  The 

data generated for this type of catalyst, being in industrial use, is expected to be more 

relevance to industry than previous studies on low iron loading supported catalysts or 

fused iron catalysts.   
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1.9 Thesis Outline 

Chapter 1 serves to give the background and motivation for the project where the 

objectives for this work has been briefly outlined.  The reader is also introduced, briefly, 

to the history of synthetic fuels, the Fischer-Tropsch Synthesis and Fischer-Tropsch 

Process.   

Chapter 2 gives a brief history of the Fischer-Tropsch Synthesis and Fischer-Tropsch 

process.  In addition the FT product distribution, most prominent reaction mechanisms, 

catalysts employed and various reactor systems are discussed.   

Chapter 3 provides an overview of catalyst preparation and characterisation 

techniques.  It also provides the methodology employed for catalyst preparation and 

characterisation, as well as FTS testing and products analysis.   

In Chapter 4 the results of the catalyst characterisation and FTS testing are presented 

and discussed.  The chapter focuses largely on a comparison of product selectivities of 

the catalysts employed at similar conversion levels as well as with similar systems in 

literature.   

Chapter 5 presents the conclusions of the study with a brief summary of the results in 

addition to making recommendations for further studies/research.  Chapter 5 is followed 

by a list of references and appendix. 
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Chapter 2:  Literature Review 

 

Initially discovered in the 1920’s by Franz Fischer and Hans Tropsch, the Fischer-

Tropsch Synthesis (FTS) is, most simply put, the catalytic reaction of hydrogen and 

carbon monoxide to produce hydrocarbons.  The wide product spectrum includes 

hydrocarbon gases, olefins, praffins and oxygenates.  Depending on the type of catalyst 

and synthesis conditions, the product spectrum can be shifted to target the production of 

specific products such as hydrocarbon fuels or high molecular weight hydrocarbons.   

In this chapter the history of FTS (research and commercial application) and coal 

liquefaction technologies, the FTS reaction, FT-reactors, catalysts and process conditions 

is discussed.  Since the research is focussed on ruthenium promoted iron catalysed FTS, 

iron and ruthenium catalysts will be discussed in more depth.   

 

2.1 The Fischer-Tropsch Synthesis 

The Fischer-Tropsch Synthesis (FTS) is, simply put, the catalysed reaction of synthesis 

gas to produce hydrocarbons, and water as the main by-product (Van der Laan & 

Beenackers, 1999; Blekkan et al., 2007).  The FT Synthesis is a heterogeneous 

polymerisation reaction which follows a complicated series of primary and secondary 

reactions to yield a broad product spectrum that ranges from methane to heavy waxes 

(Anderson, 1956; Schulz & Claeys, 1999).  Fischer-Tropsch products are predominantly 

linear paraffins and primary olefins, with various amounts of  oxygenates (alcohols, 

aldehydes, ketones and acids) also being formed (Dry, 1981; Gradassi, 1998).   

The linear hydrocarbons (n-paraffins and α-olefins) formed during synthesis are 

regarded as the primary products.  Overall reactions for the formation of paraffins ad 

olefins are shown in Equations 2.1 and 2.2, respectively (Van der Laan & Beenackers, 

1999; Dasgupta & Wiltowski, 2011; Maitlis, 2013): 

2 
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                              (2.1) 

                     (2.2) 

Side reactions occur in conjunction with formation of primary products.  These include 

the water-gas-shift reaction on Fe-catalysts, formation of oxygenated compounds and the 

Bouduard reaction, as in Equations 2.3 – 2.5 (Van der Laan & Beenackers, 1999; De 

Smit & Weckhuysen, 2008).  In addition, olefins are reactive and can be re-adsorbed to 

take part in secondary reactions.  Depending on the catalyst- and process conditions 

employed, main and side reactions will occur to a more or lesser extent (Williams & 

Larson, 2003).   

                    (2.3) 

                                 (2.4) 

                (2.5) 

 

2.1.1 A Brief History of Fischer-Tropsch 

Dancuart and Steynberg (2007) divides the development  of the FT industry into five 

distinct stages:   

 Discovery (1902 – 1928) 

 The first era of the Co-catalyst (1929 – 1945) during which major commercial 

development was seen in Germany utilising coal derived synthesis gas 

 The Fe-catalyst era (1950 – 1990), majorly focussed around Sasol’s construction of 

commercial plants using coal derived synthesis gas in South Africa. 

 The GTL commercial initiation era (1990 – 2004), characterised by accelerated FT 

research and development using Fe- and Co-catalysts utilising natural gas derived 

syngas and the construction and operation of commercial plants by PetroSA and 

Shell GTL. 

 Commercial expansion (2004 – present), focussed around the proposal of more GTL 

projects and –concepts and continued R&D. 

The FT process is, historically, the second commercial technology for the production of 

synthetic hydrocarbons.  The first was the Bergius process, a high pressure coal 

hydrogenation process, developed by Friedrich Bergius (Rheinau-Mannheim) from 

1910 – 1925 (Dancuart & Steynberg, 2007; Höök et al., 2014).  The process was 

significantly further developed and improved by the Badishe Anilin und Sodafabrik 
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(BASF) after Bergius sold the patent rights in 1925 in time to partially fulfil Germany’s 

WW2 liquid fuel requirements (Williams & Larson, 2003; Stranges, 2007).   

The discovery of the Fischer-Tropsch synthesis is majorly credited to the work of Fischer 

and Tropsch leading up to 1923, while at the Kaiser Wilhelm Institute (KWI) for Coal 

Research in Müllheim, Germany.  However, the first reported CO-hydrogenation 

reaction was that of methane production over a nickel catalyst by Sabatier and 

Senderens in 1902 (Bartholomew & Farrauto, 2011; Davis & Maitlis, 2013; Maitlis, 

2013).   BASF, in 1913, patented a process producing liquid hydrocarbons and 

oxygenated products from syngas containing excess CO in a ratio of CO/H2 of 2:1. Their 

hydrocarbon research was abandoned due to the outbreak of WW1 and the priority given 

to industrialising the synthesis of ammonia and methanol.  Fischer, upon learning of the 

patent, decided to investigate the claims and working with Tropsch started research 

using a gas with H2/CO = 2:1 to avoid carbon deposition (Stranges, 2007; Bartholomew & 

Farrauto, 2011).  In 1925 Franz Fischer and Hans Tropsch successfully catalytically 

converted a mixture of CO and H2 to hydrocarbons and water at atmospheric pressure 

(Pichler & Schulz, 1970; Stranges, 2007) and reaction temperatures of 250 – 300 C, 

completely eliminating the oxygenated compounds, over Co-Fe catalysts (Stranges, 

2007).  Prior to this, these authors had produced, at high temperature and pressure 

(400 – 450 C and 100 – 150 atm), a mixture of oxygenates which they termed “synthol” 

(Stranges, 2007; Maitlis, 2013).  The Co-catalysts instrumental to the success of the FT-

process during the war were developed by Fischer and his co-workers during the 1920’s –

 1930’s (Stranges, 2007).   

Though synthetic fuel research was of interest internationally during the pre-WW2 era, 

the majority of the FT-process development occurred in Germany during the 1930’s and 

1940’s.  In the early 1930’s the Weimar government had already been pushing for 

Germany’s petroleum independence by imposing controls and regulations on the German 

oil industry. The synthetic fuel industry received a significant push when the Nazi 

government intensified this, starting in 1933 (Stranges, 2007).  By the end of 1935, after 

demonstrating technical success of FTS using a Co catalyst at Ruhrchemie’s 

Oberhausen-Holten pilot scale plant (after abandoning work on Ni), four commercial 

scale FT-plants were under construction (Stranges, 2007; Bartholomew & Farrauto, 

2011), with the first starting operation in 1936 (Leckel, 2009).  By further raising tariffs 

on imported crude in 1936 synfuel plants were able to show a profit despite their 

inefficiency.  The Nazi government’s commitment to- and push for a petroleum 

independent Germany by the start of WW2 was one of the biggest driving forces 

ensuring the survival and further development of the synthetic fuel industry.  Without 
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this special relationship between the Nazi government and synthetic fuel industry it 

would have, more than likely, collapsed (Stranges, 2007). 

By 1940 the total synthetic fuel production from Germany’s coal hydrogenation plants 

and FT plants had exceeded the combined total of that produced by crude oil refining 

and imports.  However, despite the significant government intervention, synthetic 

petroleum produced from coal could not completely solve the German liquid fuel problem 

and Germany thus never achieved its goal of petroleum independence  (Stranges, 

2007).  During the war effort (1940 – 1945), close to 70% of the German petroleum 

demand was met through the 21 synthetic fuel producing plants (Dancuart & Steynberg, 

2007), providing 90% of the annual motor fuel requirement (Leckel, 2009).   Nine of these 

were FT-plants that had supplied 9% of the German petroleum demand.  The main 

reason for Germany’s continued dependence on direct coal liquefaction plants was the 

low octane FT gasoline that was produced at low temperature and pressure (Dancuart & 

Steynberg, 2007). Straight run FT distillate was blended with the low cetane number 

diesel produced by direct coal liquefaction to obtain a 40 – 50 cetane diesel oil (Leckel, 

2009).   

FT Synthesis was conducted at low temperatures of between 180 C and 200 C, over 

Co/ThO2/kieselguhr catalysts.  The oldest plants were running at pressures of 1 atm, 

with the newer units designed for operation at up to 10 atm.  Coal derived syngas was 

desulphurised to 5 ppm to extend the lifespan of the catalyst (Dancuart & Steynberg, 

2007). After the Second World War most interest in FTS (and synfuels) was lost after 

major reserve discoveries and consequently lower prices of natural crude.  At this stage 

the process was of more academic than commercial significance.  In spite of this a few 

teams of researchers continued work, primarily basing it on the German’s demonstrated 

technology (Dancuart & Steynberg, 2007).  Research and development continued in the 

USA, Great Britain and Germany.  During this time there was a perception of a 

petroleum shortage and fears that crude prices would increase.  Much of the work was 

based on inexpensive iron FTS catalysts that were developed in Germany towards the 

end of the war (Stranges, 2007; Bartholomew & Farrauto, 2011).  

In the early 1950’s the first GTL plant was run in Brownsville, Texas since it used 

natural gas as feedstock.  A HTFT process using an iron catalyst was used to produce 

82 octane gasoline (Dancuart & Steynberg, 2007; Stranges, 2007; Leckel, 2009).  It also 

produced a distillate by-product which had a very high cetane number when compared to 

crude-derived distillate (Leckel, 2009).  The plant was plagued by many operational 

issues in its early years and though these were eventually solved the plant was forced to 
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shut down due to a significant increase in natural gas prices.  Roughly during this time 

the construction and operation of the Sasol’s first coal-based FT plant was starting in 

Sasolburg, South Africa (Dancuart & Steynberg, 2007; Stranges, 2007; Leckel, 2009; 

Bartholomew & Farrauto, 2011; Höök et al., 2014).  In reaction to the 1970’s oil crisis as 

well as the world’s reaction to the apartheid regime, Sasol expanded their operations by 

constructing two FT plants in Secunda in 1970’s and 1980’s (Stranges, 2007; Leckel, 

2009; Höök et al., 2014).   

Sasol developed two LTFT and two HTFT systems.  At the Sasolburg plant, the original 

LTFT ARGE reactors were an optimised Ruhrchemie design and they are still in use 

today.  The original HTFT reactors were circulating fluidised bed (CFB) reactors based 

on the original Kellog concept.  These CFB reactors had many teething problems, forcing 

significant changes and resulting in the Synthol CFB reactors (Steynberg & Dry, 2004; 

Dancuart & Steynberg, 2007).  The second generation CFB reactors installed in Secunda 

were improved and scaled up versions of the Synthol CFB reactors (Steynberg & Dry, 

2004; Dancuart & Steynberg, 2007; Leckel, 2009).   These reactors were also installed in 

the, then Mossgas, Mossel Bay plant in the early 1990’s.  However, only PetroSA’s 

Mossel Bay plant still operates these second generation CFB reactors, since Sasol had 

replaced all their CFB’s with fixed fluidised bed Sasol Advanced Synthol (SAS) reactors 

by 1999 (Steynberg & Dry, 2004; Leckel, 2009; Höök et al., 2014).   

Though investigated during the 1950’s and 1960’s, slurry phase reactors for LTFT were 

not commercially operable due to limited knowledge.  Original investigations were done 

at space velocities too low to judge commercial performance and effective wax-catalyst 

separation had not yet been developed.  During the 1970’s Sasol revisited the 

concept.  After evaluation, further development and testing of an effective separation 

device in 1990, a commercial unit was brought on-line in 1993 with a production capacity 

equivalent to five of the ARGE reactors (Steynberg & Dry, 2004).  The Sasolburg plant’s 

process scheme changed again in 2004 with the replacement of coal gasification with 

natural gas reforming, turning Sasol One into a GTL plant (Dancuart & Steynberg, 

2007; Leckel, 2009). 

In 1993 the Shell Middle Distillate Synthesis (SMDS) plant was commissioned in 

Bintulu, Malaysia.  The plant uses an LTFT GTL process for the conversion of natural 

gas.  Multi-tubular fixed bed reactors are used to target paraffinic wax production over a 

high activity Co-catalyst, which is subsequently hydrocracked to transportation fuel 

products (Steynberg & Dry, 2004; Dancuart & Steynberg, 2007; Leckel, 2009; Höök et al., 

2014).   
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A 2001 agreement between Sasol and Qatar Petroleum resulted in the Oryx GTL plant 

in Qatar.  After delays and budget overruns, the 32 400 barrel/day plant was completed 

in 2008.  Syngas is generated via autothermal reforming and converted in LTFT slurry 

phase FT reactors followed by isocracking product upgrading to produce mainly diesel 

(Leckel, 2009; Höök et al., 2014).  Since both use a similar refining concept in the 

processing of FT synthetic crude, products from the Oryx GTL plant are very similar to 

those produced by the SMDS (Leckel, 2009). 

Sasol ended up withdrawing from the Nigerian Escravos project in 2009 due to delays 

and cost overruns.  The joint venture started as a 1998 GTL feasibility study together 

with Texaco.  The project agreement between Sasol, Chevron and the Nigerian National 

Petroleum Company was completed in 2002 and used the same design as the Oryx plant 

(Dancuart & Steynberg, 2007; Höök et al., 2014).  The plant started production in mid-

2014 (Okereke, 2016), targeting the production of principally diesel (Höök et al., 2014; 

Okereke, 2016). 

Construction of the Pearl GTL plant in Las Raffan, Quatar, a joint venture between 

Shell and Qatar Petroleum, started in 2007.  Production started in 2011, with full 

production capacity of 140 000 barrel/day being reached in 2012.  Much of Shell’s 

experience from the Bitulu SMDS plant was used in the design of this project (Dancuart 

& Steynberg, 2007; Höök et al., 2014). 

 

2.1.2 Synthesis gas 

The starting point for the FT process is synthesis gas generation from carbonaceous 

sources such as coal, biomass and natural gas reacted with air, oxygen, steam or a 

mixture at high temperature.  When using a solid feedstock like coal or biomass to 

produce synthesis gas, the process is referred to as gasification.  The reaction occur by 

the addition of the reactant (air, oxygen and/or steam) in a controlled manner to avoid 

the complete oxidation to carbon dioxide (Zennaro et al., 2013; Höök et al., 2014).  In coal 

gasification the properties of the coal feedstock (such as carbon content, sulphur content, 

plasticity, etc.) is of major significance, since the synthesis gas, choice of gasifier and 

further processing is largely influenced by this (Höök et al., 2014).   

Several types of gasifiers have been developed over the years and can be grouped into 

four major technologies:  fixed bed, fluidised bed, entrained flow and indirect 

gasifiers.  The fixed bed gasifier is the oldest technology, with its main advantage lying 
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in its simple design.  Its disadvantages lie in the production of a low heating value 

syngas and high tar yields. Fluidised bed gasifiers have seen extensive use.  The bed is 

fluidised by the reactant gas (oxygen, air, steam, or a mixture), achieving a more even 

temperature distribution and higher quality syngas. Entrained flow gasifiers use a gas-, 

powder- or slurry fuel mixed with a high temperature steam/oxygen stream at pressures 

above 20 bar.  The process requires significant preparation of the carbon fuel source, but 

produces an almost tar-free synthesis gas.  In addition, the high heat production is 

undesirable and must therefore be utilised for power generation if reasonable process 

efficiency is to be achieved.  Indirect gasifiers are two stage systems consisting of two 

reactors:  a gasifier and a combustor, both of which are circulating fluidised beds.  The 

bed material is removed from the gas in cyclones and exchanged between the reactors.  

Residual char from the gasifier is burned in the combustor, thus heating the bed 

material and upon re-entering the gasifier provides the necessary heat for gasification 

(Zennaro et al., 2013). 

Due to it being more homogeneous, natural gas as feedstock has a less significant 

influence on processing and potentially presents fewer issues when compared to coal 

(Höök et al., 2014).  When the synthesis gas generation step uses natural gas as raw 

feedstock, the process is referred to as reforming.  Different options for natural gas 

reforming exist, e.g. Steam Methane Reforming (SMR), Autothermal Reforming (ATR), 

Catalytic Partial Oxidation (CPO) and Heat Exchange Reforming (HER) to name a few 

(Zennaro et al., 2013).  The preferred technology is autothermal reforming since it offers 

a better H2/CO ratio for FTS (Höök et al., 2014).  In autothermal reforming a mixture of 

steam, methane and oxygen is fed over a Ni-based catalyst.  The heat required for the 

endothermic steam reforming reaction and water gas shift reaction (Equations 2.8 and 

2.3) is provided by the exothermic oxidation reactions in Equations 2.6 and 2.7 (Zennaro 

et al., 2013).   

                      (2.6) 

    
 

 
                (2.7) 

                     (2.8) 

 

ATR is an adiabatic process and produces syngas with a H2/CO ratio of close to 2:1. The 

process requires excess steam to prevent soot formation, but much less than for steam 

reforming alone.  In spite of the additional cost required for a cryogenic oxygen plant, 



 

22 

 

ATR is generally more economical than conventional steam reforming (Zennaro et al., 

2013). 

 

2.1.3 Modes of Operation of the Fischer Tropsch Process  

The commercial Fischer-Tropsch process can be subdivided into two processes: Low 

Temperature Fischer-Tropsch (LTFT) and High Temperature Fischer-Tropsch 

(HTFT).  The low temperature process is typically operated at relatively low 

temperatures of 200 – 250 °C (Dancuart & Steynberg, 2007; Subiranas, 2008; Maitlis, 

2013; Kaiser, 2014) and pressures of 10 – 45 bar (Jager, 2003).  LTFT typically targets 

the production of higher molecular weight hydrocarbons (diesel and linear waxes) (Dry, 

2004; Thomas & Thomas, 2015).  Chain growth probabilities of as high as 0.92 – 0.95 on 

cobalt or iron catalysts have been reported for LTFT processes (Claeys & Van Steen, 

2004).   

 

The high temperature process operates at relatively high temperatures and a medium 

pressure of 300 – 350 °C (Dancuart & Steynberg, 2007; Subiranas, 2008; Wood et al., 

2012; Kaiser, 2014) and 25 bar (Jager, 2003; Wood et al., 2012), respectively.  Chain 

growth probabilities for the HTFT process is typically in the range of 0.65 – 0.7, which is 

low enough to minimise the formation of liquid products at reaction conditions (Claeys & 

Van Steen, 2004).  This is a process requirement to prevent catalyst agglomeration and 

loss of fluidisation in the fluidised bed reactors (Steynberg & Dry, 2004).  The target of 

HTFT is the production of low carbon number alkenes and gasoline range hydrocarbons 

(Subiranas, 2008; Thomas & Thomas, 2015).   

 

2.1.4 The Fischer-Tropsch Product Distribution 

As a general approximation, the amount of product in an individual carbon number 

fraction will decline exponentially with carbon number (Claeys & Van Steen, 2004).  

Some of the early researchers, such as Herington (1946), noticed this behaviour as being 

indicative of a polymerisation reaction proceeding via stepwise C1-monomer addition 

(Claeys & Van Steen, 2004).  The simplest case of such polymerisation reaction will be 

briefly discussed.   

The FTS reaction is regarded as a polymerisation reaction where the chain initiating 

species as well as the monomeric building blocks are produced in situ.  For illustration of 
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the basic principle the simplest form the growth scheme will be considered:  i.e. the 

assumption of the formation of a single product type. After the formation of a surface 

species with one carbon atom, two possibilities exist:  Desorption (termination) to form a 

product species containing one carbon atom, or monomer addition (chain growth) will 

occur to produce a surface species with two carbon atoms. Each consecutive surface 

species will face the same two possibilities of desorption to form a product species or 

growth through monomer addition to form a new surface species. This process is 

presented graphically in Figure 2.1. 

rf, sp1
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Pr1

rd,1

rg,1

sp2

Pr2

rg,2

rd,2

spn

Prn

rd,n

rg,n-1 rg,n

CO

+

H2  

Figure 2.1:  Simplified ideal growth scheme assuming single product type [Reproduced from 

Claeys & Van Steen (2004)] (f = formation, d = desorption, g = growth, Pr = product species, 

sp = surface species) 

 

For any surface species containing n carbon atoms (spn), the probability of chain growth 

(often expressed as αn) is the ratio between the rate of chain growth and the sum of the 

rates of chain growth and –desorption. 

        
    

         
 (2.9) 

Conversely the probability of the surface species being desorbed instead of experiencing 

chain growth is defined as in Equation 2.10: 

              
    

         
 

    

         
 (2.10) 

Since product formation occurs via desorption of a surface species, the rate of formation 

of a product species with n carbon atoms (Prn) is equal to the rate of desorption of the 

surface species with n carbon atoms:  

          (2.11) 

Mathematical manipulation of Equation 2.11 yields Equation 2.12:    

         

(         )

(         )
 (2.12) 

Substitution of Equation 2.10 into Equation 2.12 yields Equation 2.13:   
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         (         ) (2.13) 

At steady state, the net rate of formation of surface species spn will equal zero, since the 

rate at which spn forms through chain growth (via monomer addition to spn-1) is equal to 

the rate at which spn is consumed through chain growth and desorption, to form spn+1 

and Prn, respectively (Claeys & Van Steen, 2004).   

                 (2.14) 

Substituting Equation 2.14 into Equation 2.13 yields Equation 2.15.  By similar 

manipulation and substitution as was done in Equations 2.12 and 2.13, one arrives at 

Equation 2.16.   

                (2.15) 

               

(             )

(             )
           (             )                   (2.16) 

Finally, 

                                
 (2.17) 

Since all compounds must contain one carbon atom originating from the initiating 

surface species sp1, the rate of formation of surface species sp1 can be determined as the 

sum of the rates of formation of all product species (Claeys & Van Steen, 2004).   

      
 ∑     

   

   

 (2.18) 

The molar fraction of a product species, Prn, within the product spectrum can be written 

as:   

   
    

∑     
   
   

 
                           

      

                       (2.19) 

A special, simplified, case can be derived when the probability of chain growth is 

assumed independent of carbon number.  Thus          , so that:  

                             
    (2.20) 

       
    (    )  

              (2.21) 
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This equation was first developed by Schulz (1935) and Flory (1936) to describe 

homogeneous polymerisation.   Anderson et al. (1951) developed a similar equation from 

the perspective of stepwise monomer addition (Biel, 2004). 

A semi-logarithmic plot of this equation versus carbon number (as in Figure 2.2) yields a 

straight line, with the slope equal to the logarithm of the chain growth probability.  

These plots are commonly referred to as the Anderson-Schulz-Flory (ASF) distribution in 

literature.   

The expression can be rewritten in terms of weight fraction, as follows (Van der Laan, 

1999; Maitlis, 2013): 

  

 
            (2.22) 

Making a semi-logarithmic plot of      versus carbon number yields a similar straight 

line ASF plot (similar to Figure 2.2).   

 

Figure 2.2:  Ideal molar product distributions following ASF kinetics with carbon number 

independent chain growth probability (calculated using Eq. 2.21) 
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2.1.4.1 Real product distributions (Deviations from ASF) 

The ideal ASF distribution (with a single product type) serves as a good approximation 

to describe product selectivity trends.  However, because these kinetics are not observed, 

with more than one type of product being formed, a predictive model would have to 

account for the observed deviations.  In an attempt to account for this, selectivity models 

have been developed by a number of authors, including Zimmerman et al. (1992), Iglesia 

et al. (1993), Van der Laan & Beenackers (1999) and Visconti et al. (2007), for the 

prediction of FT product selectivities utilising different catalysts and reaction 

conditions.   

The four most commonly observed deviations from ideal ASF behaviour are (Van der 

Laan & Beenackers, 1999; Claeys & Van Steen, 2004): 

 Molar CH4 content is higher than predicted by ASF 

 The molar C2 content is lower than predicted/expected 

 The chain growth probability (α) shows an increase with increasing carbon number 

 An exponential decrease in olefin/paraffin ratio with increase in carbon number 

Since the primary objective of FTS is the production of transportation fuels, CH4 is the 

most undesired of the products (Yang et al., 2014).  This is especially true if the 

synthesis gas was obtained from natural gas.  It is worth noting, though, that the molar 

CH4 content is not of as great economic significance as the carbon based CH4 content.  A 

large molar fraction of CH4 does not necessarily mean a large carbon based content of 

methane, since the latter is highly dependent on the chain growth probability.  The exact 

cause for the larger than expected molar values of methane has not truly been 

explained.  It has been proposed that excess methane is produced due to an increased 

termination probability of the methane precursor surface species (Wojciechowski, 

1988).  More recently, somewhat in line with the supposition of Riedel et al. (1999) that 

chain growth and methanation occur independently so that some active sites may favour 

the formation of CH4, it has been suggested that methane may be preferentially formed 

at sites with a high degree of coordination, while at sites with low coordination chain 

growth is promoted (Schulz et al., 2002). 

The deviations from ideal ASF can also be explained by the occurrence of secondary 

reactions.  Van der Laan & Beenackers (1999) pointed out that the reason most reported 

for the anomalous C2 product formation is most probably the occurrence of secondary 

reactions:  1) ethane is incorporated into growing chains, 2) ethane is rapidly readsorbed, 

3) ethane is hydrogenated to ethane, and 4) ethane undergoes hydrogenolysis.  The 
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resultant oscillating product distribution which would result from the proposal that 

ethene might be used as a monomer/building block for FTS has not been observed 

(Glebov & Kliger, 1994).  The latter three reactions would explain the decreased ethene 

yield and associated increased ethane and higher hydrocarbons yield (Van der Laan & 

Beenackers, 1999).   

The increase in chain growth probability and decrease in olefin/paraffin ratio is a 

somewhat interrelated topic.  These deviations are best and most reasonably explained 

by the occurrence of secondary reactions (reinsertion, hydrogenolysis, hydrogenation and 

isomerisation) according to Kuipers et al. (1995).  Secondary reactions (and readsorption) 

are directly influenced by space velocity and is dependent on chain length.  This 

tendency results in a decrease in the olefin/paraffin ratio as well as increase in growth 

probability with an increase in chain length.     

 

2.1.4.2 The chain growth probability (α) and product selectivity 

The influence of the chain growth probability on product distribution can be seen more 

clearly from Figure 2.3, where product weight fractions are plotted against chain growth 

probability assuming ideal ASF kinetics.  It can also clearly be seen that ASF kinetics 

imposes some constraints on the theoretically achievable product selectivities.  At a 

chain growth probability of zero only methanation takes place, while it can be seen that 

at low values of α methane is the preferred product. The formation of the gasoline range 

hydrocarbon fraction reaches a theoretical maximum of just under 40% at a chain 

growth probability in the range of 0.75, while at a value of around 0.88 a theoretical 

maximum of about 40% in diesel range hydrocarbon fraction is obtained.   
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Figure 2.3:  Ideal ASF product composition (wt%) as a function of chain growth probability (α) 

[reproduced from Claeys & Van Steen (2004)] 

 

The FTS reaction is kinetically controlled. Thus the chain growth probability, and 

consequently the product distribution, depends highly on the type of catalyst employed 

and process variables such as temperature, pressure, H2/CO ratio, etc. (Biel, 2004; 

Chonco, 2014).  A summary of the effects of process parameters on product selectivities is 

presented in Table 2.1.   

The effect of increasing reaction temperature is an increased CH4 selectivity and a shift 

toward products with a lower carbon number (Dry, 1981; Dictor & Bell, 1986).  

Consequently lower reaction temperatures favour the formation of longer chain 

hydrocarbons due to an increased chain growth probability.  An increase in 

olefin/paraffin ratio is observed with increasing temperature on K-promoted precipitated 

Fe-based catalysts (Anderson, 1956; Dictor & Bell, 1986), but a decreased olefin 

selectivity is reported when increasing reaction temperature for unalkalised iron (Dictor 

& Bell, 1986).  Oxygenate selectivity is reported by Liu et al. (2007) to increase with 

increasing reaction temperature on Fe-Mn over a temperature range of 260 –

 280 °C.  Similarly, Dry (1981) notes that for an iron catalyst the oxygenate selectivity 

increases as operating conditions shift from that of LTFT to HTFT.   

 

0

10

20

30

40

50

60

70

80

90

100

0 0.2 0.4 0.6 0.8 1

P
ro

d
u

ct
 c

o
m

p
si

ti
o

n
 [

w
t%

] 

Chain growth probability [α]  

C1 C2-C4 C5-C9 C10-C20 C21+



 

29 

 

Table 2.1:  Effect of process conditions on FTS product selectivity [Adapted from Van der Laan & 

Beenackers (1999), Cairns (2008) and Chonco (2014)] 

 Parameter 

 Temperature Pressure H2/CO Conversion Space 

Velocity 

Methane 

Selectivity 

↑ ↓ ↑ ↑ ↓ 

Olefin 

Selectivity 

↕ ↕ ↓ ↓ ↑ 

Oxygenate 

selectivity 

↓ ↑ ↓ ↓ ↑ 

Carbon 

deposition 

↑ ↕ ↓ ↑ ↕ 

Chain 

Growth/ 

Length 

↓ ↑ ↓ ↕ ↕ 

Chain 

Branching 

↑ ↓ ↑ ↕ ↕ 

Increase with increase in parameter:   ↑ 

Decrease with increase in parameter:   ↓ 

No clear effect/Complex relation:   ↕ 

 

When increasing total pressure, most studies report product selectivities to shift towards 

heavier products and more oxygenates (Dry, 1981), while an increase in H2/CO ratio 

results in lighter hydrocarbons (negative impact on chain growth) and decreases olefin 

selectivity (Dictor & Bell, 1986; Donnelly & Satterfield, 1989).  High CO partial pressure 

is said to promote chain growth as the catalyst coverage of adsorbed monomers is high, 

whereas lower CO partial pressure results in lower surface coverage and increased 

probability of desorption (Grobler, 2008).   

Increasing space velocity (decreasing residence time), in addition to decreasing 

conversion, has been found to increase the olefin/paraffin ratio (Bukur et al., 1990; 

Iglesia et al., 1991; Kuipers et al., 1996).  On a commercial iron catalyst Bukur et al. 

(1990) found no correlation between the product’s molecular weight distribution of 

hydrocarbons and space velocity, while on ruthenium Iglesia et al. (1991) reported an 

increasing average molecular weight of the products with decreasing space velocity.  On 

Co/TiO2 Iglesia et al. (1993) observed increased CO-conversion and C5+ selectivity, as 

well as decreasing methane selectivity, with decreasing space velocity.  Over Fe-Mn, (Liu 
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et al., 2007) reported an increase rate of oxygenate formation upon increasing space 

velocity, but upon further increase this decreased to some extent.   

 

2.1.5 Fischer-Tropsch Reaction Mechanisms 

The common consensus is that the Fischer-Tropsch Synthesis forms its products through 

surface polymerisation reaction, characterised by key steps:  adsorption of the reactants 

to the catalyst surface, the subsequent (in situ) generation of a chain initiator species as 

well as monomer species, chain growth by addition of the monomer species, desorption of 

products from the catalyst surface, and reactive products re-adsorbed for further 

reaction (Chonco, 2014).  A number of possible reaction pathways have been proposed for 

the FTS reaction over the years, all of which share the common theme of initiation, 

propagation and termination, referring to the formation of a chain starting species, chain 

growth by the in situ produced monomer addition and product desorption from the 

catalyst surface, respectively (Claeys & Van Steen, 2004).   

For a mechanistic model to be acceptable it is expected to account for all of the aspects of 

FTS product spectrum (Dry, 1996).  These include:   

 FT products are predominantly linear, with aromatics formed at higher 

temperatures only,  

 high olefin content and lower than thermodynamically predicted paraffin to olefin 

ratio,  

 the olefin content consists of mainly α-olefins,  

 there is a large amount of mono-methyl branching and a decrease in degree of 

branching with increasing chain length.   

With a vast possible product spectrum and some unique aspects such as the 

abovementioned, the exact chemical identity of the monomeric building block and 

method of chain propagation on the catalyst surface remains elusive and a controversial 

subject (Van Dijk, 2001).  The four most popular of the proposed mechanisms are the 

alkyl, alkenyl, enol and the CO-insertion mechanisms (Dry, 1981; Claeys & Van Steen, 

2004).  It is worth noting that due to the FT reaction’s complexity, it is in general 

accepted by many that more than one mechanism may be operating on the surface of the 

catalyst at any given time (Claeys & Van Steen, 2004).   
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2.1.5.1 The Alkyl Mechanism  

Currently this mechanism seems to be the most widely accepted for chain growth 

(Claeys & Van Steen, 2004) and was developed from the carbide theory for chain growth, 

which was first suggested by Fischer and Tropsch in 1926 (Dictor & Bell, 1986; Shroff et 

al., 1995; Claeys & Van Steen, 2004).  In this earlier mechanism proposed the reaction to 

proceed via metal carbide formation, where carbon in the carbide phase is hydrogenated 

to CH2-species which would then polymerise.  It has been subsequently shown that only 

iron forms stable carbides under FTS conditions and that the carbon content of products 

originating from metal carbides is very small, leading to the rejection of this mechanism 

(Claeys & Van Steen, 2004).  In the alkyl mechanism, chain initiation is proposed to 

occur via the dissociative adsorption of CO on the catalyst surface.  Surface oxygen is 

removed by reaction with adsorbed hydrogen or -carbon monoxide to result in either 

water or carbon dioxide, respectively.  The adsorbed surface carbon species is then 

sequentially hydrogenated to CH, CH2 and CH3. The methyl species (CH3) is regarded as 

the chain initiator and the surface methylene species (CH2) is proposed as the monomer 

responsible for propagation of the chain.  Primary products are desorbed by hydrogen 

elimination or –addition to yield α-olefins or n-paraffins, respectively (Claeys & Van 

Steen, 2004; De Smit & Weckhuysen, 2008).  The formation of oxygenates is inexplicable 

by means of the alkyl mechanism, however it has been suggested by Johnson et al. 

(1991) to be possible via OH-group coupling with an alkyl group (Van Steen & Claeys, 

2008).  A schematic representation of the alkyl mechanism follows in Figure 2.4.   
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Figure 2.4:  The alkyl mechanism (Claeys & Van Steen, 2004) 
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2.1.5.2 Alkenyl Mechanism 

In the alkenyl mechanism, monomer formation is identical to that of the alkyl 

mechanism.  A surface carbon species undergoes subsequent hydrogenation to 

methylene.  The chain initiator is a surface vinyl species which is formed by the 

combination of a surface methylene species (CH2) and a surface methylidyne species 

(CH).  Propagation takes place via stepwise addition of the methylene species to the 

vinyl species which yields a surface allyl species, and after isomerisation yields a surface 

alkenyl species.  Termination produces α-olefins as primary products upon desorption 

after hydrogen addition.  This mechanism, proposed by Maitlis and co-workers (1996), 

does, however, not explain the formation of n-paraffins or –alcohols (Claeys & Van Steen, 

2004).  A schematic representation of the mechanism follows in Figure 2.5. 
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Figure 2.5:  The alkenyl mechanism (Claeys & Van Steen, 2004) 

 

2.1.5.3 Enol Mechanism 

A mechanism proposed by Storch et al. (1951) proposes a surface enol species 

(M=CHOH), formed by the hydrogenation of adsorbed carbon monoxide, as chain 

initiator.  Propagation occurs via the condensation reaction of two surface enol species 

and the removal of water.  Termination yields oxygenates or α-olefins as primary 

products.  This mechanism does not explain the primary formation of n-paraffins, but is 
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described as a secondary reaction by the hydrogenation of the primarily formed olefins 

(Claeys & Van Steen, 2004; De Smit & Weckhuysen, 2008).  A schematic representation 

follows in Figure 2.6:   
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Figure 2.6:  The enol mechanism (Claeys & Van Steen, 2004) 

 

2.1.5.4 CO-insertion Mechanism 

This is believed to be the main reaction pathway for the formation of oxygenates 

(Anderson & Ekerdt, 1985; Dry, 1990).  Originally formulated by Sternberg & Wender 

(1959) and Roginski (1965) (Claeys & Van Steen, 2004), with additional refinement by 

Pichler and Schulz (1970), this mechanism assumes CO as the monomer and a surface 

methyl species as the chain initiator.  The formation of the methyl species differs from 

the alkyl mechanism in that oxygen is eliminated from the surface species.  Chain 

growth occurs by the insertion of CO into the metal-alkyl bond to form an acyl surface 

species.  Hydrogenation eliminates oxygen (producing water) and produces an alkyl 

species.  Termination or desorption can occur via the same path as proposed in the alkyl 

mechanism to yield n-paraffins or α-olefins as primary products, while termination of the 

oxygen containing species would yield aldehydes and alcohols as primary products 
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(Claeys & Van Steen, 2004; De Smit & Weckhuysen, 2008).  Figure 2.7 illustrates the 

initiation and propagation steps of the CO-insertion mechanism: 
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Figure 2.7:  The CO-insertion mechanism (Claeys & Van Steen, 2004) 

 

2.2 Fischer-Tropsch Reactors 

There are four types of FT reactors in commercial use: circulating fluidised bed, fluidised 

bed, tubular fixed bed and slurry phase reactors (Steynberg & Dry, 2004). Two phase 

fluidised bed reactors are used for HTFT applications, while the fixed bed and slurry 

phase reactor operate under LTFT conditions (Steynberg & Dry, 2004). The key 

distinguishing feature between these is that the HTFT reactors do not have a liquid 

phase present outside the catalyst particles, since the presence of a liquid phase would 

lead to agglomeration and loss of fluidisation (Steynberg & Dry, 2004; Steynberg & Nel, 

2004).  

 

2.2.1 Low Temperature Fischer-Tropsch Reactors  

LTFT reactors may employ either precipitated Fe catalysts or supported Co catalysts, 

with the choice of either being a function of various parameters.  Heavy hydrocarbons 

are produced and are present in the form of liquid wax (Steynberg & Dry, 2004).  

Industrial LTFT technology was pioneered in Germany.  Early reactors were tube cooled 

fixed bed reactors, originally employing a kieselguhr-supported cobalt catalyst and 

operating at 1 atm.  Development of the German medium pressure synthesis utilised the 

same catalyst at higher pressure of 1 MPa, increasing productivity and extending 



 

35 

 

catalyst life, but used a tube-in-tube design for the fixed bed reactor.  Post-WW2 a more 

practical approach was the use of multi-tubular fixed bed reactors.  Though slurry bed 

reactors were also investigated during the 1930’s and 1950’s its commercial application 

was not possible until refinement by Sasol (De Klerk et al., 2013).   

 

2.2.1.1 Fixed Bed Reactors 

Fixed bed reactors for the middle pressure synthesis used a tube-in-tube design to 

achieve the required heat transfer rates.  However, this design was mechanically 

complicated (De Klerk et al., 2013).  Thus the preferred fixed bed reactor is a multi-

tubular fixed bed reactor with the catalyst inside the tubes, with cooling on the shell side 

(Steynberg & Dry, 2004).  This design, resembling a vertical shell and tube heat 

exchanger, is more practical and achieves the same goal.  The robustness of this design 

is evidenced by Sasol’s original ARGE reactors, commissioned in 1955, still being in 

operation (De Klerk et al., 2013). 

Feed gas enters from the top and leaves at the bottom of the reactor, which aids the 

removal of liquid wax from the reactor tubes.  Heat transfer is optimised by high linear 

gas velocities (ensuring turbulent flow) and the use of narrow tubes (short distance 

between catalyst particles and tube walls).  The more active the catalyst, the narrower 

the tubes should be to ensure minimal radial temperature gradients (Steynberg & Dry, 

2004).   

Though maximum average temperature is required for maximum conversion, due to 

axial and radial temperature gradients this is limited to the maximum allowable 

temperature peak.  Temperatures higher than this will lead to excessive carbon 

formation, leading to catalyst break-up and, in turn, blockages (Jager & Espinoza, 

1995).  After the liquid wax, oils and water knock-out, a portion of tail gas is recycled, 

increasing the percentage conversion (on fresh feed basis) as well as increasing linear 

gas velocity to aid in improvement of the heat transfer rate (Steynberg & Dry, 2004).    

Fixed bed reactors are easy to operate, requiring no additional separation equipment for 

catalyst-wax separation since the liquid wax simply trickles down the catalyst and is 

then collected downstream in a knockout pot. One of the greatest advantages to the 

multi-tubular fixed bed is that large scale commercial reactor performance can be 

relatively easily predicted based on single tube pilot unit performance (Jager & 

Espinoza, 1995; Steynberg & Dry, 2004; De Klerk et al., 2013).   
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If slippage of catalyst poisons through syngas purification sections occurs, only the top 

portion of the catalyst will be deactivated (leaving the rest of the bed intact), while with 

slurry phase reactors all of the catalyst will be affected (Jager & Espinoza, 1995; 

Steynberg & Dry, 2004; De Klerk et al., 2013).  One of the downsides to such reactors, 

especially when using iron catalysts, is the requirement for periodic replacement of the 

catalyst, making the reactor maintenance and labour intensive (Jager & Espinoza, 1995; 

De Klerk et al., 2013).  In addition this, product selectivity also changes with time on 

stream.  Large pressure drops over the reactor coupled with high recycle needs 

translates to considerable recompression costs (Jager & Espinoza, 1995). 

Multi-tubular reactors are normally unsuited to high temperature operation and because 

they can consist of thousands of tubes, construction costs are high.  Because such 

reactors are heavy, this limits scale up since transportation can become a limiting factor 

(Steynberg & Dry, 2004).  

The five multi-tubular ARGE reactors that were installed in the 1950’s, jointly designed 

by Ruhrchemie and Lurgi, are still in operation at Sasol.  These utilise extruded Fe-

based catalysts, operate at 2.7 MPa and 230 C and have a production capacity of 500 

barrel/day, each (Steynberg & Dry, 2004; Spivey et al., 2015).  Shell’s Bitulu plant in 

Malaysia uses four Lurgi designed multi-tubular reactors with wider overall diameters 

than the Sasol units.  High activity cobalt catalysts are employed and thus the tube 

diameters are smaller than those in the Sasol reactors to achieve higher heat exchange 

rates for temperature control.  The Shell reactors ran at an original capacity of 3000 

barrel/day per reactor, but with new generation higher activity catalysts this has been 

increased to 8000 barrel.day (Steynberg & Dry, 2004).  

In summary, despite apparent drawbacks of multi-tubular fixed bed reactors 

(temperature control, construction cost, significant bed pressure drop, transport 

limitations in large catalyst particles and labour intensive catalyst replacement), they 

remain the dominant LTFT reactor technology due to the following advantages 

(Steynberg & Dry, 2004; De Klerk et al., 2013): 

 Robust operation, demonstrated by many decades of industrial operation 

 A certain level of poisoning resistance (to contaminants like H2S), since the top layer 

of catalyst is affected and acts a guard bed to the rest of the catalyst bed 

 No requirement for catalyst-wax separation equipment 

 Straightforward scale-up 

 Catalysts do not require appreciable attrition resistance 
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2.2.1.2 Slurry Phase Reactors 

The slurry bed reactor was developed for wax production in low temperature FT 

applications, with the liquid wax being the medium in which the catalyst is suspended 

(Steynberg & Dry, 2004).  During the 1950’s and 1960’s various sizes of slurry bed 

reactor were tested in Germany, England and the USA.  However, the space velocities 

used were very low which made judging performance at likely commercial space 

velocities impossible.  Additionally, a practical and efficient means of separating the 

catalyst from the product was an integral step that was not successfully developed until 

much later, with a suitable system being demonstrated in 1990 by Sasol (Steynberg & 

Dry, 2004; De Klerk et al., 2013).   

Typically under same operating conditions slurry reactors produce heavier products than 

fixed bed reactors (Jager & Espinoza, 1995). In the late 1970’s Sasol decided to revisit 

and evaluate the slurry system on pilot plant scale (Steynberg & Dry, 2004).  The fixed 

bed and slurry bed systems were compared for wax production at the temperatures 

normally used in the fixed bed units and utilising the same precipitated iron catalyst 

used in the commercial multi-tubular reactors (with the only difference being the size of 

the catalyst particles).  Hard wax selectivity and the percentage (H2 + CO) conversion 

obtained in the slurry phase reactor were as good, if not better, than those obtained in 

the fixed bed unit, despite the three-fold lower catalyst loading in the slurry phase 

reactor.  The higher activity per mass of catalyst was ascribed to the much smaller 

particle size used in the slurry phase system.  With the rate of the FT reaction being 

pore diffusion limited even at low temperatures this results in a higher observed activity 

for a smaller catalyst particle (Steynberg & Dry, 2004; De Klerk et al., 2013).      

The slurry reactor system and the two phase (gas-catalyst) reactor systems at higher 

temperatures, normally used for the production of gasoline, were also compared using 

the same fused catalyst used in the HTFT reactors.  High temperature slurry phase 

operation was deemed impractical as at the reaction temperature of 324 C the wax 

inside the reactor was continuously being hydrocracked, requiring the daily addition of 

wax.  Also, although the slurry bed gave the same product selectivities, the percentage 

(CO + CO2) conversion was considerably lower than that obtained in the two-phase 

fluidised bed unit.  This was mainly because the slurry system did not have the 

advantage of a smaller catalyst particle size compensating for the lower catalyst loading 

(Steynberg & Dry, 2004).   

Though the low temperature slurry system was very promising, further development 

was somewhat delayed because of the problem of satisfactory wax-catalyst-
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separation.  An efficient separation device was successfully tested in 1990 in a 1m ID 

demonstration unit, after which a commercial unit was brought on-line in 1993.  The 

capacity of this reactor (22m high, 5m ID) is about 2500 barrel/day (10 million tonnes per 

year); equal to the total production capacity of five 3m diameter multi-tubular fixed bed 

ARGE reactors.  Slurry bed reactors with a capacity of at least 20 000 barrel/day (85 

million tonnes per year) are feasible (Jager & Espinoza, 1995; Steynberg & Dry, 2004; De 

Klerk et al., 2013).   

For Fe catalysts, the advantages of the slurry phase reactor over multi-tubular fixed bed 

reactors are (Jager & Espinoza, 1995; Steynberg & Dry, 2004; De Klerk et al., 2013): 

 The reactor train cost is 25% of the same capacity multi-tubular reactor system 

 Catalyst consumption per ton product is 4 times lower than in fixed bed units due to 

lower catalyst loadings in slurry reactors 

 Gas compression cost is decreased since typical pressure drops over slurry reactors 

are 0.1 MPa vs. 0.4 MPa for multi-tubular units 

 Higher average temperature operation and resultantly improved reactant conversion 

is possible due to the slurry bed being more isothermal 

 Higher average conversions and longer reactor runs are possible with online addition 

and removal of catalyst 

 

2.2.2 High Temperature Fischer-Tropsch Reactors 

Neither slurry bed reactors, nor fixed bed reactors are suited to HTFT operation for 

producing lighter FT products.  Instead two-phase fluidised bed reactors are utilised:  

Turbulent or fixed fluidised bed (FFB) and circulating fluidised bed (CFB) reactors.  The 

turbulent reactors are known as Sasol Advanced Synthol (SAS) reactors, named after its 

developer (Steynberg & Dry, 2004). 

A high degree of turbulence means that fluidised beds exhibit very high heat exchange 

rates.  They can therefore cope with large amounts of reaction heat at high conversions 

and high feed gas throughputs achievable at high operating temperature.  The reactors 

are very isothermal and a temperature difference between the top and bottom of the 

reactor is only a few degrees (Steynberg & Dry, 2004). Development of HTFT technology 

had its origins in the USA.  The technology was, however, perfected by Sasol in South 

Africa (Steynberg & Dry, 2004; De Klerk et al., 2013). Two-phase HTFT reactors require 

process conditions to be such that selectivity to long chain hydrocarbons is limited to 
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prevent excessive condensation in catalyst pores as well as agglomeration due to surface 

wetting so that loss of fluidisation does not occur (Steynberg & Dry, 2004).   

 

2.2.2.1 Circulating Fluidised Bed (CFB) Reactor 

Sasol’s fluidised bed reactors for the original Sasolburg plant were the CFB reactors 

developed by Kellogg (Steynberg & Dry, 2004; De Klerk et al., 2013; Spivey et al., 2015).  

The linear gas velocities in CFB’s are 3-4 times higher than turbulent fluidised beds.  

Several design- and catalyst formulation changes were made, which resulted in 

satisfactory performance of the reactors.  These were renamed Synthol reactors and 

served Sasol for 30 years (Steynberg & Dry, 2004). 

Aerated catalyst flows down a standpipe, with the rate being controlled by a slide 

valve.  Catalyst is swept up the reaction section by feed gas preheated to 200 C.  Around 

40% of the reaction heat is absorbed by the heat exchangers and the rest by the feed gas 

and products.  The catalyst and gas disengages in a wide settling hopper.  Aerated 

catalyst drops down into the standpipe and entrained catalyst fines is removed in the 

cyclones and returned to the standpipe. Remaining fines are removed by heavy oil 

scrubbers downstream of the reactor (Steynberg & Dry, 2004; De Klerk et al., 2013). A 

high catalyst loading is required in the reaction zone for a high conversion. However, the 

loading cannot be so high that the pressure drop over the reaction zone exceeds the 

pressure drop over the standpipe. If this happens gas will flow up the standpipe, choking 

the cyclones and resulting in massive losses of catalyst. Also no heat exchange will take 

place in the standpipe, resulting in catalyst damage due to temperature runaway 

(Steynberg & Dry, 2004).   

Significant amounts of carbon are deposited on the iron catalyst operating at 340 C.  

This causes particle disintegration, increased fines loss through the cyclones as well as a 

loss of density of the catalyst particles. Lighter particles are transported more rapidly, 

less catalyst back mixing occurs and reaction zone catalyst loading decreases, which 

results in a decrease in conversion rate with time on stream. Online catalyst removal 

and addition is an adopted practice that attempts to resolve this problem (Steynberg & 

Dry, 2004; Spivey et al., 2015). 

Second generation CFB’s were installed in the Secunda and Mossel Bay plants.  These 

were larger and operated at 2.5 MPa instead of 2.0 MPa to increase capacity threefold.  

The reactors had improved heat exchangers and standpipe slide valves.  However, the 

only CFB reactors currently operating are the Mossel Bay CFB’s since by 1999 the 
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Secunda reactors had been replaced by higher capacity Sasol Advanced Synthol (SAS) 

reactors (Steynberg & Dry, 2004; Spivey et al., 2015).   

 

2.2.2.2 Sasol Advanced Synthol (SAS) Reactors 

In the late 1970’s Sasol further investigated the potential of Fixed Fluidised Bed (FFB) 

reactors, as the R&D pilot units, used for improved catalyst development and the study 

of process variables, were performing very well and easy to operate.  After much 

development a demonstration reactor was built, coming online in 1984.  Using the same 

catalyst and process conditions as the CFB reactors, higher conversions were obtained 

with similar product selectivities.  A commercial unit came on stream in 1989, 

performing as expected.  The 16 second generation CFB’s at the Secunda plant were 

replaced by 8 SAS reactors between 1995 and 1999, which increased the plant’s capacity 

by 2 x 106 tons per year (Steynberg & Dry, 2004; Spivey et al., 2015).   

Gas enters the bottom of the reactor, passing through a grid plate (or gas distributor) 

fluidising the catalyst bed, which operates in the turbulent fluidisation regime.  The gas 

distributes the gas evenly throughout the catalyst bed to prevent preferential flow 

patterns and stagnant regions.  It has an additional function, acting as a support for the 

catalyst bed during slumps when there is no gas flow.  The Fischer-Tropsch and side 

reactions occurring in the reactor are highly exothermic, requiring cooling coils to 

remove heat by generating steam in the coils.  This, together with rapid mixing in the 

fluidised bed, results in isothermal conditions.  The product gas leaves the bed, 

entraining some catalyst particles carrying some catalyst particles.  Before leaving the 

reactor, the gas passes through cyclones to separate the entrained solids from the 

gas.  The solids collected in the cyclones are then returned to the reactor via diplegs 

(Steynberg & Dry, 2004).   

Since fluidisation regime changes can occur as a result of a change in the particle density 

and size distribution, an on-line catalyst removal and catalyst addition policy was 

implemented to maintain the fluidised bed density of the SAS reactors within certain 

limits to prevent uncontrolled bed expansion and blockage of the cyclones.  This could 

occur due to the formation of free carbon (from the Bouduard reaction) and deposition of 

this on the catalyst.  To reduce the risk of potential dipleg blockages due to powder 

classification changes, the diplegs are provided with constant aeration (Steynberg & Dry, 

2004).  The SAS reactors have some major advantages over CFB’s (Steynberg & Dry, 

2004; De Klerk et al., 2013): 
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 Lower construction cost mainly due to the smaller reactor size, as well as simpler 

construction of the support structure 

 Higher conversion.  SAS reactors utilise all catalyst particles while the CFB uses 

only a portion at any given time 

 Increased capacity.  SAS reaction section is wider, accommodating more cooling coils 

and higher syngas feeds by increased flow or operating pressure.   

 Lower overall catalyst consumption. Problems associated with reduced catalyst 

density due to carbon deposition are less significant if allowances are made for bed 

expansion. High conversion can be maintained with lower online catalyst removal 

and replacement rate. 

 Lower linear gas velocities, catalyst velocities and pressure drop over reactor.   

 Lower gas compression cost as well as less abrasion and consequently longer 

operation before maintenance inspection. 

 

2.3 Fischer-Tropsch Synthesis Catalysts 

Catalysts that are most active for the Fischer-Tropsch Synthesis are the group VIII 

metals Fe, Co, Ru and Ni (Schulz, 1999; Dry, 2004; Derouane et al., 2006; Spivey et al., 

2015).  Of these, only cobalt and iron are viable commercially (Dry, 2004; Van Steen & 

Claeys, 2008).  This is due to process, product and cost considerations.  Although the 

optimum catalyst for FT is still being debated, most will agree, based on operational 

considerations, the Fe-based catalyst is the better choice for use with a CO-rich syngas 

derived from coal or biomass (Chonco et al., 2013; Spivey et al., 2015).  Ru and Co show 

little to no water-gas-shift activity and as such their use is not recommended with 

hydrogen lean synthesis gas.   

In terms of cost, Fe-based catalyst is the cheapest, followed by Co and then Ru. In 2015 

for instance, Ru is substantially cheaper compared to about 10 years ago 

(870 USD/ozt).  However, its price still far exceeds that of iron or cobalt.  In late 2015 the 

cost of Ru was 42 USD/ozt, equivalent to ±1.35 million USD/ton (Matthey, 2016), 

whereas iron (iron ore) was 50 – 55 USD/ton (Quandl, 2016a; Quandl, 2016b) and cobalt 

cost ±23 700 USD/ton (Infomine, 2016).  In relative terms the cost of Co and Ru is around 

450 and 26 000 times as expensive as iron, respectively. 

There exists a range of operating conditions over which either Co or Fe will be more 

productive.  Generally, under LTFT conditions Co is more selective toward linear 

paraffins, while under the same conditions Fe favours the formation of a more olefinic 
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product, as well as producing more oxygenates (Steynberg & Dry, 2004; Derouane et al., 

2006).  When comparing, under the same conditions, based on space velocity, Fe is more 

productive at higher space velocities and conversely Co is more productive at lower space 

velocities.  Co catalysts therefore show greater productivity under higher per pass 

conversion regimes than iron catalysts (Steynberg & Dry, 2004).   

Since this work is concerned with the Ru-promotion of a precipitated iron catalyst, this 

section will be focussed more around iron and ruthenium catalysts. 

 

  2.3.1 Nickel 

Although nickel does catalyse the FT reaction, it is too hydrogenating at relevant FTS 

conditions (Dry, 2004).  As such Ni has a very high selectivity to methane and with 

increasing temperature the selectivity shifts towards almost exclusively methane 

(Schulz, 1999; Dry, 2004; Spivey et al., 2015).  This tendency is associated with cobalt 

and ruthenium as well, but is less excessive (Schulz, 1999).  In addition Ni forms volatile 

carbonyls at elevated pressures and lower temperatures, and the catalyst is thus lost 

from the reactors (Schulz, 1999; Dry, 2004; Spivey et al., 2015). 

In atmospheric pressure pilot plant studies performed by Fischer and Ruhrchemie in the 

1930’s, Ni was demonstrated as being overall capable of FTS.  There were significant 

problems though as the catalyst provided a low yield, had a very short lifespan and 

significant losses of catalytic metals occurred upon regeneration.  Therefroe, due to its 

poor performance, Ruhrchemie and Fischer abandoned Ni as FT-catalyst and resumed 

work on Co-catalysed FTS (Stranges, 2007). 

 

2.3.2 Cobalt 

Cobalt catalysts have a higher activity and hydrogenation activity than that of iron and 

resultantly Co is more selective to linear paraffins (Dry, 2004).  The cobalt based catalyst 

is employed in the low temperature synthesis only.  Unlike iron, cobalt has very little, if 

any, water gas shift activity (Dry, 2004; Spivey et al., 2015).  Though both Fe and Co 

catalysts are oxidised by water, cobalt shows more resistance to re-oxidation and thus 

has a longer lifespan (Jager, 2003).  

Due to the relatively higher cost of Co-catalysts, when compared to Fe, it is of vital 

importance that the minimum amount of Co is employed whilst a high activity and long 
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effective catalyst life be maintained.  Cobalt is therefore dispersed on high surface area 

oxides in order to maximise the specific surface area.  Co-catalysts show better activity 

when decreasing crystallite size and increasing dispersion of the active phase (Dry, 2004; 

Kunene et al., 2014).  However, when decreasing crystallite size too much performance 

suffers, partially due to increased metal-support interaction leaving more unreduced Co-

oxide (De Beer et al., 2014b; Spivey et al., 2015).  It has also has been found that Co 

crystallites smaller than 6nm are more prone to oxidation at high conversion and H2O 

partial pressure, rendering them inactive (Dry, 2004; De Beer et al., 2014b; Kunene et 

al., 2014; Spivey et al., 2015).  A narrow particle size distribution above this threshold 

value is thus required.  However, small particles have a tendency to sinter, resulting in a 

loss in surface area and thus activity (Van Steen & Claeys, 2008).  Despite this, it is 

reported that the intrinsic FT activity per metal site of cobalt is about three times that of 

iron (Dry, 2004; Van Steen & Claeys, 2008; De Beer et al., 2014b).    

It is preferable to avoid the use of expensive cobalt catalysts with coal derived synthesis 

gas, irrespective of the reactor type used. This concern is based mainly on possible 

catalyst poison slippage that may occur through the syngas purification section 

(Steynberg & Dry, 2004).   

From the published kinetic equations for Co, the effect of the partial pressure of 

produced water is low, which means that under the same operating conditions, using the 

same reactor and feed gas flow, a Co-catalyst will have a much higher conversion of 

syngas than a Fe-catalyst (Dry, 2004; De Beer et al., 2014a).  Cobalt catalysts will 

normally be selected for natural gas applications where synthesis gas will have a H2/CO 

ratio around 2:1.  This is because higher per pass conversion is possible with Co catalysts 

in addition to avoiding the formation of CO2, associated with iron catalysts (Steynberg & 

Dry, 2004; Van Steen & Claeys, 2008; De Beer et al., 2014a).  Unlike with iron catalysts, 

operating pressure has a pronounced effect on product selectivities and an increased wax 

selectivity is observed with increased pressure (Jager & Espinoza, 1995). 

Supported Co catalysts using cobalt nitrate are typically synthesised via impregnation 

onto the support.  Drying of the precursor leads to cobalt nitrate droplet formation and 

subsequent calcination of the droplets to Co3O4 crystallites (Van Steen & Claeys, 

2008).  The most used supports for Co include alumina, silica and titania (De Beer et al., 

2014b; Spivey et al., 2015).  These supports retain a large portion of their high surface 

areas after high calcination temperatures required to reduce cobalt (Van Steen & Claeys, 

2008; De Beer et al., 2014b; Spivey et al., 2015). 
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An active Co catalyst requires a high degree of reduction and thus reduction promoters 

are added (Van Steen & Claeys, 2008).  The metals Pt, Re and Ru are the most widely 

used as reduction promoters (De Beer et al., 2014b).  Due to the noble metals’ associated 

cost they are used in small amounts ranging from 0.1 – 1.0 wt% (De Beer et al., 2014b; 

Spivey et al., 2015).  It is believed that noble metal promoters such as Pt improve 

reducibility by means of H2 spill over (De Beer et al., 2014b). Ag has also investigated as 

a possible candidate.  It’s much lower price compared to Pt makes it an interesting 

alternative though the promotional effect seems to be lower (Spivey et al., 2015). 

 

2.3.3 Iron-based Catalysts 

In terms cost to synthesise FT catalysts, Fe is the least expensive.  It is employed 

commercially as a catalyst in FT processes and can be used in either LTFT or HTFT, but 

is normally not suited for GTL applications due to its high CO2-selectivity (Spivey et al., 

2015).  Classical Fe catalysts have chain growth probabilities of between 0.65 and 0.70, 

which yields an optimum in gasoline range hydrocarbons (Thomas & Thomas, 

2015).  Generally LTFT iron catalysts produce less methane and a more olefinic product 

when compared to cobalt (Jager & Espinoza, 1995).   

It is the cheapest of the metals that are active for FTS and also has the ability to 

catalyse the water-gas-shift (WGS) reaction (see section 2.1).  This reaction and property 

of the Fe-based catalyst is important when dealing with CO-rich synthesis gas.  As 

mentioned before, even though the optimum FTS catalyst is still debated, it is argued 

that Fe catalysts are a better choice for FT processes utilising H2-lean synthesis gas 

(Chonco et al., 2013; Spivey et al., 2015) which has a low H2/CO ratio ≈ 1.  The iron 

catalyst’s ability to catalyse the WGS reaction means that the H2/CO usage ratio 

matches the H2/CO ratio of the syngas, which then simplifies the gas loop surrounding 

the FT-reactor (De Smit & Weckhuysen, 2008; Chonco et al., 2013).  This characteristic 

of iron allows high per pass conversion in LTFT applications utilising H2-lean synthesis 

gas, since the WGS activity keeps water partial pressures low, staving off deactivation 

due to oxidation.   

However, when utilising synthesis gas derived from natural gas (or with H2/CO ratios 

approaching 2:1) water production becomes inevitable.  To prevent rapid deactivation 

due to oxidation, H2O partial pressures must be kept below 3 bar, in turn requiring 

severe per pass conversion restriction (Steynberg & Dry, 2004).  Published kinetic 

equations for the iron catalyst also show that the partial pressure of product water has a 
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strong negative effect, requiring lower single pass conversion to achieve conversions 

comparable to cobalt catalysts.  Feed gas flow thus has to be lower, a large portion of the 

tail gas recycled and more reactors are required, increasing operating costs (Jager & 

Espinoza, 1995; Dry, 2004).  Compared to Co, the Fe-catalyst seems to be a bit more 

resistant to sulphur poisoning (Bartholomew & Bowman, 1985) and except in cases of 

severe poisoning, sulphur poisoning does not appear to have an effect on product 

selectivity (Jager & Espinoza, 1995). 

Typical LTFT Fe-catalysts are precipitated catalysts consisting, on a mass basis, of 

100 Fe/ 25 SiO2/ 5 Cu/ 5 K2O (De Smit & Weckhuysen, 2008).  Catalyst precursors 

normally consist of nm-sized crystallites of iron oxide, with pre-treatment/activation 

done in situ using H2, CO or syngas (De Smit & Weckhuysen, 2008; Spivey et al., 2015) 

which converts the catalyst precursor to the active form (De Smit & Weckhuysen, 

2008).  When H2 is used as reduction medium, iron oxide is reduced to metallic iron 

(Chonco et al., 2013).  During FTS, after exposure to synthesis gas, a complex mixture of 

iron phases is formed.  Generally it is recognised that metallic iron, iron carbides and 

iron oxides coexist after activation with CO or syngas and during FTS (De Smit & 

Weckhuysen, 2008).  Since the earliest studies it was believed that the surface carbidic 

iron species was the active phase for FTS.  However, the exact identity of the active 

phase still remains controversial after numerous characterisation studies and is still an 

issue of debate among researchers considering the complex catalyst composition under 

FT-conditions (De Smit & Weckhuysen, 2008; Spivey et al., 2015). 

To obtain a highly active iron based catalysts, the addition of promoters is required (Van 

Steen & Claeys, 2008).  These in include structural promoters (also referred to as 

supports or binders) and chemical promoters.  Structural promoters are added to 

precipitated iron catalysts to prevent the total collapse of the precipitated iron 

oxide/hydroxide during the calcination and reduction steps (Van Steen & Claeys, 

2008).  Alumina, silica, zirconia and zinc oxide are potential structural promoters and 

dispersion aids with good activity (De Smit & Weckhuysen, 2008; Van Steen & Claeys, 

2008).  Silica is often used as binder/structural promoter and reportedly shows little to 

no metal support interaction when added as binder, as opposed to during the 

precipitation step (Spivey et al., 2015).  Addition of alumina or silica during the 

precipitation step typically yields a less reducible catalyst, so these binder materials are 

preferably added during spray-drying (Van Steen & Claeys, 2008).  

Typically copper is added as a reduction promoter (De Smit & Weckhuysen, 2008; 

Chonco et al., 2013).  It facilitates the reduction of trivalent iron and is used in a typical 
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molar ratio of Cu/Fe ~ 0.03 – 0.07 (Chonco et al., 2013).  The presence of copper permits 

low temperature reduction to suppress crystal growth and ensure maximal surface area 

is retained (Davis, 2013; Spivey et al., 2015; Thomas & Thomas, 2015) as well as 

inhibiting the formation of iron silicates or aluminates (Van Steen & Claeys, 2008).  Cu 

is introduced in the catalyst precursor, mostly, by co-precipitation of copper/ferrous 

nitrate solutions, and less often by impregnation on oxadic precursors.  Typically a 

distinct Cu phase is not observed in the oxadic precursor, but it is known that intimate 

Fe-Cu-contact is essential for effective promotion with copper.  However, the precise 

location of the Cu-ions in the catalyst precursor’s structure after precipitation and/or 

calcination remains unknown (Chonco et al., 2013). Promotion with Cu also increases the 

catalyst’s WGS activity as well as decreasing methane selectivity and increasing long 

chain hydrocarbon production (Spivey et al., 2015). 

Alkali metals (mainly K) are used for the promotion of Fe-catalysts to yield a high 

activity catalyst.  Promotion with potassium increases CO adsorption and CO 

dissociation (De Smit & Weckhuysen, 2008; Spivey et al., 2015), inhibits CH4 production, 

increases the Fe carburisation rate (Spivey et al., 2015) and tends to increase chain 

growth probability (Thomas & Thomas, 2015).  Potassium would seem to be the most 

cost effective chemical promoter for enhancing activity.  A two to four fold enhancement 

of the activity factor can be obtained when promoted with the optimum amount of 

potassium, whereas overdosing will lead to reduced catalyst activity due to blockage of 

the active surface (Van Steen & Claeys, 2008).   Depending on the loading, K-promotion 

can increase or decrease WGS activity.  Potassium is highly mobile due to its low melting 

point and also makes the catalyst more prone to carbon deposition.  Both of these effects 

decrease catalyst stability under typical FTS conditions (Spivey et al., 2015). 

The main challenge still associated with Fe-based catalysts for FTS is the high 

deactivation rate (due to oxidation in the presence of high water partial pressure and 

sintering) which limits per pass conversion.  This, in turn, makes the iron catalyst less 

attractive when compared to the higher per pass conversions achievable over Co 

catalysts (Jager & Espinoza, 1995; Dry, 2004; De Beer et al., 2014b).  The rapid rate of 

deactivation in conjunction with the costs associated with catalyst replacement and/or 

regeneration are, from a commercial point of view, a challenge (Dry, 2004; De Smit & 

Weckhuysen, 2008; De Beer et al., 2014a; De Beer et al., 2014b).   

 



 

47 

 

2.3.4 Ruthenium 

Ru is the most active of the transition metals for CO hydrogenation and is highly 

resistant to oxidation (Derouane et al., 2006; Spivey et al., 2015).  It is prone to 

methanation at relatively low pressures, but is selective toward high molecular weight 

hydrocarbons at low temperature and high syngas pressures (temperatures below 150 °C 

and pressures above 100 bar) (King, 1978; Van der Laan & Beenackers, 1999; Claeys & 

Van Steen, 2002; Tang & Li, 2011).   

Due to its scarcity, Ru is highly priced and was abandoned as industrial FT catalyst 

mainly due to this limitation (Dry, 1996; Dry, 2004; Davis & Maitlis, 2013).  Though 

cheaper than ± 10 years ago at US $ 870 per troy ounce, it is still far more expensive 

than iron or cobalt, standing at $42/ozt (±1 350 USD/kg) since August 2015 (Matthey, 

2016), compared to iron (iron ore) at $50 – 55 tonne (Quandl, 2016a; Quandl, 2016b) or 

cobalt at around $ 23 700/tonne (Infomine, 2016).  If one were to normalize the price of 

iron to be equal to one, based on these figures the cost of Co is about 430 – 470 and Ru 

around 24 500 – 27 000 times more expensive. That is Co is more than 400 times the 

price of Fe while Ru is almost 60 times as expensive as Co.  Comparing the results 

obtained in studies by Pichler et al. (1964) and Everson et al. (1978) it seems that, in 

addition to the cost implications of the catalyst,  for Ru to perform optimally as a 

standalone catalyst and produce high molecular weight products, rather high operating 

pressures are required.   

Ruthenium has been of interest for many years and has received considerable attention 

in laboratory studies.  Much of the early work was done by Pichler who reported Ru to 

likely be more active than either Fe or Co.  It was reported that high molecular weight 

products were formed at high pressures (1000 atm) and mild temperatures (≤ 140 °C), 

while only methane was formed at 300 °C and atmospheric pressure (Davis & Maitlis, 

2013).   

A composition cycling study by Ross et al. (1987) showed that at 484 K and 446 kPa, with 

feed H2/CO ratios between 3:1 and 2:1, product selectivity is majorly olefinic (75% 

selectivity).  This trend was shown to increase with decreasing H2/CO ratio.  This could 

possibly be extended to operation at higher pressures where longer chain hydrocarbons 

are produced.  It was also found that the stoichiometric feed ratio (H2/CO = 2:1) favoured 

the formation of higher hydrocarbons.   

Iglesia et al. (1992) conducted experiments on supported Ru catalysts ranging from 1 – 

10 wt% supported on TiO2, SiO2 or Al2O3.  Operating conditions were 476 K, 560 kPa, 
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H2/CO = 2.1 and CO-conversions of 45 – 60%.  For unsupported Ru, methane selectivity 

was 2% and C5+ selectivity 95%.  They also reported CH4 selectivities around 5% and C5+ 

selectivities in the range of 90% in the majority of cases over the range of supported Ru 

catalysts.  Taking into account the relatively high operating temperature and low 

pressure of this study and suggestions madde by Pichler in his work, with operation at 

higher pressure and lower temperature similar or better results in terms of CH4 and C5+ 

selectivities could be expected.    

In a study on supported Ru-catalysts by Abrevaya et al. (1986), a catalyst consisting of 

1% Ru supported on Al2O3 was reported to have achieved C1 – C4 selectivities in the 

range of 3 – 4 times lower than for the Arge catalyst (at the time).  This was at a CO-

conversion level of 87% and operating conditions of 225 °C and 35 atm.  In other 

experiments, during the same study, an improved 2.8% Ru, Al2O3 supported catalyst, 

incorporating an undisclosed set of modifiers, was tested at 208 °C and 62 atm with a 

H2/CO ratio of 2:1.  This catalyst was reported to have C1 – C2 selectivity of 1.5% at 80% 

CO-conversion.  The catalyst was also reported to show little to no apparent deactivation 

over 800 hrs time on stream.  This result would imply, by virtue of low methane 

selectivity, significant selectivity to higher hydrocarbons at relatively high CO-

conversions as well as pronounced resistance to deactivation despite high water partial 

pressures.   

Ru remains in the metallic state under FTS conditions and is the known active phase for 

FTS.  Since Ru shows little to no WGS activity, it is not suited to use with H2-deficient 

syngas (Van der Laan & Beenackers, 1999).  Ruthenium seems to tolerate the effects 

water very well; evidenced by its resistance to oxidation and being active even if 

suspended in liquid water (Claeys & Van Steen, 2002).  Pulse studies by Nijs & Jacobs 

(1980) with water co-feeding over supported Ru-catalysts showed that the presence of 

water seemed to promote chain growth.  A direct mechanistic involvement of H2O in FT-

synthesis with Ru has thus been suggested (Claeys & Van Steen, 2002).   

Claeys and Van Steen (2002) conducted experiments in a continuously operated stirred 

slurry reactor at various H2O partial pressure. With a supported Ru catalyst they found 

that with increasing water partial pressure, the selectivity towards methane declined 

and the C5+ selectivity increased.  In a density functional theory (DFT) study by Hibbitts 

et al. (2013) it was concluded that water plays a mechanistic role in FTS over ruthenium 

and may act as a co-catalyst, increasing chain growth probability by increasing the rate 

of monomer formation or –inclusion.   
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2.4 Catalyst Preparation Techniques 

There are essentially two main methods for the production of heterogeneous catalysts: 

Impregnation of preformed supports with active metal precursor salts or co-precipitation 

of the active metal (s) with the support (Lok, 2009).  Though considered more difficult, 

since it requires accurate control of conditions such as pH, crystallite size and degree of 

dispersion, precipitation- and co-precipitation techniques remain some of the most 

industrially relevant and widely used since catalysts with the same properties cannot be 

produced by other methods (Schüth et al., 2008; Lok, 2009).  This is due to the high 

degree of dispersion that can be achieved using these techniques (Schüth et al., 2008) as 

well as the high attainable metals loading up to- and in excess of 60% (Lok, 2009). 

 

2.4.1 Precipitation and Co-precipitation 

Precipitation is defined as a process whereby a solid is produced from a homogeneous 

solution after supersaturation is achieved with respect to the precipitating solid (Schüth 

et al., 2008).  In general the term precipitation is used for processes where solid 

formation is induced by chemical reaction or a reduction in the solubility due to the 

addition of a precipitating agent.  Normally this involves high supersaturation and 

amorphous intermediates are formed (Schüth et al., 2008; Lok, 2009).  The precipitation 

process consists of three major steps: 1) liquid mixing, 2) nucleation and crystal growth 

and 3) aggregation of primary particles (Lok, 2009).   

Related phenomena are crystallisation (where a solid is directly obtained in crystalline 

form at low supersaturation and the precipitation is induced by lowering temperature or 

evaporation of the solvent) and sol-gel synthesis (where a container spanning hydro-

/alcogel is formed in a sol-gel reaction) (Schüth et al., 2008).  However, no clear phase 

separation takes place in sol-gel synthesis (Schüth et al., 2008). For the purposes of this 

work precipitation will refer to precipitation induced by chemical precipitating agents.   

Precipitation and co-precipitation is more demanding than several other preparation 

methods due to the necessity of product separation as well as the generation of large 

volumes of salt solutions (Schüth et al., 2008; Lok, 2009).  In spite of this it remains the 

most common applied method for the preparation of several catalytically relevant 

materials, especially support materials, such as oxides of aluminium, silicon and 

titanium, as well as zirconia- and iron-oxides (Schüth et al., 2008).  
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When catalysts based on more than one metal are to be produced, the method of co-

precipitation can be employed.  Co-precipitation is defined as the simultaneous 

precipitation of a normally soluble component with a macrocomponent from the same 

solution via the formation of mixed crystals, adsorption, occlusion or mechanical 

entrapment (Schüth et al., 2008). 

As a method of catalyst (and support) preparation, the technique has as its main 

advantages the possibility of creating very pure materials and a process that is flexible 

with regard to the final product quality.  In addition the method of co-precipitation is 

especially suited for obtaining a homogeneous distribution of catalyst components and 

creating a catalyst precursor with definite stoichiometry (Schüth et al., 2008; Lok, 

2009).  These precursors can also be easily converted to an active catalyst by calcination 

and/or reduction steps.  When the catalyst precursor is a stoichiometrically defined 

compound of the final catalyst constituents, calcination and/or reduction creates a 

catalyst with small and intimately mixed crystallites of the catalyst components (Schüth 

et al., 2008).   

 

2.4.2 Incipient Wetness Impregnation 

This method is generally employed to adsorb a precursor on the surface of a support and 

achieve a relatively low loading.  Often this method is used in the preparation of 

supported precious metal catalysts where generally low loadings are required (Geus, 

2007).  The procedure involves adding an impregnating solution to dried or evacuated 

support bodies (Geus, 2007; Lekhal et al., 2007) where the precursor is in the form of a 

metal salt (Lekhal et al., 2007).  In most cases the impregnating solution is water-

based.  However, in the case of a hydrophobic support surface or when hydrolysis of the 

support is to be avoided, non-aqueous solutions are used (Lekhal et al., 2007).  Applying 

a volume of impregnating solution equal to the support body pore volume is most 

effective.  The uptake of liquid by the support body proceeds fast and thus impregnation 

can be performed rapidly as the dissolved precursor is transported by convection into the 

pores.  An analogous procedure is dripping impregnation, where support bodies are 

immersed in a solution containing the precursor and subsequently drained.  Here the 

dissolved precursor must diffuse into the pores of the support before being adsorbed 

(Geus, 2007).   
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Chapter 3:  Experimental 

 

 

This chapter presents the experimental method followed to generate empirical data to 

provide answers to the research questions as set out for the study.  Catalysts used in the 

study were prepared by a combination of co-precipitation and incipient wetness 

impregnation.  Iron oxide with an alumina binder was precipitated, washed, dried, 

crushed and classified before proceeding with consecutive impregnations with potassium 

and ruthenium. The catalysts were characterised using XRD, TPR, SEM-EDX, ICP-OES 

and BET before exposure to FTS conditions. Catalysts were tested in a slurry reactor 

under relevant LTFT process conditions to compare the behaviour of an iron catalyst 

promoted- and not promoted with Ru.      

 

3.1 Catalyst Preparation 

3.1.1 Preparation of Fe-based catalysts 

Catalyst preparation was done using a combination of co-precipitation and incipient 

wetness impregnation techniques.  The catalysts were prepared from a precipitated base 

of Fe- and Al oxides, where alumina acts as binder on the basis of 100 Fe/30 Al2O3. This 

Fe-Al-base was promoted with potassium via the incipient wetness impregnation 

technique to have a composition of 100 Fe/ 30 Al2O3/ 5 K.  A portion of this was used to 

prepare the Ru-promoted catalyst via simple impregnation using Ru3(CO)12 as precursor 

to yield a Ru-concentration of 3 wt% based on Fe-content (100 Fe/30 Al2O3/5 K/3 Ru).  

This yielded two catalysts; a K-promoted Fe/alumina catalyst and a Ru- and K-promoted 

Fe/alumina catalyst. 

 

3 
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For ease of reference the catalysts and their precursors will be referred to as in Table 

3.1: 

  Table 3.1:  Catalysts and their composition 

Catalyst Theoretical 

composition  

Description Promoters 

Fe/Al 100Fe/30Al2O3 Upromoted uncalcined Fe-catalyst  - 

Fe/Al/K 100Fe/30Al2O3/5K Calcined K-promoted Fe-catalyst  K 

Fe/Al/K/Ru 100Fe/30Al2O3/5K/3Ru K- and Ru-promoted Fe-catalyst 

(using Ru3(CO)12) 

K, Ru 

 

3.1.2 Unpromoted Fe-catalyst preparation 

The Fe-based catalyst with alumina binder was synthesised via the co-precipitation 

method, using ammonium carbonate as the precipitating agent and the nitrates of iron 

and aluminium as precursor salts.  The precipitation reactions, when using ammonium 

carbonate as precipitating agent, are as in Equations 3.1 and 3.2:   

                                                   (3.1) 

                                            
            

  (3.2) 

60 g of Al(NO3)3· 9H2O (Sigma-Aldrich, 99.998%), , 196 g Fe(NO3)3· 9H2O (Sigma Aldrich, 

99.95%) and  462 g of (NH4)2CO3 (Sigma Aldrich, 99.999%) was weighed with the aim of 

producing 50 g of Fe/Al base catalyst with a composition of 100 Fe/30 Al2O3.  A three 

times molar excess of the precipitating agent was used to ensure a complete precipitation 

of the aluminium and iron ions in the precipitation reaction.   

The weighed masses of Fe- and Al-nitrate nonahydrate salts were added in a 2 L beaker 

and dissolved in about 300 mL of warm deionised water and placed on a hotplate 

(Heidolph MR3001K) and heated to around 90 OC. The required amount of ammonium 

carbonate was dissolved in a 1 L beaker with about 700 mL warm deionised water and 

brought to the boil on a second hot plate (of the same make and model). When both the 

solutions of the precursor salts and precipitating agent were at the boil, the ammonium 

carbonate solution was added to the nitrates solution under continuous stirring using a 

Heidolph RZR1 overhead stirrer, with a paddle mixer at 150 rpm while still maintaining 

the heating.  This incremental addition of the ammonium carbonate solution was done in 
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order to prevent spillage or boiling over due to the evolution of CO2 during the 

precipitation reactions.  As more precipitating agent was added to the nitrates solution 

and the nucleation-precipitation proceeded, a thickening slurry of Fe- and Al-

oxides/oxyhydroxides was formed.  This required the mixer speed to be adjusted until a 

final speed of 600 rpm was reached.  The reaction mixture was then left under heating 

and stirring for a further 20 min, after the last of the precipitating agent was added, to 

allow the process to complete.  The stirrer and hot plate was then switched off and the 

suspension was allowed to stand for 30 min before filtering.   

The dark brown precipitate slurry was vacuum filtered using a Büchner filter setup and 

washed with about 5 L of boiling deionised water until the presence of nitrate and 

ammonium ions could not be detected.  The washed precipitate was dried in an oven at 

100 °C for 24 h and the dried filter cake crushed with a pestle and mortar.  The catalyst 

particles were classified using sieves with aperture sizes of 300 μm, 250 μm, 212 μm, 

125 μm and 53 μm.  Oversized particles larger than 300 μm were crushed again and 

reclassified, until finally ±25 g of catalyst particles in the 250 – 300 μm size range was 

obtained.  The undersized particles were kept aside.   

The 250 – 300 μm catalyst was calcined for 16 h at 350 °C in a glass calcination tube 

under nitrogen flow at a flow rate of 60 mL/min NTP.  A heating rate rate of 1 C/min 

was used, with a one hour hold at 100 C to allow for drying of the uncalcined catalyst 

before raising the temperature to the calcination temperature of 350 C at a rate of 

1 C/min.  The calcination temperature was held for 16 h, after which the reactor and 

furnace was allowed to cool under N2 flow before removing the calcined catalyst.  A 

relatively mild temperature of 350 °C was chosen so as to limit/avoid sintering, and an 

associated loss in surface area, as far as possible. 

Promotion of the Fe/Al catalyst base with potassium was done after calcination by simple 

impregnation using the incipient wetness technique in a Buchi R-215 Rotavapor with 

Buchi B-491 heating bath and Buchi V-700 vacuum pump. Potassium nitrate was used 

as precursor salt to achieve a weight based Fe/K ratio of 20:1. The required mass of 

potassium nitrate was calculated assuming the calcined catalyst consisted of Fe and Al 

in the form of hematite and alumina (on a 100 Fe/30 Al2O3 basis), respectively. All of the 

calcined catalyst was added to the “vacuum bowl” of the rotary evaporator and about 2 g 

of KNO3 (Sigma Aldrich, 99.9%) was weighed and added.  50 mL of deionised water was 

added to this to form a slurry. The bath temperature of the rotary evaporator was set to 

40 °C and the pressure lowered to 100 mbar in 20 mbar decrements to evaporate the 

solvent under vacuum and continuous rotation at 50 rpm. To ensure the solvent was 
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completely removed, the pressure was further reduced to 72 mbar, while increasing the 

temperature of the water bath to 60 C. Once completely dry, the catalyst was removed 

from the “vacuum bowl” and calcined again using the same method as described earlier.   

   

3.1.3 Ru-promoted Fe-catalyst preparation 

Ruthenium promotion was done after characterisation of the Fe/Al/K catalyst.  Since Ru 

salts are expensive, and the Ru-content is dependent on the Fe-content, it is imperative 

that the true Fe-content be known before promotion.    

The Ru-promoted catalyst was prepared by simple impregnation with triruthenium 

dodecacarbonyl.  0.3 g Ru3(CO)12 (Sigma Aldrich, 99%) was weighed and dissolved in 

800 mL of n-hexane (Merck) in a 1 L flask at ambient pressure and temperature, 

yielding a relatively bright orange translucent solution.  To this solution, 6.5 g of the 

Fe/Al/K catalyst powder was added, the container sealed and allowed to stand for three 

days (72 h) while monitoring the change in colour of the solution. During this time the 

solution turned a more translucent pale yellowish-orange as more of the organometallic 

salt was adsorbed to the catalyst surface.  After 72 hours the colour had stabilised, since 

the change in colour was insignificant compared to at 48 hours.  At this point the solvent 

was removed by evaporation, in the same rotary evaporator used for K-promotion, 

allowing the rest of the salt to be impregnated on the catalyst surface, recovering the 

solvent for disposal.  Under constant rotation of 50 rpm and a water bath temperature of 

40 C, the pressure was lowered to 335 mbar, gradually, in 20 mbar 

decrements.  Nearing the end of the evaporation process, the pressure was reduced 

further to 300 mbar while increasing the bath temperature to 50 C.  When completely 

free of solvent, the Ru-promoted catalyst was removed from the vacuum bowl and stored 

in a clean sample container.   

The catalyst was not calcined after promotion since Ru3(CO)12 has been shown to 

decompose thermally to Ru-metal in an inert atmosphere at a temperature of 175 °C 

(Banditelli et al., 1976).  Since the reactor, and catalyst, is heated in an inert atmosphere 

prior to activation, a calcination step was not deemed necessary as the organometallic 

complex would be in the reduced metallic state before reaching the activation 

temperature of 270 °C. 

Prior to this, Ru-promotion with RuCl3 as precursor salt was attempted, but proved 

unsuccessful.  Upon activity testing in a fixed bed reactor it was observed that CO- 
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conversion was exceptionally low and did not increase upon increasing residence time.  It 

is thought that the catalyst was deactivated during calcination with the formation of 

FeOCl and that this inhibited reduction as well as carburisation of the catalyst during 

syngas activation.  Consequently, this catalyst was abandoned and ruthenium 

dodecacarbonyl, as alternative ruthenium precursor, was used for Ru-impregnation.  

 

3.2 Catalyst Characterisation 

Techniques employed for the characterisation of all catalysts used in the study were X-

Ray Diffraction (XRD), Scanning Electron Microscopy with Energy Dispersive X-Ray 

Diffraction Spectroscopy (SEM-EDX), Inductively Coupled Plasma Optical Emission 

Spectrometry (ICP-OES), Temperature Programmed Reduction (TPR) and Brunauer 

Emmet Teller N2-Chemisorption (BET).   

 

3.2.1 SEM-EDX 

Scanning electron microscopy is used to examine the surface of a specimen by scanning 

with an electron beam and collecting the secondary- and back-scattered beam of 

electrons.  The surface must be electrically conductive, but polishing or etching is not a 

prerequisite.  Magnification of 10 to more than 50 000 times is possible and the use of 

accessory equipment permits qualitative and semi-quantitative elemental analysis of 

localised surface areas (Callister, 2007).   

Electron microscopy is a relatively straightforward technique for the determination of 

the size and shape of supported particles.  Electrons have characteristic wavelengths of 

less than 1 Å.  Crystallographic information is obtained from diffracted electrons.  The 

back-scattering of electrons becomes more effective as atomic mass of the sample 

increases, making large regional concentrations of heavier elements/atoms 

distinguishable due to the higher yield of back-scattered electrons.  Additionally Auger 

electrons and X-Rays are formed (Chorkendorff & Niemantsverdriet, 2003).   Scanning 

Electron Microscopy involves rastering a narrow high energy electron beam over the 

sample surface and detecting the yield of secondary- or backscattered electrons as a 

function of primary beam position.  Secondary electrons have low energies and originate 

from the surface of the sample, while backscattered electrons come from deeper and 

carry compositional information (Rothenberg, 2000; Chorkendorff & Niemantsverdriet, 
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2003).  SEM thus gives a three-dimensional image of the catalyst, albeit at a lower 

resolution than transmission electron microscopy (TEM) (Rothenberg, 2000).   

Energy dispersive X-Ray spectroscopy allows for a qualitative elemental analysis using 

the X-rays formed in the relaxation of core-ionised atoms.  The X-Rays that are emitted 

are characteristic to an element (much like in bulk phase identification using X-ray 

diffraction).  This allows determination of the chemical composition of a selected part of 

the sample (Chorkendorff & Niemantsverdriet, 2003).  

A FEI NanoSEM 230 with Oxford X-Max silicon drift EDX detector was used in the 

characterisation of the catalyst samples.  A small amount of the sample was sprinkled 

onto a carbon glue covered aluminium stub.  The sample was then carbon coated in a 

Balzers evaporation coater, after which it was inserted into the SEM.  Operating 

conditions in the SEM were a 5 mm working distance, 20 kV and a beam current of 

1.6 nA, which are settings ideal for the generation of X-Rays.  X-Rays were collected 

using the Oxford X-Max detector and INCA software, displaying the elements present in 

the sample in weight percent, with the areas where the EDX spectra were collected also 

viewable.   

 

3.2.2 XRD 

X-ray diffraction (XRD) is a characterisation method used for the identification of bulk 

crystalline phases present in materials and for obtaining an indication of crystallite size 

(Rothenberg, 2000; Chorkendorff & Niemantsverdriet, 2003).  This is also one of the 

oldest and most frequently applied techniques for the characterisation of catalysts 

(Chorkendorff & Niemantsverdriet, 2003).   

X-Ray diffraction is a result of the elastic scattering of X-Ray photons by atoms in a 

crystal lattice with sufficient crystallographic order.  As such, diffraction is a 

consequence of the specific phase relationships between scattered waves.  When 

monochromatic X-rays are scattered and have a difference in path length that is an 

integer number, the waves are in phase and mutually reinforce one another, giving rise 

to constructive interference.  For this constructive interference or diffraction to occur, 

Bragg’s law (Equation 3.3) must be satisfied (Rothenberg, 2000; Chorkendorff & 

Niemantsverdriet, 2003; Callister, 2007).     

                        (3.3) 
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In this relation   is the X-ray wavelength,   is the order of reflection,    is the 

interplanar spacing (also referred to as the :”d-spacing”) and   is the incident angle for 

constructive interference (Chorkendorff & Niemantsverdriet, 2003; Callister, 2007).  The 

d-spacings, can be determined from the Bragg relation if the    angles, where 

constructive interference occurs, are measured.  These d-spacings are characteristic for a 

particular compound and thus allows for the positive identification of bulk 

crystallographic phases present in the sample (Rothenberg, 2000; Chorkendorff & 

Niemantsverdriet, 2003).    

Characterisation using XRD has an important limitation in that clear diffraction peaks 

are observed only when the sample possesses sufficient long range crystallographic 

order.  This, however, also imparts information regarding the dimensions of the 

reflecting planes since there is a relationship between the aforementioned and the 

diffraction peak width (Chorkendorff & Niemantsverdriet, 2003).  An estimate of the 

crystallite size can be determined from the obtained diffractogram and the Scherrer 

equation (Equation 3.4). 

   
  

     
 (3.4) 

Here xc is the crystallite diameter,   is the peak width at half intensity and K is a 

constant, often taken as 1.  Though quick, X-Ray line broadening does not always offer a 

reliable estimate of the crystallite size (Chorkendorff & Niemantsverdriet, 2003).    

X-Ray diffraction patterns were collected for the Fe/Al, Fe/Al/K and Fe/Al/K/Ru catalysts 

using a Bruker D8 Advance X-ray diffractometer with a Co-Kα source (λ = 1.78897 Å) 

and position sensitive Bruker Vantec detector (operating at 35 kV and 40 mA).   

Before loading the sample, the sample holder was cleaned thoroughly with ethanol to 

prevent contamination of the catalyst sample.  The sample was then loaded into the 

sample holder, taking care to ensure a flat sample surface and the excess removed from 

the sample holder.  This was placed in the automatic sampling tray and secured.  A 

scanning range of 10° to 130° 2θ was used with a scanning rate of 1°/min and a step size 

of 0.01. 
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3.2.3 ICP-OES 

Inductively Coupled Plasma Optical Emission Spectroscopy is a technique is based on 

the spontaneous emission of photons from atoms and ions that have been excited in a 

radio-frequency (RF) discharge.  The wavelengths of the emitted photons are then used 

to identify the elements from which they originated, which the total number of photons 

directly proportional to the concentration of the originating element (Hou & Jones, 2006; 

Juncosa, 2008).   

When analysing solid samples, they require extraction or acid digestion so that the 

elements to be analysed will be present in solution.  The sample solution is then 

converted to an aerosol and directed into the central channel of the plasma, where it is 

quickly vapourised, and the elements liberated as free atoms in the gaseous state, as the 

inductively coupled plasma (ICP) sustains a temperature of approximately 

10 000 K. Further collisional excitation within the plasma imparts additional energy to 

the atoms to promote them to excited states.  Sufficient energy is often available for the 

conversion of the atoms to ions and subsequent promotion of the ions to excited 

states.  Both the atomic and ionic excited state species may then relax to the ground 

state via the emission of a photon which has a characteristic energy determined by the 

quantized energy level structure for the atoms or ions (Hou & Jones, 2006).  The 

wavelength and intensity serves to identify the element and its concentration (Hou & 

Jones, 2006; Juncosa, 2008).     

Compared to the commonly used analytical atomic spectrometry techniques, ICP-OES 

probably has the fewest interferences.  In contrast with a low temperature flame, where 

chemical interference can be a severe problem, the argon plasma is inert.  The high 

temperature of the plasma also helps reduce chemical interference and is high enough to 

break down most species into atoms or ions for excitation and subsequent emission (Boss 

& Fredeen, 1999; Hou & Jones, 2006).  

 

3.2.4 BET 

The Brunauer-Emmet-Teller (BET) method determines surface area by relating the total 

surface area of a solid to the volume of gas that adsorbs at a given temperature and 

pressure. An adsorption isotherm is a graph showing the dependence of the amount gas 

adsorbed on the equilibrium pressure of the gas at a constant temperature (Rothenberg, 

2000; Juncosa, 2008).  It is the most common method for the calculation of surface area 
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of metal oxides (Juncosa, 2008) and remains a very important characterisation technique 

for a wide range of porous materials, with nitrogen remaining universally pre-eminent 

as adsorbate (Sing, 2001). 

Langmuir’s work on monolayer adsorption renewed interest in the interpretation of 

adsorption data.  It was realised in the 1930’s that multilayer adsorption of nitrogen 

could occur at a temperature of 77 K and in 1938 the BET-theory, the first successful 

attempt in modelling multilayer adsorption, was published (Sing, 2001; Bartholomew & 

Farrauto, 2011).  To obtain the specific surface area Brunauer, Emmett and Teller 

assumed the completed monolayer adsorption to be in a close-packed state (Sing, 2001).  

The BET theory is based on a very simplified model of physisorption, where, as in the 

Langmuir theory, the adsorbent surface is assumed uniform and pictured as an array of 

equivalent sites where molecules are adsorbed randomly (Sing, 2001; Juncosa, 

2008).  The probability of the occupation of a site is assumed independent of the 

occupancy of neighbouring sites and there is assumed to be no lateral interactions 

between the adsorbed molecules.  Molecules in the first layer act as sites for molecules in 

the second layer, which in turn are sites for the next layer and so on.  Though lateral 

interactions are not allowed, all the layers above the first are assumed “liquid-like”.  Due 

to the artificial nature of the theory, the range of applicability of the BET equation is, 

however, limited to a portion of the nitrogen isotherm and the best fit rarely extends 

above P/P0 = 0.30.  The location and extent of the linear region of a BET plot is mostly 

dependent on the adsorbent and adsorbate, as well as the operational 

temperature.  Thus the BET monolayer capacity derivation is recommended from the 

best linear fit for that part of the isotherm.  The calculation of the BET specific surface 

area is dependent on the average area occupied by each molecule in the completed 

monolayer, which in the case of N2 at 77 K is usually taken as 0.162 nm2.  This is the 

value originally proposed by Emmett and Brunuaer, based on the liquid form close-

packed monolayer structure assumption.  Other researchers have, however, proposed 

alternative values ranging from 0.13 − 0.20 nm2 (Sing, 2001). 

The use of nitrogen adsorption for pore size analysis dates back to the late 1940’s, based 

on the application of the Kelvin equation with a correction for the multilayer thickness 

on the pore walls. The method was devised by Barrett, Joyner and Halenda (BJH) in 

1951 and remains the most popular way pore size distribution determination from an 

appropriate nitrogen isotherm (Sing, 2001).  
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Nitrogen physisorption was carried out according to the Brunauer-Emmet-Teller (BET) 

method using a Micromeritics Tristar II 3020 for the determination morphological 

properties such as surface area and pore volume.   

 

3.2.5 TPR 

Temperature Programmed Reduction forms part of a class of techniques where a 

chemical reaction is monitored with a linear time-dependent increase in temperature.  

Typically a reactor, charged with catalyst, is heated at a linear rate of 0.1 – 20 C/min 

while the outlet gas composition is monitored by thermal conductivity detector.  TPR is a 

useful measure of the temperature needed for complete reduction of catalysts 

(Chorkendorff & Niemantsverdriet, 2003).  By plotting signal intensity against sample 

temperature a TPR profile is obtained, making it possible to identify reduction peaks 

corresponding to the metal oxide reduction steps.   

The TPR studies were conducted using a Micromeritics Autochem HP2950.  Quartz wool 

was tamped into the wider end of a quartz u-tube reactor.  A sample mass of ± 50 mg or 

100 mg was weighed, recorded and loaded in the reactor.  The reactor is fixed in the 

Autochem HP2950 with stainless steel fasteners, each with a rubber o-ring to give a leak 

proof seal.  The o-rings were inspected visually to make sure that they are not torn or 

show appreciable deformation/flattening prior to fixing the reactor in place.  The furnace 

was carefully closed, ensuring that the reactor is not subjected to unnecessary 

stresses.  This ensures that the tube does not break/shatter upon closing the furnace or 

upon heating the reactor.  A 5% H2 in Ar mixture was used as reduction gas and a flow 

rate of 50 mL/min NTP.  Prior to reduction the sample was dried for two hours at 120 °C 

in flowing Ar at 50 mL/min NTP.  The temperature was increased linearly to 120 C at a 

rate of 10 C/min and held for 2 hours to allow the sample sufficient drying time.  After 

drying the sample furnace was set to cool at a rate of 10 C/min to reach a sample 

temperature of 60 C.  Once the sample temperature reached 60 C, flow of the reducing 

gas was initiated, and sample temperature increased at a rate of 10 C/min to a final 

temperature of 920 C.  Thermal conductivity measurements of the outlet gas were 

logged every second.  Upon reaching 920 C, this final temperature was held for 2 hours 

before initiating inert gas flow and terminating the experiment.  
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3.3 Fischer-Tropsch Experiments 

Catalysts were tested at industrially relevant LTFT conditions of  250 °C and 20 bar in a 

1 dm3 stirred, slurry reactor (stirring rate: 350 rpm).  The reactor is fed from the main 

gas lines with H2, CO and Ar at a ratio of 2:1:1.  Flow is controlled via mass flow 

controllers (Brooks 5850S).  System pressure is controlled and maintained with a back 

pressure regulator.  The system is fitted with a CO guard bed (at 230 °C) for carbonyl 

decomposition, hot knockout (at 210 °C) to remove waxes and cold knockout (at ambient 

temperature) for the collection of water and liquid products.   The remaining tail gas is 

passed through an online GC-TCD, using Ar as internal standard, for the determination 

of tail gas composition before being vented.  Samples of the product gas is taken using 

the ampoule sampling method and analysed offline using a GC-FID fitted with an 

ampoule breaker.  Ampoule sampling points are located on the feed side, product side 

and in the tails line (feed side and tails side to be used if offline analysis is necessary).  

Figure 3.1 shows a process flow diagram of the rig setup.    

The slurry reactor itself consists of a reactor pot and head assembly which is fitted with 

an agitator, inlet and outlet lines, and a pressure relief valve.  The reactor pot is mated 

with the head assembly by raising the pot into position with a scissor jack stand.  A 

copper gasket ensures a tight, leak free, seal between the surfaces once the head and pot 

is mated and torqued.   

To ensure that the reactor and rig is operating both correctly and safely due to the 

pressures, temperatures, feed and products involved in the FTS reaction, the following 

preparation is required:  Pressure testing the system, calibrating the mass flow 

controllers (MFC’s) and calibration of the GC-TCD.   

 

3.3.1 Pressure Testing 

The reactor was pressure tested to ensure that there are no leaks in the system, the rig 

can be operated safely and tail gas composition can be measured more reliably.  The feed 

to the reactor, consisting of CO and H2, is potentially dangerous due to the toxicity of CO 

and the potential flammability/explosion hazard associated with H2.  It is thus 

imperative these gases be confined to the system.  Additionally, the reactor product 

stream consists of unreacted feed gases and a wide range of hydrocarbon products that 

are highly flammable, under pressure and, due to the nature of the FTS, has a wide 

range boiling- and flash points.   The pressure test was conducted by charging the 



 

62 

 

system with an inert, non-toxic, gas (Ar) to mitigate possible explosion, flammability and 

toxicity hazards.   

The copper gasket of the reactor pot was inspected visually to establish whether any 

imperfections are present that may cause imperfect sealing between the head and pot, 

resulting in pressure loss.  The reactor pot was raised into position to meet the head 

assembly, the six bolts to secure the head were inserted and finger tightened, the 

heating jacket was fixed to the reactor pot, the reactor insulation placed over this and 

the system heated to operating conditions.   Heating was done incrementally, in 30 °C 

increments, to ensure the heaters do not overshoot and trip the system.  All the “hot” 

lines were heated to 210 °C and the CO guard bed heated to 230 °C, while the reactor 

was first heated to a temperature of 120 C for torqueing down the head.   Upon reaching 

120 °C, the bolts were torqued to 60 N.m in 10 N.m increments in a “criss-cross” fashion 

to ensure even pressure distribution across the head.  After torqueing down the head, 

the reactor temperature was increased to 250 °C.  Once at temperature, the 

backpressure regulator was set to 30 bar and the reactor charged with Ar.  After 

reaching a reactor pressure of close to 30 bar the flow was ceased and the inlet valve to 

the reactor shut.  The reactor was left for one hour to allow the pressure to fully stabilise 

and then monitored for 24 h.  This procedure was repeated for each reaction run.   

The pressure testing results are also given in Tables A1 and A2 in Appendix A.  For the 

Fe/Al/K run a pressure loss of 0.35 bar over the 24 h period was observed, equivalent to 

0.015 bar/h.  A pressure loss of 0.44 bar was recorded for the Fe/Al/K/Ru run, equivalent 

to 0.018 bar/h for the 24 h period.  This was considered a negligible and acceptable loss 

so that the system is considered essentially “leak proof” when taking into account that 

the system will be operating at 20 bar.   
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Figure 3.1:  PFD of slurry reactor setup 
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3.3.2 MFC Calibration 

The MFC calibration ensures that the MFC’s deliver the specified flow.  A calibration 

curve was drawn by setting each MFC to specified percentages of the maximum flow rate 

and measuring the delivered flow rate using a soap bubble flow meter.   A high degree of 

linearity was observed for all the MFC’s over the range of interest.  R2 values of 

0.9974, 0.9998 and 0.9992 were obtained for CO, H2 and Ar, respectively, indicating a 

very good fit over the measured ranges.  To ensure minimal error in measurement, each 

of the flow rates was measured 10 times and then averaged.  (See Tables A7, A8 and A9 

in Appendix A for the raw measurement data.)  The calibration curves for the CO, H2 

and Ar MFC’s are viewable in Figures A3, A4 and A5, respectively in Appendix A. 

 

3.3.3 GC-TCD Calibration  

A gas chromatograph with thermal conductivity detector (GC-TCD) was used for online 

analysis of the tail gas using 3 columns to detect the non-condensable gases for the 

determination of CO-conversion, CH4-selectivity and CO2-selectivity (GC specifications 

in Table A4 in Appendix A).   Column 1 used H2 as carrier gas to detect Ar, CH4 and CO, 

while column 2 used He as carrier to detect CO2 and column 3 used for the detection of 

H2 with Ar as carrier gas.  However, since column 3 was not functioning correctly, only 

columns 1 and 2 were used for the detection of CO, CO2, CH4 and Ar.   

A calibration gas, with composition as in Table 3.2, was used to determine the response 

factors for the different gases in the different columns, which relate the concentrations of 

all other gases to the concentration of Ar.   

Table 3.2:  Calibration gas composition 

Gas  Fraction (%) 

H2 39.6 

N2 5.2 

CO 20.1 

CH4 15.2 

CO2 9.8 

Ar 10.1 

 

Retention times for Ar, CH4 and CO in channel 1 were 0.87 min, 1.71 min and 2.6 min, 

respectively.  The retention time of CH4 and CO2 in channel 2 was 0.37 min and 
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0.42 min, respectively, while the retention time for H2 in channel 3 could not be 

determined due to the column not functioning correctly.   

Response factors,       , were determined for each of the gases based on their peak areas 

and concentrations with respect to the peak area and concentration of Ar according to 

Equation 3.5.  The response factors were rechecked for accuracy before running each 

experiment.   

       
    ⁄

      ⁄
 

(3.5) 

Here     is the measured peak area of Ar in the TCD chromatogram,     is the 

concentration of Ar in the gas,    is the peak area of the compound i in the 

chromatogram and    is the concentration of compound i in the gas.  The calculated 

response factors that were used are summarised in Table 3.3.  (See Tables A5 and A6 in 

Appendix A for the TCD measurements for response factor determination.) 

Table 3.3:  GC-TCD response factors 

  Rf,TCD 

Gas Channel 1 Channel 2 

CH4 1.069 1.217 

CO 1.054 - 

CO2 - 1.644 

 

It was observed that the retention time of CO tends to shift over time from multiple 

measurements.  When the CO retention times had shifted by 0.2 min or more the column 

was baked at its maximum allowable temperature for a few hours.   

 

3.3.4 Catalyst FTS testing 

All the hot lines were heated to 210 C, as well as heating the CO-guard bed and hot 

knockout to 230 C and 210 C.  As during pressure testing, this was done in 30 C 

increments to avoid gross overshooting.  The heating jacket and insulation was fixed to 

the reactor pot and the pot lifted into position.  Heating to 120 C was initiated.  Upon 

reaching this temperature, the reactor was filled with 300 g of FT hard wax (Sasol, 

99.9%) and the wax melted at 120 °C, after which 5 g of catalyst was added to the melted 

wax.  The reactor was sealed and -heated to the activation temperature under stirring at 

350 rpm and constant argon flow at atmospheric pressure.   
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The catalyst was activated in situ for 16 h at 270 °C and 1 bar using synthesis gas with a 

composition of H2/CO of 2:1 and a GHSV of 150 mL/min.gcat (NTP).  After the 16 h 

activation the reactor was purged with Ar while lowering the temperature to 

250 °C.  The cold knockout was drained post-activation and thereafter both the cold- and 

hot knockout was drained every 24 hours for the duration of the reaction run.   

Upon reaching the synthesis temperature of 250 C, the backpressure regulator was set 

to 20 bar and the reactor pressurised to 20 bar with Ar, after which synthesis gas flow, 

consisting of H2/CO/Ar = 2:1:1, at a GHSV of 200 mL/min.gcat (NTP) was initiated.  CO-

conversion, CH4- and CO2-selectivity was monitored by analysing the tail gas passed 

through the online GC-TCD at regular intervals.  Analysis of the FTS product spectrum 

was done offline by sampling using the ampoule sampling technique and analysing the 

ampoules on GC-FID fitted with an ampoule breaker.  The reactor was allowed to run for 

72 h to achieve steady state before taking ampoule samples of the product gas, after 

which the flow rate was lowered to 160 mL/min.gcat.  A period 36 – 48 h at these 

conditions was allowed for the system to reach steady state before taking ampoule 

samples and adjusting the flow rate to 120 mL/min.gcat.  This procedure was repeated a 

further five times using flow rates of 100, 80, 60, 40 and 20 mL/min.gcat, before returning 

to initial conditions at 200 mL/min.gcat.   

After completing the reaction run, the system was purged with Ar and depressurized to 

ambient pressure.  The reactor temperature was lowered to 120 °C and the wax in the 

reactor pot removed while still liquid using a modified ladle (the catalyst particles settle 

out and accumulate at the bottom of the reactor pot).  When the system had cooled to 

ambient temperature a thin wax tablet containing the spent catalyst was extracted. 

 

3.3.5 Selectivity calculation 

Overall methane selectivity and CO2 selectivity is defined as follows:   

    
 

    

   
 

(3.6) 

    
 

    

   
 

(3.7) 

Methane selectivity and C5+ selectivity on the basis of volatile organic compounds (VOC) 

is defined as follows: 
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(3.8) 

    
        

     
     

     
 (3.9) 

The carbon number specific primary olefin selectivity (commonly referred to by some 

texts as the olefin/paraffin ratio) is determined as in Equation 3.10.  This can be 

extended to include a carbon number range, e.g. determination of the olefin selectivity 

within the C2 – C4 product fraction.   

       
      

             
 

(3.10) 

 

3.3.6 GC-FID (product analysis) 

A gas chromatograph with flame ionisation detector (GC-FID) equipped with ampoule 

breaker was used for the offline analysis of organic products that are in the vapour 

phase under reaction conditions.  (Specifications in Table A3 in Appendix A)  The 

ampoule collected during the FTS run sampling was placed into the heated ampoule 

breaker, where it was broken under N2 flow.  This flow is introduced into the split 

injector of the gas chromatograph through a system of valves, where after the carrier gas 

was switched to hydrogen. 

The FID response is carbon specific.  However, all carbon atoms do not show an equal 

response depending on the type and size of the compound.  Theoretical incremental 

response factors (Table 3.4) suggested by Kaiser (1969) account for this.  These are used 

to calculate compound specific FID response factors using Equation 3.10, where        is 

the specific response factor of compound i,      is the number of carbon atoms in 

compound i,           is the number of carbon atoms in compound i not bonded to oxygen 

and        is the number of carbon atoms in compound i with a single bond to oxygen.   

 

Table 3.4:  Kaiser theoretical incremental response factors 

Carbon atom type Response factor 

Carbon without oxygen atoms 1.00 

Carbon with single bond to oxygen 0.55 

Carbon with double bond to oxygen 0.00 
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(3.10) 

Methane as detected by online GC-TCD is used as reference compound to obtain all other 

flow rates in GC-FID analysis.  Using the response factors and molar flow rate of 

methane, the flow rate of any compound can be determined using Equation 3.11, where 

 ̇  is the molar flow rate of compound i,  ̇   
 is the molar flow rate of CH4 as determined 

from GC-TCD,    is the GC-FID peak area of component i,     
 is the GC-FID peak area 

of CH4.  The flow rate can also be expressed in terms of moles of carbon using 

Equation 3.12, where  ̇    is the molar flow rate of compound i on a carbon atom basis.    

 ̇   ̇   

  

    

      

    
 

(3.11) 

 ̇     ̇   
      

  

    

 
(3.12) 

Product sampling for offline analysis on GC-FID was done using the glass ampoule 

sampling technique.  The glass ampoules were prepared using commercially available 

Pasteur pipettes which were evacuated and subsequently sealed with a propane torch.   

The capillary end of the sealed and evacuated ampoule was inserted into the heated 

ampoule sampling point, through the airtight septum and past the breaking fork.  The 

breaking fork was rotated 90 to break off the tip of the capillary and suck the volatile 

organic compounds into the ampoule.  A butane torch was then used to melt the capillary 

end and seal the ampoule.  These samples were then analysed using a GC-FID equipped 

with a special ampoule breaking device. 
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Chapter 4:  Results and Discussion 

 

 

The results of the catalyst characterisation before exposure to FT Synthesis conditions as 

well as the results of the FTS experimental catalyst testing are given and in this chapter.   

The XRD profiles of the catalyst samples indicate it to consist of majorly ferrihydrite (Fh), 

which is the only phase of iron detected.  The presence of Al2O3, K2O or Ru3(CO)12 was not 

observed in the XRD patterns.  It is thought that these materials are too disperse for 

positive identification.  BET surface areas of the catalysts were in accordance with values 

reported in literature, though slightly lower.  This is likely due to the double calcination, 

where some sintering would have occurred, which the Fh reported on in literature did not 

undergo.  The elemental composition of the catalysts before exposure to FTS as 

determined by ICP-OES and SEM-EDX was determined to be close to the theoretical 

composition when considering the weight based  Fe/K ratio of 20:1 and Fe/Ru ratio 100:3 

to be most important.  Variability in the SEM-EDX measurements can be ascribed to 

sample homogeneity and analysis method, since EDX takes into account only the first few 

m of the surface layer.  The TPR profiles obtained for the catalysts showed two distinct 

reduction peaks.  Reduction peaks are observed at lower temperatures in the Fe/Al/K/Ru 

profile, where, as expected, Ru acts as reduction promoter.   

During FTS testing CO-conversion increased with increasing residence time, as is the 

expectation.  High conversions over 95% were achieved for both catalysts.  The doubly 

promoted catalyst (K and Ru) had a higher CH4- and CO2-selectivity than the catalyst 

promoted with K only.  The methanation is thought to stem from Ru operated 

temperatures in excess of 180 – 200 C and pressures below 100 bar, where Ru is known to 

be more selective to methane in addition to its chemical promoter effects on Fe.  The high 

CO2-selectivity is indicative of high WGS activity and may be linked to the presence of Ru 

as well, where Ru acts similarly to Cu in promoting WGS over Fe.  In addition to higher 

4 
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CO2-selectivity, C5+-selectivity is typically 10 – 15% lower on Fe/Al/K/Ru over the range 

of space velocities.  Considering the loss associated with high CO2-selectivity, a reduction 

in product quality is most undesirable.  Additionally, both Fe/Al/K and Fe/Al/K/Ru 

produces a product spectrum less olefinic than reported in literature for K-promoted Fe, 

with Fe/Al/K/Ru underperforming when compared to Fe/Al/Cu/K or Fe/Si/Cu/K 

systems.  Though selectivity to CH4 and other gaseous hydrocarbons increased over 

Fe/Al/K/Ru, the catalyst showed increased stability as evidenced by a lesser degree of 

apparent deactivation of 21% over 478 h TOS vs 27% over 415 h TOS for Fe/Al/K.   

 

4.1 Catalyst Characterisation 

4.1.1 XRD 

X-Ray diffractograms were obtained for the Fe/Al, Fe/Al/K and Fe/Al/K/Ru catalysts and 

presented in Figure 4.1.  (The definitions for Fe/Al, Fe/Al/K and Fe/Al/K/Ru can be 

viewed in Table 3.1 in Section 3.1.3)   

 

Figure 4.1:  XRD patterns for the Fe-based catalysts before exposure to FTS conditions 
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The XRD patterns obtained for the three catalysts closely resemble that of ferrihydrite, 

more specifically that of 6-line ferrihydrite, and match up well to the XRD profile 

obtained by (Majzlan et al., 2004) and the d-spacings reported by Janney et al. (2000) 

and Pan et al. (2006).  Typically four to five broad peaks in each of the XRD patterns 

obtained for the catalysts are observable, corresponding to d-spacings characteristic to 

ferrihydrite.    

Ferrihydrite (Fh) is a Fe(III) oxyhydroxide with a suggested bulk formula of 

5Fe2O3•9H2O (Jansen et al., 2002; Cudennec & Lecerf, 2006).  It typically possesses only 

short range structural order and is characterised by poor crystallinity, small particle 

sizes and high dispersion, showing from two to up to seven broad range XRD peaks 

dependent on the degree of crystallinity (Jansen et al., 2002; Majzlan et al., 2004; 

Cudennec & Lecerf, 2006; Abdus-Salam & M'civer, 2012).  The exact structure of 

ferrihydrite is still being debated and a number of structural models have been 

suggested.  Its structure was first described by Towe & Bradley (1967), with the most 

recent suggestion by Drits et al. (1993) being a two phase model consisting of a defect 

free phase and a defective phase made up of a random distribution of the two structural 

fragments of the defect free phase (Jansen et al., 2002; Cudennec & Lecerf, 2006).   

Ferrihydrite appears in 2 main forms according to the number of observable peaks that 

can be found on the X-ray powder diffractogram: 2-line ferrihydrite (2LFh) and 6-line 

ferrihydrite (6LFh).  2LFh is the least crystalline, showing two broad peaks, while 6LFh 

is the most crystalline variety showing 5 – 7 broad peaks (Majzlan et al., 2004; Cudennec 

& Lecerf, 2006).  At room temperature the major d-spacings for 6LFh are reported to be 

3.66 Å, 3 – 3.2 Å, 2.5 – 2.6 Å, 2.02 Å, 1.86 Å, 1.76 Å, and 1.45 – 1.58 Å (Janney et al., 

2000; Jansen et al., 2002; Pan et al., 2006).   

Table 4.1 shows a summary of the expected peak positions at the reported d-spacings for 

6LFh using a Co-Kα source with λ = 1.78897 Å.  
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Table 4.1:  Expected ferrihydrite 2 peak positions at reported d-spacings 

d-spacing (Å) Expected 2 peak position 

3.66 28.3 

3 – 3.2 32.4 – 34.7 

2.5 – 2.6 40.2 – 41.9 

2.02 52.55 

1.86 57.5 

1.76 61.1 

1.45 – 1.58 68.9 – 76.1 

 

The relatively sharp peak at ± 17 in the Fe/Al XRD profile did not match any possible 

compounds expected to be in the sample (based on the element present) and could not be 

identified.  It was initially thought to be a shifted peak attributed to the 3.66 Å d-

spacing.  This peak would be expected at ± 28.  The small peak at ± 24 would be a more 

likely candidate for this d-spacing.  Also a peak shift of 10 seems unlikely.  Thus the 17 

peak remains unidentified.  Similarly the spike at ± 31 in the Fe/Al/K pattern does 

would match the 3 Å d-spacing for Fh, but its sharp and narrow nature does not conform 

to the broadness expected in Fh patterns and neither does it seem to belong to other 

expected compounds.   

Ferrihydrite commonly occurs as a corrosion product in the iron- and steel industries 

(Jansen et al., 2002).  It is also a naturally occurring meta-stable mineral, being one of 

the eight naturally occurring iron ores (Abdus-Salam & M'civer, 2012).  Due to its meta-

stable nature it is known to be a precursor to more stable and crystalline minerals like 

hematite and goethite (Majzlan et al., 2004; Cudennec & Lecerf, 2006; Abdus-Salam & 

M'civer, 2012).  It is most formed by the rapid oxidation of Fe2+ solutions followed by 

hydrolysis in the presence of crystallisation inhibitors.  In high pH precipitations it 

would seem to be the primary precipitate formed as a precursor to goethite (Jansen et 

al., 2002).  Due to the high surface area associated with ferrihydrite, it is most widely 

investigated for its adsorbent properties (Abdus-Salam & M'civer, 2012).   

The X-ray diffractograms show no visible peaks that can be ascribed to Al2O3.   This 

makes sense if one takes into account the relatively low percentage of Al2O3 in the 

catalyst samples and possibly the amorphous precipitated Al2O3 was not able to attain 

sufficient crystallinity during calcination at 350 C or the phase is too dispersed within 

the bulk iron phase.  The XRD patterns for Fe/Al/K and Fe/Al/K/Ru also show no peaks 

to indicate the presence of K2O.  Considering the amount of K-salt used for 

impregnation, the formation of large discernible crystallites is unlikely.  If the catalysts 
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are, for the most part, very homogeneous it is very likely that very small crystallites of 

Al2O3 are present and highly dispersed within the bulk Fe-phase and very small K2O 

crystallites are scattered widely over the entire surface area of the catalyst.  This would 

make any structural information regarding Al2O3 and K2O indiscernible as it would be 

obscured by the broad ferrihydrite XRD pattern.  

The Sherrer equation was used for the estimation of the average ferrihydrite crystallite 

size.   This was determined as ranging from 20 – 32 Å (2 – 3.2 nm).  Since diffraction 

peaks belonging to Al2O3, K2O and Ru3(CO)12 were indiscernible, crystallite size 

estimation using the Sherrer equation was not possible for the other components of the 

catalysts.     

 

4.1.2 Elemental composition (ICP-OES and SEM-EDX) 

SEM-EDX and ICP-OES results were normalised to show metals content only and 

compared to the targeted elemental composition for the catalysts.  This is shown in Table 

4.2.    

Table 4.2:  Normalised elemental compositions of the catalysts (wt%) 

Catalyst 

ICP-OES SEM-EDX Target 

Fe Al K Ru Fe Al K Ru Fe Al K Ru 

Fe/Al/K 57.24 8.45 2.53 - 57.02 9.5 2.6 - 48.83 7.75 2.44 - 

Fe/Al/K/Ru 59.70 8.76 2.3 1.72 49.91 6.86 1.60 1.40 38.78 6.42 2.02 1.95 

 

It is assumed that the percentage of adsorbed water (water that is adsorbed eternally 

and does not form part of the ferrihydrite structure) is negligible and thus its impact on 

the results should be negligible.  Also, it is further assumed that even though EDX 

cannot detect hydrogen, the error associated with this is negligible since hydrogen would 

make up less than 2% of the catalyst mass assuming the catalyst to consist of majorly 

ferrihydrite based on the targeted Fe, Al, K and Ru percentages.   

ICP-OES results are in fairly close agreement with one another, though the Fe and Al 

percentages in Fe/Al/K/Ru are slightly higher than expected and exceed those obtained 

for Fe/Al/K.  This is a somewhat illogical result since the iron content of a sample diluted 

by further addition of promoters should not increase.  It is suspected that a contributing 

factor to this inconsistency may be the decomposition of Ru3(CO)12 during digestion 
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which decreases the sample mass by ± 98% and is not accounted for when using the raw 

sample mass.  Additionally, it may also be that some volatiles are formed during the 

digestion and that the sample contained some adsorbed water that is lost in the 

analysis.  It may be that either or both of these factors have influenced the measurement 

to some degree.   

There is some variability in the EDX results confirming that the techinique is inherently 

somewhat flawed and dependent on homogeneity of the sample as well as specific 

particle targeting.  The discrepancy between the ICP- and EDX- as well as individual 

sample results may be partly explained by assumption of homogeneity, which may not 

always hold true, especially for smaller samlple subsets.  It may, however, be true for the 

bulk.  Adittionally, EDX only provides information on the first few m of the outer 

surface area of individual particles and this does necessarily reflect the bulk composition 

of the particle itself.  When taking into account the limited control during precipitation 

and impregnation, the outer surface area will not necessarily reflect the inner surface 

area of the particle, or its bulk composition for that matter.  It is thus worth noting that 

the assumption of complete homogeneity is an over simplification during the 

characterisation and that individual samples used in the analyses may differ to a certain 

degree, but that the sample in broader terms may show a geater degree of 

homogeneity.  That being said, EDX does, however, provide a quick and easy ball park 

estimate of the elemental composition.   

It is noteworthy that the EDX and ICP results were highly similar for Fe/Al/K.  Taking 

this result into account, it is highly likely that differences in individual particle 

composition could have played a major role in the discrepancies observed between ICP 

and EDX measurements.   

Overall, though, the elemental compositions are not too far off the mark from the 

targetted compositions if one takes into account the targetted Fe/K ratio and Fe/Ru ratio 

of 20:1 and 100:3, respectively.  Assuming ICP-OES to be the more reliable of the 

measurement techniques, Fe/K ratios of about 23:1 and 26:1 were obtained for Fe/Al/K 

and Fe/Al/K/Ru catalysts, respectively, while a Fe/Ru ratio of about 104:3 was obtained 

for Fe/Al/K/Ru.  Though a Fe/Al ratio of roughly 25:4 was targeted and the ICP 

measuremnts puts the ratio at about 27:4 for both catalysts, meaning a slightly higher 

Fe/binder ratio, this is not expected to affect the catalysts’ performance too significantly, 

if at all.     
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4.1.3 N2-Physisorption (BET) 

The N2-physisorption results can be seen in Table 4.3.   

Table 4.3:  N2-physisorption results for the Fe/Al/K and Fe/Al/K/Ru catalysts 

Parameter 

Catalyst 

Fe/Al/K Fe/Al/K/Ru 

BET surface area (m2/g) 176.6 171.9 

BJH desorption surface area of pores 1.7 nm – 300 nm (m2/g) 273.4 247.9 

BJH desorption cumulative volume of pores 1.7 nm – 300 nm (cm3/g) 0.29 0.26 

BET average pore diameter (nm) 5.54 5.16 

BJH desorption average pore diameter (nm) 4.3 4.2 

 

BET surface areas were calculated as 176.6 m2/g and 171.9 m2/g for Fe/Al/K and 

Fe/Al/K/Ru, respectively.  BJH adsorption cumulative pore volumes, in the same order, 

were 0.29 cm3/g and 0.26 cm3/g, repectively.  

The surface area results compare well with the ultrahigh surface area claim in the range 

of  up to 200 m2/g for ferrihydrite as reported by Abdus-Salam & M'civer (2012).  

Calculated catalyst BET surface area results are also in relative agreement with the 

value of 186.8 m2/g by Juncosa (2008) for 6LFh, 183 m2/g for the 100 Fe/18 SiO2/5 Cu/5 K 

catalyst by Chun et al. (2014) (which consisted of a mixture of hematite and >80% 

ferrihydrite), as well as the Fe/Cu/K/SiO2 catalyst prepared by Hayakawa et al. (2006) 

with a surface area of 175 m2/g.  Though differing in preparation, compositionally the 

catalyst prepared by Chun et al. (2014) is similar to Fe/Al/K/Ru in that a similar binder 

loading was used and similar promoter loadings were used (promotion with Cu was at 

5%, whereas Fe/Al/K/Ru used Ru at 3%).   

The BET surface area of 175 m2/g and pore volume of 0.273 cm3/g for the 

100 Fe/0.3 Cu/2 K/8.8 SiO2 catalyst prepared by Hayakawa et al. (2006) also closely 

matches that obtained for Fe/Al/K and Fe/Al/K/Ru.  The XRD profile for their catalyst 

does differ though, but is highly similar to that of ferrihydrite, when comparing to the x-

ray diffractograms of Majzlan et al. (2004), where two very distinct broad peaks are 

observed.  However, the authors ascribe the profile to supressed Fe2O3 crystal growth or 

SiO2-stabilised non-crystalline FeOOH.  Juncosa (2008) reported a BET surface area of 

44.6 m2/g for synthetic goethite, while Laberty & Navrotsky (1998) reported surface 

areas of 39.2 – 41.2, 40.2 and 35.2 m2/g for goethite, akageneite and lepidocrocite, 

respectively.  Goethite and lepidocrocite is known to be crystalline, leaving only 
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akagenite as possible non-crystalline iron phase.  However, the surface area measured 

by Hayakawa et al. (2006) is more than four times what would be expected for 

akageneite, suggesting that the catalyst’s major iron phase is ferrihydrite.  In that case 

their catalyst matches up very well to the data in Table 4.3. 

The lower obtained values of surface area for the Fe/Al/K and Fe/Al/K/Ru catalyst 

samples make sense considering the catalysts were calcined twice for 16 h at 

350 C.  The 6LFh prepared by Juncosa (2008) was not calcined, whereas the Fe-catalyst 

prepared by Chun et al. (2014) underwent a single calcination of 8 h at 400 C.  Though 

the calcination temperature of 350 C was chosen to be mild enough to prevent gross 

surface area loss due to sintering, some loss will still occur.  Also the catalysts were both 

promoted with potassium and it may have been a factor contributing to surface area loss 

by surface enrichment with K, which would be consistent with findings by Özkara-

Aydınoğlu et al. (2012) on their K-promoted Fe-catalysts.  It would thus not be 

unreasonable to presume the uncalcined catalysts had a higher surface area in the range 

of that reported by Juncosa (2008) and Chun et al. (2014) or even approaching 200 m2/g. 

Pore size and pore surface area results would suggest the catalyst samples to be majorly 

mesoporous.  Average pore diameters calculated using BET were 5.5 nm and 5.2 nm and 

from BJH desorption were 4.3 nm and 4.2 nm, for Fe/Al/K and Fe/Al/K/Ru, 

respectively.  The majority of the calculated cumulative pore area (± 72%) falls within 

the pore diameter range of 2 – 50 nm for both the Fe/Al/K and Fe/Al/K/Ru catalysts.   

 

4.1.4 TPR 

The TPR profile for the Fe/Al/K and Fe/Al/K/Ru catalyst is shown in Figure 4.2.  The 

difference in TCD signal intensity is due to the difference in sample mass used for the 

TPR experiments, Fe/Al/K/Ru being 100 mg and Fe/Al/K being 50 mg.   

Typically a two or three peak reduction profile is obtained for iron catalysts.  The first 

two peaks are ascribed to the reduction of CuO to Cu and Fe2O3 to Fe3O4 in the case of 

Cu-promoted Fe-catalysts.  Sometimes these two peaks overlap.  The third peak 

represents the reduction of Fe3O4 and residual Fe2O3 to α-Fe.   

The TPR profile of the Fe/Al/K catalyst shows two distinct reduction peaks; a primary 

peak at ± 345 C and a much broader secondary peak at around 750 C.  The TPR profile 

of the Fe/Al/K/Ru catalyst shows a primary peak at ± 200 C and a broad secondary peak 

around 620 C.  Unlike with Fe-Cu systems, where a small peak is sometimes visible 
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before the Fe2O3 reduction peak, as is the case with the Fe/Cu catalyst prepared by Wan 

et al. (2008), Fe/Al/K/Ru shows only 2 distinct reduction peaks.  Since Ru was deposited 

as Ru3(CO)12 and the organometallic complex decomposes thermally to Ru at 175 C, a 

major TCD response is not expected.  A slight bulge at the start of the primary reduction 

peak is observed which may be ascribed to the TCD response to the decomposition 

products in the tail gas.   

 

 

Figure 4.2:  H2-TPR profiles for the Fe/Al/K and Fe/Al/K/Ru catalysts  

 

Comparing the effects of the promoters in the TPR profiles obtained by Wan et al. (2008) 

for Fe/Cu, Fe/Cu/K, Fe/K and Fe, it is clear that Cu served to reduce the reduction peak 

temperatures (normally by around 100 – 150 C) when comparing Fe to Fe/Cu and Fe/K 

to Fe/Cu/K.  A similar trend is seen when comparing the TPR profiles for Fe/Al/K and 

Fe/Al/K/Ru, where a primary- and secondary reduction peak temperature shift of about 

150 C and 130 C, respectively, was observed.  Here ruthenium thus acts similarly to 

copper in lowering the reduction temperature and thereby improving the reducibility of 

the catalyst. 

The shift to lower reduction temperatures (similar to Cu and what has been found for 

other noble metals) is expected with the addition of Ru, based on the observations of 

authors such as Berry et al. (1985), van der Kraan et al. (1986) and Bahome et al. 

(2007).  Based on the observations by authors such as Li et al. (2002), the effect of Ru is 

expected to be stronger than that of copper.   It was found that Ru acts similarly to Cu 
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and Pt in its reduction promoting effect.  In the study on platinum promoted, silica 

supported Fe-based catalysts by Xu et al. (2003) with a 10% Fe- and 1% Pt-loading, TPR 

profiles showed comparable trends as in Figure 4.2.  The addition of platinum served to 

reduce reduction peak temperatures by about 100 C when comparing the non-potassium 

promoted Fe/SiO2 and Fe/Pt/SiO2 catalysts.  Similar results were seen with carbon 

nanotube (CNT) supported Fe/Ru catalysts prepared by Bahome et al. (2007).  Shifts to 

lower reduction temperatures were seen on catalysts with the same Fe/Ru ratio, but 

higher metals loading, as well as on catalysts with the same Fe-loading, but higher Ru-

loading.  The latter illustrates that the effect is ascribed to the presence of Ru rather 

than Fe crystallite sizes and the existence of metal-support interactions as the authors 

pointed out.  This is very similar to the observation for Fe/Al/K vs. Fe/Al/K/Ru.   

What is also seen in the TPR profiles by Wan et al. (2008) is that incorporation of K into 

the catalyst serves to increase reduction temperature, as evidenced by the 50 – 100 C 

higher primary reduction peak temperatures of Fe/K vs. Fe and Fe/Cu/K vs. Fe/Cu.  This 

was also seen in the TPR profiles obtained for SiO2-supported Fe/Pt and Fe/Pt/K by Xu et 

al. (2003), where reduction peak temperatures increased by around 50 C.  A study by 

Wan et al. (2007b) on unpromoted Fe-catalysts with and without Al2O3 binder the TPR 

showed that the presence of Al2O3 increased the temperature of the primary reduction 

peak.  These findings would suggest the use of a reduction promoter when structurally 

promoting Fe-catalysts as well as when chemically promoting with K to be fairly 

important.  

The TPR profile obtained by Chun et al. (2014) with peaks at around 250 C and 650 C 

for their 100Fe/18 SiO2/5 Cu/5 K closely resembles that obtained for Fe/Al/K/Ru with 

peaks at 200 C and 620 C.  The catalysts resemble one another fairly closely in 

composition when looking at Fe/binder ratio and dominant Fe phase being 

ferrihydrite.  Cu-loading is 5% vs. 3% for Ru and K-loading is around 5% for both.  It is 

thus not surprising that the profiles should look similar.  In a study on binder effects by 

Wan et al. (2007a), comparing SiO2 and Al2O3, it was found that SiO2 seems to facilitate 

reduction whereas Al2O3, as in the TPR experiment of Wan et al. (2007b), decreases the 

catalyst reducibility.  Keeping the findings of Wan et al. (2007a) and Wan et al. (2007b) 

in mind, it would seem that Ru may be a more effective reduction promoter than Cu 

when comparing reduction peak temperatures of Chun et al. (2014) vs. Fe/Al/K/Ru.  This 

presumption is further reinforced by the TPR results on Fe/ZnO catalysts of Li et al. 

(2002), which shows reduction peak temperatures to be 50 – 100 C lower for the Ru-

promoted catalyst vs. the Cu-promoted catalyst.    
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4.2    FTS Catalyst Testing 

4.2.1 CO-conversion and overall CH4- and CO2-selectivity 

A plot of CO conversion, CO2 and CH4 selectivity at different GHSV and with time on 

stream (TOS) for Fe/Al/K and Fe/Al/K/Ru catalysts are presented in Figures 4.3 and 4.4 

respectively.  (Selected experimental data included in Tables A10 and A11 in Appendix 

A.)   

 

Figure 4.3:  CO-conversion and overall CH4- and CO2-selctivities with TOS for Fe/Al/K 
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Figure 4.4:  CO-conversion and overall CH4- and CO2-selctivities with TOS for Fe/Al/K/Ru 

 

Both plots show an increasing CO-conversion with decreasing space velocity (increased 

residence time), as predicted by literature (Bukur et al., 1990; Iglesia et al., 1991; 

Kuipers et al., 1996).   

In Figure 4.3 it can be seen that for Fe/Al/K an initial steady-state CO-conversion of 

about 54 % was attained at a space velocity of 200 mL/min.gcat (NTP) and a conversion of 

39.6 % was recorded after returning to the initial conditions.  This points to an apparent 

deactivation of about 26.6 % over the 415 hrs TOS.   

Interruptions to the system were experienced on two occasions during the Fe/Al/K 

experiment, one being more severe than the other.  After a 1 hour power outage at 220 

hours TOS the reaction was reinitiated at the initial space velocity.  After 6 hours at this 

space velocity a CO-conversion level of 48% was measured and the experiment continued 

at the previous space velocity of 80 mL/min.gcat since apparent deactivation of the 

catalyst was in the range 5%.  When sampling at 367 hours the system was not at steady 

state due to another interruption experienced by the system at 340 hours TOS, which 

went unnoticed until after the completion of the experiment.    

The highest level of CO-conversion was attained at 99% and a space velocity of 

20 mL/min.gcat.  Corresponding CO2- and methane selectivities were 25% and 7.5%, 

respectively.  A relatively stable overall CH4-selectivity was observed at around 4 – 4.5% 
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rising to a maximum of 7 – 7.4% at the highest achieved conversion level of ± 98%. This 

is to be expected since decreasing space velocity and increasing conversion is known to 

increase CH4-selectivity (Van der Laan & Beenackers, 1999; Cairns, 2008; Chonco, 

2014).   

For Fe/Al/K overall CO2-selectivity seems to rise gradually from an initial value of about 

20.7% and level off at around 30%.  Though expected to increase with increasing 

conversion level, lower CO2-selectivities of around 25 – 26% are observed at 84%, 92% 

and 99% conversion.  The lowest value of 15.3% was observed at 39.6% conversion when 

returning to initial conditions. 

In Figure 4.4 a lower initial steady-state conversion was achieved for Fe/Al/K/Ru at 44% 

and reached a maximum of close to 99% at the lowest space velocity, while upon 

returning to initial flow conditions a steady-state conversion of around about 35 % is 

obtained.  This implies an apparent deactivation of about 21% over the 478 hrs TOS.  In 

terms of stability, this is a better result than the 27% deactivation observed with Fe/Al/K 

over 415 hrs.   

It should be noted that not only did Fe/Al/K/Ru undergo operation at FTS conditions for 

a longer total period of time, but due to the upset in the Fe/Al/K experiment at 

340 hrs TOS the Ru-promoted catalyst spent more time at ultra-high CO-conversion 

conditions (around twice as long).  Yet Fe/Al/K/Ru showed a markedly lower extent of 

apparent deactivation.  This result would imply the Ru-promoted Fe-catalyst would be 

operable at very high levels of CO-conversion for significantly longer than Fe/Al/K.  

Taking into account the CO2-selectivity of Fe/Al/K/Ru, this improved resistance to 

deactivation is in large part probably due to less exposure to water seeing as the catalyst 

seems to possess more water-gas-shift activity than the non-Ru-containing catalyst.  Ru 

may also be playing a part in facilitating the recarburisation of magnetite crystallites as 

is proposed for Fe-Cu-systems by Chonco et al. (2013), thereby ensuring higher sustained 

levels of iron carbides and resulting in a catalyst with more stable activity.   

Compared to the initial CO-conversion over Fe/Al/K at 54 %, the initial CO-conversion 

over Fe/Al/K/Ru at 44% is significantly lower.  This could be partly explained by the 

slightly lower Fe-loading for the same mass of catalyst as well as additional Fe active 

site coverage by Ru.  However, it should also be noted that though the Fe/Al/K initial 

CO-conversion was higher it also remained constant despite a decrease in space velocity, 

unlike Fe/Al/K/Ru attaining a steady-state conversion level of ± 51.8% which is similar to 

the Fe/Al/K conversion level at this same space velocity.  Considering the very similar 
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levels of CO-conversions attained at the same space velocities, both catalysts would seem 

to be equally active for the most part and differ mainly in their product selectivity.   

Selectivity to methane for Fe/Al/K/Ru follows a similar trend to Fe/Al/K, rising with 

decreasing space velocity.  CH4-selectivity is, however, observed to be nearly double that 

observed for Fe/Al/K.   CH4-selectivity attains minimum steady-state values during 

initial run-in and upon returning to initial conditions at 5 – 6% (44% and 34% CO-

conversion, respectively) and maximum of 16% at 98% conversion.    

The CH4-selectivity of the Fe/Al/K/Ru catalyst is also much higher (almost double that 

observed for Fe/Al/K).  This higher methane selectivity can be linked to the enhanced 

methane production attributed to “high temperature” and “low pressure” operation for 

Ru.  It is also known that higher H2/CO ratios increase methane selectivity and thus this 

result should not be too surprising considering the high WGS activity of the catalyst 

producing additional hydrogen in addition to the 2:1 H2/CO ratio fed to the reactor.    

At 25 – 28% CO-conversion Bahome et al. (2007) noted very similar methane selectivities 

over CNT supported 10Fe/0.25Ru and 10Fe/0.25Ru/0.2K catalysts.   This would suggest 

the methanation activity to be mostly ascribed to the presence of Ru and probably its 

interaction with Fe, which is in keeping with the result of higher CH4-selectivity over 

Fe/Al/K/Ru compared to Fe/Al/K.  In their study FTS was carried out at 8 bar, 275 C 

and H2/CO = 2:1, so knowing Ru to be almost purely selective to CH4 at 1 atm and 300 C 

(Davis & Maitlis, 2013), it can probably be safely assumed that at the reaction 

conditions, if Ru is acting as both promoter and FT-catalyst, its FT-activity would 

produce significant amounts of methane.  It is suspected that the higher CH4-selectivity 

over Fe/Al/K/Ru is due to a combination of a chemical promotion effect of Ru as well as 

ruthenium’s inherent FT-activity and product distribution at the operating conditions.   

It is noted that a much higher CO2-selectivity is observed for Fe/Al/K/Ru. Some variation 

in the data is observed, the cause of which is unclear.  An overall trend is still visible, 

however, where CO2-selectivity seems to be at a relatively stable value of around 44 –

 47% with exception at 81% and 98% CO-conversion, where CO2-selectivities around 38% 

are observed.  The higher CO2-selectivity may be partly explained by re-carburization of 

magnetite crystallites being enhanced by Ru, similarly to Cu as proposed by Chonco et 

al. (2013).  However, enhanced re-carburisation of magnetite alone would not explain the 

significant increase in CO2-selectivity.  Since Ru shows no WGS activity on its own (Van 

der Laan & Beenackers, 1999), an increase in CO2-selectivity at the same or similar CO-

conversion levels must stem from a promotional effect of Ru enhancing WGS over Fe.   



 

83 

 

Non-structurally promoted, potassium and copper promoted Fe-catalysts tested by 

Özkara-Aydınoğlu et al. (2012) at 250 C, 19 bar, H2/CO = 2:1 and 50 mL/min.gcat were 

able to achieve high CO-conversions ranging from 80 – 98%, thus attaining similar levels 

of CO-conversion as in this work.  The highest conversion level of 98% was attained over 

a 100 Fe/7 Cu/3 K catalyst.  All their catalysts had relatively high CO2-selectivities of 

between 40% and 65%, the highest being over the catalysts containing 3wt% Cu.  Similar 

high CO2-selectivties of 30 – 45% were observed by Xu et al. (2003) over SiO2-supported 

Fe/Pt catalysts, though not much higher than non-Pt-promoted Fe.  This causes doubt as 

to whether noble metals promote WGS over Fe, but considering the similarities between 

lower WGS activity and CO2-selectivities over Fe/K catalysts vs. Fe/Cu/K catalysts and 

the results presented for Fe/Al/K vs. Fe/Al/K/Ru, it seems likely that Ru plays a similar 

role to Cu during FTS with regard to WGS.  Hayakawa et al. (2007) observed appreciable 

CO2 formation (39 – 44%) over precipitated K-promoted Fe/SiO2, understandably due to 

the low H2/CO ratio of 1:1, but with low CH4- and high C5+-selectivity, thus performing 

better in terms of product quality than Fe/Al/K or Fe/Al/K/Ru.   

 

4.2.2 CH4- and C5+ Selectivity 

Table 4.4 shows the methane- and C5+-selectivities for the Fe/Al/K and Fe/Al/K/Ru 

catalysts on the basis of volatile organic compounds (VOC) at the sampling intervals.   

Table 4.4:  CH4- and C5+-selectivities (on VOC basis) at sampling intervals 

Fe/Al/K 

TOS 74 117 148 191 246 289 319 368 415 

XCO 52.31 52.35 61.47 66.05 72.64 83.15 91.93 93.18 39.15 

S'CH4 5.22 5.2 5.9 5.8 6.5 5.5 7.44 10.11 3.26 

SC5+ 87.03 86.58 85.70 85.11 86.04 87.78 82.73 81.56 91.92 

Fe/Al/K/Ru 

TOS 72 121 161 213 263 310 360 424 478 

XCO 44.02 51.72 61.14 65.18 69.79 80.69 87.27 96.78 34.35 

S'CH4 10.18 10.45 13.26 15.36 17.68 14.31 25.39 26.21 8.88 

SC5+ 77.29 76.15 74.92 70.52 66.97 71.86 52.03 57.00 81.09 

 

Over the duration of the experiments it is clear that the Fe/Al/K catalyst has a 

consistently higher C5+-selectivity and, conversely, a lower CH4-selectivity, than 

Fe/Al/K/Ru.  In keeping with the expectation an increased CH4-selectivity is observed 

with increased CO-conversion and decreased space velocity.  Though generally C5+-
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selectivity has a somewhat complex relationship with space velocity, it would generally  

be expected that C5+-selectivity increase with decreasing space velocity as a higher chain 

growth probability would be expected to result from a higher residence time.  Though not 

abundantly apparent in Table 4.4 (especially for Fe/Al/K), the data would suggest an 

inverse proportionality between CO-conversion and and C5+-selectivity.   Consequently 

the same can be said for C5+-selectivity and space velocity.  However, an inverse 

proportionality between CH4- selectivity and C5+-selectivity is quite apparent and 

expected.   

Considering the known behaviour of Ru and known effects of Cu-promotion the 

increased methane selectivity is expected.  However, it was hoped that the changes in 

selectivity would be less pronounced than what is observed to be more in line with what 

is observed with Cu.  It is also clear from Figures 4.3 and 4.4 that Fe/Al/K/Ru possesses 

much higher WGS activity than Fe/Al/K considering the nearly 50% increase in the CO2-

selectivities at the same space velocities and highly similar conversion levels.  In light of 

this it is highly undesirable that the selectivity to gaseous hydrocarbons should increase 

with such high CO2-selectivities.   

C5+ selectivities observed by Özkara-Aydınoğlu et al. (2012) were all below 60% (some 

below 40%), except for the 7:1 Cu/K ratio Fe-catalyst.  CH4-selectivities over their 

catalysts were considerably higher than observed for Fe/Al/K, but lower than for 

Fe/Al/K/Ru.  Both catalysts thus performed better with respect to C5+-selectivity in this 

work.   

Contrary to what is normally reported for K-promoted iron, comparing the Fe/Ru and 

Fe/Ru/K catalyst of Bahome et al. (2007), tested at 275 C and 8 bar, higher selectivity to 

lighter hydrocarbons is observed and almost no effect is seen with regard to CH4-

selectivity (at ±25% CO-conversion).  Though most of the Fe/Ru catalysts study had C5+-

selectivities below 55%, the K-promoted Fe/Ru catalyst had a markedly lower C5+-

selectivity and selectivity to C12+ of close to zero.  At higher CO-conversion (40 – 50%) the 

K-promoted catalyst had a markedly higher selectivity to C5+, though still in the range of 

55%, and a significantly lower CH4-selectivity than the non-potassium promoted 

Fe/Ru.    

At a similar conversion level of 70 – 80%, CH4-selectivity and C5+-selectivity of Fe/Al/K is 

similar to that reported by Wan et al. (2008) for their Fe/K catalyst.  However, methane 

selectivity is much higher and C5+-selectivity much lower over Fe/Al/K/Ru compared to 

their Cu- and K-promoted catalyst. 
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Observations by Iglesia et al. (1991) on FTS over Ru suggest an increasing molecular 

weight of product should be observed with decreasing space velocity.  The opposite is 

observed with the Fe/Al/K/Ru catalyst looking at the lower- and decreasing C5+-

selectivity, probably due to the low loading of Ru.  Bukur et al. (1990) found no 

corellation between the molecular weight distribution of the product and change in space 

velocity over Fe.  This was, however, not the observation for Fe/Al/K nor Fe/Al/K/Ru 

since a clear shift to lower molecular weight products is seen.   

Since ruthenium is used here as promoter, but is also a FT-catalyst in its own right, it is 

dificult to predict exactly the effect on selectivities when used in conjunction with 

precipitated Fe.  Whether, here, Ru is acting as promoter, catalyst or both is not 

abundantly clear, but likely it is acting both as catalyst and promoter judging by the 

doubling of the CH4-selectivity.  In light of the loading used it is likely that the 

promotional effects of Ru will overshadow the catalytic effects.   

Knowing Ru to show an increased methane selectivity with lower pressure and increased 

temperature (Pichler et al., 1964; Everson et al., 1978; Davis & Maitlis, 2013), it is 

expected that methane selectivity should be higher over Fe/Al/K/Ru than Fe/Al/K.  In 

general also methane selectivity tends to increase with increasing conversion and this 

was seen over Fe/Al/K as well.   

It is thought that methane selectivity was probably somewhat suppressed over 

Fe/Al/K/Ru during FTS at high conversions (though not necessarily noticeably), at least 

for Ru acting as FT-catalyst.  Though it is known that Ru will have a significant 

selectivity to CH4 at the reaction conditions (considered high temperature and low 

pressure for Ru), the presence of water has been found to increase selectivity to C5+ and 

lower CH4-selectivity by Claeys & Van Steen (2002) in water co-feeding studies.  

Additionally, the Hibbitts et al. (2013) DFT study suggests water to act as co-catalyst 

and increase chain growth probability.  Considering the results of Claeys & Van Steen 

(2002) where CH4-selectivity reduced from 30C% to 20C% corresponding to water partial 

pressure increase from 0.2 bar to 4.5 bar (15 – 20 bar total pressure and 200 C), it would 

not be unreasonable to assume that the catalytically active Ru should undergo the same 

type of CH4-selectivity suppression as conversion levels increase.  Therefore, the overall 

CH4-selectivity of the catalyst should be somewhat suppressed by virtue of CH4-

selectivity suppression over Ru.  However, with the low loading of Ru compared to Fe, 

and depending on how much of the Ru is catalytically active, it is not likely that the 

reduced selectivity would be observable given the already enhanced CH4-selectivity of 

the catalyst, which would seem to stem from chemical promotion.   
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4.2.3 Olefin selectivity 

Figures 4.5 and 4.6 show the carbon number specific olefin selectivities for the C2, C5 and 

C9 product fractions for Fe/Al/K and Fe/Al/K/Ru, respectively.  

 

Figure 4.5:  Fe/Al/K carbon number specific olefin selectivity for C2, C5 and C9 

 

 

Figure 4.6:  Fe/Al/K/Ru carbon number specific olefin selectivity for C2, C5 and C9 
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The primary olefin to linear paraffin ratio for the two catalysts at similar approximate 

CO-conversion for the C2 – C9 products is shown in Table 4.5.  (In Table 4.5 Fe/Al/K and 

Fe/Al/K/Ru have been abbreviated to Fe/K and Fe/K/Ru, respectively.) 

 
Table 4.5:  Primary olefin to linear paraffin ratios for C2 – C9 at similar CO-conversion  

XCO 52% 61% 69 - 73% 81 – 83% 

Cat. Fe/ K Fe/ K/Ru Fe/ K Fe/ K/Ru Fe /K Fe/ K/Ru Fe/ K Fe /K/Ru 

C2 3.23 1.83 2.87 1.09 2.21 0.88 0.88 0.49 

C3 3.78 3.20 3.88 2.62 3.79 2.88 2.88 1.89 

C4 3.30 2.80 3.31 2.32 3.17 2.54 2.54 1.65 

C5 2.90 2.41 2.87 1.91 2.73 2.06 2.06 1.25 

C6 2.84 2.36 2.78 1.80 2.18 1.85 1.85 1.08 

C7 2.64 2.12 2.61 1.55 2.04 1.53 1.53 0.83 

C8 2.57 1.98 2.51 1.39 1.99 1.40 1.40 0.67 

C9 2.58 1.67 2.46 1.24 1.84 1.36 1.36 0.53 

 

The Fe/Al/K/Ru catalyst has a much less olefinic product, as can be seen from Table 4.5 

and by comparison of Figures 4.5 and 4.6.  It is also clear that olefin selectivity decreases 

with decreasing space velocity (increasing conversion) for both catalysts, as would be 

expected (Van der Laan & Beenackers, 1999; Cairns, 2008).  Compared to other iron 

catalysts in literature it would seem that both catalysts are generally less selective to 

olefins.  In contrast Özkara-Aydınoğlu et al. (2012) observed improved olefinicity over 

their catalysts with a Cu/K ratio of 7:3 and 3:1 with decreasing space velocity, with their 

100 Fe/7 Cu/1 K and 100 Fe/3 Cu/ 3K showing the opposite trend up to C13.  Ignoring the 

trend observed by Özkara-Aydınoğlu et al. (2012), the product arising from Fe/Al/K and 

Fe/Al/K/Ru at similar CO-conversions is much less olefinic when compared to the olefin 

selectivities over all their catalysts, though similar process conditions and the same 

H2/CO ratio was used.   

Over a K-promoted precipitated Fe/SiO2 catalyst Hayakawa et al. (2007) reported an 

overall olefin selectivity of around 75% at 80% CO-conversion, which higher than that 

observed for Fe/Al/K, though comparable at CO-conversion of 65% and below over 

Fe/Al/K.  The olefin selectivity of Fe/Al/K/Ru falls short of this value at all levels of CO-

conversion, being very significantly lower at comparable CO-conversion levels.  Hou et al. 

(2008), over Fe/Cu/K/SiO2, reported high olefin selectivities approaching 80% at 45% CO-

conversion, outperforming both Fe/Al/K and Fe/Al/K/Ru.   
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Olefin selectivity for the C2 – C4 and C5 – C11 fraction over Fe/Al/K compared well with 

those reported by Bukur et al. (1990) for their potassium promoted Fe-catalysts at 

250 C, 15 bar and H2/CO = 1.  Selectivities were significantly lower for Fe/Al/K/Ru 

compared to their 3 Cu/0.5 K-promoted catalyst. Wan et al. (2008) reported highly 

similar values for C2 – C4 olefin selctivities for their Fe/K and Fe/Cu/K catalysts, with a 

significantly lower value for the C5 – C11 fraction over Fe/Cu/K.   Their values are much 

higher than that obtained in this study, especially comparing the C5 – C11 fraction, at 

similar conversion for Fe/Al/K compared to their Fe/K.  Comparing their Fe/Cu/K 

catalyst with Fe/Al/K/Ru, their catalyst produced a much more olefinic product across 

the board.   

From the results in Figures 4.5 and 4.6 and Table 4.5 it appears that the addition of Ru 

is responsible for the reduced olifinicity, since process conditions remained the same 

when testing both catalysts.  This may be due to a promoter effect or ruthenium’s FT 

activity and product distribution at the reaction conditions, but likely is a combination of 

the two.   

Considering the less olefinic product derived from Fe/Al/K/Ru vs. Fe/Al/K compared to 

the results of Bukur et al. (1990) and Wan et al. (2008) and Özkara-Aydınoğlu et al. 

(2012) over Fe/K and Fe/Cu/K catalysts, it is probable that Ru has an effect similar to- 

and probably stronger than Cu in influencing olefinicity.  Keeping in mind the TPR 

results of Li et al. (2002), Ru seems a more effective reduction promoter than Cu.  

Considering this, Ru probably acts similarly to Cu, yet more strongly, in promoting H2-

adsorption and suppressing CO-adsorption.  In so doing the CO-adsorption enhancement 

of K-promotion will be negated/undermined, leading to a greater extent of hydrogenation 

of primary olefins undergoing secondary reactions and chain termination by hydrogen 

addition should also be favoured.   

As FT catalyst, at the operating temperature of 250 C it is probable that Ru has 

significant CH4-selectivity.  Like Co it is known to produce a more paraffinic product 

compared to Fe.  This would contribute to lower olefinicity itself, but at the Fe/Ru ratio 

used the catalytic activity and FT-product distribution over Ru alone is not likely to be 

the only contributor to the much lower observed olefinicity.   

It would thus be more logical to assume Ru to act in both promotional and catalytic 

capacity in explaining the lower olefin selectivity, with promoter effects more probably 

being the major contributor.    
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Chapter 5:  Conclusions and Recommendations 

 

  

Catalysts prepared by combination of co-precipitation and incipient wetness 

impregnation techniques to have target compositions of 100 Fe/30 Al2O3/5 K and 

100 Fe/30 Al2O3/5 K/3 Ru (abbreviated as Fe/Al/K and Fe/Al/K/Ru).  The catalysts were 

characterised using XRD, SEM-EDX, ICP-OES, TPR and BET N2-chemisorption.   

XRD patterns of the catalysts confirmed the bulk phase of iron to be present as 

ferrihydrite.  Aluminium, potassium and ruthenium compounds were not detected.  This 

is thought to be due to high dispersion and low loadings, which causes the broad peak 

ferrihydrite pattern to obscure any structural information relating to the compounds.  

Elemental compositions as determined by SEM-EDX and ICP-OES were slightly off the 

target theoretical compositions, with Fe and Al loading being somewhat higher than 

expected.  However, Fe/K and Fe/Ru ratios were fairly in line with the targets of 20:1 

and 100:3 and the results deemed acceptable.  High BET surface areas in line with the 

expectation for ferrihydrite were calculated.  The surface areas were slightly lower than 

that reported for ferrihydrite, with the Ru promoted catalyst having a slightly smaller 

surface area than Fe/Al/K.  TPR results showed the presence of Ru to improve the 

reducibility of the precipitated Fe-catalyst by a clear shift of the reduction peaks to 

temperatures that are 100 – 150 °C lower.  Ru is thought to be a more potent reduction 

promoter than Cu when comparing the magnitude of peak shifts for Fe/Ru/K vs. Fe/K.   

The Fe-based catalysts promoted with potassium and a combination of potassium and 

ruthenium were tested at industrially relevant LTFT conditions of 20 bar, 250 °C with a 

syngas composition of H2/CO/Ar = 2:1:1.  Both catalysts were capable of high CO-

conversion levels in the region of 99% and showed the trend of increasing conversion 

with decreasing space velocity in addition to attaining very similar conversion levels at 

5 
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the same space velocities.  This would imply both catalysts to be equally active and differ 

mainly in terms of product selectivity.   

The Fe/Al/K/Ru catalyst was determined to be more stable than Fe/Al/K based on the 

apparent deactivation of 21% over 478 hrs TOS vs. 27% over 415 hrs TOS.  The catalyst 

was also much more selective to CH4 and CO2.  The higher CO2-selectivity is observed at 

identical process conditions and is thus ascribed to the chemical promotion with Ru.  It is 

likely partly a result of increased re-carburisation of magnetite crystallites facilitated by 

Ru as has been suggested for Cu, but is not thought to be the only/major cause.  Based 

on the higher CO2-selectivity at identical process conditions Fe/Al/K/Ru is also thought to 

possess more WGS activity than Fe/Al/K.  This would also offer an additional 

explanation as to its improved stability over the longer experimental run.  It is thus 

thought that an enhanced re-carburisation of magnetite and increased WGS activity, 

resulting in lower H2O partial pressure and a lesser extent of oxidation, is responsible 

for the observed increased stability of Fe/Al/K/Ru.   

The expected trends in terms of CH4- and C5+-selectivity with decreasing space velocity 

were observed for both catalysts.  Unfortunately the Fe/Al/K/Ru catalyst has a higher 

CH4-selectivity as well as lower C5+-selectivity, both being highly undesirable in light of 

increased CO2-selectivity.  The product quality of the more stable of the two catalysts is 

thus inferior.   

In light of the product selectivities of the catalysts at similar conversion, in general both 

perform poorly against other reported Fe-catalysts. The most apparent of these 

parameters is the poorer olefin selectivity and higher methane selectivity.   

In general C5+-selectivities for Fe/Al/K were comparable to that reported in literature for 

K-promoted Fe, though generally reported CH4-selectivities were similar or lower.  High 

CH4-selectivities were reported for Fe/Ru catalysts, but this was not surprising 

considering the process conditions used by the authors.  Though Fe/Al/K/Ru had higher 

selectivity to C5+, CH4-selectivity was also far higher in addition a three times higher 

CO2-selectivity.  The high methane selectivity over Fe/Al/K/Ru is thought to arise partly 

from the inherent catalytic activity and product selectivites of Ru at “high temperature” 

and “low pressure”.  In addition it is thought that Ru, by virtue of its efficacy as 

reduction promoter, has a similar, yet stronger, effect to Cu in promoting H2 adsorption 

and supressing CO adsorption to shift product selectivity more toward lighter 

hydrocarbons.  



 

91 

 

Product olefinicity for both catalysts was determined to be, in general, lower than that 

reported in literature.  Though higher than Fe/Al/K/Ru, olefin selectivities over Fe/Al/K 

still fell below values reported for K-promoted Fe at similar levels of conversion.  

Fe/Al/K/Ru also produces a significantly less olefinic product compared to Fe/Cu/K 

systems.  The decrease in product olefinicity over Fe/Al/K/Ru is thought to stem mostly 

from ruthenium’s more potent enhancing H2 adsorption and increasing the probability of 

desorption via hydrogen addition.   

In light of the results obtained for Fe/Al/K vs. Fe/Al/K/Ru, the latter was proven to be 

more stable even at longer TOS, also noting that the catalyst suffered less apparent 

deactivation while operating at ultra-high CO-conversion for twice as long as Fe/Al/K 

when taking into account the disturbance to the system at 340 hrs TOS.  However, the 

methane selectivity is doubled, CO2-selectivity increased by a third and C5+-selectivity is 

10 – 15% lower, except at conversions in excess of 90% where C5+-selectivity shows an 

even more pronounced drop (nearly halves).  Considering the additional cost of 

promoting with Ru, the increased catalyst stability at the expense of product quality 

does not make the use of Ru as chemical promoter a feasible at the conditions employed 

in the study.  Based on the results of this work, at 250 °C and 20 bar, it does not seem 

likely that the increased TOS will negate the associated cost of promotion with Ru when 

taking into account poorer product quality and selectivity.  

Better results may be seen when used at higher pressures (in the range of 25 bar or 

possibly higher) and lower temperatures (in the range of 220 °C or lower if acceptable 

activity for Fe can still be achieved) that fall more in line with what is suggested for Ru 

for the synthesis of high carbon number products.  This should negate some of the 

negative impacts of the Ru product distribution at “high temperatures” such as its 

tendency to high methane selectivity, which is thought to play a part in the results 

obtained.  The catalyst may prove more beneficial at lower H2/CO ratios between 1 and 

1.5 taking into account the enhanced WGS activity.   
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Appendix A 

 

 

A1:  Pressure testing 

Table A1:  Pressure testing results (Fe/Al/K) 

Initial reactor pressure 29.61 bar 

Pressure after 24 h 29.26 bar 

Pressure drop 0.35 bar 

Rate of pressure drop (assumed linear)  0.0146 bar/h 

 

Table A2:  Pressure testing results (Fe/Al/K/Ru) 

Initial reactor pressure 29.72 bar 

Pressure after 24 h 29.28 bar 

Pressure drop 0.44 bar 

Rate of pressure drop (assumed linear)  0.0183 bar/h 

 

  

A 
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A2:  GC-FID 

Table A3:  GC-FID specifications 

Model: Varian CP-3800 

Detector Flame Ionisation Detector 

Detector 

temperature 

200 C 

Column 25 m x 0.15 mm Capillary Column CP-SIL 5CB (2 m film 

thickness) 

Column Pressure 1.72 bar 

Carrier Gas H2, 30 mL/min (STP) 

Makeup Gas N2, 25 mL/min (STP) 

Coolant CO2 
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Figure A1:  Typical GC-FID chromatogram with major FTS products identified 
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A3:  GC-TCD 

Table A4:  GC-TCD specifications 

Model: Varian CP-4900 Micro Gas 

Chromatograph 

Channel 1 

Detector Thermal Conductivity Detector 

Column Molsieve 5 Å Plot Column, 20 m 

Carrier gas H2 

Temperature 80 C 

Pressure 150 kPa 

Gases Detected Ar, CH4, CO 

Channel 2 

Detector Thermal Conductivity Detector 

Column PORA PLOT Q Column, 10 m 

Carrier gas He 

Temperature 60 C 

Pressure 100 kPa 

Gases Detected CO2 

Channel 3 

Detector Thermal Conductivity Detector 

Column Molecular Sieve 5 PLOT 10 m 

Carrier gas Ar 

Temperature 80 C 

Pressure 150 kPa 

Gases Detected H2 
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Table A5:  GC-TCD response factor determination for Channel 1 gases 

 

Argon Nitrogen Methane Carbon monoxide 

 

tret Area tret Area Rf,TCD tret Area Rf,TCD tret Area Rf,TCD 

 

0.87 25971.30 1.24 13865.10 1.037 1.71 42591.70 1.090 2.59 52815.80 1.022 

 

0.87 25969.70 1.24 13575.60 1.015 1.71 41263.40 1.056 2.59 52686.20 1.019 

 

0.87 25855.00 1.24 13502.20 1.014 1.71 41477.10 1.066 2.59 66269.40 1.288 

 

0.87 25894.20 1.24 13498.00 1.012 1.71 41588.20 1.067 2.59 52982.50 1.028 

 

0.87 26042.20 1.24 13572.20 1.012 1.70 41727.40 1.065 2.59 53328.90 1.029 

 

0.87 25881.10 1.24 13499.30 1.013 1.71 41343.70 1.061 2.60 52646.00 1.022 

 

0.87 25931.20 1.24 13515.00 1.012 1.71 41601.70 1.066 2.60 52864.90 1.024 

 

0.87 25889.50 1.24 13493.80 1.012 1.71 41849.80 1.074 2.59 53085.90 1.030 

 

0.87 26020.40 1.24 13558.40 1.012 1.71 42086.50 1.075 2.59 54719.20 1.057 

 

0.87 26063.70 1.24 13557.00 1.010 1.71 41815.30 1.066 2.59 53034.90 1.022 

Average 0.87 25951.83 1.24 13563.66 1.015 1.71 41734.48 1.069 2.59 54443.37 1.054 

Standard deviation (%) 0.00 0.27 0.00 0.78 0.73 0.18 0.88 0.82 0.15 7.31 7.45 
 

Table A6:  GC-TCD response factor determination for Channel 2 gases 

  ALL OTHERS Methane Carbon dioxide 

  tret Area tret Area Rf,TCD tret Area Rf,TCD 

  0.34 129368.90 0.37 44880.20 1.148 0.42 38372.10 1.523 

  0.34 135686.60 0.37 47289.40 1.210 0.42 41033.40 1.628 

  0.34 137650.50 0.37 47992.80 1.233 0.42 41836.80 1.668 

  0.34 137713.20 0.37 48028.80 1.232 0.42 41906.20 1.668 

  0.34 135951.10 0.37 47441.40 1.210 0.42 41444.50 1.640 

  0.34 137911.20 0.37 48093.70 1.235 0.42 41997.70 1.672 

  0.34 137386.20 0.37 47920.20 1.228 0.42 41838.00 1.663 

  0.34 137994.20 0.36 48119.60 1.235 0.42 42009.60 1.672 

  0.34 136023.20 0.36 47466.40 1.212 0.42 41472.20 1.643 

  0.34 137638.70 0.37 48002.60 1.222 0.42 41939.00 1.658 

Average 0.34 136332.38 0.37 47523.51 1.217 0.42 41384.95 1.644 

Standard deviation (%) 0.00 1.91 1.15 2.06 2.15 0.00 2.67 2.74 
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Figure A2:  Typical GC-TCD chromatogram (Chonco, 2014) 

 

A4:  MFC calibration 

Table A7:  Carbon monoxide MFC calibration data 

MFC 

setting 

(%) 

Measured 

volume 

(mL) 

Time 

(s) 

Flow rate  

(mL/s @ NTP) 

Average flow 

rate  

(mL/min @ NTP) 

2.8 10 22.48 0.44 26.61 

  

 

22.44 0.45   

  

 

22.52 0.44   

  

 

22.60 0.44   

  

 

22.60 0.44   

  

 

22.24 0.45   

  

 

22.64 0.44   

  

 

22.13 0.45   

  

 

22.68 0.44   

    22.68 0.44   

5.5 10 10.87 0.92 54.77 

  

 

10.89 0.92   

  

 

11.00 0.91   

  

 

10.87 0.92   

  

 

10.89 0.92   

  

 

10.96 0.91   

  

 

11.05 0.90   

  

 

10.94 0.91   

  

 

10.89 0.92   

  

 

11.00 0.91   

8.3 10 7.34 1.36 81.80 

  

 

7.43 1.35   
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7.34 1.36   

  

 

7.36 1.36   

  

 

7.34 1.36   

  

 

7.38 1.36   

  

 

7.31 1.37   

  

 

7.27 1.38   

  

 

7.29 1.37   

    7.41 1.35   

11 10 6.31 1.58 98.13 

  

 

6.24 1.60   

  

 

5.98 1.67   

  

 

6.05 1.65   

  

 

6.20 1.61   

  

 

6.08 1.64   

  

 

6.26 1.60   

  

 

6.12 1.63   

  

 

5.98 1.67   

  

 

6.23 1.61   

13.8 10 4.78 2.09 124.93 

  

 

4.86 2.06   

  

 

4.91 2.04   

  

 

4.90 2.04   

  

 

4.86 2.06   

  

 

4.81 2.08   

  

 

4.82 2.07   

  

 

4.75 2.11   

  

 

4.70 2.13   

    4.75 2.11   

16.5 20 8.01 2.50 149.16 

  

 

7.88 2.54   

  

 

8.15 2.45   

  

 

7.90 2.53   

  

 

8.21 2.44   

  

 

7.96 2.51   

  

 

8.14 2.46   

  

 

8.00 2.50   

  

 

8.08 2.48   

  

 

8.18 2.44   

22 20 5.90 3.39 199.72 

  

 

5.85 3.42   

  

 

6.02 3.32   

  

 

6.06 3.30   

  

 

6.36 3.14   

  

 

6.01 3.33   

  

 

5.94 3.37   

  

 

6.02 3.32   

  

 

5.95 3.36   

    6.02 3.32   
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25.8 20 4.90 4.08 244.52 

  

 

4.89 4.09   

  

 

5.02 3.98   

  

 

4.81 4.16   

  

 

4.90 4.08   

  

 

4.93 4.06   

  

 

4.94 4.05   

  

 

4.98 4.02   

  

 

4.86 4.12   

  

 

4.92 4.07   

34.8 30 5.36 5.60 333.16 

  

 

5.34 5.62   

  

 

5.43 5.52   

  

 

5.34 5.62   

  

 

5.37 5.59   

  

 

5.56 5.40   

  

 

5.53 5.42   

  

 

5.41 5.55   

  

 

5.29 5.67   

    5.41 5.55   

 

 

 

Figure A3:  MFC calibration curve for CO 
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Table A8:  Hydrogen MFC calibration data 

MFC 

setting 

(%) 

Measured 

volume 

(mL) 

Time 

(s) 

Flow rate  

(mL/s @ NTP) 

Average flow 

rate  

(mL/min @ NTP) 

5 10 14.95 0.67 40.01 

  

14.93 0.67 

 

  

15.07 0.66 

 

  

15.02 0.67 

 

  

14.95 0.67 

 

  

15.20 0.66 

 

  

15.03 0.67 

 

  

14.96 0.67 

 

  

14.88 0.67 

 

  

14.87 0.67 

 15 20 10.53 1.90 116.37 

  

10.30 1.94 

 

  

10.42 1.92 

 

  

10.27 1.95 

 

  

10.35 1.93 

 

  

10.30 1.94 

 

  

10.27 1.95 

 

  

10.23 1.96 

 

  

10.38 1.93 

 

  

10.18 1.96 

 25 20 6.17 3.24 192.97 

  

6.18 3.24 

 

  

6.31 3.17 

 

  

6.14 3.26 

 

  

6.13 3.26 

 

  

6.32 3.16 

 

  

6.20 3.23 

 

  

6.26 3.19 

 

  

6.27 3.19 

 

  

6.19 3.23 

 35 20 4.34 4.61 272.54 

  

4.37 4.58 

 

  

4.46 4.48 

 

  

4.41 4.54 

 

  

4.35 4.60 

 

  

4.45 4.49 

 

  

4.37 4.58 

 

  

4.38 4.57 

 

  

4.37 4.58 

 

  

4.43 4.51 

 45 30 5.22 5.75 346.32 

  

5.15 5.83 

 

  

5.17 5.80 

 

  

5.21 5.76 

 

  

5.20 5.77 

 

  

5.24 5.73 

 

  

5.11 5.87 

 

  

5.20 5.77 

 

  

5.17 5.80 

 

  

5.36 5.60 
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59.3 20 2.69 7.43 450.21 

  

2.73 7.33 

 

  

2.60 7.69 

 

  

2.68 7.46 

 

  

2.86 6.99 

 

  

2.51 7.97 

 

  

2.66 7.52 

 

  

2.59 7.72 

 

  

2.66 7.52 

 

  

2.64 7.58 

 79 100 9.96 10.04 602.13 

  

9.98 10.02 

 

  

9.92 10.08 

 

  

10.04 9.96 

 

  

10.13 9.87 

 

  

9.83 10.17 

 

  

10.09 9.91 

 

  

9.95 10.05 

 

  

9.93 10.07 

 

  

9.85 10.15 

  

 

 

Figure A4:  MFC calibration curve for H2 
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Table A9:  Argon MFC calibration data 

MFC 

setting 

(%) 

Measured 

volume 

(mL) 

Time 

(s) 

Flow rate  

(mL/s @ NTP) 

Average flow 

rate  

(mL/min @ NTP) 

6.4 10 22.02 0.45 26.79 

  

22.03 0.45 

 

  

22.02 0.45 

 

  

22.77 0.44 

 

  

22.28 0.45 

 

  

22.04 0.45 

 

  

22.77 0.44 

 

  

22.13 0.45 

 

  

22.64 0.44 

 

  

22.87 0.44 

 12.8 10 10.64 0.94 55.74 

  

10.55 0.95 

 

  

10.70 0.93 

 

  

10.84 0.92 

 

  

10.89 0.92 

 

  

10.78 0.93 

 

  

10.68 0.94 

 

  

10.95 0.91 

 

  

10.73 0.93 

 

  

10.78 0.93 

 19.1 10 8.44 1.18 70.67 

  

8.48 1.18 

 

  

8.53 1.17 

 

  

8.53 1.17 

 

  

8.44 1.18 

 

  

8.46 1.18 

 

  

8.41 1.19 

 

  

8.62 1.16 

 

  

8.53 1.17 

 

  

8.47 1.18 

 25.5 20 11.88 1.68 101.04 

  

12.13 1.65 

 

  

11.74 1.70 

 

  

11.90 1.68 

 

  

13.23 1.51 

 

  

10.66 1.87 

 

  

11.91 1.68 

 

  

11.88 1.68 

 

  

11.88 1.68 

 

  

11.85 1.68 

 31.9 20 9.47 2.11 125.59 

  

9.43 2.12 

 

  

9.51 2.10 

 

  

9.60 2.08 

 

  

9.69 2.06 

 

  

9.56 2.09 

 

  

9.51 2.10 

 

  

9.51 2.10 

 

  

9.58 2.09 

 

  

9.71 2.06 
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38.8 20 8.00 2.50 155.75 

  

7.90 2.53 

 

  

7.85 2.55 

 

  

7.93 2.52 

 

  

8.03 2.49 

 

  

5.79 3.45 

 

  

7.94 2.52 

 

  

8.03 2.49 

 

  

7.87 2.54 

 

  

8.05 2.48 

 51 20 5.96 3.36 205.88 

  

5.89 3.40 

 

  

5.72 3.49 

 

  

5.78 3.46 

 

  

5.96 3.36 

 

  

5.84 3.42 

 

  

5.73 3.49 

 

  

5.74 3.48 

 

  

5.80 3.45 

 

  

5.93 3.37 

 63.8 20 4.60 4.35 256.36 

  

4.76 4.20 

 

  

4.59 4.36 

 

  

4.64 4.31 

 

  

4.75 4.21 

 

  

4.60 4.35 

 

  

4.59 4.36 

 

  

4.66 4.29 

 

  

4.67 4.28 

 

  

4.89 4.09 

 90 20 3.33 6.01 365.47 

  

3.30 6.06 

 

  

3.46 5.78 

 

  

3.16 6.33 

 

  

3.23 6.19 

 

  

3.33 6.01 

 

  

3.20 6.25 

 

  

3.37 5.93 

 

  

3.22 6.21 

 

  

3.24 6.17 

 

  

3.30 6.06 
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Figure A5:  MFC calibration curve for Ar 

 

 

A5:  FTS selected experimental data 

Table A10:  Conversion and selectivity data at sampling intervals for Fe/Al/K 

TOS (h) 74 117 148 191 246 289 319 368 415 

XCO (%) 52.31 52.35 61.47 66.05 72.64 83.15 91.93 93.18 39.15 

SCH4 (%) 3.99 3.8 4.1 4.1 4.5 4.1 5.41 7.65 2.77 

S'CH4 (%) 5.22 5.2 5.9 5.8 6.5 5.5 7.44 10.11 3.26 

SC5+ (%) 87.03 86.58 85.70 85.11 86.04 87.78 82.73 81.56 91.92 

SCO2 (%) 23.65 27.36 29.93 29.38 30.80 25.95 27.26 24.34 15.14 

 

Table A11:  Conversion and selectivity data at sampling intervals for Fe/Al/K/Ru 

TOS (h) 72 121 161 213 263 310 360 424 478 

XCO (%) 44.02 51.72 61.14 65.18 69.79 80.69 87.27 96.78 34.35 

SCH4 (%) 5.45 5.79 7.73 8.57 9.62 8.93 13.75 16.49 6.83 

S'CH4 (%) 10.18 10.45 13.26 15.36 17.68 14.31 25.39 26.21 8.88 

SC5+ (%) 77.29 76.15 74.92 70.52 66.97 71.86 52.03 57.00 81.09 

SCO2 (%) 46.50 44.55 41.68 44.23 45.57 37.56 45.83 37.06 23.07 
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Table A12:  Carbon number specific olefin selectivity (mol%) for Fe/Al/K up to C13 

TOS (h) 74 117 148 191 246 289 319 368 415 

XCO (%) 52.31 52.35 61.47 66.05 72.64 83.15 91.93 93.18 39.15 

C2 0.70 0.76 0.74 0.72 0.69 0.47 0.45 0.26 0.76 

C3 0.73 0.79 0.80 0.79 0.79 0.74 0.74 0.60 0.75 

C4 0.77 0.77 0.77 0.77 0.76 0.72 0.72 0.55 0.75 

C5 0.75 0.74 0.74 0.74 0.73 0.67 0.67 0.47 0.72 

C6 0.69 0.74 0.74 0.73 0.69 0.65 0.64 0.41 0.71 

C7 0.58 0.73 0.72 0.72 0.67 0.60 0.58 0.34 0.70 

C8 0.55 0.72 0.72 0.71 0.67 0.58 0.55 0.28 0.70 

C9 0.60 0.72 0.71 0.70 0.65 0.58 0.55 0.25 0.69 

 

Table A13:  Carbon number specific olefin selectivity (mol%) for Fe/Al/K/Ru up to C13 

TOS (h) 72 121 161 213 263 310 360 424 478 

XCO (%) 44.02 51.72 61.14 65.18 69.79 80.69 87.27 96.78 34.35 

C2 0.71 0.65 0.52 0.48 0.41 0.33 0.21 0.17 0.59 

C3 0.78 0.76 0.72 0.71 0.70 0.65 0.57 0.38 0.72 

C4 0.75 0.74 0.70 0.69 0.67 0.62 0.53 0.36 0.70 

C5 0.72 0.71 0.66 0.64 0.61 0.56 0.44 0.24 0.64 

C6 0.72 0.70 0.64 0.62 0.61 0.52 0.39 0.22 0.59 

C7 0.70 0.68 0.61 0.58 0.54 0.45 0.32 0.16 0.44 

C8 0.70 0.66 0.58 0.55 0.51 0.40 0.28 0.14 0.26 

C9 0.68 0.63 0.55 0.50 0.44 0.35 0.24 0.13 0.16 

 

Table A14:  Primary olefin to linear paraffin ratio for Fe/Al/K up to C9 

TOS (h) 74 117 148 191 246 289 319 368 415 

XCO (%) 52.31 52.35 61.47 66.05 72.64 83.15 91.93 93.18 39.15 

C2 2.31 3.23 2.87 2.57 2.21 0.88 0.83 0.36 3.12 

C3 2.67 3.78 3.88 3.70 3.79 2.88 2.92 1.53 3.01 

C4 3.37 3.30 3.31 3.26 3.17 2.54 2.54 1.24 2.96 

C5 2.98 2.90 2.87 2.82 2.73 2.06 2.03 0.88 2.55 

C6 2.21 2.84 2.78 2.72 2.18 1.85 1.77 0.70 2.50 

C7 1.36 2.64 2.61 2.53 2.04 1.53 1.38 0.51 2.36 

C8 1.23 2.57 2.51 2.42 1.99 1.40 1.23 0.38 2.31 

C9 1.52 2.58 2.46 2.30 1.84 1.36 1.20 0.34 2.23 
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Table A15:  Primary olefin to linear paraffin ratio for Fe/Al/K/Ru up to C9 

TOS (h) 72 121 161 213 263 310 360 424 478 

XCO (%) 44.02 51.72 61.14 65.18 69.79 80.69 87.27 96.78 34.35 

C2 2.41 1.83 1.09 0.92 0.70 0.49 0.27 0.20 1.46 

C3 3.45 3.20 2.62 2.46 2.28 1.89 1.30 0.62 2.58 

C4 3.02 2.80 2.32 2.18 2.00 1.65 1.14 0.55 2.35 

C5 2.62 2.41 1.91 1.78 1.55 1.25 0.78 0.32 1.77 

C6 2.56 2.36 1.80 1.64 1.57 1.08 0.65 0.28 1.42 

C7 2.37 2.12 1.55 1.39 1.15 0.83 0.47 0.19 0.80 

C8 2.30 1.98 1.39 1.21 1.02 0.67 0.38 0.16 0.36 

C9 2.15 1.67 1.24 1.00 0.79 0.53 0.32 0.15 0.19 

 

 


