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ABSTRACT

An aroma-rich, agueous condensate is produced as a by-product from the triple-effect
evaporation of apple juice during the production of sugar from the fruit juice. At about 1%
content of organic compounds, an opportunity exists to add value to this product by
concentrating the aroma compounds and reducing the bulk of the water content. In doing so,
the non-aroma imparting organic compounds contained may also be selectively removed, and
thus increasing the value of the product. Besides its application as food and beverage, a
concentrated aroma can find use is perfumery and other scented products.

This work investigated the feasibility of further concentrating an aroma-rich, but highly dilute
aqueous condensate by-product using supercritical CO2 (sCO:2) as the selective solvent. The
compounds of interest were hexenal and trans-2-hexenal (representing the desired, aroma
compounds), and hexanol (an organic compound that does not contribute to the desired
aroma). Initially, a theoretical approach to the problem was taken to investigate the possibility
of enrichment of the organic compounds from their aqueous mixture, as well as separation of
the organic compounds. This was achieved using a series of equilibrium flash calculations
representing a counter-current column. Experimental vapour-liquid equilibria data of binary
solute-CO: for each of the compounds, obtained from the literature, was used to develop a
model to represent the phase behaviour of the system. The SRKKD thermodynamic model in

Aspen Plus® was shown to adequately represent the system behaviour.

An outcome representing the possibility of concentration, but the unlikelihood of separation of
the hexanol from the aroma compounds was obtained at this stage. This outcome led to further
investigation at pilot plant, experimental level, using a synthetic mixture of the main
components of a typical condensate from a fruit-sugar factory. The sample and the dense gas
were fed counter-currently through the column, and the concentrated extract separated from
the solvent in a series of separators. Pilot plant experiments were conducted at 40 & 50°C and
70 & 100 bar at a solvent to feed ratio of 5.

Flow and composition data was obtained from the series of experiments. The data was used
to develop a process model, using the commercial simulator Aspen Plus®. The model
parameters were adjusted to fit the flow and composition experimental data. Good prediction
of the process performance was obtained from model. The model was thus used to predict the
performance of the process at conditions other than those investigated experimentally.
Different process lay-out scenarios were investigated. In this way, it was possible to predict
the conditions required for optimum operation of the process.

The results showed that, in agreement with the theoretical study, the concentration of organic

components in the feed was relatively easily achievable. Somewhat unexpectedly, the results
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showed that hexanol was removed to a greater extent than had been predicted by the model.
Optimum conditions were selected at 40°C, 70 bar and S/F ratio of 5. Energy requirements for
the complete process, according to the model was 348 MJ/kg product. Both the product quality
and yield indicate that the process holds potential for further development, possibly towards

achieving a commercial process.
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CHAPTER 1 Introduction
1. INTRODUCTION

This work investigated the added value of a sub-concentration process for the enrichment of
an apple aroma byproduct obtained from a fruit-sugar production facility. In this chapter, the
background and problem statement established the purpose of the study. In addition, the
objectives and thesis delineation are presented to fulfil the aim.

1.1. Background and Motivation

Typically, a fruit, spice or vegetable aromais a combination of a few hundred individual aroma
compounds, that together make up a few parts per million of the entire product. Equally so,
their use in processed foods, beverages and fragrances are limited to these orders of
magnitude (Rowe, 2005; Gongalves et al., 2018; Saffarionpour and Ottens, 2018).

Processes exist in which sugar is produced from fruit juice, such as apple juice, by
concentrating the sugar through triple effect evaporation, followed by crystallisation. The triple
effect evaporation is usually fitted with equipment to capture the fruit aroma-rich vapour, which
is used as the essence in beverage manufacture. This condensed vapour, however, contains

only up to 1% aroma compounds and is therefore highly dilute (Root, 1996).

As a result, the product requires further purification to isolate or concentrate the desirable apple
aroma compounds. Conventional methods such as distillation or evaporation require high
operating temperatures that pose challenges to thermal labile compounds (Dixon & Hewett,
2000). Low boiling points of valuable aromas close to that of the alcohols might present
difficulty in separation. In addition, organics form azeotropes (constant boiling point with
constant vapour and liquid composition) with water and alcohols, which will not be separable
by distillation (Rao, 1989; Turton et al., 1998; Crocker, 2009; Frey, 2009; Seader et al., 2011).

The over-arching aim of this investigation was to evaluate the added value of the apple aroma
byproduct obtained through further concentration using supercritical CO2 as the selective
solvent. The feed material was the aroma-rich condensed vapour obtained from the triple effect
evaporation of apple juice. The process to be developed was to be retrofitted to the flowsheet
model of a generic fruit sugar manufacturing process.
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1.1.1. Overview: Fruit Aroma

Aroma, commonly known as flavour or odour, finds many applications in the processing
industry. They are added to final products to enhance the aroma profile of products such as
perfumes, beverages, and insecticides. Or used as-is in aromatherapy, cosmetic products, and
air fresheners. The use of aroma dates to the 5" century. It was used as and added to
perfumes, oils and spices in ancient Greece and Rome, and many were sourced locally. Others
were imported from the Middle East (Classen, et al.,, 1994). In modern industry, aromas,
depending on their application, product specification and aroma profile requirement, can be
found, and indeed added to, food, beverages, spices, wine, fragrances, perfumes and
essential oils (Anthony, 2007).

The aroma profile consists of volatile compounds. It constitutes the bulk of most aromas
identified that contribute to the smell or odour. In addition, it affects the overall taste of the
aroma/flavour perceived. However, only a fraction of these compounds identified contribute to
the characteristic aroma of the specific fruit (LOpez & Echeverria, 2010). Factors such as
genetic, environmental, and harvesting practices play a key role in the aroma profile and
biosynthesis thereof (Gongalves et al.,, 2018). Over the past seven decades, significant
improvements in cultivation, cultural practices and advancements in technology have
contributed to the preservation of fruit. However, improvement is still lacking in fruit aromas'

overall production and preservation (Elhadi M. Yahia, 1994).
1.1.2. Apple Aroma

Apples are one of the most important fruit crops in terms of their market share in South Africa
(HortGro, 2017). According to Sheth (2018), worldwide apple production was over 50 million
tonnes in 2018. With China being the largest producer. South Africaalso produces different
apples mainly consumed in the local markets (HortGro, 2017). The demand for apples on local
and international marketshas increased. Therefore, an increase in the contribution of the apple
economy to South Africa's GDP is expected (HortGro, 2017; Plaza, 2019).

Apples comprise water, carbohydrates, aromas, organic acids and are rich in simple sugars.
The flavour of the fruit is contributed by taste (perception of chemicals by taste buds) and
aroma/odour (perception of chemicals by receptors in the nose). Taste is mainly determined
by simple sugars and acids, whereas odour depends on the volatility of the aroma and
perception of the receptors located in the nose (Elhadi M. Yahia, 1994; Espino-Diaz et al.,
2016).

Apple aroma consists of a complex mixture of volatile compounds, with over 300 volatile
compounds identified, predominantly made up of alcohols, ketones, aldehydes, esters, and

ethers. The compounds that significantly contribute to apples' characteristic scent or odour are
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the carbon 6 alcohols and aldehydes, constituting a small fraction of all the compounds
identified in apple aroma. 1-hexanal, trans-2-hexenal, 1-hexanol, 1-butanol and ethyl-2-methyl
butyrate are a few of many compounds identified in apple aroma. Compounds described
having the characteristic apple scent/aroma present in most apple varieties are 1-hexanal and
trans-2-hexenal ( Elhadi M. Yahia, 1994; Corbo et al., 2002; Lane et al., 2002; Root & Barrett,
2004; Symoneaux et al., 2006; Espino-Diaz et al., 2016).

In contrast, volatile compounds, generally alcohols such as 1-hexanol and 1-butanol, which
constitute the bulk of the aroma, have no contribution to apple aroma and are described as
compounds unsought for in the final product. Thus, separating or concentrating the valuable
and undesirable compounds in apple aroma would result in a higher quality product that
fetches a higher value on the market. (Mckenzie, 1988; Dixon and Hewett, 2000; Gardini et
al., 2002; Root and Barrett, 2004; Symoneaux et al., 2006; Xu et al., 2007; L6épez and
Echeverria, 2010)

Biosynthesising apple aroma presents challenges due to the complexity of the volatile profile.
Volatile compounds present in apple aroma produced through metabolic pathways to make up
the volatile profile. Conditions such as climate changes, fruit ripening, post-handling factors,
etc., have a significant impact on the products produced through these metabolic pathways.
Thus, making it difficult to fabricate the process (Espinosa et al., 2002; Lépez & Echeverria,
2010).

Commercially apple aroma is recovered from the production of concentrated juice through
evaporation, distillation or partial condensation (Borjesson et al., 1996; Arthey & Ashurst, 1996;
Jiang et al., 2010). A process concentrating fruit sugars extracted from apples recovers apple
aroma as a byproduct during the evaporation stage. The sugar product comprises fructose,
sucrose, and glucose to substitute for artificial sugars used in other industries. The product is
flavour free and has a sugar concentration of 70/71°Brix, with apple aroma condensate as a
byproduct (Root, 1996).

A traditional apple juice concentrate process requires the following steps: fruit pulping,
filtration, evaporation, pasteurisation and crystallisation/cooling (Schultz, 1969). During the
evaporation stage, the aroma and most of the water is recovered in its vapour form, leaving a
concentrate without a scent, mainly containing fructose or sucrose. Extracting aroma
compounds through means of high temperatures, such as that required during evaporation @
90°C, compromises the quality of thermally labile compounds, consequently adulterating the
final product produced (Bdrjesson et al., 1996; Saffarionpour and Ottens, 2018).
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1.1.3. Current conventional methods

Distillation, evaporation and solvent extraction are examples of conventional methods to
concentrate natural organic flavours and aroma. (Lopez & Echeverria, 2010). These methods
are considered cheaper, readily available, and easy to operate and construct compared to
newer technologies. Distillation is a separation technique used for splitting liquid mixtures into
their respective individual components by applying heat. Differences in boiling point and
volatility of the components in the mixture establish the principle or mechanism of separation
(McCabe et al., 1993). However, the application of aroma distillation finds its use in producing

fruit spirits (Spaho, 2017).

Evaporation comprises the boiling of a weak, aqueous solution to produce a more
concentrated product during evaporation. However, the aroma compounds are co-evaporated,
and they turn up in the vapour phase (McCabe et al., 1993; Geankoplis, 2003). Solvent
Extraction is one of the standard methods used to extract volatile and non-volatile compounds
that make up an organic or non-organic solvent to extract compounds from a solid or liquid
matrix (Attokaran, 2011). General advantages and disadvantages for the methods described

above are listed in Table 1-1.

Table 1-1: Common advantages and disadvantages of conventional methods (McCabe et al.,
1993; Reverchon & De Marco, 2006; Crocker, 2009; Lépez & Echeverria, 2010)

ADVANTAGES DISADVANTAGES

— Simple to operate and easy to construct. — Harsh conditions cause the degradation
— Low production and maintenance costs. of thermally labile compounds.
— Suitable for large-scale production — Energy-intensive process.

processes. — Organic solvents used are toxic,
— High yields. flammable and solvent-free product not
— Organic solvents are cheap and widely guaranteed.

available. — Several processing steps are involved.

Other less commonmethods, such as pervaporation and supercritical fluid fractionation (SFF),
have shown effectiveness, efficiency and pose a lesser threat to the environment when
compared to these traditional methods. In addition, it has not been well-established in the
South African industry.
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1.1.4. Alternative process route — Supercritical Fluid Fractionation (SFF)

Selective extractionwith COz, however, may overcome all the drawbacks previously described.
In its supercritical state, CO2 performs best at temperatures just above its critical parameters,
i.e. 31°C and 7.4 bar, where its density is highest (Brunner, 2009). These conditions are equally
benign concerning thermally labile compounds, and the process’s effect on the environment is
virtually negligible, as the process does not produce additional CO2. No boiling of water is
involved, and the solvent is continuously recycled. Thus the costs of processing are low
(Reverchon & De Marco, 2006).

Literature reveals that the use of SFE using COzcan be feasible for the concentration of aroma
compounds in essential oils, for the fractionation of fish and vegetable oils to concentrate the
tocopherols, esters and other non-saponifiable compounds found in animal and vegetable oils
(Reverchon, 1997; Laitinen & Kaunisto, 1999; Mukhopadhyay, 2000; Gracia et al., 2007; Del
Valle et al.,, 2014). The counter-current fractionation of the key apple aroma compounds
present in apple juice using supercritical CO2 was reported by Bejarano & del Valle, (2017).
The process showed feasibility in fractionating water and organics with a product obtained rich
in key volatile compounds. Although the water concentration decreased significantly, the final
product comprised a low concentration of organic compounds. Improving product quality such
that the aroma fetches a higher value on the market will result in an economically viable
product. Therefore, the research aimed to demonstrate the feasibility of retrofitting the

suggested process to a current aroma production facility.

1.1.5. Purpose of the study

The purpose of this study was to develop a value addition process for the enrichment of an
apple aroma byproduct obtained from a fruit sugar manufacturing process. In addition, the
feasibility of enriching the product with the aroma compounds at the expense of the non-aroma
organic compounds was also investigated.

1.2. Problem statement

The projected increase in flavourings and fragrances market results in increased demand, and
apple aromais no exception (Lucintel, 2020; ThelnsightPartners, 2021). South Africa produces
a large variety of fruit, especially in the Ceres and Groenland regions of the Western Cape
(HortGro, 2017). Apples constitute the bulk of the fruit produced there, both for domestic and
international markets. With the fruit processed into apple juice, dried apples and cider (Plaza,
2019), less known is that a large portion of the annual crop finds use in processing sugars,
such as fructose and sucrose. The process route is well established.

Thermal processes used commercially tend to be expensive, particularly where the boiling of

water is involved. In addition, thermally labile compounds that comprise many flavours tend to
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degrade. Further, the flavour fraction obtained during evaporation tends to be much diluted in
water. The risk of retaining residual solvent in the product rules out the use of solvent extraction
in modern processes due to adverse consumer preference for this production method and the

growing unacceptability of the environmental impact of such processes.

Thus, the demand for an alternative process route for the concentration on apple aroma has
arisen. As previously discussed, SFF is a method that finds application in the concentration of
apple aroma, and it has shown feasibility in separation by Bejarano & del Valle, (2017). In the
current study process layout scenarios for the method of extraction proposed was produced to
be retrofitted to an existing processing facility and comparedbased on their technical feasibility
and product quality to determine which process are best suited for the counter-current (CC)
fractionation of key apple aroma constituents using scCO:. Further, an order of magnitude

study was performed to establish the economic viability of the process.

1.3. Research aim and objectives

The over-arching aim of this study was to investigate the retrofitting of a sub-concentration to
an existing fruit-sugar producing facility for enriching an apple aroma byproduct.
The following objectives were formulated

1. To develop a process model in Aspen Plus®, and to validate the model using
experimental and literature data based on the SFF of the apple aroma byproduct.

2. To predict the multicomponent phase behaviour and separability of the compounds in
the system based on literature binary phase behaviour data.

3. To optimise the current process layout and recommend the best-suited process by
comparing process route layout scenarios based on product quality, energy
consumption, technical feasibility, and economic viability for the fractionation of apple
aroma concentrate.

1.4. Thesis delineation

The limitations of the research were:
e The model solution was key apple aroma compounds in South African produced apple

aroma concentrate.
1.4.1. Delineation

The current research focuses on producing a best-suited process layout scenario based on
product quality and energy consumption and investigating the economic evaluation thereof;

however, the following was not included in this research project:
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e The process layout scenarios presented were based on process route layouts for the

fractionation column only. It does not include other major processing units; therefore,

each layout's energy requirement was not evaluated.

e Piping and instrumentation were not included in the economic evaluation.

e Optimisation of other major units was not considered.

1.5. Significant contributions

The currentinvestigation was structured to provide the following significant novel contributions:

1. New data on the CC fractionation of apple aromas using scCO:z for an apple aroma

model solution based on an apple aroma concentrate obtained from the South African

industry.

2. An Aspen Plus® process model validated with literature and experimental data that

predicted the separation of apple aroma compounds from fruit juice

3. An Aspen Plus® process model for retrofitting the fractionation of apple aroma

compounds to a current process layout in industry.

4. Comparison of process layout scenarios for the fractionation of apple aroma based on

product quality, product yield and organics recovery for South African produced apple

aroma.

1.6. Thesis Outline

Chapter Content
The current chapter, chapter 1, provided a summary of the background of
the research, the current method and alternative process routes used to
1

Introduction

produce apple aroma, the purpose of the study, the problem statement, the
research aim and objectives, hypothesis and questions, significance of the

study, limitations, and thesis delineation

2

Literature Review

Literature review on SFF using CO2 and application thereof, the traditional
method, phase behaviour of compounds in the system, thermodynamic
modelling and process modelling of the system. Information is provided on
previous studies conducted for similar applications and a traditional process
currently used in the industry. This chapter also includes a discussion of the
expected phase behaviour of the compounds in the relevant system. In
addition, thermodynamic modelling of phase behaviour and economic
studies using the upscale method is included in this chapter. This fulfilled the

first objective of the research.

The material and methods employed to investigate the hypothesis of the

study. The approach to each objective, materials used, the experimental
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Materials and
Methods

approach, and the data analysis are provided. A brief introductionto process
modelling is also provided in this chapter using the Aspen Plus® process

simulator. This fulfilled the second and third objectives.

Results

Steady-state was established in terms of thermal, mechanical, and
hydrodynamic measurements during pilot plant experiments. Mass balance
data obtained from pilot plant experiments were used to evaluate energy
consumption and product quality validated the process model developed in
the Aspen Plus® process simulator. In addition, the model was validated with
literature data to attain objective 1 and shown accuracy in phase behaviour

predictions above S/F ratios of 5 and at higher feed concentrations.

Objective 2 was achieved through the investigation of the validated model at
40 — 60°C, 80 — 140 bar and S/F ratios of 5 — 15 the separability of the

mixture was determined.

Process layout considerations are compared based on product quality,
organics recovery and yield to fulfil the requirements of objective 3. Based
on separability data, separation occurs as a single-stage thus a single flash
unit was suitable for the investigation of the phase behaviour of optimum
process parameters, which was attained through a sensitivity analysis in the

Aspen Plus® process simulator.

5

Discussion

This chapter fulfilled the aim of this investigation and answered the research

guestions.

Results indicated that separation occurs as a single-stage, however, this
was as a result of the polarity of the compounds in the system as confirmed
by Bejarano & del Valle (2017). Therefore, scCO2z is more than capable of
extracting apple aroma constituents from a dilute aqueous solution with a

near perfect separation.

An order of magnitude economic evaluation interms of energy consumption
was 348 MJ/kg product because of high processing capacity. However, the
significant organics concentration indicated an increased product value. In

addition, energy requirements can be reduced.
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CHAPTER 2 Literature Review
2. LITERATURE REVIEW

This section provides the literature review to achieve objectives set in Chapter 1. Literature
references are provided to support the description of the current knowledge on the sources
and properties of apple aroma, the traditional methods of extraction, the suggested methods
of concentration, and the physiochemical background of the suggested technology.

2.1. Introduction

Recently, consumer preferences have swung away from the consumption of synthetic flavours
and aromas, to the more naturally produced flavour. The increased demand for natural flavour
enhancers in food and beverages forecasts a growth in the aroma chemical market
(ThelnsightPartners, 2021). Apple aroma comprises complex and diverse chemical
compounds. Volatile compounds make up a fraction of it. These compounds comprise the
characteristic of the scent or odour of the aroma profile (Flath et al., 1967). On the other hand,
other compounds that are not characteristic (aroma-like) to the aroma profile constitute the
bulk thereof. Distillation and evaporation are typical examples of conventional methods to
concentrate and extract natural apple aroma compounds from fruit or fruit juice (Root, 1996).
The potential of newer extraction methods, such as supercritical fluid extraction (SFE), has yet
to be recognised in the South African industry. SFE has shown feasibility in the fractionation
of apple aroma constituents; however, application on an industrial scale shows the economic

viability in the South African industry.

2.2. Apple aroma

Apple aroma finds use in industries such as the cosmetic, food and beverages and spice
industry. It is either sold as a final product or added to other end products such as perfumes,
beverages, soaps, detergents. Sources of apple aroma are present in raw fruit or follow the
synthetic route. Due to the low concentration of valuable volatiles present in unprocessed fruit,
the need for synthetically produced products derived. However, a swing in consumer
preference has resulted in increased value in natural produced flavours. In addition, natural
flavours tend to fetch a value on the market, at 10 or higher parallel to synthetic products
(Mckenzie, 1988; Arthey & Ashurst, 1996; Root & Barrett, 2004).

2.2.1. Economic market share

According to BCCPublishing (2014), in 2006, the flavour and fragrances market was worth
approximately 6.3 billion US dollars, increasing to approximately 23.9 billion US dollars in 2013
(BCCPublishing, 2014). Sabanoglu (2020) reports that the global marketwas approximately
worth 28.5 billion US dollars in 2017, increasing to approximately 35 billion US dollars in 2019
(Sabanoglu, 2020).
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The global flavours and fragrances market increased by 1,16 billion US dollars on average per
year between 2006 and 2013 (7 years), increasing to an average of 3.25 billion US dollars per
year between 2017 and 2019. As a result of changing consumer preferences and growing
customers buying more natural products or products containing natural ingredients, the market
expects continuous growth. Additionally, the market benefits from increasing income amongst
the middle class (Lucintel, 2020).

A decline in the global flavours and fragrance market following 2020 due to the COVID-19
pandemic projected an increased market value for 2021 (Lucintel, 2020). The South African
food and flavour enhancer market projects a compound annual growth rate of 5,1% for 2020
—2025. The market witnessed significant growth due to growing consumer awareness. Thus,
extracting aromas from natural sources would hold economic value. However, counter fit
products containing inferior alternative ingredients might impede the market growth.
(Mordorintelligence, 2019). But the growing demand for aroma chemicals for enhancing taste
in food and beverages is likely to drive the aroma chemicals market (ThelnsightPartners,
2021).

The increased market value shows that the flavour and fragrances market does not expect a
decline. The growing consumer preference is a large contributor to the growing market. Thus,
aromas extracted from natural sources such as fruit will fetch a higher value on the market. In
addition, the growing market indicates that the value of flavour and fragrances are increasing.

Therefore, indicating economic viability for the fractionation of apple aroma compounds.
2.2.2. Physical characteristic

Apple aroma is described as a clear liquid that has the characteristic scent of apples. Below is
a list of the physical characteristics of apple aroma as obtained from Associated Fruit
Processors (n.d.) (Associated Fruit Processors, n.d.):

Appearance . Colourless liquid
Scent/odour . Green, earthy, sweet
Concentration : 180 — 210-fold

Specific Gravity d 20/20 : 0.9900 — 0.9980
Refractive Index (20°C) : 1.3390 — 1.3490

2.2.3. Chemical (volatiles) Composition

The volatile compounds present in apple aroma are either characterised to have an apple-like
odour or undesired to the aroma profile. The compounds that contribute significantly to the
overall flavour and aroma perceived in raw apple juice are present in minute concentrations
due to high concentrations of carbohydrates and proteins (Lopez & Echeverria, 2010). Within

this low concentration, over 300 volatile compounds are identified in apple aroma.
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Predominantly, comprised of alcohols, ketones, aldehydes, esters, lactones and terpenes
(Jiang et al., 2010; Espino-Diaz et al., 2016).

Flath et al. (1967) identified and classified volatile apple aroma compounds into desired
compounds that have an apple-like odour and undesired compounds which has no any direct
resemblance to apple aroma. Root (1996) further divided six general apple aroma components
that contribute to the quality of the apple aroma or essence as represented in Table 2-1:

Table 2-1 Desired and undesired compounds identified in apple aroma by Root, (1996:20):

Desired compounds

Ethyl 2-methyl butyrate | Ripe apple aroma
1-Hexanal | Green apple aroma

trans-2-hexenal | Green apple aroma

Undesired compounds

Ethyl acetate | Aeroplane glue aroma

1-butanol | Solvent or petroleum aroma

c-3-Hexanol | Green grass aroma

The compounds listed in Table 2-1 summarise the 56 volatile compounds identified by Flath
et al. (1967) in delicious apple essence extract including 21 components unreported by
previous researchers. The author further refined the compounds based on their olfactory
thresholds in ppm (V/V). Alcohols, aldehydes, and esters comprised the 18 compounds
evaluated. The alcohols had the highest olfactory thresholds (lowest concentration perceived
by human sense of smell) in comparison to the esters and aldehydes. Furthermore, the three
compounds listed as desired compounds in Table 2-1 have an apple-like character and
essential contributors to apple aroma. These compounds contribute significantly to the overall
aroma profile and comprise aldehydes and esters. Alcohols and, surprisingly, esters present
in high concentrations have an odour/scent completely off from apples and thus lands
themselves as undesired compounds (Flath et al., 1967). Koch (1976) acknowledged the
sensory value of trans-2-hexenal in apple aroma essence in terms of its odour intensity. A
reduction of the total aldehydes concentration in conjunction with increasing synthetic trans-2-
hexenal nearly established the original odour of the original apple juice perceived (Koch, 1976).

Dimick & Hoskin (1983) further identified 266 volatile compounds present in apple aroma. With
esters constituting the bulk of the apple aroma numerically. Nevertheless, the esters do not
contribute significantly to the characteristic scent of apple aroma. The esters with a molecular
weight between 100 to 300 g/mol contribute to the fruity odour present in apple aroma (Dimick
& Hoskin, 1983). The carbon 6 alcohols and aldehydes formed during lipid oxidation
significantly contribute to apple aroma's characteristic scent or odour. The alcohols contribute
guantitatively mainly to the apple aroma. However, other compounds such as ketones, ethers,
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acids, lactones, terpenes, and other hydrocarbons are also present in apple aroma but in
significantly low to moderate concentrations. Overall, the quantity and type of volatile
compounds, production patterns, fruit skin colour or C6 aldehydes primarily determines the

overall aroma profile (Dimick & Hoskin, 1983).

The complexity of the aroma profile is presented in biosynthesising apple aroma. It involves
metabolic pathways affected by factors such as fruit ripening, postharvest handling, climate
change, etc. (Lopez & Echeverria, 2010; Espino-Diaz et al., 2016). The main products
produced from metabolic pathways of fatty and amino acids are volatile compounds. Such as
aldehydes, esters, and alcohols. The presence of enzymes such as lipoxygenase (LOX) and
alcohol dehydrogenase (ADH) affects the volatile profile as it plays a crucial role in the
production of volatile compounds apples (Espinosa et al., 2002). The volatile profile changes
with fruit maturation. Before maturation, most aldehydes are present and in the highest
concentration. During harvesting, the alcohol content increases. After harvesting, the
concentration of the esters rapidly increases (Espino-Diaz et al., 2016). Thus, the type and
amount of volatile compounds present in apple aroma vary significantly amongst apple
varieties. The factors influencing the production of these volatiles is impossible to accurately
establish a set concentration for each volatile compound present in apple aroma. In addition,
apple genetics is crucial in the volatile profile. Therefore, a comparison of the volatile profiles
enables the identification of volatile compounds specific to apple aroma. Compounds
described as having the characteristic scent/odour of apple adds value to the apple aroma.
Synthesising volatile compounds to make up apple aroma as a more accessible process route
has established itself; however, it will not replicate the aroma naturally extracted from the fruit.
Table 2-2 shows a summary of the primary apple aroma volatile compounds found in apples
as identified in a review by Espino-Diaz et al. (2016).

Table 2-2 Summary of volatile compounds identified in a study by Espino-Diaz et al. (2016)

Volatile compound  Total identified Compounds found in highest concentration

Aldehydes 10 trans-2-hexenal and hexanal
Alcohols 9 Ethanol, 1-hexanol and 1-butanol

Hexyl acetate, butyl acetate, 2-methyl butyl

Esters 16
acetate and hexyl hexanoate

The aldehydes in Table 2-2 were identified in the fruit before maturation, after ultra-low oxygen
(ULO) and apple juice at harvesting. Hexanal and trans-2-hexenal were present in all the
different apple varieties. They presented the highest concentration in the Golden Reinders
apple variety after ULO compared to the other aldehydes present in apples. In the apple
varieties Bisbee Spur Delicious and Golden Delicious, respectively, before maturation of the

apples, an abundance of nonanal was identified by Mattheis et al. (1991) and Vallat et al.,
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(2005) (Espino-Diaz et al., 2016). However, this compound was not present in any of the other
apple varieties.

In terms of mass fraction, 1-hexanol and 1-butanol are abundant alcohols in the Granny Smith,
Golden Delicious apples, and ethanol in the Mondial Gala. The esters, hexyl acetate, 2-methyl
butyl acetate, and hexyl hexanoate, are abundant in the Pink Lady apple variety. In contrast,
butyl acetate presents the highest concentration in the Mondial Gala apple variety. The
alcohols generally comprise the highest fraction of volatile compounds in apple aroma.
However, esters are numerically the most significant contributor to the apple aroma profile
varying from 80% in the Golden Delicious variety to 98% in Starking Delicious. Esters
described as sweet and fruity usually contribute to the overall apple aroma. However, a mixture
of total esters perspicuously will not acquire desired apple-like characteristics as they present
complex interactions (Espino-Diaz et al., 2016; Niu et al., 2019). Dixon and Hewett (2000)
identified the following aldehydes and alcohols based on their relative acidity of alcohol
dehydrogenation of acetaldehyde and ethanol in an apple variety in Table 2-3:

Table 2-3 List of aldehydes and alcohols identified in Cox's Orange Pippin Apples (Dixon &
Hewett, 2000)

Aldehyde identified

Alcohol identified

propanal
butanal
2-methylpropanal
pentanal
hexanal

trans-2-hexenal

propan-1-ol
propan-2-ol
butan-1-ol
2-methylpropan-1-ol
pentan-1-ol

hexan-1-ol

trans-2-hexan-1-ol

In Table 2-3, propanal presented the highest % activity of ADH, 30.1, as opposed to arelatively
lower 10 % activity ADH for hexanal and trans-2-hexenal for this apple variety. The alcohol,
trans-2-hexen-1-ol, comprised a notably high % activity ADH of 121.3, which is higher when
relative to other alcohols identified (>50%). Hexan-1-ol constitutes 18.3 % activity ADH, which
falls under the lower percentage of alcohols. C6 aldehydes, characteristic of apple aroma,
presented the most insufficient % activity ADH of all compounds identified in the apple variety.
Thus, compounds with low % activity can be assumed to be valuable volatile compounds in

apple aroma (Dixon & Hewett, 2000).

Borjesson et al. (1996) prepared a model apple juice aroma solution to establish whether
pervaporation presents feasibility in recovering key apple aroma compounds. The model
solution comprised out of the following compounds (Bdrjesson et al., 1996) shown in Table
2-4.

Table 2-4 Volatile compounds identified by Borjesson et al. (1996) for a model apple juice
solution
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Organic Group  Volatile compound

Esters: ethyl acetate, ethyl butanoate, ethyl-2-methyl
butanoate, isopentyl acetate and hexyl acetate

Aldehydes: trans-2-hexenal

Alcohols: isobutanol, butanol, isopentanol and hexanol

Gas Chromatography (GC) and Gas Chromatography-Mass Spectroscopy (GC-MS)) analysis
of apple juice permeate acquired the concentrations of the compounds in Table 2-4. The author
experimented on the model solution instead of apple juice itself, because of the low
concentration of the aroma compounds in apple juice and for analysis purposes. Upon analysis
of the apple juice permeate, the author found difficulty in separating the ethanol peak from the
ethyl acetate peak. Thus, the author decided to exclude ethanol from the model solution, in
conjunction with the fact that ethyl acetate has a greater significance in apple aroma when
compared to ethanol, even though both ethanol and ethyl acetate has the most significant

aroma threshold values (Borjesson et al., 1996).

Bejarano & del Valle (2017) performed the counter-current fractionation of the key apple aroma
components from a model apple aroma solution using supercritical CO2. The author selected
(E)-2-hexenal, hexanal and hexanol in combination with distilled water to comprise the feed
investigated to fabricate apple aroma. (E)-2-hexenal and hexanal were identified as the key
components for the model apple aroma solution, and hexanol as undesired. (E)-2-hexenal is
also referred to as trans-2-hexenal (Bejarano & Del Valle, 2017).

Although alcohols comprise the most significant concentration quantitatively in apple aroma,
the carbon 6 aldehydes and esters, present in small amounts, adds a higher value in terms of
their intensity. The carbon 6 unsaturated aldehydes, hexanal and trans-2-hexenal, have a
descriptive green apple-like odour (Dimick & Hoskin, 1983; Mehinagic et al., 2004) of all volatile
compounds previously reported. Dimick & Hoskin (1983) describes hexanal as desirable in
terms of its contribution to the aroma profile and trans-2-hexenal important to the aroma
intensity. The carbon 6 alcohol hexanol has a descriptive earthy (Mehinagic et al., 2004) like

odour and is most abundant in all apple varieties.

Recent studies show that concentrated apple juice presents an aroma of significantly high
concentrations in acetaldehyde, trans-2-hexenal, 3-methyl- 1-butanol, ethyl acetate, and
hexanal characterised by a green fresh estery odour as reported by Nikfardjam & Maier (2011).
In contrast, volatile compounds evaluated in unconcentrated juice such as 1-butanol, 2-methyl-
1-butanol, ethyl butyrate, and ethyl-2-methylbutyrate presented the highest concentration
characterised as fruity, ripe and sweet (Nikfardjam & Maier, 2011). Esters, the most dominant
group of volatile compounds reported by Guo et al. (2020), comprised concentrations ranging

between 3643 to 32143 ug/L, with hexyl acetate and butyl acetate mainly present in
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abundance. 1-Butanol and 1-hexanol comprised the highest concentration of total alcohols.
Hexanal and trans-2-hexenal predominantly comprise the bulk of the aldehydes identified and
thus indicates importance in apple aroma (Guo et al., 2020).

2.2.4. Traditional concentration technology

Conventional methods such as distillation, evaporation and solvent extraction are well-
established methods used as extraction technology. (Lépez & Echeverria, 2010). These
processes show advantages in their processing capacity and easy maintenance and
construction costs. However, there are several drawbacks based on product quality. As
previously mentioned, distillation and evaporation use harsh conditions (specifically high
temperatures) that degrades volatiles that are usually thermally labile (Reverchon & De Marco,
2006). Evaporation is a high energy-intensive process and commonly uses the boiling of water
to produce energy. Moreover, the water is boiled by burning coal, and the off-gas produced
from the reaction has a detrimental effect on the environment due to air pollution (McCabe et
al., 1993; Lopez & Echeverria, 2010).

Section 2.3 provides a review of the traditional method applied in the production of apple

aroma.

2.3. Traditional method: Evaporation

Evaporation is a conventional method used commercially due to its vast applications; however,
it is highly energy-intensive and generally not a standard technique used in the fractionation of
aroma due to thermally labile volatiles. The production of fruit concentrate from raw apples
recovers diluted apple aroma as a byproduct. Therefore, a review of evaporation techniques

follows.
2.3.1. Review of evaporation: Theory and application

During evaporation, a weak, aqueous solution is typically boiled to remove the bulk of the water
and produce a more concentrated product. However, with apple aroma as feed, the aroma
compounds are co-evaporated, i.e., enriched in the vapour phase (Seader et al., 2011:704).
The flow diagram in Figure 2-1Error! Reference source not found. illustrates the input and

output stream for a basic single-stage evaporation unit:
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# To condenser (vapour)
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Figure 2-1: Schematic diagram of a simple evaporation unit (Redrawn from Seader et al.
(2011:706))

In, the feed supplied at a temperature, Tr and steam at temperature, Ts, evaporate the feed to
a temperature of T1. The solute, enriched in the vapour form (combined with a low fraction of
water), are removed, and condensed. If the extraction is successful, the condensate (vapour
product) contains a mixture of water and a minimal quantity of the solute. The steam leaves

the unit as condensate.

There are numerous types of evaporation units. McCabe et al. (1993) provide details of some
units, for example, open kettle or pan, horizontal-tube natural circulation evaporator, vertical-
type natural circulation evaporator, long-tube vertical-type evaporator, falling-film-type
evaporator, forced-circulation evaporator and parallel-feed multiple-effect evaporators
(McCabe et al., 1993:465-470).

Typically a tubular falling film multiple-effect evaporator produces apple juice concentrate
(Root, 1996). The falling film type evaporator finds use in processes involving a liquid feed with
components sensitive to temperature, such as fruit juice (McCabe et al., 1993:465-470). This
evaporator consists of extended, vertical, tubular exchangers connected to a liquid-vapour
separator. Tubular heat exchanger counter or co-currently fed with steam heats the feed to the
required operating temperature. A separating vessel interlinked with the tubular heat
exchanger represents a flash for the heated liquid such that the vapour and liquid phase
separation occurs. The vapour exits through the top and liquid through the bottom (Geankoplis,
2003). This type of evaporator usually consists of multiple effects and multiple stages. The
"stage" refers to the flow of the product (juice) through the evaporator and "effect” to vapour
and steam used as a heating medium (Rao, 1989). For the process described in section
2.3.2.1, the first effect would be at the first stage and the same for the rest. The first effect
receives steam from the boiler, and the second effect would receive cooler steam from the first

effect. The condensate passes through the third effect and is recycled back to the boiler (Rao,

Page| 17



CHAPTER 2 Literature Review

1989). Vaporising 1 kg of water requires 2.256 MJ, indicating that this process is highly energy-
intensive (Saravacos et al., 1970).

2.3.2. Extraction of apple aroma by evaporation

Evaporation would generally not be the first option for recovering apple aroma compounds, as
it requires a high operating temperature for separation to occur. However, a processing facility
produces fruit sugars that recover diluted apple aroma as a byproduct during a triple effect

evaporation process. The section to follow describes this process.
2.3.2.1. Description of atypical aroma recovery processing facility

Figure 2-2 illustrates the schematic layout of the general process steps involved in the
production of apple juice and sugar concentrate.

Raw Apple Washingand | Raw Juice Extraction (Hydraulic

dump Sorting Milling Press or Enzymes)
T
Enzyme TreatmentTanks . .

12°Brix Apple | Hot=50°C for 1hr - Filltration Multistage Evaporation

Juice - Removal of aroma and water

Cold 21°C for 8hrs (Remov water)
. s Drum Filling for Export or

71°Brix | Standardizing Tanks :

concentrate (Adjusting to 70°Brix) BullestorageinCold

Storage

Figure 2-2: Schematic layout for production of apple juice concentrate (Redrawn from Root
(1996:14))

The processing sequence starts with apples dumped into a water flume by the bulk truckload
or pallet bins to remove dirt or foreign objects. The apples convey onto a sorting table for
inspection and removal of any bad fruit. The fruit passes through a disintegrator (hammer or
grating mill) to convert it into mash or pulp. There are various types of equipment for the
extraction of raw apple juice, and the vertical hydraulic piston press is the most commercially
used to separate most solids from the liquid. Enzymes added break down the cell structure to
improve the processability. The liquid extracted represents the raw juice, and the remaining

solids are disposed of or sold as pomace (Root, 1996).

The second treatment of enzymes to the raw juice remove suspended solid material for a
clarified juice and breakdown of pectin. The methods for enzyme treatment include (1) where
enzymes are added to 54°C raw apple juice and kept in tanks for 1 to 2 hours (known as hot

treatment) and (2) where enzymes are added to room temperature raw juice and kept in tanks
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for 6 to 8 hours (known as cold treatment). After the enzyme treatment, the juice passes
through a filter to remove suspended solids (as shown in Error! Reference source not
found.2).

Commercially used filters for these processes are rotary vacuum, pressure leaf, frame, bel,
membrane and millipore filters. Centrifugation equipment are used to remove large particles
before filtration, if necessary. Apple juice, 20-25°Brix obtained after filtration finds use as a
consumable product. Apple juice passes to the next stage to produce concentrated apple juice/

concentrate fruit sugars, preserving fruit juice through pasteurisation.

Heat pasteurisation heats apple juice to 83°C, held for 3 minutes and hermetically sealed. It is
filled into containers and cooled to 37°C and held for 1 minute. During the process, a vacuum
develops in the container, lowering the oxygen to prevent microbial growth. Apple juice
concentrate/sugar production bypasses this process step and enters the muti-effect
evaporation unit. The unit comprises falling film evaporators and multi-effect tubular and plate
evaporators. The raw juice enters the second stage for recovery of apple aroma (volatile)
compounds. In addition, during the process water is removed to obtain a 20-25°Brix
concentrate juice because of additional water removed in the process. The juice then passes
through a first stage evaporator operating at 100°C for further removal of water which results
in a 40-45°Brix concentration. A final stage obtains a product of 50-60°Brix at 45°C. A decrease
in temperature to 3-4°C standardises it to 70°Brix before drum filling or bulk storage through
condensation (Root, 1996).

The aroma-rich vapour enters a condenser to obtain apple aroma essence. The interest lies in
the recovery of volatiles from a product of such because it will fetch a higher value on the
market if concentrated in comparison to a synthetic equivalent. However, losses of aromas
during evaporation results in a decreased recovery of volatile compounds. In addition, the
juices pass through several processing steps that could affect the lability of the volatiles.
Therefore, including a processing operation to recover volatiles before exposure to high
temperatures could increase the overall concentration of volatiles. Therefore, processing the
condensed product by further exposure to temperatures could result in additional degradation
in thermal labile volatiles.

2.4. Suggested concentration technology

Extraction of a solute from a solid/liquid/vapour matrix requires a separation process.
Examples of these separation processes are distillation, evaporation, absorption, leaching,
drying and crystallisation. Newer technologies such as adsorption, chromatography,
membrane separation and SFE recently developed could replace the conventional methods

due to several drawbacks (Seader et al., 2011:2). Recent studies on SFF, described in this
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section, indicate feasibility in separation and economic viability on an industrial scale. The
section to follow provides a review of the suggested method:

2.4.1. Supercritical Fluid Fractionation (SFF)

In SFF processes, a solvent is used above its critical temperature and pressure to concentrate,
fractionate or extract a solute from a mixture (solid or liquid). (Seader et al., 2011). Typical
solvents include ethylene, carbon dioxide, water, propane, propylene, benzene and toluene
(Mukhopadhyay, 2000:4). Solvent selection depends on the solute solubility, the selectivity,
and the type of compounds present in the feed (Seader et al., 2011)

As previously discussed, apple aroma consists of various volatile compounds, and these
compounds are thermally labile. Thus, due to its ability to extract compounds at a low near

ambient critical temperature, COz reckons as a suitable solvent for the current investigation.
24.1.1. Supercritical CO,as a solvent

In general, compression of gas results in a phase change to a liquid. Physical changes to the
substance occur with additionally applied pressure and heat. No amount of pressure in
combination with heat will cause the gas to change into its liquid form. When fluids reach this

temperature and pressure, it is called a supercritical fluid.

The temperature and pressure reach a point known as the supercritical point (see Figure 2-3)
at the critical temperature (Tc) and pressure (Pc). The supercritical region of this fluid is above
this temperature and pressure as presented in Figure 2-3 (Mukhopadhyay, 2000:2-3).

Supercritical
Region

Solid Phaszs Liquid Phass

PRESSURE
Critizal Presgurs, P,

Crifical Point

Vapour Phaszs

Triple Point

Critical Tempera tur=, T,
TEMPERATUEE

Figure 2-3: Typical phase diagram to illustrate supercritical region (Redrawn from Parhi &
Suresh (2013))

Supercritical fluids exert characteristics that represent both a gas and a liquid. It has a low
viscosity (like a gas), low surface tension, and a liquid's solvent power and density. The fluid
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is also in a region where it has reached its maximum solvent capacity. Due to the low viscosity
and surface tension, the supercritical fluid can easily penetrate a solid or liquid matrix from
which a solute must be extracted (Mukhopadhyay, 2000:3-4). The density of a supercritical
fluid depends on the temperature and pressure and exert liquid and gas-like values. Thus,
improving the capability of the fluid to extract or concentrate the solute. It dissolves a solute
like a liquid and passes through solid or liquid matrices like a gas (Seader et al., 2011:447-
449).

The use of scCO: as a solvent for SFE finds use in processes such as dealcoholisation of
alcoholic beverages through the extraction of aromatic compounds from commercialy
produced brandy using counter current (CC) SFE with scCO¢.. It results in a higher quality
extract using CC-SFE, with an ethanol concentration ranging from 40% to 80% and aroma

content close to the original brandy (Sefiorans et al., 2001).

Wong et al. (2001) investigated the removal of eight target monoterpenes from the Australian
tea tree (Melaleuca alternifolia) rehydrated and dried leaves. The extraction occurred at 40, 80
and 110°C; and scCO: densities of 0.25, 0.4 and 0.6 g/mL. The authors concluded that the
optimum conditions resulted in almost complete extraction and recovery of targeted analytes
(approximately 95%). The optimum conditions were at 110°C and 0.25 g/mL with complete
extraction achieved from the rehydrated whole dried leaves. Results obtained from the whole

dried varied insignificantly with the rehydrated whole leave.

Reverchon and De Marco (2006) presented the application of supercritical fluid extraction and
the extractions that other authors have studied. The main fields of application are the extraction
of essential and seed oils from solid and fluid matrixes, for example, seeds, leaves, fruit and
flowers (Reverchon and De Marco, 2006; Catharino et al., 2007; Gafan and Brignole, 2011,
Koshima et al.,, 2015). Most of these processes show technical feasibility, thus making
supercritical fluids an applicable separation process in the industry.

2.4.1.2. Properties of supercritical CO,

CO:is considered "generally regarded as safe (GRAS)" solvent for use during the processing
of food products, as it is benign. In addition, it exists as a vapour at ambient conditions that
results in easy separation from product. With a critical temperature of 304 K (close to ambient)
and pressure of 74 bar, it suits the extraction of thermally labile compounds (such as volatiles).
Furthermore, it is inert, non-flammable, non-corrosive, inexpensive, non-toxic, and readily
available; thus, considered safe for food and pharmaceutical products. In addition, scCO:2 has
a high critical density that increases solubility as that of a liquid. It has low vapour-like critical
viscosities and high molecular diffusivity that results in improved infusion in solid and liquid
matrices ( Mukhopadhyay, 2000:3-5; Brunner, 2010; Seader et al., 2011:449; Peach & Eastoe,
2014).
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2.4.1.3. Solubility

The phase behaviour of components in a system governs the separation of volatile organic
components from water by selective dissolution in sCO2. Thus, variations in temperature and
pressure determines the solubility at a given point in the process. Ideally, perfect separation is
possible if the behaviour of the system was such that the organic components are infinitely
soluble in the solvent, scCO:z, and the water had zero solubility in the same solvent. Further,
the separation would have been easiest had it been that the mass transfer rate of the organic
components from the aqueous to the CO:2 phase was so fast as to be irrelevant as a limiting
factor. But since both aroma compounds and water have limited solubility in CO2, the
separation is governed by superior solubility of one over the other in CO.. In this case, one
hopes that the organic compounds are significantly more soluble in CO2 than water and that
the mass transfer rate from the aqueous solution to the gas phase is fast enough to be
practically feasible in a counter-current column of a reasonable number of stages, i.e. column
height (Mukhopadhyay, 2000:17-24). Figure 2-4 illustrates the effect of temperature and
pressure on the density of supercritical CO..

120

100

<2} [0}
o o

Density, kg/m?3
N
o

20

-50 50 150 250 350 450 550 650 750
1 bar 10 bar ——50Bar =——100 bar

Temperature, °C

Figure 2-4: Density of CO2 at various temperatures and pressures (Redrawn from
Engineeringtoolbox.com (2019))

Figure 2-4 shows that with anincrease in temperature, density decreases and with an increase
in pressure, density increases. The density increases significantly with increasing pressure,
resulting in increased solubility. Density increases faster in the higher-pressure range and
settles as the pressure approaches the critical pressure. In addition, the density is maximum

at lower operating temperatures. Thus, optimum extraction favours low temperatures and high
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pressure due to the higher density at these conditions, consequently increasing the solvent

power.

2.4.2. Supercritical fluid fractionation (SFF): Theory and Application

In 1879 Hannay and Hogarth investigated the dissolution of solid matrices with a dense gas at
supercritical conditions above the critical temperature and pressure. Through the
measurement of pressure, the solid was easily dissolved into the gas and precipitates as ‘snow’
or ‘frost’ by reducing pressure. Ethanol used in the process recovered quickly from the potassic
iodide by reducing pressure (Hannay & Hogarth, 1879). This process was later called
supercritical fluid extraction, supercritical-gas-extraction and most commonly supercritical
extraction. By the 1970's William proposed applications of SFE was patented and available in
literature (Schultz, 1969). Several researchers followed by doing research on SFE and its

application to different processes.

During SFE, a solute is extracted from a liquid or solid mixture using a supercritical solvent.
The type of solvent involved in this process is discussed in section 2.5.2. Nonetheless, the
process does not rely only on the characteristics of the solvent but also the transport properties

of CO:2 and mass transfer between the solvent and the feed.
2.4.2.1. Chemical basis for separation

As previously discussed, CO:zis the most commonfluidused in SFE. However, itis the relevant
chemical principles at high pressure that is important for the application of SFE. This chemical
basis consists of thermodynamic properties, dielectric properties and transport properties of
CO2(Schneider et al., 2000:31).

2.4.2.1.1. Thermodynamic properties

The supercritical state of a fluid is thermodynamically in a region above the critical temperature
and pressure of the fluid. CO: is a nonpolar molecule because it has no net dipole moment,
therefore, dissolving nonpolar molecules. The phrase that commonly refers to this is "like
dissolves like". However, the quadruple momentallows CO: to dissolve slightly polar and polar

compounds at high pressures (Mukhopadhyay, 2000:13).

For supercritical fluids, the solvent capacity is density-dependent. Density relies on
temperature and pressure, which makes it easy to adjust the solvent capacity. Density can be
related to the solvent capacity in terms of isothermal compressibility, defined as
(Mukhopadhyay, 2000:14):
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]

Where p is molar density.

Supercritical fluids exert high gas-like compressibility, consequently affecting the solvent
capacity. As the system approaches the high-pressure region, the compressibility decreases,
resulting in an increased solvent capacity (Schneider et al., 2000:32-33).

2.4.2.1.2. Dielectric properties

In general, the CO2 molecule has a low (non-permanent) dielectric dipole moment due to the
intermolecular interactions governed mainly by the Van-der-Waals forces. Thus, CO:zis a weak
solvent due to its ability to extract compounds with a low molar mass and polarity. However,
the solvent power of CO:zis not only governed by the dielectric properties but factors such as

temperature, pressure and density (Schneider et al., 2000:33-34).
2.4.2.2. Mass transfer

Mass transfer is the transport of components in a mixture from one point to another. In
separation processes, it is the transfer between two differentinterfaces. Fick's first law states
that the mass flux is directly proportional to the concentration gradient at steady state,

mathematically expressed as in equation (2) (Seader et al., 2011:85-130):

dc
J=-D (2)

Where J is the mass flux, D the diffusion coefficient and % the concentration gradient. In this

case, the concentration gradient is the driving force.

The mass transfer depends on the phase or state of the compounds. For instance, pressure
has a significant impact on the mass transfer for gas extraction. Other processes depend on
the mass transfer coefficient. With an increasing temperature, the diffusion increases because
there is an increase in the motion of the atoms thus increasing intermolecular interactions
(Brunner, 2013).

According to Fick’s Law, a compound would diffuse from a high to low region across a
concentration gradient. For molecular mass transfer in a binary mixture, equation (2) can be

written in terms of the molar flux of species A, N, . relative to length, z:
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dya
NA,Z = —CcDyp E +Ya (NA,Z + NB,Z) (3)

For a binary mixture, Dyp = Dp4. Ng, describes the molar flux and c total molar concentration.

For SFF processes, the mass transfer occurs between the CO:z phase and organic phase. At
the same time, the water-rich phase interacts with organics as well. Therefore, mass transfer
between organics and CO:2 phases should be favoured to decrease organics enriched in the
water-rich phase.

2.4.2.3. Advantages and Disadvantages

Below a list of advantages and disadvantages to SFE are provided:

Advantages

The advantages of SFF is as follow (Reverchon, 1997; Schneider et al., 2000; Pourmortazavi
& Hajimirsadeghi, 2007; Peach & Eastoe, 2014; Bejarano et al., 2016; Manjare & Dhingra,
2019):
e The solvent is easily recovered and recycled. It is also easily removed from the final
product.
e The easily adjusted solvent power improves yield and selectivity by changing density
(temperature and pressure).
e CO:is a cheap, non-toxic, non-flammable and inert solvent.
e |tis suitable for thermally labile compounds since CO: has a low critical temperature
of 31°C.
e The solvent power/capacity is easily adjusted by altering density to control the
selectivity and yield of the process.
¢ Improved mass transfer when compared to liquids because of easier penetration
through packing material.

Disadvantages and Limitations

The disadvantages of SFF is as follows (Reverchon, 1997; Schneider et al., 2000;
Pourmortazavi & Hajimirsadeghi, 2007; Peach & Eastoe, 2014; Bejarano et al., 2016; Manjare

& Dhingra, 2019):
e High-priced equipment because of high operating pressure
e Expensive purchasing costs
¢ Complicated phase behaviour signifies that conventional mathematical expressions

might not be capable of assisting with VLE calculations.
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2.4.3. Studies on supercritical fluid fractionation (SFF)

Overthe past century,there have been significant improvementsin the application of SFF with
a countercurrent liquid feed. Research fields range from the removal of terpenes from essential
oils to alcohol from alcoholic beverages. (Reverchon, 1997; Simandi et al., 1999; Rodrigues et
al., 2003; Reverchon & De Marco, 2006; Pourmortazavi & Hajimirsadeghi, 2007; Brunner,
2010; Fornari et al., 2012; Knez et al., 2014).

Over 25 volatile compounds were recovered from sugar cane spirits through a CC fractionation
column using scCO: as a solvent. Gracia et al. (2007) shows that this extraction process is
technically viable as a by-pass during the production of rum for the recovery of valuable aroma
compounds. The volatile compounds were extracted at very low operating conditions of 40°C
to 50°C (Graciaet al., 2007).

Similarly, low conditions were preferable for the optimum extraction yield in isolating citrus
essential oil from seed oils at 40°C and 100 bar (Mouahid et al., 2017). Near 100% recovery
of essential oil was achieved at 30°C. Therefore, this process presents high feasibility at much
lower energy requirements to recover valuable volatile compounds in essential oils (Mouahid
et al., 2017). Low solvent-to-feed (S/F) ratios are required to isolate valuable brandy aroma
from alcoholic beverages as presented by Sefofns et al. (2001). In addition, a low operating
temperature of 40°C was selected (Sefofns et al., 2001).

It is thus obvious that low operating temperatures are preferred for the recovery of volatile

compounds.

2.4.3.1. SFF of apple aroma

Schultz (1969) presented the first process for extracting flavours from materials containing
flavours, such as fruit juices and apple essence using liquid COz. The extraction method was
investigated for Red Delicious apple essence with a 150-fold continuously counter-currently
fed at 63 bar and 25°C. The residue obtained after extraction contained a high concentration
of flavour compounds free from water, alcohols, sugars, fruit acids and non-flavour
compounds, resulting in a product that includes the natural aroma of apple. A starting material
containing a high-water concentration will result in an extract containing flavour compounds
combined with water (which is typically not more significant than the flavour compounds);
however, the oily phase flavour compounds are easily separable from water. The author
suggests that temperatures above the critical temperature of CO2 will improve the solubility of

flavour compounds. It does not affect the thermal labile compounds (Schultz, 1969).

Bejarano & del Valle (2017) performed the counter-current fractionation of the key apple aroma

components from a model apple aroma solution using supercritical CO2. The model solution

Page| 26



CHAPTER 2 Literature Review

comprised of hexanal, (E)-2-hexenal, hexanol and water. Figure 2-5 illustrates the results
obtained from the experimental work performed by the authors:
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Figure 2-5: Concentration and recovery obtained from Bejarano & Del Valle (2017) for e hexanol
and e hexanal + (E)-2-hexenal (Redrawn from Bejarano & Del Valle (2017))

Figure 2-5 shows the effectof extract recovery on the concentration of the specific compounds
obtained from Bejarano & Del Valle (2017). An increase in the extract recovery results in a
decrease in the concentration of the hexanol and the key apple aroma constituents (i.e.,
hexanal and (E)-2-hexenal). This means that for the conditions investigated, the hexanol and
key valuable compounds were not separable. Also, hexanol will always have a higher
concentration than the key compounds. It is thus evident that the selected operating conditions
were suitable for concentrating the key compounds but not suited for separating the key
compounds from the hexanol. Therefore, a high extraction yield is obtained but at the risk of
low selectivities. The authors also found the maximum extraction yield at 40°C, 14 MPaand a
solvent-to-feed ratio of 5. The highest concentration of the desirable compounds achieved in
the extract was 20% w/w with a maximum extraction yield of 95,5%, which means that 95,5%

of the desirable compounds in the feed were recovered as extract (Bejarano & Del Valle, 2017).

This paper shows that SFF of key apple aroma constituents will achieve almost perfect organic
recoveries with almost no traces presented in the water-richphase. Phase behaviour indicates
that organics separation occurs as a single stage because of polarity differences in feed.
Therefore, organics are easily recovered in the vapour phase. Thus, indicating the likelihood

of feasibility in terms of its separation.
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2.5. Comparison of advantages and disadvantages for the traditional and

suggested extraction method

Table 2-5 provides a summary of the mentioned advantages and disadvantages between the
conventional evaporation) and suggested (SFF) extraction methods as previously discussed:

Table 2-5 Advantages and disadvantages of the traditional and suggested method

Advantages Disadvantages

Conventional Method: Evaporation

e High energy-intensive process

e Boiling of water not
environmentally friendly

e High operating temperatures not
suitable for thermally labile
compounds

Suggested Method: SFF

e Suitable for small- and large-
scale productions

o Easily maintained and low
construction cost

e Simple operation

e Solvent easily recovered

e Solvent power-adjustable o High operating pressure = High
improving yield and selectivity operating costs

e Solvent cheap, non-toxic, non- e High purchasing costs
flammable and inert ¢ Unpredictable phase behaviour

e Suitable for thermally labile for complicated mixtures.
compounds e Limited processing capacity

e Improved transport properties
2.6. Phase equilibria: Review

In most industrial processes, such as distillation, adsorption, and solvent extraction, two
phases are in contact, and mass transfer occurs between these two phases, i.e., the vapour
and liquid. The rate and amount of mass transferred depend on the distance between the
compounds and whether the system is at equilibrium or not (Varasteh, 2012). Vapour liquid
equilibrium data, generally presented in a graphical form, include the representation of vapour
and liquid phase concentrations obtained at various process parameters (i.e., temperature and
pressure). Evaluating the vapour-liquid equilibrium data enables the comparison of a range of
process parameters optimum to enrich the vapour and liquid fractions (McCabe et al., 1993).
Data obtained from previous authors for pure component and binary systems, and in some
instances ternary systems, are readily available in literature (Elizalde-Solis et al., 2003;
Secuianu et al., 2010; Bejarano et al., 2011; Zamudio et al., 2011; Varasteh, 2012; Bejarano
et al., 2015; Madzimbamuto et al., 2016; Fourie et al., 2019). However, the phase equilibrium
data is not available for all systems, especially those containing multicomponent mixtures. In
this case, a compound of similar binary phase behaviour can assist with the analysis of the
behaviour of the unknown compound present in the multicomponent mixture. In certain

instances, the phase equilibrium data for a binary system can be used to investigate the
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parameters required for fractionation of a multicomponent mixture (Reverchon et al., 1995;
Nufiez et al., 2011; Del Valle, 2015; Garcez et al., 2017; Lee et al., 2018).

With over 300 volatile compounds present in apple aroma, evaluating the multicomponent
phase behaviour for each binary system with CO: of this system would be time-consuming.
Therefore, the multicomponent phase behaviour comprised of volatile apple aroma
compounds present in South African produced apple aroma concentrate based on their:

e Contribution to the overall aroma.

e Characteristic apple odour/description.

e Concentration; and

e Presence in different apple variants

The process presented uses CO: as the solvent as described in 2.4. The volatile compounds
selected comprised of selected compounds identified as adding value to the characteristic
apple aroma (desired) and those that don't have any direct resemblance to apple aroma
(undesired) and based on their overall concentration and contribution to the odour/scent as
described in 2.2.3.

2.6.1. Binary VLE data
Figure 2-6, Figure 2-7 and Figure 2-8 shows the VLE data for the binary system of hexanal

and CO:2 (Lopez-Porfiri et al., 2017), trans-2-hexenal (Villablanca-Ahues et al., 2021) and COz,
and hexanol and CO: (Elizalde-Solis et al., 2003; Secuianu et al., 2010).

250 250
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5 5
] =]
@ 100 S w° . @ 100 :.
ot ° L o ® g | ® o
o 50 i ¢ o 8 ° & 50 .o ° °
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0 0,2 0,4 0,6 0,8 0 0,2 04 0,6 0,8 1
Hexanal vapour/liq/uid mole fraction, trans-2-hexenal vapour/liquid mole
XY fraction, X/Y
Figure 2-6: Isothermal binary vapour-liquid Figure 2-7: Isothermal binary vapour-liquid
equilibrium data for hexanal/CO> at e 313,2K;  equilibrium data for trans-2-hexenal/CO. at e
e 323,2 K; @ 333,2 K (Redrawn from Lépez- 313,2K;  323,2 K; » 333,2 K (Redrawn from
Porfiri et al. (2017)) Villablanca-Ahues et al. (2021))
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Figure 2-8: Isothermal binary vapour-liquid equilibrium data

for hexanal/CO2 at ® 293,15 K; ® 303,15 K; ® 333,15 K;
353,15 K; 397,78 K (Redrawn from Elizalde-Solis et al. (2003)
and Secuianu et al. (2010))

For Figure 2-6, Figure 2-7, and Figure 2-8, the left-hand side of each graph represents the
fraction obtained in the vapour phase, and on the right-hand side, the fraction obtained in the
liquid phase. The figures provided presents the binary vapour and liquid equilibrium mole
fraction for the volatile compounds present in apple aroma and CO: at a given pressure and
isothermal conditions. The volatile compounds in each binary system represented those
compounds described to have a significant contribution and concentration present in apple

aroma described as desired and undesired in section 2.2.3.

Figure 2-6 shows that increasing pressure at a lower constant temperature will decrease the
hexanal vapour fraction. In contrast, increasing temperature will result in liquid rich in CO2, with
similar trends presented in Figure 2-7 and Figure 2-8 followed for the binary systems; trans-2-
hexenal and hexanol. However, a significantly small change in the fraction of vapour enriched
at changes in pressure and temperature for all binary systems. Further, increasing the
temperature to above 353,2 K results in an increased hexanol vapour fraction and increases
significantly as the CO: enriches in the vapour phases, as shown in Figure 2-8. An illustration
of the separability of the said desired and undesired volatile apple aroma compounds
presented in shows the binary vapour-liquid phase equilibrium data for the systems combined

at 333 K as represented in Figure 2-9:
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Figure 2-9: Vapour-liquid equilibrium for binary systems M trans-2-hexenal/COz;
hexanal/CO2; and 4 hexanol/CO> at 333 K
It is evident in Figure 2-9 that the desirable/valuable hexanal and trans-2-hexenal can be
enriched in the vapour phase but hexanol will comprise a higher fraction. At the same operating
conditions, these compounds follow similar trends thus indicating that these compounds are
not separable in the vapour phase but will always coexist. However, further optimisation and
fine-tuning conditions such as temperature and pressure can minimise the amount of hexanol

enriched in the vapour phase.

At pressures above 100 bar, change in the slope in the vapour phase fraction hexanol can be
noted, indicating that the above this pressure at the given temperature the rate at which the
hexanol enriched in the vapour. The amount of the desired hexanal and trans-2-hexenal
enriched in the vapour phase could be maximised at an operating pressure below 100 bar. At
the given conditions, the fraction of hexanol enriched in the liquid phase increases with a

decrease in pressure, indicating that the liquid enriched can be maximised as well.

The data presented above indicate that desired volatile apple aroma compounds and the
undesired hexanol are not entirely separable. However, it is possible to enrich the vapour with
a higher fraction of the said desired volatile compounds and the liquid with a higher fraction of

the said undesired volatile compounds and water.
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2.7. Mathematical models to describe phase behaviour of supercritical

systems

Mathematical models can predict the phase behaviour of multicomponent mixtures by
correlating a suitable mathematical expression with vapour-liquid equilibrium data of binary
systems. The expressions are usually represented in a computational form and are selected

based on the dynamics of the process.
2.7.1. Dynamic models used to predict phase equilibria

Thermodynamic modelling combines an appropriate mathematical model to experimental
vapour-liquid equilibrium data to correctly describe the behaviour of binary systems. This
allows the use of mathematical equations instead of experimental data, such as to test the
possibility of post-reactional fractionation (Reverchon & De Marco, 2006). Based on
experimental data, the simulator uses this model to predict the vapour-liquid equilibrium data
and other physical properties such as density, viscosity, specific volume, etc.

There are various types of equations of state (EoS); the most widely used are Peng-Robinson
(PR), Redlich and Kwong (RK) and Soave (SRK) equations of state. The Peng-Robinson
equations usually provide similar results to the Soave-Redlich-Kwong (SRK) equation.
However, it is better in predicting the density of many components in the liquid phase,
especially those that are nonpolar (Peng & Robinson, 1976). The typical activity coefficient
model includes the Non-Random Two Liquids (NRTL) model. This model applies to mixtures
containing polar compounds (for example, water). The other types of models that are also
known are Wilson, UNIFAC, UNIQUAC and Van Laar. These models make use of the activity

coefficient of compounds to predict the properties of liquids.

Literature shows that EoS have been most successfully used to model the phase behaviour of
SFF systems (Coelho et al., 2016). Most used are the Redlich-Kwong and Peng-Robinson
family of correlations, with their corresponding mixing rules. Of these, one of the most
successfully used EoS is the Redlich-Kwong —Aspen Eo0S. However, the unique property
method describes the organic components in an aqueous solution. Thus, excluding water
phase interactions. The use of a simplified EoS, in the same manner, may be inappropriate,
as the effect of the highly polar water molecule is likely to have a significant impact on the
prediction of the system's phase behaviour (Yazdizadeh etal., 2011; Lopez-Porfiri et al., 2017,
Jafarian Asl & Niazmand, 2020).

Novella et al., (2020) combined the Soave-Redlich Kwong (SRK) thermodynamic model
modified by Boston Mathias with the Peng-Robinson-Redlich-Kwong (PRSK) mixing rules and
UNIQUAC activity coefficient model (known as the ¢ — ¢ approach: EoS thermodynamic

model combined with an activity coefficient model) to describe the thermodynamics for the
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fractionation of acetic acid in a counter-current column using supercritical CO2. A
thermodynamic model combined with the activity coefficient model selected governs the polar
nature of carboxylic acids and water with high pressure. The mixing rule incorporates excess
Gibbs free energy, GE, and four binary interaction coefficients regressed with experimental
data for each binary sub-system predicted the multicomponent phase behaviour. The
theoretical stage approach seems inadequate because the simulation overestimated the actual
separation performance and the number of stages determined required less than one stage,
explained by the low mass transfer rate. Simulation data shows that high solvent-to-feed ratios
govern the mass transfer efficiency, i.e., theoretical stages. Simulation data and experimental
data could vary due to liquid distribution in the column, ultimately affecting the liquid-fluid
exchange area, which explains the poor mass transfer efficiency obtained from experimental
data. However, the simulation is still suitable for theoretically predicting the system
performances and optimising the system for optimum extraction and the theoretical stages

required to obtain the objective (Novella et al., 2020).

A dynamic model developed by Fernandes et al., (2007) for the fractionation of a binary mixture
containing squalene and methyl oleate by supercritical CO2showed a good correlation within
a reasonable degree of accuracy comparedto experimental data and its ability to predict outlet
stream composition profiles. The model is developed based on partial differential equations
corresponding to the material balance on the column in combination with algebraic equations
used to describe mass transfer, biphasic flow hydrodynamics in packing and VLE of the
system. Results obtained from the model shows a good representation of supercritical systems

and find use in optimising process parameters and control purposes (Fernandes et al., 2007)

Using EoS and conventional mixing rules in combination with group contribution GE models
could improve predictability and correlative ability ( Boukouvalas et al., 1994; Spiliotis et al.,
1994).

Two recently proposed models (EoS/GE), Linear Combination of Vidal and Michelsen (LCVM)
and modified Huron-Vidal (MHV2) mixing rules, were compared by Spiliotiis et al., (1994)
based on the predictability of the solubility of aromatic hydrocarbons in supercritical CO2. The
LCVM model (Boukouvalas et al., 1994), which is a linear combination of the Vidal and
Michelsen mixing rules coupled with UNIFAC and t-mPR EO0S, results show a better prediction
at bubble point pressure than the MHV2 model (Michelsen, 1990; Dahl and Michelsen, 1990;
Dahl et al., 1991). The model couples the SRK EoS with modified UNIFAC with the Huron-
Vidal mixing rule. However, it does have difficulty in predicting the solubilities VLE for heavy
compounds and solids. The MHV2 model gave significant errors in phase equilibrium
predictions as the asymmetry increased in size. For most compounds, the two models
presented similar results (Dahl and Michelsen, 1990; ; Michelsen, 1990; Dahl et al., 1991,
Spiliotis et al., 1994)
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In the work of Effendiet al., (2013), two semi-empirical density-based models, Chrastil and Del
Valle-Aguilera, were used to evaluate experimental solubility data and Peng—Robinson EoS
(PR-E0S) with quadratic and Stryjek—Vera mixing rules described phase behaviour of the
system. The Chrastil and Del Valle-Aguilera models correlated with experimental solubilities
at various temperature and pressures with satisfactory results. The PR-EoS with quadratic and
Stryjek-Vera mixing rules interprets phase equilibria well but adjusted binary interaction
parameter hardly affectedthe data. However, the total reaction heat results showed consistent
conventional density-based correlations because it reflects stronger interaction forces (Effendi
et al., 2013).

Correlation GE models, such as the UNIFAC class, allow EoS models to become a strictly
predictive tool. The UNIFAC/GE model accounts for low pressure group parameters. However,
the EoS/GE models have difficulty in predicting the phase behaviour of specific compounds.
Therefore, the development of EoS/GE models requires an EoS based expression for the GE
model.

2.7.2. Mathematical models for CO,-water-hydrocarbon systems

Flexible and predictive EOS models apply to a system with polar components and an activity
coefficient model for mixtures containing polar and nonpolar mixtures and low pressures. For
this study, the Soave-Redlich-Kwong EOS model was investigated in combination with the
Kabadi-Danner (SRK-KD) mixing rules, an improved equilibrium calculation for a mixture
containing hydrocarbons and water for phase equilibrium calculations.

The thermodynamic model is a modification of Soave-Redlich-Kwong EOS designed explicitly
fora hydrocarbonand water system. The model on its own has been unsuccessful in predicting
the phase equilibria for the water-rich liquid phase due to the immiscibility of the hydrocarbon
system. The modified SRK EOS is mathematically expressed as (Soave, 1972):

p= RT a
" V,.—b V,(V,+b) (4)
Where,
a=aop + Akp (5)

And a, is described as the standard quadratic mixing term:

n n
a0=z' z Xi Xj/ Qi aj(l—kij) (6)
i=1 j=1

Where;
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3
_ (D (2 ij
ki]'_kij +kij T+T (7)

kij = kj;

agpis the Kabadi-Danner mixing rule term for water and is determined from (Kabadi & Danner,
1985):

n
Agp = Z Ay XX (8)
i=1
Where,
n T Cl
a,; =G [1- (E) (9)

And the term G; is described as the sum of the group contributions that make up the
hydrocarbon molecule and the best fit value obtained for ¢; = 0.80, mathematically expressed

as:

G = Zlgl (10)

Where g; is described as the group contribution parameter for the group, including

hydrocarbons. Typical values for kwj are represented in Table 2-6.

Table 2-6: Best fit values of kywj for hydrocarbon interactions

Hydrocarbon group k,;
Alkanes 0.500
Alkenes 0.393

Dialkenes 0.311
Acetylenes 0.348
Napthenes 0.445

Cycloalkenes 0.355
Aromatics 0.315

Considering that the feed presented comprises mainly water, interactions within the organic-
rich phase might not be easily predicted by the general EoS or activity coefficient models. The
Kabadi-Danner mixing term, therefore, accounts for the hydrophobic interaction of
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hydrocarbon molecules and water. This is a result of most organics presenting immiscibility in
the water-rich phase (Kabadi & Danner, 1985).

2.8. Economic evaluation: Supercritical fluid extraction (SFE)

Supercritical fluid technology has shown diverse applications in processing industries based
on research. However, due to the misconception that the technology is not fully competitive
and extortionate compared to conventional or common methods, certain countries have been
hesitant to apply this technology in industries (Del Valle, 2015).

Studies show that mathematical models can be used to predict the technical feasibility of SFE
processes. However, the interest is in the economic viability of such operations. Applying this
technology on a commercial scale shows feasibility in the separation by upscale methods and
the economic viability demonstrated as the cost of manufacturing suggested by Turton et al.,
(1998).

Aninvestigation by Rosa & Meireles (2005) establishes the feasibility in terms of manufacturing
cost (shown in the expression below (Turton et al., 1998) of the supercritical extracts of clove
buds oil (Eugenia caryophyllus) and ginger oleoresin (Zingiber officinale Roscoe) from

experimental data.:

COM = 0.304FCI;, + 2.73Co, + 1.23(Cyr + Cyr + Crar) (11)

Where COM is the cost of manufacturing, FCIc is the fixed capital investment; Cov is the cost
of operating labour, Cur is the cost of utilities, Cwr is the cost of waste treatment, and Crw is

the cost of raw materials (Turton et al., 1998).

70 minutes total extraction for the extraction of clove buds determined the manufacturing costs
at a clove and ginger extraction rate of 90 and 345 kg/h, respectively. With the total operating
hours of 7920 hours per year (Rosa & Meireles, 2005). In addition, clove extractions required
a higher CO: flow rate than that of the ginger. The study shows that the production of clove oil
using SFE is noticeably more economically feasible when compared to ginger oleoresin. Of
the total manufacturing cost, the raw material cost comprised 55.67% for clove oil. In ginger
oleoresin, the fixed capital investment was 60.59% of the total manufacturing costs and
approximately the selling price. The data clearly indicates that SFE does not present feasibility
in extracting clove bud oil and ginger oleoresin. Various factors influence the feasibility of a
process, and in this case, optimising process parameters longer extraction time results in
higher manufacturing costs (Rosa & Meireles, 2005).

In the investigation by Rocha-Uribe et al., (2014) the same method as used by Rosa & Meireles

(2005) for determining the manufacturing costs demonstrated feasibility in the extraction of
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habanero chilli oleoresin and clove bud oil based on experimental data. The Chemical
Engineering Plant Cost Index (CEPCI) provided in equation (12) includes the inflation on
manufacturing cost as part of the total manufacturing cost (Turton et al., 1998):

o= ex () (57) @)

Where C represents the cost, | the index and V the capacity (m3).

A process simulator validated with experimental data based on SFE extraction of habanero oil
evaluated the process's energy requirements obtained at a solvent flow rate, 90.2kg/h of CO:
to enable the feasibility study. Upscale pilot plant data were used to investigate the economic
feasibility for industrial applications. Increasing run time resulted in decreased manufacturing
costs. Both habanero chilli and clove extractions presented high manufacturing costs due to
raw material costs (approximately 75 — 81 %). Habanero chilli oleoresin SFE extracts fetched
a higher market value, thus deemed economically more feasible than clove oil extracts.
However, SFE presented positive economic development for both processes in terms of their
feasibility. Despite the significantly high manufacturing costs, CO: extract fetches a

considerably higher value on the market, thus, presenting feasibility (Rocha-Uribe et al., 2014).

SFE of peach almond, spearmint leaves and marigold flowers extractions present similar
feasibility results. Data obtained from experimental VLE enabled the evaluation of process
parameters deemed feasible due to the cost-intensive process. Peach almond and spearmint
oils showed that the consumer-ready products for the cosmetics and food industries are
attainable from SFE. The SFE of marigold flowers does not measure up to commercial oils
shown to be not competitive compared to the commercially produced marigold oleoresin in
terms of product quality; however, high raw material cost explains the high manufacturing
costs. Once again, the manufacturing cost acquired is not at optimum process parameters,
thus influencing the end-result and economic viability for industrial application (Mezzomo et
al., 2011). It is, therefore, crucial to compare a process at optimum conditions to fully

comprehend the economic viability for industrial applications,
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2.9. Conclusion

A thorough assessment of literature revealed that:

1) Apple aromais currently produced as a byproduct during the production of fruit
sugars with triple effect evaporation. The process yields a highly diluted product
therefore it requires further processing.

2) Apple juice consists of various volatile compounds, all of which, to a greater or lesser
extent, dissolve in supercritical CO2. The volatile compounds comprise those that add
value to the aroma and other organic compounds that have undesired characteristics.
Trans-2-hexenal shows importance in the characteristic apple aroma. In addition,
carbon-6 aldehydes and esters are described to have an apple-like odour. Hexanal
and ethyl-2-methyl butyrate are present in significant concentrations in most apple
varieties. The alcohols such as hexanol identified have no direct resemblance to
apple aroma, thus not adding value to the product.

3) Literature indicates the likelihood of feasibility in the separation of organics, hexanal,
trans-2-hexenal, and hexanol, and water. The economic analysis of such processes
has not been published.

4) Various methods could be used to concentrate apple aroma from apple juice.
Thermal labile compounds rule out the use of evaporation and distillation. Solvent
extraction poses difficulty in the separation of solvent from the product obtained. On
the other hand, supercritical fluid fractionation using CO:2 requires a lower operating
temperature and solvent is easily separable from the product.

5) High recovery of total organics obtained through CC-SFF indicates that supercritical
CO:is a viable solvent, and the product has added value. On the other hand, vapour
rich in both desired and undesirable compounds indicate CO2 might not achieve the
partition for these fractions. The process also requires further investigation to reduce
water enriched in the vapour phase

The economic viability for the process indicates positive prospects; however, SFE lacks
industrial applications due to the misconception that it is more expensive and operational costs
are too high compared to other traditional methods. Be that as it may, process presents a
significant increase in the product quality and lowered energy consumption. Therefore,
feasibility is shown in the product quality and energy consumption when compared to
conventional methods.
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2.10.Chapter Outcomes

Phase equilibria reviewed in this chapter fulfilthe requirements for the first objective in Chapter
One. For selected compounds based on the overall contribution to the apple aroma profile
show optimum at pressures below 100 bar and low operating temperatures. Mathematical
models described show that a modification to the equation of state thermodynamic models is
suitable for the extraction of aroma compounds. The mathematical model described correlated
with vapour-liquid equilibrium data obtained from literature provides a base for the
development of process models using a process simulator. Therefore, fulfiling the
requirements for objective one. Thermodynamic models are used by various authors for
investigating a limited range of process conditions for multi-component mixtures. The accuracy
of these models is improved through correlation with experimental data through
computerisation. Thus, formed part of the second objective. Previous research suggests that
separation occurs as a single stage for the fractionation of apple aroma. Compounds that add
value to apple aroma and those that are undesired will always coexist in the vapour phase
therefore product quality is increased by decreased water concentration. This formspart of the
considerations made for the process layout consideration thus fulfilling part of the requirements

for objective three.

Page| 39



CHAPTER THREE

Materials, Methods, and Methodology




CHAPTER 3 Materials, Methods, and Methodology
3. MATERIALS, METHODS, AND METHODOLOGY

This chapter outlines the materials and methods employed during the experimental work to
attain the objectives (1-3) set in Chapter 1. The first objective required the development of a
process model. Principally, data by Bejarano & Del Valle (2017) and pilot plant experiments
validated the model to investigate the multi-component mixture for the second objective. The
model was used to investigate the ideal process layout of a process to concentrate apple
aroma. Further, an order of magnitude and simulation energy data based on the best-suited
process layout were used to investigate the economic viability to fulfil the requirements for

objective three.

3.1. Introduction

Process simulation tools assist with the investigation of a range of process conditions that are
not obtainable from experiments or deemed time-consuming. The model’'s predictability was
improved by correlating thermodynamic models with literature obtained phase behaviour data.
Further data obtained from such models are generally validated with experimental and
literature data to establish the error margin and accuracy of the model. In this investigation,
pilot plant experiments performed were used to validate mass balance data for the process

model developed.

The process model was investigated for the multicomponent phase behaviour to obtain
optimum conditions suitable for the fractionation of apple aroma. Further, the model developed
was validated with pilot plant data and results obtained from Bejarano & del Valle, (2017). The
model was further developed into process layout scenarios to present the best-suited layout
based on product quality, yield, and organics recovery. The economic viability of the process
was established based on upscale of pilot plant experiments and energy consumption obtained

from the Aspen Plus® process simulator.

3.2. Methodology

Figure 3-1 illustrates the layout of the approach to achieve each of the objectives set in
Chapterl. Most of this work was model-based; a computerised process simulator was used to
regress a suitable thermodynamic model with literature obtained vapour-liquid equilibrium
data. As shown in Figure 3-1, the sequence of activities begins with the model development of
phase equilibrium data. This was simulated as a single flash unit using the Gibbs flash
algorithm to investigate the separability of the multicomponent mixture. In addition, it served
as a base for the development of process layout scenarios. A model feed solution based on
South African industry produced apple aroma concentrate, recovered from a multi-staged

evaporation process, was investigated to represent fractionation of apple aroma using
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supercritical CO2. Process route layout scenarios developed based on the previous model
were investigated to retrofit a fabricated apple concentrate production facility. The best-suited
process layout scenario was selected by comparing the product quality, organic compounds
recovery, product yield, and energy requirements. The best process layout scenario was
presented. The economic viability for the best layout was represented through an order of

magnitude evaluation based on pilot plant data and simulation energy consumption.

Development of . Theoretical Process Analysis:
process model based investigation of the Optimisation of p))/rocess
on literature data and S.eparablllty using |ay0ut and estimation of
validation literature phase energy requirements
experimentally equilibria data
( ( )
( ) Collect binary
Develop a process model | vapour-liquid Suggestvarious process
of a counter-current G_QUIlllbtl’lum data{_to || Ia%/c?gt)st;?nn;r;)%slég}g;r;ed
fractionation column and simulate separation L Y
validate with literature data \ en&iﬁ’ggﬁgﬁg:‘g&?ﬁ;ﬁgﬁl ly
L J ( . .
Determine separation \ J
factor of
( . ) Y multicomponent 4 N\
Test separation of South mixture simulated as a
African industry apple flash unit Compare process layouts and
{ concentrate to validate \ recommend best suited
mrc;_del a;)r}d preglct | processfor the aroma
ac 'eva.f. e product consituents based on product
specifications quality and energy
\_ J consumption
r N - -
Validate productquality and (
energy consumption of
—| modelusing pilotplantdata L Test economic viability ofthe
obtained from counter- suggested process layout
current fractionation
experimental results L
\_ J

Figure 3-1: Approach to experimental work

The proposed method uses gas absorption at high pressure using supercritical CO2. A model
solution was investigated to represent apple aroma obtained from the South African industry.
The model solution comprised of key apple aroma compounds was investigated to fractionate
valuable apple aroma compounds i.e., total aromas (hexenal and trans-2-hexenal) from
undesired compounds (hexanol and water). Product quality obtained from experimental work

were used to validate computer-simulated process models.

Whenever possible, scientific investigations can be assisted with correlation models that
enable the feasibility of a process to be determined. This saves resources in terms of the costs
and time incurred. In the current investigation, a process model was developed based on the
existing process. It was validated using the analysis results of the products obtained from the
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pilot plant discussed in this chapter. The energy and material data obtained from the process
model was then adjusted to fit pilot plant data to improve the predictive accuracy of the product

quality.

Knowledge of the phase behaviour of the relevant system enables the prediction of the
feasibility of the proposed process. The phase behaviour data can be obtained from literature
through vapour-liquid equilibrium (VLE) data. There are numerous mathematical models (or
equations) that can be used to predict phase behaviour. These mathematical models are
known as thermodynamic models. Each thermodynamic model has its specific applications,
and most models can be used to accurately predict a specific compound's phase behaviour.
However, the accuracy of these models is improved by regressing the model with vapour-liquid
equilibrium data obtained from the literature. Furthermore, the regressed thermodynamic
model was used to predict the phase behaviour of the compounds for the development of the
process model.

The process model was regenerated into process route scenarios to represent the fractionation
column retrofitted to a fabricated industrial process. The process layout scenarios were
investigated based on the process topology, energy requirements and product quality and
compared to obtain the best-suited process layout for concentrating the apple aroma
compounds. The mass fraction of water enriched in the vapour phase, obtained from the
process simulator, was used to establish the product quality; as the water fraction increases,
the product quality decreases. Product yield was established from the feed and enriched
vapour fractions. Each layout presented was based on scenarios for the fractionation column.
Other major units, such as heaters, coolers, pumps, etc., were not considered because
material and energy data remain constant throughout those units. Products obtained from pilot
plant experiments were used to validate the results of the process model developed.
Experimental data obtained from pilot plant experiments were used to validate the process

model developed.

The economic viability of the proposed process layout was illustrated through an order of
magnitude economic feasibility study based on a scale-up of the pilot plant used to investigate
the counter-current fractionation of apple aroma. Energy consumption obtained from the Aspen

Plus® process simulator validated energy of the CO:recycle process.

In the sections to follow, a detailed description of the activities labelled in Figure 3-1 is

described.

3.3. Development of process models

Process models are mathematical representations used to describe a process. Typically, they
consist of interconnected process units, each represented by their characteristic process
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model written in mathematical form. They have an input entered by the user or adopted from
the preceding unit. The output of the system represents the process output. Process models
are typically used to perform mass and energy balances and predict stream and product
compositions. Process models land themselves to computerisation since they typically involve
iterative computations. In this age of ubiquitous computational facilities, process models are
almost exclusively used in computer applications and software packages. They vary in
complexity. The most sophisticated include thermodynamic and economic modules capable of
predicting physical properties, vapour-liquid equilibria calculations and can source the latest
physical and economic data from online resources.

The Aspen Plus® v10 process simulator, part of the AspenOne package by AspenTech®, was
used in this work. It is primarily a steady-state process simulator, although v10 has
incorporated the modelling of batch processes. The main advantage of using a computer
package is its ability to rapidly perform many iterative calculation cycles that enable several
process parameters to be investigated.

The general procedure for developing a process model using the Aspen Plus ® process
simulator is described below:

(1) The "properties” mode under the Properties option on the start-up provided chemical
components that were retrieved from the databank and retained in the active memory
of the programme.

_»Qj Simulation

Ja) safety Analysis

"’i’ Energy Analysis

a. Components were specified under the Component Specifications in the list
box:

Select components
All ltems =

Component ID Type Compenent name Alias
F » HEXANAL Conventional 1-HEXANAL C6H120-D2
2-HEX-01 Conventional 2-HEXENAL.-(E)- C6H100-N32
HEXANOL Conventional 1-HEXANOL C6H140-1
L Assay/Blend WATER Conventional WATER H20
(@] Light End Properties
o co2 Conventional CARBON-DIOXIDE co2

Find | [ Elec Wizard | [ SFE Assistant | [ User Defined | [ Reorder | [ Review
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b. The thermodynamic model was specified under the Methods Specifications

in the list box. The Soave-Redlich-Kwong Eos in combination with the Kabadi-
Danner (SRKKD) method was selected:

ts

(4 g Methods
ations
& Selected Methods

Meth;ls-Spedﬁca‘linns

Control Panel +

I @ Global |Flmw;heet Sections | Referenced | Comments

g Parameters Property methods & options Method name
i common g -
(3 Routes Method fifter el SRKKD = [ Methods Assistant... |
[@] NC Props Base method SRKKD -
[ Tabpoly Henry components [C] Modify
[ Chemistry

(2) The properties module were run to retrieve property data and to calculate additional

properties for the selected components,

a. Experimental isothermal binary-liquid phase equilibrium data were retrieved

from the Aspen Plus® database and input under Data in the list box.

L Property sets [@Semp @Data | @Constraints | Measurement Method | Commen ts
4 | Data Category [TTYCUICUCNN - Datotype PXY -
@] HEXAN313 Components in mixture
(@] HEXAN323
2-HEX-01 HEXANAL
@] HEXAN333 HEXANOL coz
B]HEXOL283 WATER
[@]HEXOL303
[G]HEXOL313 [>]
@] HEXOL333
[&]HEXOL353 [=]
@] HEXOL397
@] HEXOL403
B]HEXOL432
@] TRANS313
Constant temperat pressure
ETRANBB Temperature 3132 K A -
(@] TRANS333 Pressure bar Units
1 Estimation
Name e s Descnpron Deiete
e x
HEXAN323 x
HeanIz x
HEXOL293 X
HEXOL303 X
Hexou x
exouns x
HEXOL333 x
HEXOL397 X
Hexouos x
exouas x
TRANS313 x
TRANS3Z3 X
TRANS333 x
& 5etup |Qnm |uCr_~ns‘Juinu [ E——TET ro——
atatype  FXY Generste Deta.. | | Clear Dotz
Fxperirnental dasa
Usage PRESSURE X X v ¥
MPa =  HEXANAL - 02 =  HEXANAL - Co2 -
STD-DEV 0% 0.1% 1%
DATA .13 0682 «on
DATA 4,33 0448 0,004
DATA 574 0278 0,002
DATA 6,36 0224 0,001
DATA 18 0135 002

Experimental data for pure components were entered in the Properties Data
PURE-COMP form
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c. Inthe Run Type list box, the Regression option was selected in the Run Type
list box to set up the correlation to simulate the experimental binary phase
equilibrium data entered in Properties Data MIXTURE form

TOE ST léiﬁmal}rsis N ﬁ Ia 4 |7 Regression
MIST
. E> g HEXANAL
) DECHEMA | i Estimation g

Mest Run Reset | g HEXANOL

C& TRANS2
Run [ Analysis

[ata Source

W‘ Data Regression Run Selection - O x | Summary | 4 Status |

Select regression case{s) to run and their order Convergence status

Don't Run Run

HEXANAL
HEXANCOL + Property status
TRANS2

+ Aspen Plus messages:

<< ‘ The fellowing DRS cases were

completed with warnings:

HEXANAL HEXAM

[ o< J[ concel |
(3) In the simulation option of the package, a flowsheet was built by sequentially placing

the icons representing each process unit on the "canvas" in the flowsheet tab of the
graphical interface,
a. Process streams link the units,

(4) The properties, such as pressure, temperature, flow rate and compositions, of each
stream, were entered into all feed streams,

(5) the parameters, such as pressure, temperature, and other parameters of each process
unit, were entered into the entry tab for each unit,

(6) Once all required parameters were entered, the RUN option was selected to simulate
and perform phase equilibria calculations

(7) Mass and energy balance for the entire flowsheet was obtained from the Results
Analysis.

(8) The multicomponent phase behaviour of the system was modelled using the Gibbs
flash algorithm simulated as a flash drum (simulated as a FLASH2 unit) in the Aspen
Plus® process simulator based on the correlated experimental binary phase
equilibrium and pure component data. The Gibbs flash algorithm is used to calculate

vapour and liquid mole fraction in equilibrium at a given temperature and pressure.
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(9) In addition, the process model analysis tool, Sensitivity Model Analysis, assisted with
the evaluation of process operating conditions effect on the product quality, product
yield and organics recovery.

g —unveEryTiee + | Manipulated variables (drag and drop variables from form to the grid below)
|-g Flowsheeting Options

X . i Variable Active Manipulated variable Units
(28 Model Analysis Tool B
i i Model Analysis Tools .
4 [ Sensitivity b1 v Block-Var Block=STAGE Variable=TEMP Sentence=PARAM C
_:\’J 5 WLy
4 [gs-1 2 v Block-Var Block=STAGE Variable=PRES Sentence=PARAM bar
—Lﬂ Input Mew | [ Delete | [ Copy
|_a Results
|l Optimization
"3 Constraint ~ | Edit selected variable
| Data Fit Manipulated variable Manipulated variable limits
_oEO Configuration Variable 1 . @) Equidistant Lagarithmic List of values
Type Block-Var - Start point 0| ¢
Block: STAGE - End point 80|
Variable: TEMP - (43 [furszr ol penie =
Sentence:  PARAM o Increment 19|
Units: C

~ | Report labels

# | Sampled variables (drag and drop variables from form to the grid below)

Variable Definition é
WATER Mass-Flow Stream=EXTRACT Substream=MIXED Component=WATER Units=kg/hr -
Mew |
| Edit selected variable
Variable & WATER - Reference
Category Type Mass-Flow -
Stream: EXTRACT -
Al Substream: MIXED -
Blocks Component: WATER -
@ Streams Units: kg/hr -

Fill Variables | | Table Format

Column Mo. Tabulated variable or expression
1 WATER
2 HEXANOL
3 HEMANAL
4 T2HEXE

3.3.1. Thermodynamic Models

In this work, thermodynamic models were used to predict the phase behaviour of the relevant
systems to estimate the distribution of each component in the different phases using
computational tools such as spreadsheets or process simulators. A more in-depth treatment
of thermodynamic models is provided in Chapter 2.

Under the thermodynamic property model, thermodynamic models provided in the Aspen
Plus® process simulator include activity coefficient models, equation of state models, solids,
and electrolyte models. Equation-of-state property methods suggested for hydrocarbons at
high pressure by the Aspen Plus® programme are Benedict-Webb-Rubin-Starling (BWRS),
Benedict-Webb-Rubin-Lee-Starling (BWR-LS), Lee-Kesler-Plocker (LK-PLOCK), Peng-
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Robinson-Boston-Mathias (PR-BM) and Redlich-Kwong-Soave-Boston-Mathias (RKS-BM).
However, flexible, and predictive EOS models apply to a system with polar components and

an activity coefficient model for mixtures containing polar and nonpolar mixtures and low
pressures. For this study, the Soave-Redlich-Kwong EOS model was investigated in
combination with the Kabadi-Danner (SRK-KD) mixing rules, an improved equilibrium
calculation for a mixture containing hydrocarbons and water for phase equilibrium calculations
described in Chapter 2.

Through correlation with literature VLE data, the model predicts binary interaction parameters
to describe the phase behaviour of the mixture. These parameters are usually temperature
dependant.

The “regression” functionin the Aspen Plus® database utilizes experimental correlated data to
determine the selected parameters for the specific thermodynamic model. The regression of
the binary parameters, the Britt-Luecke algorithm were implemented to estimate the objective
function presented in (13):

Texp — Tcalc pexp — Pcalc x©€xXp — xcalc
— - 2+ - 2+ N2
Q=) () Y Y )
i i i

yexp _ ycalc (13)
+y E—2—y
T )

where, T and P refer to the temperature and pressure, x and y to the liquid and vapour phase
composition of each component, ¢ the standard deviation and the superscripts exp and calc
refer to the experimental/measured and calculated values, respectively. The quality of the data

was evaluated based on the average absolute deviation (AAD) as presented in equation (14):
1 N
AAD (%) = NZ le | x 100% (14)
k=1

where, ey is the error between the experimental and calculated values and N is the number of

data points.
3.3.2. Validation of process model with literature and experimental data

Process modelling assisted tools enabled the investigation of process parameters required to
fulfil objectives due to limited experimental work. The process simulator uses this model to
predict the vapour-liquid equilibrium data and other physical properties such as density,
viscosity, specific volume, etc. The model's accuracy was improved by the correlation of
experimental VLE data with a selected thermodynamic model. Pilot plant experiments validate
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data obtained from the process model. Process models perform calculations, and the number
of iterations determines the accuracy of the results; therefore, the model cannot replicate
results obtained from pilot plant data. The FLASH2 unit previously described employs the
Runge-Kutta method to relate the activity coefficient minimisation of Gibbs free energy shown

in equation (15) to an EoS.
Gore = RT [ln(Si - leiln&-] (15)
L

A minimum number of 30 iterations and an error tolerance of 0.0001 was selected.

Approach to fractionation experiments

The following objectives were set for the fractionation experiments with respect to the
objectives set in Chapter 1:
1. To obtain optimum operating conditions, extraction yield and selectivity for the
theoretical model solution characterised by industry:
a. By performing fractionation 4 experiments using column C42 at optimum
conditions reported:
b. By performing fraction experiments on the following optimum conditions
obtained from the Gibbs flash calculation:
c. Determine energy requirement for the fractionation and product quality of the
extract obtained from the theoretical model solution

2. To validate the process model

3. To validate the best-suited process layout.

4. To provide pilot plant material and energy data that will enable the economic evaluation.
Equipment described in 3.7 enabled the investigation of the proposed method. Since the
aroma compounds and water have limited solubility in CO2, separation depends on the
superior solubility over the other in COx. In this case, the organic compounds are significantly
more soluble in CO:2 than water, and almost all compounds have limited miscibility in water.
The mass transfer rate from the aqueous solution to the gas phase is efficient enough to be
practically feasible in a counter-current column of a reasonable number of stages, i.e., column
height. The optimum range of operating conditions to maximise product quality, organics
recovery, and yield for the process was investigated through a sensitivity analysis using the
Aspen Plus® process simulator. Analysis of product samples obtained from pilot plant
experiments validates data obtained from the process simulator; therefore, experiments were

investigated at conditions (i.e., temperature, pressure, and S/F ratio) optimum for the process.
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A comparison of mass flow rate and composition obtained from the simulated model and pilot
plant experiments establishes the error margin for the process simulator. Once validated, the
model for the continuous process was optimised and used to generate process route layout

scenarios.

3.4. Generation of process layout scenarios: Process Synthesis

When a mixture of compounds (products, byproduct, raw material) coexists in one stream,
separation units assist in splitting these mixtures into desirable final products. Counter-current
fractionation obtains concentrated apple aroma constituents from a diluted mixture at high
product recovery.

Mixers and splitters are the basic separation units considered. A mixing operation is only
introduced when necessary, and splitting is accomplished in the piping. As the number of
separation operations increases, the difference in required product specifications decreases.
Therefore, the criteria for selecting separation methods are (1) the separating method; (2)
energy of mass separating agents; (3) separation equipment, (4) optimal arrangement of
sequencing of equipment; and (5) optimal operating conditions. The procedure involved in the
general design procedure is (Turton et al., 1998; Sinnott, 2005; Seader et al., 2011):

The selection of a solvent

The column diameter, D, to obtain gas velocity
Length/height, H, of the vessel, contracting trays/packing
Optimum solvent circulation

The temperature of inlet and outlet streams

© a0~ w DN PF

Pressure
7. Mechanical design

In general, these steps are followed in the design of a unit of operation. However, for the
current investigation, a fabricated process is retrofitted with a sub-process for further
processing apple aroma concentrate recovered as a byproduct from multi-effect evaporation.
For the process described, a process design was considered, and therefore, process route
layout scenarios were developed to establish the best-suited layout scenario. The process
layout scenarios only included optimising the fractionation column. Other major process units
(heat exchangers, pumps, valves, separating vessels) were not included in the investigation
process layout scenarios. Material and energy data is constant forthose units; therefore, it was
disregarded. It was included in the economic evaluation.

The best-suited process layout scenario was obtained by comparing various scenarios based
on CC-SFF. It consists of a basic stripping process in a packed column using a mass transfer

operation (or mass exchanger network). The separation in a packed column is generally

Page | 50



CHAPTER 3 Materials, Methods, and Methodology

treated as a staged process, and the mode of operation is selected as stripping, reflux,
batch/semi-batch and continuous. For design purposes, a flash drum used to separate feed
mixture containing two phases, vapour and liquid, are assumed to be in equilibrium (Seader et
al., 2011).

Apple aroma recovered as a byproduct during the production of fruit sugars, and the process
layout scenarios presented were to be retrofitted to the current process layout in the industry
presented in the literature. The process synthesising steps involved and considered in process
layouts suggested are (1) distribution of chemicals, (2) eliminating differencesin composition,
(3) energy consumption, and (4) process topology. The process layouts were synthesised to
configure a reliable, safe, and economically feasible process with high product quality and
minimal waste (Turton et al., 1998). The process layout scenarios were developed using the
Aspen Plus® process simulator based on a control model to compare the product quality,

recovery, yield, and energy consumed. The best-suited process model was obtained.

Water mass fraction enriched in the vapour phase was used to establish the product quality.
Where possible, the operating conditions were investigated such that the undesired
compound, hexanol, was enriched in the liquid phase, ultimately increasing the product quality.
Optimum conditions for each layout were obtained by investigating operating temperature,
pressure, and solvent-to-feed ratio and, when necessary, near-critical conditions.

3.5. Economic evaluation

Economic evaluation is the systematic identification, measurement and valuation of the inputs
and outcomes of alternative activities. These activities are subsequently analytically compared.
It also helps plan the project's success, knowing when the production will start making a profit.
The types of economic evaluations include; benefit-cost analysis (BCA), Cost-effectiveness
analysis (CEA), cost-utility analysis (CUA) and equivalent annual operating cost (EAOC).

An upscale of pilot plant data enabled the economic evaluation based on an order of magnitude
study in terms of energy unit per product yield. Material balance obtained from pilot plant
experiments evaluated the yield and gas-chromatography analysis the product quality. Heat
duty obtained from the process model was used as energy consumption for the economic
evaluation.
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The chemicals used during this experiment are listed in Table 3-1.:

Table 3-1 Chemicals used during experimental work

Chemical Name Supplier Purity CAS Number
Carbon Dioxide Air Liquide (Pty) Ltd  99,9% 124-38-9
Hexanal Kimix 98% 66-25-1
Trans-2-hexenal Kimix 98% 6728-26-3
Hexanol Kimix 98% 111-27-3

Distilled Water

Table 3-2 shows the list of compounds obtained from Gas-Chromatography Mass-
Spectroscopy analysis using a Thermo TSQ 8000 coupled to a Thermo Trace 1300 GC
provided by Elgin Fruit Juices (Pty) Ltd. The compounds comprise apple aroma recovered as
a byproduct during evaporation in the production facility of the local company. 1000 pl was
diluted into a CTC headspace vial to a final volume of 10 ml with MQ water. 2.5 ml of a 20%
salt chloride solution was added. Anisole d* was added as internal standard. The mixture
vortexed for 30 seconds. The headspace of the sample was analysed with a
PDMS/DVB/Carboxen SPME fibre (grey).

Table 3-2 Analysis of apple aroma obtained from Elgin Fruit Juices (Pty) Ltd

Apple Aroma Apple Aroma
AA18/156 AA18/157
Compound (standard) (05/06/2018)
Concentration Concentration
(mg/l) (mg/l)
1-Butanol 273,55 253,11
Hexanal 7,77 7,39
Ethylbutanoate (Ethylbutyrate) 9,55 8,85
Butylacetate 46,56 46,4
ethyl-2-methylbutanoate 1,65 1,75
trans-2-hexenal / E-2-hexenal 30,49 25,01
Hexanol 2581,49 2476,46
2-methylbutyl acetate 10,37 9,52
Benzaldehyde 8,31 7,73
Hexylacetate 3,36 3,24

A model solution was comprised of selected compounds identified in the apple aroma obtained
from the analysis in Table 3-2. The model solution comprised of a 5% total organics
concentration for analysis purposes solution as shown in Table 3-3.
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Table 3-3: Model solution composition

Mass Fraction in

Mass fraction in

Compound aroma concentrate 5% solution
Hexanal 9.01E-04 1.47E-02
Trans-2-hexenal 3.56E-03 5.82E-02
Hexanol 3.02E-01 4.93
Distilled water 99.7 95

The model solution comprised 5% organics due to the low concentration of organics in the

aroma concentrate (0.3%) and for analysis purposes. The 5% concentration were made up of

the same organic ratio as in the 0.3% feed. This fraction comprised 0.3% hexanal, 1.2% trans-

2-hexenal and 98.5% hexanol. Hence, only the total organics fractionincreased

3.7. Experimental Methods: Supercritical fluid fractionation (SFF)

The experiment was performed using the process illustrated in Figure 3-2 part of a combined

extraction unit purchased from Separex. Table 3-4 describes all equipment in the pilot plant

located in the High-Pressure Laboratory at the Cape Peninsula University of Technology.

Table 3-4: Main equipment description for Pilot plant

Main Component
(As labelled on the plant)

Description

Operating range

CO2 high-pressure pump, P200

Piston pump with adjustable
flow rate. Equipped with
frequency drive, mass flow
meter and its controller to

automatically control flow rate.

100 - 300 g/min at max
700 bar and 0/5°C

P210: Dosing co-solvent and

0.01 - 50 ml/min at max

_ feeding the extraction column. 700 bar
Two liquid : P210/P400
WO fiquid pumps P400: Feeding reflux line to
top of column.
5L vessel equipped with a ID =131 mm
Two hiah-pressure extraction basket and hand-operated 0 - 1150 bar
gh-p screw lids. Surrounded by +20 - +250°C
vessels, A40/A41 )
heated jacket to control
temperature.
1L pall ring packed column H=4m
Counter-current extraction equipped V\."th h'eated Jackets 0~ 350 bar
and sapphire windows at the +20 — 200°C
column, C42
bottom of the column for
viewing of liquid.
0.6L vessels to separate and 0 - 200 bar
fractionate vapour and co- +20 - +120°C
Three separators, solvent from expanding CO2
S50/S51/S52 _ panding
at different temperatures and
pressures
0.6L vessel to remove fine 0 — 200 bar
i i +20 - +120°
Filter, F53 particles and volatile 20 120°C

substances from COz2 before
recycling.
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Condenses CO2 before pump
with a refrigerant mixture
supplied by chiller C2000.

Additional in-line double pipe

cooler ensures COz2 is
maintained in a liquid state
located between condenser
and pump.
Aluminium block with CO2
channels on the inside, heated
through an element. Located
after the pump for heating CO2
to required operating
temperature (usually above
the critical temperature,
31,1°C).

Condenser, CE2000

Heater, HE3000

For this investigation, the high-pressure vessels A40 and A4l were not in operation and
therefore excluded as part of the process description.

3.7.1. Process flow description

The main component of the experimental apparatus was the column (C42), with a height of
4m and an internal diameter of 28mm. The operating conditions (temperature and pressure)
for the operation of the column (C42) were selected based on the binary phase equilibrium
data described in Chapter 2. The column is equipped with four heating jackets to maintain the
operating temperature inside the column. The pressure inside the column is controlled and
maintained by ARV400. For increased mass transfer, the column is randomly packed with pall

rings.

Pure CO2(99.99% purity), in its vapour form, was fed to the system (from the cylinder in Figure
3-2). This line is connected to a recycle stream (controlled by a manual valve MV100) from the
filter (F53) containing pure CO-. This valve is usually flared to the atmosphere before the
plant's start-up to avoid impurities entering the feed stream. The CO:z from the feed stream
entered through the condenser (CE2000), condensing the CO2 down to below 10°C (its liquid
form). It then passed through the cooler to ensure that the CO: s liquid when passing through
the piston pump (P200). The pump controls the CO:2 flow rate and establishes flow through the
system as well. The COzthen passes through a heater (HE3000), which heats it to the required
operating temperature, usually above its critical temperature, 31°C, to ensure that it is in its
supercritical state before entering the column. The CO: entered the bottom of the column
(C42), operating at the desired pressure, temperature, and solvent flow rate. The pressure,
temperature and CO: flow rate are measured and controlled by Laboratory Virtual Instrument
Engineering Workbench (Lab View). The liquid level of the column was viewed through the

sight glass, located on the samp of the column, to ensure that the column was not flooded. For
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the continuous mode of operation, the model apple aroma solution was fed through piston
pump (P400) at the 3" feed entry point of the column (C42) through MV423. This prevented
entrainment from occurring and extended contact time between the solvent and model solution
(McCabeetal., 1993). In addition, this enabled counter-currentflow in the column. The solvent-
to-feed ratio(S/F) was established from the mass flow rate of feed recorded. The CO:
combined with compounds enriched in vapour phase exited the top of the column through
MV425 and passed through ARV400. Separation vessels (S50-52) operated at a pressure of
~50 bar, which reduces the solvent power of CO2, and consequently separating enriched
compounds. The CO:2 passes through a filter (F53) to remove any solid particles or other
impurities and recycles then back to the process via MV500. The operating conditions for

experiments are shown in Table 3-5.

Table 3-5: Operating conditions investigated during experimental work

CO. flow

Feed P
Experiment T (°C) P (bar) rate eed Fump Description
(kg/hr) rate rpm

1 40 70 5 500 Vallldate process model
optimum
Effect of increasing

2 50 100 5 500 temperature

3 40 70 10 200 Effect of increasing S/F ratio

4 40 140 5 500 Bejgrano & D.eII Valle (2018)
optimum findings

5 40 70 5 500 Replica (not for analysis)

Due to variations in feed densities, the feed pump (P210 in Figure 3-2) does not measure flow
rate. However, the flow rate was adjustable by its rotating speed or rate per min (rpm), hence
the variations in feed pump rpm in Table 3-5. Mass recorded over time established the mass
flow rate. A high pump rate and low solvent flow rate enabled the investigation of a low S/F
ratio (i.e., solvent bubbling in liquid). Decreasing pump rate and increasing the solvent flow
rate increases solvent to feed ratio (i.e., liquid trickling down, higher solvent capacity).
Literature obtained optimum conditions was also validated using the fractionation column C42.
A replica of one of the previous runs signifies the reproducibility of the experimental data.

Based on the phase behaviour described for the binary systems in 2.6.1, the process was
investigated at 40 — 60°C, 80 — 140 bar and a S/F ratio of 5 — 15. This established the effect of
temperature, pressure, and S/F ratio on the multicomponent system. The conditions of the
experiments were selected to validate the process model developed. Bejarano & Del Valle
(2017) performed an extensive range of experiments. Since this work was also used to validate
the process model, it was not necessary for all parameters to be investigated. Hence,

experiments were investigated at the selected operating conditions as presented in Table 3-5.

Page | 55



CHAPTER 3 Materials, Methods, and Methodology

The first experiment validated the optimum fractionation conditions obtained from the process
model developed. Increasing the temperature and S/F ratio established the accuracy in model
trend predictions. An experiment at the optimum from Bejarano & Del Valle (2017) investigated
enabled the comparison of the phase behaviour for the different compositions of the model

solutions. In addition, it validated the effect of increasing pressure from the process model.

Limited capacity in the column increased the chance of the column flooding with the feed,

therefore, sampling times were set as follow:

e Mass of feed was recorded every 5 minutes by weighing feed on a balance to establish
a steady feed rate.

e Raffinate was discharged through DAV420 and DMRV420 every 15 minutes and
drained entirely (for approx. 20 seconds) and recorded. Once the steady-state
operation has been established a collective sample of raffinate was collected at the
end of each run for analysis. Additionally, flooding was monitored through sight glass
located at the bottom of the column (the samp) presented in Figure 3-2.

e The extractwas collected at the end of each run and collective samples were sent for

analysis.
The steady-state operation was established in terms of:

i.  Mechanical operation: Steady pumps rate and control systems measurements

(pressure) recorded on Lab View

i. Thermal equipment: Achieved setpoint temperatures and steady thermal

measurements recorded on Lab View

iii.  Hydrodynamic: Steady feed, raffinate and solvent flow rate established from mass

recorded.
iv.  Chemical: Composition of raffinate and extractunchanging over time. This was only

established after experimental runs through analysis of samples.

Based on the experiments performed by Bejarano & del Valle, (2017) an extraction time of 2
hours was selected to establish steady-state operation based on the compositions of hexanal,
trans-2-hexenal (or (E)-2-hexenal as referred by the authors) and hexanol in the raffinate.
Aroma losses due to the solvent were accounted for during the first hour of operation. The
following hour of operation was used for the observation of component mass balances. After
100 minutes, hexanol achieved a steady composition in the raffinate and trans-2-hexenal after
110 minutes. The composition of hexanal remains constant (Bejarano & Del Valle, 2017). For
this investigation, an extraction time of 2 hours (as suggested by Bejarano & del Valle (2017))

was selected initially after establishing steady-state operation.
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During the start-up for the third experiment, a leak on the liquid feed pump occurred which
affected the feed rate to the column recorded and ultimately affecting mass balance
calculations. Upon further evaluation, the pump was diagnosed with a broken seal. In addition,
a significant leak on a bolt at the bottom of the column during experiment 3 prevented the
investigation of all experimental conditions set in Table 3-5. Thus, experiments were limited to
the following conditions presented in Table 3-6.

Table 3-6: Conditions investigated after equipment failure

. T P Solvent Flow Feed Pump rate,
Experiment o
(C) (bar) (kg/hr) rpm
1 40 70 5 500
2 50 100 5 500

Nonetheless, these conditions validated the process model for the feed used in this work. The

viability of the process model was shown through the validation with data obtained from
Bejarano & del Valle (2017).
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Figure 3-2 illustrates the schematic diagram of the equipment used to perform the experimental work.

Feed = > ARV400
MV424 \
P210 — - MV425 |
BPR500
——pl——> -
MV423 Sight glass (located on samp)
C42 BPR510
;2 DMRV500 DAV500
v MV422
8 Gas Cylinder
g CO: supply
Lk
MV421
CE2000
— DMRV520  pavs20

DMRV420

DAV420
HE3000 >
DMRV530

P200

e

MV520

Figure 3-2 Schematic Diagram of Fractionation Column (C42), Condenser (CE2000) followed by the in-line Cooler, CO2 supply pump (P200), Heater
(HE3000), Liquid feed pump (P210) Reflux pump, (P400), Separation vessels (S50-52) and Liquid filter (F53)
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3.8. Sample Analysis

Gas Chromatography coupled with mass spectroscopy (GC-MS) analysed the samples
collected from experiments for the identification of volatile compounds. The GC uses a Thermo
TSQ 8000 coupled to a Thermo Trace 1300 GC. The headspace of the samples were analysed
with a PDMS/DVB/Carboxen SPME fibre (grey)

3.8.1. Sample Analysis

Samples of the feed, raffinate and extract were analysed for the concentration hexanal, trans-
2-hexenal and hexanol. One sample of the model solution was analysed to enable mass
balance calculations. The samples were analysed to determine the effect of temperature,
pressure, and CO: flow rate on key apple aroma constituents and concentration fractionation.
The following analyses were considered:

3.8.1.1. Gas Chromatography (GC) Analysis
The analysis was done as follow:

e For hexanal — 200 pl of the sample was pipetted into 5 ml MQ water and then
extracted with 2 ml diethyl ether.

e For trans-2-hexenal — 20 pl of the sample for samples 01, 02 and Feed was pipetted
into 5 ml MQ water and then extracted with 2 ml diethyl ether. While samples 03-08,
200 ul of the sample was pipetted into 5 ml MQ water.

e The results for hexanol — 20 pl of the sample-for samples 01, 02 and Feed was
pipetted into 5 mI MQ water and then extracted with 2 ml diethyl ether. While samples
03-08, 200 pl of the sample was pipetted into 5 ml MQ water.

Sample numbers are shown in Table 3-7.

Table 3-7: Sample number descriptions

Sample Description

01 Extract from run 1

02 Extract from run 2

03 Total raffinate run 1

04 Total raffinate run 2

05 Steady-state evaluation of raffinate at 30 minutes run 1
06 Steady-state evaluation of raffinate at 45 minutes run 1
07 Steady-state evaluation of raffinate at 60 minutes run 1
08 Steady-state evaluation of raffinate at 75 minutes run 1
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3.9. Chapter outcomes

This chapter provided the material and methods used to attain the objectives of the current
investigation. The process model described in this chapter fulfilled objective 1. Phase equilibria
data obtained from literature was regressed with a thermodynamic model using the Aspen
Plus® process simulator. The process model was developed using a flash unit (FLASH2) to
simulate the phase behaviour for the apple aroma feed with supercritical CO2 based on the
Gibbs flash algorithm. The multicomponent phase behaviour and separability were
investigated using the sensitivity analysis. This was validated with data obtained from Bejarano
& del Valle, (2017) and pilot plant experiments performed, thus satisfying objective 2. Process
layout scenarios were developed based on the previously validated model to obtain product
quality, yield and organics recovery, and energy consumption. Objective 3 was thus
accomplished by the comparison of the previously mentioned factors such as to obtain the
best-suited process layout scenario. Pilot plant mass and energy balances recorded during
experiments were used to perform an order of magnitude economic evaluation (in Chapters 4
and 5) to fulfil objective 3.
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CHAPTER 4 Results
4. RESULTS

The section presents the results obtained from pilot plant experiments and process simulator
in pursuit of the objectives stated in Chapter 1. Mass balances were performed to evaluate the
product yield and quality, and energy consumption was evaluated based on the process model
developed.

4.1. Introduction

Pilot plant experiments were performed at the given range of operating conditions presented
in Chapter three. Mass recorded (of feed, raffinate, and extract) and thermal measurements
enabled the evaluation of steady-state operation, and mass and energy balances to validate
the process model developed to fulfil the requirements for the first objective.

Literature vapour-liquid equilibrium data were regressed with the Soave-Redlich-Kwong
equation of state in combination with the Kabadi-Danner mixing rules (SRKKD) using the
Aspen Plus® process simulator. Differences between pressure estimated by the
thermodynamic model and literature measured data evaluated established the accuracy for
the regression. In addition, the multicomponent mixture simulated as a single two-phase flash
unit model (FLASH2) evaluated the phase behaviour for objective 2. This established an
optimum range for the separability of the model solution. The process model was then
validated with experimental data from Bejarano & del Valle, (2017) and pilot plant experiments.

Based on this model, objective 3 was attained through the development of process layout
scenarios for the best-suited process layout based on product quality, yield, and organics
recovery. The sensitivity analysis tool in the Aspen Plus® process simulator assisted with the
evaluation of optimum process parameters for each scenario. Experimental composition data
and an order of magnitude economic evaluation established the economic viability of the
process based on energy consumption.

4.2. Experimental Results

Experiments included the evaluation of steady state operation for the pilot plant in terms of
thermal, mechanical, and hydrodynamic measurements during operation. The product yield
was determined from data recorded of feed and raffinate, and validated process model. Results
obtained from gas chromatography mass spectroscopy (GC-MS) analysis of raffinate chemical
composition steady state. Further, the extract analysis enabled the validation of product quality
and organics recovery for process model (objective 1). Due to equipment malfunctioning, 2

experiments as shown in Table 3-6, Chapter 3.
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4.2.1. Steady-state operation

For the pilot plant presented in Chapter Three, steady-state operation was required for
validation of the process model developed for objective 1. The process model comprised of a
FLASH2 unit (as described in Chapter three) that simulates the Gibbs flash algorithm at
equilibrium. This required pilot plant experiments to be performed at steady state for the system
to remain at equilibrium for the validation of the process model. The following monitored
measurements established steady state operation:

e Thermal measurements — column temperature remained unchanged at the required
operating temperature for each experiment and separators temperatures below 60°C
(to prevent degradation of thermally labile compounds)
¢ Mechanical measurements — CO2z pump flow rate and column pressure remained
unchanged over time. Separator pressures were maintained at 50 bar.
e Hydrodynamic measurements — feed and raffinate flow rate measurements remained
unchanged over time.
¢ Chemical composition measurements — chemical composition of compounds
remained unchanged over time. This was evaluated based on GC-MS analysis
results presented in 4.2.2.
In Table 4-1, Table 4-2, Table 4-3, and Table 4-4 the average, standard deviation and standard
error were determined from the following equations to establish the accuracy in the data
measured.

LX;
n

(16)

Average, X =
Where, 2. X; is defined as the sum of all variables and n the total number of variables and the

standard deviation:

X2
standard deviation,o = Z(xlT) (17)

And,

o
standard error, SE = - (18)

Where the standard deviation shows the accuracy in the data measured and the standard error
shows the precision in the data.
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Thermal and mechanical measurements

Data presented in Figure 4-1, Figure 4-2, Figure 4-3, and Figure 4-4 shows data obtained from
the Laboratory Virtual Instrument Engineering Workbench (LabView). This is coupled with the
supercritical pilot plant. Data were recorded from start-up for each process controller to
completion of the experiment, every 1-second interval. Each experiment was performed based
on the Pilot Plant Standard Operating Procedure.

The pressure presented in Figure 4-1 shows the data recorded of column pressure (by P1420)
for experiments 1 and 2. During the experiments, thermal measurements of CO: entering the
column (by TI300), column heating jacket temperatures (by T1420, Tl421, T1422, and T1423),
and separators (by TI500. TI510, TI520) were monitored to evaluate the achievement of
setpoint temperatures and steady-state operation. The column temperature was kept at a
temperature to account for heat losses caused by the ambient aroma feed entering. Data
obtained from temperature recorded of the vapour exiting the column (by T1423) are presented
in Figure 4-2. Figure 4-3 shows data recorded for the temperature of vapour leaving the first
separator (by TI500), as most of the extract was collected from the first separator for both
experiments. The temperature was to be maintained below 60°C to prevent loss/degradation
of aromas. Data presented in Figure 4-4 shows the mass flow rate of CO2z recorded during the
operation of experiments 1 and 2.

The data in Figure 4-1 shows that the system achieved the required column pressure at an
increased rate (as indicated by the inclined slope of the graph) within a short-time interval. This
is explained by the small volume of the column. Therefore, requiring less time to build pressure
in the column. After an initial overshoot, column pressure was well maintained within a
reasonable range during operation for both experiments. This is a normal response in
controllers. Minor fluctuations were a result of solvent feed pump and ARV400 controllers
keeping the operating pressure maintained. A pressure drop of 1 bar occurredover 30 seconds
of discharge every 15 minutes. This implies that the system could maintain column pressure
well within the given time range during discharge. The temperature in Figure 4-2 took much
longer to reach the required operating temperature. In contrast, it presented a larger overshoot
in Figure 4-1.
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Figure 4-3: Separator temperature recorded during Figure 4-4: CO2 pump flow rate recorded
experiments during experiments

The heat exchanger (HE3000) consists of an aluminium block heated by an element. CO:z lines
pass through the heat exchanger. Thus, a delay in the heat exchanger’s response was
expected as the controller takes time to respond to changes in temperature. First, the element
heats up through an electric signal which then adds heat to the aluminium block. This then
transfers heat to the CO:z in the lines. In contrast, P1420 is maintained by the automated valve
ARV400 that requires less steps for the controller to take effect. However, after the
achievement of the required operating temperature, the controller maintained temperature with
little variance, < 1°C. The temperature of the first separator after ARV400 maintained a
temperature well below 60°C. On the other hand, temperature was not maintained at steady-

state during both experiments. However, in the separators the enriched vapour is separated
from CO:2 by the reduction of pressure.
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There is a significant change in pressure drop between the fractionation column and
separators (S50 - 51). Therefore, the first separator experiences the largest amount of thermal
stress due to the Joule-Thompson effect. Generally, described by the change in temperature
that accounts for the expansion of gases. Thus, a decrease in pressure results in a decrease
in temperature. Therefore, the heating jacket surrounding the separator has a greater
temperature loss to account for. In addition, the maximum temperature is limited to 100°C.
Thus, operating at muchlower temperatures than the second (S51) and third (S52) separators.
Which usually operates above the 50°C operating line. Therefore, the unsteady temperature

was expected. However, it was well maintained the maximum temperature of 60°C.

Figure 4-4 shows a large variance in the flow rate measured by the feed pump. The pump
clearly had difficulty in maintaining a steady constant solvent flow rate for both experiments.
The risk of vapour entering the pump could explain the erratic behaviour. A pump is designed
to process liquids only. In addition, water enriched in the solvent cycle could result in freezing
in the lines. The low freezing point of water is easily affected by the Joule Thompson effect
experienced in the pump. During the experiment, a malfunction of the solvent pump occurred.
However, after diagnosis, a leak was noted on a line leaving one of the valves located on the
pump. After several minutes of operating, it was concluded that the leak had no significant
impact on the pressure maintained in the column. Thus, the experiments were completed.
However, the leak on the pump could explain the unsteady solvent flow rate recorded. In
contrast, an average solvent flow rate was maintained at 4,97 kg/hr for experiment 1 and 5,04

kg/hr for experiment 2 as shown in Table 4-1 and Table 4-2, respectively.

Table 4-1: Experiment 1 error in measurements

P P1420 T of top T of first CO: flow rate,
' outlets, Tl423  separator, TI500 F1200
a0 €0) ©0) (k/hn)
Average measurement 70.00 39.54 45.55 4.97
Standard deviation 0.24 0.44 0.48 0.78
Standard error 1.95E-05 3.64E-05 3.98E-05 6.30E-05

As expected, the standard deviation for the solvent flow rate showed a large variance. In
comparison, temperature and pressure measurements presented the least deviations. A
standard deviation of almost 1 was obtained for both experiments. This indicates that a steady
pump rate was never achieved with a great fluctuation in the measured rate. However, in
contrast, the standard error for temperature is within a reasonably small, almost insignificant,
range (x 107°) for this data and corresponds well with the standard errors obtained for the
other measurements. This shows that the process was able to maintain the COzflow rate within
4 to 6 kg/hr, on average approximately 5 kg/hr. It presented little to no variation from that range

but remained quite well within that range. Overall, an average rate was well maintained when
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compared to the required flow rate. It is thus obvious that steady-state was achieved in terms
of thermal measurements. For mechanical operation, the pressure was well maintained.
However, the flow rate remained fluctuating. Therefore, steady-state was not completely
achieved and should be noted for validation with the simulation equilibrium process model.
The average pressure measured was well maintained at 70 bar for experiment 1 and 100 bar
for experiment 2, based on data presented in Table 4-1 and Table 4-2. The pressures had low
standard deviations and standard error for both runs indicating the low variance in the pressure
measurements. The system was quite steady in terms of pressure.

Table 4-2: Experiment 2 error in measurements

P P1420 T of top T of first CO: flow rate,
' outlets, Tl1423  separator, T1500 F1200
a0 €0) ©0) (kg/hn)
Average measurement 100.00 50.87 27.76 5.04
Standard deviation 0.24 0.72 2.08 0.83
Standard error 2.05E-05 6.10E-05 1.77E-04 7.07E-05

For the first experiment, the average outlet temperature was below the required 40°C.
However, an average overall temperature for the column (T1420, Tl421, TI422, TI423) of
40.79°C was maintained during operation. Indicating that the temperature operates above the
required in the column. Similarly, for experiment 2 the outlet temperature was 50.87°C and an

overall average column temperature was 50.8°C. The required temperature was at 50°C.

Albeit, the top outlet and overall column temperature deviations, it does not vary significantly
from the required operating temperature for both experiments (by 1°C). A 1°C difference does
not significantly impact the overall phase behaviour of the process and mass transfer.
Therefore, it can be assumed that process temperature was well maintained at the required
set points. This is also justified by the low standard errors obtained, which shows the little
variance in the measured data.

Variations in data obtained for the temperature of the first separator temperature is explained
by the thermal stress experienced by the heating jacket to account for the significant pressure
drop previously described (the Joule-Thompson effect). The pressure in the column is
maintained by ARV400 and responds to the solvent pump rate at which CO: is fed to the
column. As a result of the inconsistent solvent pump rate, the ARV400 had to account for the
fluctuations by releasing pressure to the separators. Ultimately, influencing the temperature
maintained. It was thus expected that the temperature controller would not be able to maintain

temperature steady.
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Hydrodynamic measurements

After the thermal and mechanical steady state was established, the hydrodynamic behaviour
of the process was evaluated. Data recorded from feed to the column and raffinate discharged
enabled mass balances to be performed. The aromas enriched in the vapour phase and lost
due to the solvent cycle was determined from the mass balance. Feed and raffinate data were
recorded for 2 hours over 10 minute intervals as presented in Figure 4-5. This prevented a
significant pressure drop to maintain steady-state operation because during discharge column
was emptied through raffinate. Frequent discharging time intervals results in too many

unsteady data points in data and ultimately increasing standard deviation.
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Figure 4-5: Feed and raffinate mass flow rate measured during experiment 1
The first experiment established hydrodynamic steady state within 45 minutes. The raffinate
discharge rate was steadier than the feed rate based on the data presented in Figure 4-5. Both
feed and raffinate data evaluation occurred every 10 minutes and the feed rate remained within
a reasonable range was steady after 30 minutes. For an additional 90 minutes, mass flow rate
data was recorded to start data collection for chemical composition steady state. After 75
minutes of feeding, the feed rate changed significantly and varies at a higher range. The

raffinate rate remained steady for the first 90 minutes of operation, followed by a sudden
decline.

The possibility of inconsistent pump rate (from feed pump P210) could have resulted in the
erratic feed rate recorded. In addition, the line to the pump is exposed to air, thus, a sudden
decline in the feed rate could be because of air entering the system, especially during changing
of the feed bottle. Erratic behaviour of pumps was also noted. In addition, the pump was
pumping against the pressure in the column and as previously observed. Column pressure
was steady overall but showed deviation based on the pressure recorded for a certain time

interval. Therefore, explaining the inconsistent feed rates. However, rate fluctuations fall within
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a reasonable range for mass flow rates. This was confirmed with the low standard deviations
obtained from the feed and raffinate data presented in Table 4-3. The standard error indicated
that variance in feed data was within a reasonable range.

Raffinate data indicated that there was variance in the mass flow rates but is still within an
acceptable range. Accumulation and hold up in the column could result in not all fluid reaching
the bottom to evaluate the mass balance. Due to column packing, it is likely that accumulation
and hold up would occur. Therefore, it takes time for the fluid to pass through the packing to
reach the bottom. In addition, the packing is random. Therefore, an inconsistent discharge rate
should be expected. However, the deviation was 33%. This affected the mass balance for the
following reading as fluid accumulated in the column could be discharged at any point.
Therefore, there are instances where the raffinate mass recorded was greater than the feed

flow rate.

Table 4-3: Standard error for experiment 1 mass flow rate data

Mass flow rate
(kg/hr)

Feed Raffinate

Average 1.14 0.86
Standard deviation 0.30 0.29
Standard error 0.08 0.10

An average rate of 1,14kg/hr was maintained during the first experiment as presented in Table
4-3. A standard deviation of 0,3 was obtained, which means that the data deviates within a
~26% range from the average. This is within an acceptable range. Steady-state operation is
usually not maintained during industrial applications. Similarly, a standard deviation of 0,29
was obtained for the raffinate data, showing a variance of ~33%. This was a result of the
decline in the raffinate flow rate after 90 minutes of operation.

Mass flow rates recorded for experiment 2 shows a large variance for the feed data measured
at different time intervals. The raffinate flow rate remained quite steady within a reasonable
range after 50 minutes. After 100 minutes the flow rate increased to above the steady line
between 50 and 90 minutes. Experiment 2 clearly shows a larger deviation in the feed data in
comparison to experiment 1.

Page | 69



CHAPTER 4 Results

Experiment 2
2,00

1,60

1,20

0.80 Feed

— Raffinate
0,40

Mass flow rate, m (kg/hr)

0,00
0 50 100 150
Time, t (min)

Figure 4-6: Feed and raffinate mass flow rate measured during experiment 1
A higher average feed rate was obtained at 1,46 kg/hr with a similar average raffinate
discharging rate as presented in Table 4-4. As expected, the data showed a larger standard
deviation in mass flow rates recorded for the feed. The raffinate feed data recorded had a lower
standard deviation as steady flow rates were achieved within 60 minutes. It is thus obvious

that it took the system approximately 60 minutes to establish a hydrodynamic steady-state for
both experiments.

Table 4-4: Standard error for experiment 2 mass flow rate data

Mass flow rate
(kg/hr)

Feed Raffinate

Average 1,46 0,82
Standard deviation 0,49 0,17
Standard error 0,17 0,06

The increased pressure had an impact on process controllers’ ability to maintain steady state.
This is due to the backpressure of the column that the liquid feed pump (P1210) experiences
during feeding. The feed pump is pumping the feed from ambient conditions to a pressure of
100 bar. Changes in pressure during operation creates a pressure pulse and could translate
to increased vibrations that the pump experiences (Sinnott, 2005). In addition, the ARV400
was able to maintain pressure in the column. However, minor fluctuations measured by P1420
creates fluctuations in the backpressure experienced by the feed pump. Therefore, the feed
pump experiences vibrations that could explain the inconsistent feed rate. Overall, the process
maintained steady-state operation within a reasonable range with variations in terms of
thermal, mechanical, and hydrodynamic behaviour of the process. The process shows that it

can reach a set point and keep it well maintained considering the pumps operation.
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Chemical measurements

Chemical measurements were evaluated based on the composition of the organics in the
raffinate. After 1 hour of establishing hydrodynamic steady-state, samples were recorded every
15-minute interval. Data presented in Figure 4-7 shows mass fractions of organics obtained

from GC-MS analysis. Data are presented from a sampling time 60 minutes.

An absence of trans-2-hexenal in raffinate samples collected indicated that complete
enrichment of the compound into the vapour phase occurs before feed reaches the bottom of
the column. This implies that it is possible to completely extract trans-2-hexenal from the
aqueous feed. All samples from sampling time 60 to 105 presented consistency in the
presence of trans-2-hexenal in the raffinate. Thus, based on the observations mentioned
above the concentration of trans-2-hexenal established a steady concentration within the given
timeframe by remaining absent in the raffinate.

Hexanal and hexanol mass fractions in raffinate
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Figure 4-7. Establishment of steady state in terms of chemical composition from experiment 1

Contrastingly, the concentrations of hexanal and hexanol remained fluctuating within the
timeframe presented in Figure 4-7. This indicated that the concentration for these compounds
did not establish steady state. The concentration for hexanal changed significantly between 60
and 90 minutes. A decreased slope after 90 minutes indicated that the concentration started

to settle. However, a validation point after 105 minutes are required to validate this.

In contrast, the concentration for hexanol remained steadily between 60 and 75 minutes and
reduces rapidly after 90 minutes. Between 75 and 105 minutes the concentrations for hexanal
and hexanol follows the same phase behaviour. Both increases then decreases. Thus, it could
be that the compounds mentioned have a relation in terms of their concentrations. In other
words, the concentrations of hexanal and hexanol coexists in the liquid phase. Thus, showing

that the said organic phases are inseparable. The similar phase behaviour trends indicated
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that process established steady state even during the introduction of process disturbances.
Which is clear from the concentrations obtained. In addition, both concentrations data
presented low standard deviations for hexanal at 6.40 x 103 (max + 37%) and hexanol
0.13 (max £ 12%). The low deviation for hexanol suggested that the concentration of hexanol

presented a steady behaviour, therefore fluctuations resulted from another source.

Process disturbances during operation interferes with the steady behaviour of the process unit
operations. Process control systems responds to these disturbances thus changing the steady
state for the process unit. Therefore, the process established a new steady state following this
disturbance. In this case, previous inconsistent feed rates could have altered the steady state
behaviour of the process. This could have affected the thermal and mechanical behaviour of
the process. Irregular pump behaviour was significant contributors in this case. However, as
previously mentioned, the hydrodynamics and mechanics operated within a stable region with

considering the pump behaviour.

To validate the process model developed, the concentrations had to remain stable over a
certain period. Hexanal had a larger deviation range but the decreased slope between 90 and
105 minutes shows the mass fraction starts to reach a stable range. The expected low
deviation obtained for hexanol resulted from the stable concentration between 60 and 90
minutes. Additionally, hexanol operated in a much stable range in comparison to hexanal. This
indicates that it might require longer time to establish a stable concentration for hexanal.

Trans-2-hexenal achieved a steady concentration since the raffinate samples contained no
traces thereof. Thus, based on the concentrations of hexanol and trans-2-hexenal, the system
achieved a steady concentration before 60 minutes of chemical evaluation considering the
process disturbances. However, the concentration of hexanal takes longer to reach a steady
concentration. Additionally, unavoidable process disturbances disrupt the steady behaviour of
the system. In response, the system changes process controllers to maintain system at steady
state. Therefore, it establishes a new steady state operation line and it might be difficult to
establish an exact concentration for the compounds selected. Overall, the concentration
remained quite steady after 45 minutes from the recorded sampling time (minute 105).
Indicating that within 2 hours of operating at hydrodynamic steady state the pilot plant
established steady state. Therefore 2 hours was selected for the second experiment as the
run time for each experiment. The additional 60 minutes would be sufficient to allow hexanal
to achieve a steady concentration.
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4.2.2. Product yield evaluation based on mass balance from pilot plant

The mass balance around the column was performed to establish the mass flow rate of the
extract and compounds lost due to the solvent cycle. The mass balance data was used to
validate the process model as part of objective 1. Energy balance calculations were performed
based on process model data with mass balance data obtained from pilot plant experiments.
Since no reaction occurs, the general mass balance equation used in this section is described
as:

Accumulation = Input — Output (19)

Which is mathematically expressed in terms of mass with respect to time:

i
Ty (20)

Where, C;—rth refers to mass accumulation rate, m; the total mass rate of input streams and
the total mass rate of output streams. For the mass balance the following assumptions were

made:

e The system was operating at steady, therefore no accumulation in the column
o Feed mixture was well mixed before entering column, therefore equal mixing
e Constant overall density over time.

e Volume was constant.

o Equal density for a similar compound

e Nonreactive process

e Temperature and pressure remained constant throughout the column

Thus, the mass balance in equation (20) becomes;

Inputs to the column was the CO:2 feed and liquid aroma feed. Output product streams were
the raffinate (liquid) and extract (extract). The mass balance for the columnwas as follows:

Mextract + Myaf finate = Mfeed + Msotvent (22)

Results of extract and compounds lost to solvent cycle — Mass balance

The mass flow rate of the extract was determined from raffinate, feed and solvent flow rate

during experiments shown in Figure 4-8 and Figure 4-9. Calculations were done on a solvent-
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free basis The fluctuation in the extract flow rate shown in Figure 4-8 and Figure 4-9 was
because of inconsistent feed and raffinate flow rates recorded during experiments. For
experiment 1 an average extract flow rate of 0,29 kg/hr was obtained and 0,65 kg/hr for
experiment 2. However, the average value includes the total extract and compounds lost to
the solvent cycle. Therefore, it should be noted that the actual extract obtained in separators
could vary from the average value calculated. Nonetheless, the value will not have a significant

difference as accumulation in the column is generally considered as O for steady-state

processes.
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Figure 4-8: Mass balance obtained for extract Figure 4-9: Mass balance obtained for extract
(vapour phase) for experiment 1 (vapour phase) for experiment 2

Almost 25% of feedwas enriched in the vapour phase for experiment 1 and 44% for experiment
2. This indicates that the product yield increased from the first to the second experiment. It
could be because of the increased temperature and pressure in experiment 2. However, even
though the product yield has increased, this does not indicate that the product quality has
improved. The increased product yield could therefore be because of increased water enriched
in the vapour phase (i.e., extract) thus decreasing the concentration of organics enriched and
ultimately reducing product quality. By the evaluation of the extract using gas-chromatography
analysis, the product quality was established for the extract obtained from both experiments.
The results are presented in 4.2.3.

4.2.3. Product quality- physical and chemical analysis

This section presents data obtained from gas chromatography coupled with mass
spectrometry. Samples collected from experiments 1 and 2 as described in Chapter Three
were analysed. The raffinate and extract for both runs were evaluated for product quality and
separability of valuable apple aroma compounds. Product quality from pilot plant experiments
validated the model developed in 4.3.2.
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The extract samples from experiment 1 had a stronger apple odour in comparison to
experiment 2 based on the physical characteristics. In both experiments, the raffinate samples
had a significantly reduced apple odour. Extract from experiment 1 had a strong alcohol and
fruity odour in comparison to the feed. Which indicated a high concentration of hexanol.
Samples from experiment 2 had a reduced odour in comparison to experiment 1. Thus,
indicating that samples from experiment 2 had a higher concentration of water due to the
reduced odour. On the other hand, the strong fruity-apple odour noted from the sample
indicated a high recovery of valuable apple aroma compounds. Both extract samples had a
distinct water and organics phase as shown in Figure 4-10. The golden colour represented
water with obvious impurities dissolved in the water phase. However, the impurities in the
process did not influence the result of this investigation due to the model solution feed prepared
and analysis was conducted for the compounds in the model solution. The milky white liquid
comprised of the organics (i.e., hexanal, trans-2-hexenal and hexanol). This showed the
miscibility of the organics in water. Additionally, it is also possible to further increase product
quality of the extract obtained. Organics and water phase can be separated through simple
processes such as a separation funnel. Therefore, it is possible to obtain a 100% organics
recovery in the product.

Figure 4-10: Extract collected from separators S50 — 52

For the data presented in Table 4-5, experiment 1 was performed at 40°C, 70 bar and
experiment 2 at 50°C and 100 bar. Both experiments were performed at a S/F ratio of 5. The
extract comprised of samples collected from separators S50, S51 and S52. No extract was
obtained from the filter, F53, for both runs. The raffinate comprised of a combined sample of

the total raffinate collected from minute 30 to minute 105.
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Table 4-5: Product quality from pilot plant experiments 1 and 2

Hexanal trans-2-hexenal Hexanol Water
Sample Description
Mass fractions
FEED 8.34E-05 1.63E-03 4,30E-02 0.96
1 extrun 1l 1.97E-03 6.01E-02 0.93 8.42E-03
2 ext run 2 4.65E-04 2.80E-03 5.64E-02 0.94
3 Total raff run 1 3.55E-05 7.62E-05 4.66E-03 1.00
4 Total raff run 2 1.56E-05 - 1.23E-03 1.00

ext = extract, raff = raffinate

The extract obtained from experiment 1 to experiment 2 showed a significant change in total
organics recovered. For experiment 1 the concentration for hexanal, trans-2-hexenal and
hexanol increased by 24, 37 and 22 times, respectively. For experiment 2 the concentrations
increased by 5, 2 and 1 times. It is thus obvious that experiment 1 presented a much greater
recovery of organic compounds in the extract. The ratio for organics achieved in the extract for
experiment 1 was 1:2:1 and experiment 2 at 5:2:1. For experiment 2, hexanal achieved a
greater fold in the extract. The ratio of trans-2-hexanal and hexanol remained the same.
However, the increased water concentration decreases the product quality significantly.
Therefore, experiment 1 achieved much higher product qualities. For experiment 2, greater
recovery was achieved for valuable aroma compounds at a lowered product quality. In addition,
the extract obtained from experiment 2 had more of an apple-like odour in comparison to
experiment 1. Thus, it is obvious that extract from experiment 2 showed an improved overall
quality in terms of the recovery of organics that add value (represented by hexanal and trans-
2-hexenal) and enriching liquid phase with the undesired aroma fraction (represented by
hexanal).

In the total combined raffinate for experiment 2, no trans-2-hexenal was present in comparison
to experiment 1. This means that for experiment 2, trans-2-hexenal was completely enriched
in the vapour phase before sampling minute 30. Trans-2-hexenal is therefore easily separated
from the water. In addition, chemical measurements in 4.2.1 show no presence of trans-2-
hexenal in the raffinate. This indicates that the experiment doesn't need to run to completion
to extract the valuable apple aroma compound. However, not all hexanal was extracted. The
fact that hexanol comprises significant traces in the raffinate indicated that it might be possible
to completely recover all the desired compounds (hexanal and trans-2-hexenal). However, the
similar phase behaviour for organics clearly shows that these two phases are not separable.
Therefore, organics concentration in both liquid and vapour phases will always coexist.
(Villablanca-Ahues et al., 2021; Lopez-Porfiri et al., 2017; Secuianu et al., 2010).
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On the other hand, trans-2-hexenal presents separability in the liquid phase. In addition,
hexanal shows much greater recovery in the vapour phase in comparison to hexanol. Thus,
all valuable compounds are possibly separable from water but not from hexanol. The fact that
trans-2-hexenal and hexanal presented much lower concentrations in the raffinate indicates
that these compounds achieved a greater recovery in the vapour phase. Therefore, this
process might not be able to separate the organic phases from water. However, a higher
recovery of valuable aroma compounds could be achieved. Raffinate also comprises a
combined sample, therefore the mass fractions do not represent the actual final
concentrations. However, based on 4.2.1, the concentration for hexanol and hexanal at minute
105 does not differ significantly from the combined raffinate. This implies that the system

achieved steady-state within the given time frame.

From experiments 1 to 2, the water fraction enriched in the vapour phase significantly
increases. Therefore, a higher product quality was obtained from experiment 1. In experiment
2, a lower fraction of organics was obtained. Nearly 16 times lower than that obtained from
experiment 1 and similar for the valuable apple aroma fraction. This shows a significant shift
in the fractionation of the process. CO:2 density changes significantly between these two
conditions. Therefore, the solubility also changes. But higher COz densities do not favour the

fractionation of apple aroma compounds. However, this requires validation.

4.3. Process model development

A process model was developed using the Aspen Plus® process simulation to accomplish
objective 1. Literature vapour-liquid equilibrium data were regressed with a thermodynamic
model to obtain binary interaction parameters for computation of the phase behaviour. A two-
phase outlet flash drum using the global minimisation of the total Gibbs free energy simulated
as a FLASH2 unit was selected to represent the fractionation column. The model was used to
investigate conditions such as to validate with literature and pilot plant experiments. This
fulfilled the requirements of objective 1. The phase behaviour of the multicomponent mixture
was described to attain objective 2.

4.3.1. Dataobtained from correlation with athermodynamic model

A thermodynamic model was selected to correlate with experimental VLE data for the
development of a process model to attain objective 1. The binary data foreach compound with
CO:2 was obtained from literature ( Elizalde-Solis et al., 2003; Lopez-Porfiri et al., 2017;
Secuianu et al., 2010; Villablanca-Ahues et al., 2021). The Aspen Plus® process simulator
uses the correlated thermodynamic model to predict phase behaviour for a process model
under the Simulation tool option. Binary vapour liquid equilibrium (VLE) data for hexanal,
hexanol and trans-2-hexenal with CO:2, respectively, obtained from literature data was
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regressed with the Soave-Redlich-Kwong (SRK) equation of state in combination with the
Kabadi-Danner mixing rules using the Aspen Plus® process simulator with the method
described in Chapter 2.

Thermodynamic and transport properties (the fugacity coefficient, enthalpy, entropy, Gibb’s
free energy, viscosity, thermal conductivity, diffusion coefficient, surface tension, critical
volume, temperature and pressure, heat of fusion, specific gravity, and heat of formation) were
obtained from literature data and using the NIST database in the Aspen Plus® process
simulator. Data added to the pure components data improved the predictability of the

thermodynamic model. The process simulator estimated the parameters not available.

The results of the regression of the phase behaviour for the binary system hexanal/CO: are
shown in Figure 4-11. The source of the data used in the correlation is shown together with
the sets of data. On the left-hand side vapour and liquid phases are shown in combination and
the right-hand side shows the vapour phase correlation. Similarly for the data presented in
Figure 4-12 and Figure 4-13.
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Figure 4-11: SRK-KD correlation with literature obtained VLE for binary system hexanal/CO2
40°C (L6pez-Porfiri et al., 2017); e 50°C (L6pez-Porfiri et al., 2017); e 60°C (L6pez-Porfiri et al.,
2017); — — —SRKKD correlation
The mole fraction of hexanal/CO2 in vapour and liquid phases measured at variations in
pressures experimentally was obtained from literature (Lopez-Porfiri et al., 2017). The SRKKD
thermodynamic model regressed with little variance in the estimated pressure from the

measured value. The percentage difference was determined from equation (23):

P, — Pesti
Difference (%) _ _measured estimated (23)
P, measured

Equation (18) was used to determine the percentage difference for binary data of trans-2-
hexanal and hexanol. The results of the simulation for the binary system trans-2-hexenal/CO2
are shown in Figure 4-12.
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Figure 4-12: SRK-KD correlation with literature obtained VLE for binary system trans-2-

hexenal/CO2
e 40°C (Villablanca-Ahues et al., 2021); » 50°C (Villablanca-Ahues et al., 2021); e 60°C
(Villablanca-Ahues et al., 2021); — — —SRKKD correlation

Correlation results corresponded to that obtained for hexanol/CO: regression. Figure 4-11 and
Figure 4-12 suggests that the SRKKD model does not fit well with experimentally measured
pressure obtained from literature in the vapour phase. The results of the simulation for the
binary system hexanol/CO: are shown in Figure 4-13 (Secuianu et al., 2010; Elizalde-Solis et

al., 2003).
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Figure 4-13: SRK-KD correlation with literature obtained VLE for binary system hexanol/CO2
20°C (Secuianu et al., 2010); e 30°C (Secuianu et al., 2010); e 60°C (Secuianu et al., 2010);
80°C (Secuianu et al., 2010); e 124,63°C (Elizalde-Solis et al., 2003);— — — SRRKKD
correlation

The data presented in Figure 4-11, Figure 4-12, and Figure 4-13 show the binary data for the
regressed Soave-Redlich-Kwong EoS with the Kabadi-Danner mixing rules (SRKKD)
thermodynamic model (the lines) with experimentally obtained phase behaviour (the dots). All
correlation data obtained from the process simulator for the SRKKD thermodynamic model

showed difficulty in predicting the vapour composition, specifically in the critical region of CO-.

The SRKKD model could predict liquid fractions within an acceptable range for hexanal and

trans-2-hexenal. However, for hexanol, above 60°C the model seems to overestimate the liquid
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fraction as it approaches higher pressure (greater than 150 bar), with an even larger variance
in the critical region. In most cases, the model overestimated the vapour and liquid fraction for

hexanol.

The hexanal correlation data varied between -3 to 2% from experimental data. Trans-2-
hexenal varied between -10 and 6%, with mostly overestimated data points. Hexanol varied
between -16 to 12%. Both hexanal and trans-2-hexenal presented the best correlation at 40°C.
At 60°C, the model correlated well with experimentally measured data for hexanol. However,
the process presents feasibility in the lower temperature ranges (Bejarano & Del Valle, 2017).
In addition, the conditions investigated in 4.3.2 is well below the 150 bar mark. Seeing that the
model predictability decreases at higher temperatures, the model's behaviour was only
investigated at temperatures below 60°C. Therefore, based on the correlation data presented
in Figure 4-11, Figure 4-12 and Figure 4-13 the SRKKD model was capable of predicting
experimental measured data below 160 bar and 60°C within a reasonable range of accuracy.
Using this thermodynamic model to investigate above the parameters said, would result in
inaccurate phase behaviour predictions. Table 4-6 shows the regression results obtained for
the temperature-dependent binary parameters for SRKKD thermodynamic model obtained
from the ASPEN PLUS® process simulator:

Table 4-6 Regression results of binary parameters for the SRKKD thermodynamic model

Binary interaction parameter

Component i Component j

SRKKIJ/1 SRKKIJ/2

-0,4246 0,0014
Hexanal CO2 o* =0,0167 o* =0,0001

4,6545 -0,0143

Trans-2-hexenal CO2

6°=0,9331 ¢ =0,0029

y | -“ 0,2196 -0,0003

exano 2 6°=0,0590 o*=1,76E-05

*o = standard deviation

In Table 4-6 the regressed parameters for the binary mixture hexanal/CO:2 both the first and
second element is close to zero, and in that case, the binary interaction parameter for this
regression case can be regarded as insignificant due to its overall contribution. The low
standard deviation for both elements shown in Table 4-6 indicates that the results from the
regression converged with very little variations in the data, which shows accuracy in the

model’s prediction.

For the regression of the binary mixture trans-2-hexenal/COzq, it can be deduced that the first
element for the binary interaction parameters has a greater significance when compared to the
second element and shows a negative value. Therefore, it can the temperature-dependent
parameter can be neglected in this case due to its insignificance to the first element. The
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standard deviation also shows the little variance in data, which shows consistency with that
obtained from the regression of hexanal/CO2. The regression for the binary mixture
hexanol/CO:2 shows similar results to that obtained from the regression of the binary mixture
hexanal/CO:. The process simulator presented warnings during the regression for the binary
mixtures of hexanal/CO2 and hexanol/COz. However, the data presented in Table 4-6 shows
consistency in the regression results obtained for all regressions. Also, the regression for both
the hexanal/CO:z mixture and hexanol/CO2 mixture converged within 5 iterations. On the other
hand, the trans-2-hexenal/CO: regression converged within 14 iterations without presenting
any warnings from the process simulator. The model also indicated that the regression for
hexanal and hexanol was not tightly satisfied therefore this was noted when investigating the
phase behaviour of the multicomponent mixture. In summary, based on the data presented in
Figure 4-11, Figure 4-12, Figure 4-13 the SRKKD thermodynamic model was a capable fit to
experimental measured data between 40°C and 60°C for up to 150 bar. Therefore, for the
investigation of the phase behaviour for the process model, conditions were set within the
given range.

4.3.2. Multicomponent phase behaviour and separability

The phase behaviour forthe multi-component mixture was simulated with the model presented
in Figure 4-14 in Aspen Plus®. Literature VLE was correlated with the SRKKD thermodynamic
model. Binary interaction parameters obtained from the regression was used to simulate the
multicomponent mixture through a two-phase outlet flash drum. Vapour and liquid phases were
calculated by minimisation of the total Gibbs energy. The model was validated with
experimental pilot plant and literature data such as to completely attain objective 1. In addition,
results for the multicomponent mixture and the separability described in this section fulfilled
the requirements for objective 2.

Figure 4-14: FLASH2 unitin Aspen Plus®

For calculation purposes, a basis of 100 kg/hr was selected. In Figure 4-14 the AROMA feed
comprised of selected compounds presented in Table 4-7, also used for the model solution.

The CO2 flow rate was set to the required solvent-to-feed ratio. EXTRACT represented
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compounds enriched in the vapour phase and RAFFINATE compounds enriched in the liquid
phase.

Table 4-7: Mass fraction of organics and water in apple aroma

Mass Fraction in Mass fraction in
Compound aroma concentrate 5% solution
from industry
Hexanal 9,01E-04 1,47E-02
Trans-2-hexenal 3,56E-03 5,82E-02
Hexanol 3,02E-01 4,93
Distilled water 99,7 95

The 5% concentration model solution comprised of the same fraction for the organics as
presented in the 0,3% concentration apple aroma concentrate as obtained from industry
produced apple aroma concentrate. The organic fraction comprised of 0.3% hexanal, 1.2%
trans-2-hexenal and 98.5% hexanol. Thus, only the water fraction and total organics fractions

changed.
4.3.2.1. Validation of model phase behaviour

The model was validated with experimental literature and pilot plant data. A flash drum was
selected to model the phase behaviour of the process. The model was investigated at the
process conditions obtained from literature and pilot plant experiments. For experimental work,
a model solution of 5% organics was prepared due to the low fraction of organic compounds
comprised in industry produced apple aroma. The 5% organics concentration was based on
the fraction of the compounds presented in Table 4-7. Therefore, for validation, the model was
investigated at the 5% total organics concentration. Literature data comprised of a 0,175%
concentration organics. The water, total organics (hexanal + trans-2-hexenal + hexanol) and
total aromas (hexanal+ trans-2-hexenal) vapour fractions obtained from the model are
presented in combination with the experimental measured data. The accuracy of the model
was shown with the correction factors obtained from the difference in experimental measured

data and model data.

Validation with literature experimental data

The model solution and conditions investigated by Bejarano & del Valle (2017) were
investigated with the process model to obtain the data presented in Figure 4-15, Figure 4-16,
Figure 4-17, Figure 4-18, Figure 4-19 and, Figure 4-20. To validate the model the enriched
vapour fractions for water and the total organics obtained from the process model were
compared with experimental data. A correction factor was obtained for the results using

equation (24) to show model results with experimental data as presented in Chapter 5.

Page | 82



CHAPTER 4 Results
Similarly, the phase behaviour for the 5% organic concentration model solution was

investigated at the conditions selected in Chapter 3 obtained from the data described in 3.7.

Z(J’i, exp — Vi, est) (24)
n

Correction factor,CF =

To show the predictability of the model, feed concentrations of 0.175%, 1.75% and 17.5% at
the given CO: densities and solvent-to-feed (S/F) ratio. The model predicted vapour content
obtained for water are presented in Figure 4-15, Figure 4-16, and Figure 4-17 in combination
with experimental measured data points to show overall trends obtained from the model.
Similarly for the total organics (hexanal, trans-2-hexenal and hexanol) presented in Figure
4-18, Figure 4-19 and, Figure 4-20. 0.175%, 1.75% and 17.5% feed concentrations were
investigated using the model as it was noted that the overall prediction trend for the model
increased with increasing feed concentrations. However, this results an increased correction
factor because of increasing differences between experimental and model feed concentration.
Feed concentrations were fluctuated by increasing overall total organics concentration and
reducing water concentration in the feed. Therefore, organic concentrations fraction within the

total organics remained constant.

0.175% 1.75%

Water vapour mass fraction, yy
o
SN
o
Water vapour mass fraction, yi
o
~
o

190 490 790
. 3 190 490 790
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Figure 4-15: Variation of enriched vapour water  Figure 4-16: Variation of enriched vapour water
content (mass fraction) for 0.175% organics content (mass fraction) for 1.75% organics with

with CO2 density and S/F ratio. COz2 density and S/F ratio.

The dotted symbols ( , o, ) The dotted symbols ( , o, )
represent experimentally measured data and represent experimentally measured data and
straight lines (—, —, ) model estimated straight lines (—, —, ) model estimated

data at S/F ratios 5, 10 and 15 data at S/F ratios 5, 10 and 15
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Figure 4-18: Variation of enriched vapour total
organics content (mass fraction of hexanal,
trans-2-hexenal and hexanol) for 0.175%
organics with CO2 density and S/F ratio.

Figure 4-17: Variation of enriched vapour water
content (mass fraction) for 17.5% organics with
CO2 density and S/F ratio.
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Figure 4-20: Variation of enriched vapour total
organics content (mass fraction of hexanal,
trans-2-hexenal and hexanol) for 17.5%
organics with COz2 density and S/F ratio.

Figure 4-19: Variation of enriched vapour total
organics content (mass fraction of hexanal,
trans-2-hexenal and hexanol) for 1.75%
organics with COz2 density and S/F ratio.

The dotted symbols ( , o, )
represent experimentally measured data and
straight lines (—, —, —) model estimated

data at S/F ratios 5, 10 and 15

The dotted symbols ( , o, )
represent experimentally measured data and
straight lines (—, —, —) model estimated

data at S/F ratios 5, 10 and 15

So ultimately, the ratio of hexanal, trans-2-hexenal, and hexanol remained constant. Thus,
indicating that the model’s accuracy in predicting overall phase behaviour trends are adequate
by investigating the feed at a concentration 102 times the initial concentration. However, this is
only viable above a S/F ratio for 10 and above, as shown in the previous figures. Below a S/F
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of 10, the model's predicted vapour contents had a greater overall average percentage
difference.

At a S/F of 5, the predictability of the model remained the same and well above the literature
experimental measured data after applying the correction factors. The average percentage
difference remained unchanging with increasing feed concentrations. At a S/F ratio of 10, the
model presented the least variations with experimental data. The most deviations were
presented at 0.175% feed concentration regardless of increasing feed concentrations. At a
1.75% feed concentration, the standard deviation for the overall data indicates a slight
accuracy when compared to 0.175% and 17.5% concentrations. Overall water concentration
predictions were the most accurate out of all the data. Almost all data points were equivalent
to experimentally measured vapour concentrations. In addition, with increasing CO2 density
the model’s accuracy decreases but not significantly. For the organic compounds, the average
% differences were similar. The average % difference was determined from equation (25).

; + CF
%difference = Vi et o7 (25)

Vi, exp

Data in Table 4-8 presented the overall average percentage difference at increasing solvent-
to-feed ratios for each feed organics concentration. It does not show the effect of the CO:

density. 100% average difference means no deviation from experimental value.

Table 4-8: Model's predictability accuracy for Bejarano & del Valle (2017)

S/Fratio
Compound 5 10 15
Av?);oag € Standard Av%;oag ©  standard Ave(z;oag ®  standard
difference deviation difference deviation difference deviation
0.175%
Hexanal 137% 59% 106% 29% 126% 50%
Trans-2- 128% 49% 109% 25% 130% 61%
hexenal
Hexanol 118% 41% 106% 21% 124% 55%
Water 103% 20% 100% 3% 100% 6%
1.75%
Hexanal 129% 22% 82% 137% 87% 62%
Trans-2- 124% 24% 86% 89% 98% 25%
hexenal
Hexanol 114% 14% 86% 90% 95% 28%
Water 102% 12% 100% 8% 100% 3%
17.5%
Hexanal 137% 53% 99% 81% 92% 59%
Trans-2- 128% 45% 102% 53% 102% 25%
hexenal
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Hexanol 118% 35% 101% 53% 98% 27%
Water 103% 21% 100% 5% 100% 4%

At a S/F of 5, the predictability of the model remained the same and well above the literature
experimental measured data after applying the correction factors. The average percentage
difference remained unchanging with increasing feed concentrations. At a S/F ratio of 10, the
model presented the least variations with experimental data. The most deviations were
presented at 0.175% feed concentration regardless of increasing feed concentrations. At a
1.75% feed concentration, the standard deviation for the overall data indicates a slight
accuracy when compared to 0.175% and 17.5% concentrations. Overall water concentration
predictions were the most accurate out of all the data, with almost all data points being
equivalent (100%) to experimentally measured vapour concentrations. For the organic

compounds, the average % differences were similar.

Above a S/F of 5 and feed concentration of 1.75% (10! times initial organics concentration in
feed), the model seems to be capable of predicting the phase behaviour of experimental data
points presented with deviations. Even better phase behaviour is predicted at 102 times the
initial feed organics concentration. The correction factor obtained for a 17,5 % feed
concentration on average is presented in Table 4-9. The average was determined over a range
of CO: densities and are shown in combination with the standard deviation obtained from
equation (17). The correction factors obtained for 17,5% is presented as it shows the best

correlation with literature phase behaviour.

Table 4-9: Correction factors for 17,5% feed concentration

SIF ratio Hexanal lir:;;: Hexanol  Water
CF -0.10 -0.19 -0.39 0.69
o; > 0.02 0.04 0.06 0.11
CF 10 -0.11 -0.21 -0.42 0.74
o; 5.70E-03 1.13E-02 0.02 0.04
CF -0.10 -0.19 -0.39 0.68
o; 15 4.83E-03 0.01 0.01 0.03

Data presented in Table 4-9 confirmed that the accuracy of the model is improved with
increasing S/F ratios. Standard deviations decrease with increasing S/F ratios. The correction
factorfor water and hexanol is also greater than that obtained for hexanal and trans-2-hexenal.
Hexanol and water fractions yield higher concentrations in the vapour phase, thus it is expected
that the correction factors will be higher as it is in terms of mass. The negative values indicate
that the model over-estimated the fractions enriched in the vapour phase. Overall, the CF
doesn’t change significantly with variations in the S/F ratio for each compound but the standard
deviations i.e., accuracy reduces. Therefore, the best correction factor was obtained at a S/F
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ratio of 15 and thus this is ultimately the correction factor to adjust vapour fractions obtained
from the model.

Validation with pilot plant experiments

The 5% organics concentration feed was investigated using the process model developed in
4.3.2. The model was investigated at the same conditions (i.e., temperature, pressure, and S/F
ratio) used in experiments 1 and 2. Product quality and yield are compared to validate the
model. Data obtained from the model, in combination with pilot plant data, are shown in Table
4-10. It presented the mass fraction of organics enriched in the extract/vapour phase. For the
first experiment, the conditions were at 40°C and 70 bar. Experiment 2 was set at 50°C and
100 bar.

Table 4-10: Model’s predictability for vapour phase (extract) pilot plant data

Experiment 1 Experiment 2
40°C, 70 bar 50°C, 100bar

Pilot plant Model Pilot plant Model

Total organics (mass fraction) 0.99 0.88 5.96E-02 0.73
Hexanal 1.97E-03  2.58E-03  4.65E-04  2.15E-03
Trans-2-hexenal  6.01E-02 1.02E-02 2.80E-03  8.51E-03

Hexanol 0.93 0.86 5.64E-02 0.72
Water concentration 8.42E-03 0.12 0.94 0.27
Total yield 25% 6% 33% 7%

For experiment 1, the model underpredicted the phase behaviour of total organics and over
predicted the water’s concentration. Contrarily, the model overpredicted for organics and under
predicted the water's concentration. The trends from model estimations for experiment 2
corresponds with process model validation data of Bejarano & del Valle (2017). In addition, the
model presented consistency in the overall predictions at a 0.175% feed concentration. On the
other hand, the model presented larger deviations for experiment 2 as shown in Table 4-10.
The range of deviation between model estimated and pilot plant data corresponds with the
small range of deviation obtained for the 0.175% feed concentration of Bejarano & del Valle
(2017). Which indicated that the large deviation in experiment 2 resulted from a possible error
in the data collected. Nonetheless, the feed compositions in this work varied from that in the
work of Bejarano & del Valle (2017). Therefore, the interactions of organics and difference in
concentrations could have influenced the estimated model data.

The model showed accuracy in the estimation of hexanol enriched in the vapour phase for
experiment 1. Trans-2-hexenal showed the highest deviation at nearly -500% at these
conditions. This shows that the model was not capable of predicting the phase behaviour of
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trans-2-hexenal. For both hexanol and trans-2-hexenal, the model underestimated vapour
fractions. However, it overestimated water and hexanal fractions. The total organics fraction
was well underestimated by 13%. Thus, as a result, water enriched in vapour would be
underestimated. For experiment 2, the organics fraction was overestimated by 92%. This was
mainly contributed by the overestimated hexanol fraction. In this case, trans-2-hexenal
presented the least deviation from experimentally measured data. Estimated water enriched
was completely underestimated by 250%. So even though, the model overestimated the

organics fraction, water’s concentration still varied significantly.

Data obtained from the process model completely underpredicted total product yield. The
model data was based on a 100 kg/hr feed rate. As a result, product yield might not be
accurate. However, differences between the two conditions are by 1%. Whereas experiments
showed a difference of 8% in the product yield obtained. The process model data showed a
significant deviation from experiment 2, greater than 65% for all compounds. Water
concentration deviated the most. However, there is a clear shift in the overall concentrations
between the two experiments. Therefore, it could be that the model does not accurately
account for this change.

4.3.2.2. Multicomponent phase behaviour

An investigation of the effect of temperature, pressure and solvent-to-feed ratio on the mole
fraction enriched in liquid and vapour phases established a range of conditions that benefits
the separation as presented in Figure 4-21, Figure 4-22, Figure 4-23, Figure 4-24, Figure 4-25,
and Figure 4-26. To establish the distribution of a component between the vapour and liquid
phases for a multicomponent mixture, the distribution coefficient was determined from the

following equation:

Vi
K, ==
iT (26)
And the separation factor:
K;

Liquid and vapour fractions were determined by using the FLASH2 unit at the given operating
conditions i.e., temperature and pressure. The range of operating conditions suggested by
literature was investigated to determine their effect on the separability of the following pairs

such as to increase the product quality:
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I.  Hexanol (undesired key apple aroma compound) /water
II.  Hexanal & trans-2-hexenal (valuable key apple aroma compounds)/water
lll.  Hexanal & trans-2-hexenal/hexanol

The feed comprised of 0,3% selected apple aroma compounds and the concentrations
depended on the concentration identified in South African produced apple aroma, presented
in 4.3.2.1. The feed solution was investigated at a range of 40 — 60°C, 80 — 140 bar and S/F

ratios 5 — 15 as shown in Figure 4-21, Figure 4-22, Figure 4-23, Figure 4-24, Figure 4-25, and
Figure 4-26.
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Generally, a separation factor >2 indicates that the separation of the selected compounds is
achievable and that it is possible to enrich the vapour phase with these said compounds. Figure
4-21, Figure 4-22, Figure 4-24, Figure 4-25 show very large separation factors for the total
organics (i.e., hexanal, trans-2-hexenal and hexanol) and hexanal+trans-2-hexenal separation
from water, which indicates that the separation is over-achieved.

This suggests that for the range of operating conditions investigated the organic compounds
are almost completely enriched in the vapour phase and water enriched in the liquid phase.
For both the separation pairs, total organics/water and hexanal+trans-2-hexenal/water, the
separation factors followed a similar trend. The valuable aroma/water presented much higher
values than that obtained for the total organics/water separation. This is evidence that the
separation for the hexanal+trans-2-hexenal/water pair is easily attained when compared to the
total organics/water separation.

At constant pressure, the separation factors for both separation pairs decrease with increasing
temperature, with a substantial decline between 40 and 50°C as shown in Figure 4-21 and
Figure 4-22. This applied to a pressure range between 80 and 120 bar. At constant
temperature, between 80 and 100 bar, the total organics enriched in the vapour phase
increases for 40°C and 50°C and reaches its peak at 100 bar. After 100 bar, the separability is

decreased and at 50°C it remained almost constant with increasing pressure.

On the other hand, at 60°C the separability increased. While conversely, at increasing S/F
ratio, the separability for the total organics/water pair remained unchanging at constant
pressure as shown in Figure 4-24. The highest separation factor was obtained at 100 bar.
Between 80 and 140 bar the total organics enriched in the vapour phase remained constant,
indicating that 100 bar could achieve the best separation when taking the effect temperature
into consideration. Operating at a pressure above 100 bar would result in decreased
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separability, thus obtaining water-rich vapour and consequently reducing the product quality
of the vapour phase.

Similarly, 100 bar seems to favour the hexenal+trans-2-hexenal/water separation as shown in
Figure 4-25. At 80 bar the separation is slightly decreased and further lowered at 140 bar.
Figure 4-22 indicates that hexenal+trans-2-hexenal enriched in the vapour phase rapidly
increases above 100 bar at 60°C. However, below 100 bar, the separation favours lower
temperatures. This indicates that the same separability could be achieved at lower operating
conditions. It is thus best to operate at a lower temperature to reduce energy requirements of

the process if the higher operating temperature would result the same product quality.

Separation factors obtained for the separation of hexanal+trans-2-hexenal/hexanol presents
significantly lower values than those obtained for the total organics/water and hexanal+trans-
2-hexenal/water separation pairs. Thus, the valuable aroma and hexanol are not as easily
separable. On the other hand, the separation is achievable as indicated by the separation
factors obtained between 2.5 and 15 (which is greater than 2) more likely in the higher
operating conditions range. Figure 4-22 indicates that an increase in temperature at constant
pressure would result in a significant increase in separability. However, operating at a
temperature below 50°C would not affect the separability much. Increasing pressure has very
little impact on the separability of hexanal+trans-2-hexenal and hexanol at 40°C and 50°C.
Contrastingly, at 60°C the separability significantly increases above 100 bar. The solvent-to-
feed ratio has a very low effect on the separability (between 2.5 and 3.5) as shown in Figure
4-26. The low separation factors obtained in Figure 4-26 shows the separability is not much
influenced by changes in pressure at constant S/F ratio. However, a drop between 80 and 100
bar at 60°C indicates that the separability reduces with increasing pressure. Above 100 bar,
increasing pressure in combination with the S/F ratio has no impact on the separability of
hexanal+trans-2-hexenal and hexanol. It is thus clear that having a lower solvent-to-feed ratio

would be preferable and feasible for the separation of hexenal+trans-2-hexenal/hexanol.

It is thus obvious that the total organics/water and hexanal+trans-2-hexenal/water separation
pairs are easily separable as indicated by the significantly high separation factors. In contrast,
separating hexanal+trans-2-hexenal and hexanol would require an additional processing step
as the range of conditions tested indicates that these compounds are separable but in a limited
range only. The goal was to increase the product quality by enriching vapour with not only total
organic compounds but valuable apple aroma compounds (i.e., hexanal and trans-2-hexenal)
and enrich the liquid phase with water. Based on the data presented total organics and water

are easily separable, thus product quality can be significantly increased.
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4.4, Retrofitting of CC scCOz fractionation column to current process

layout

Process route layout considerations were based on the process described in Chapter 2, as
shown in Figure 4-27.

Raw Apple | Wasrélng Disintergrator | RaHW d‘]u'cle E';(tracnon
dump an (Millling) (Hydraulic Press or
Sorting Enzymes)
T
Enzyme Treatment . .
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Apple Hot = 50°C for 1hr |~ Filltration - (Removal of aroma and
Juice water)
Cold 21°C for 8hrs
. Standardizing Drum Filling for
71°Brix Tanks (Adjusting to - Export or Bulk
concentrate ) 9 storage in Cold

70°Brix) i

Figure 4-27: Industrial layout of apple concentrate production facility

The CC-fractionation column was to be retrofitted to the process layout presented in Figure
4-27 such as to save resources, production delays and costs for fractioning apple aroma
constituents. Literature reveals that this process usually consists of a 3-stage evaporation
process and it is at the second stage where the apple aroma compounds are removed at 90°C
and vacuum. The following locations for the CC-fractionation column in the process was
considered:

1. Before the multistage evaporation after filtration
2. Afterthe second stage of the multistage evaporator.

Ideally, retrofitting the CC-fractionation to the process before the multistage evaporation could
result in higher product quality because the compounds have not been exposed to any high
temperatures thus preserving thermal labile compounds. However, the feed at this point
contains a variety of compounds mainly water, carbohydrates, proteins, sugars, and organic
compounds and could contain some solid particles. This poses several difficulties in the CC-
fractionation such as the build-up of products in pipelines and column (due to column packing),
regular cleaning of equipment, separation efficiency, etc. However, after the multistage
evaporation, only apple aroma and water are obtained. This means that separation will require
less energy due to a less complex feed. After the considerations above, it was decided to

retrofit the CC fractionation column to after the multistage evaporation process.

Multi-component phase behaviour data indicates that a near perfect separation of total aroma
compounds and water can be achieved with the proposed method. But further optimization to

Page | 92



CHAPTER 4 Results

the current validated developed process model was required to further increase product quality
i.e., reduce water enriched in the vapour phase. Due to the low allowable operating
temperature range, the system consumes way less energy than its counter industrialised
processes. The model investigated in 4.3.2 was used as a basis for the development of each
process layout and as a base of comparison. Other major units (such as heat exchangers,
pump, and valves) and vessels (separators) that form part of the process remains the same
for each process route layout scenario considered and the operating conditions were kept
constant for each layout, therefore it was not included as part of the process model.

4.4.1. Process layout considerations

The control layout presented in Table 4-11 was based on the model developed in 4.3.2 to
investigate the multicomponent phase behaviour forthe proposed method of fractionation. The
Aspen Plus® process simulator was used to develop the process model and to simulate the
phase behaviour of the process using binary phase equilibrium data correlated with the
SRKKD thermodynamic model. The correlation was performed under the Properties data
menu option in the Aspen Plus® process simulator and the SRKKD thermodynamic model was
selected to simulate the phase behaviour of the process under the Methods Specification in
the Properties Methods in the list box. The model was developed in the Simulation option in
the data menu and comprised of a separating vessel (labelled as FLASH2 in the Aspen Plus®
process simulator) with two inlet streams, AROMA and CO:2, and two outlet streams, RAFF
and EXTRACT, that represented the streams to and from the pilot plant CC fractionation
column. The FLASH2 model was selected as it performs vapour liquid calculations at
equilibrium. Which is not always the case for industrial applications but for comparative

purposes, steady-state operation was assumed.

A model feed based on commercially produced apple aroma represented the AROMA stream.
It comprised water and selected apple aroma compounds. The CO: flow rate was set at a
solvent-to-feed ratio of 5. Multicomponent phase behaviour data indicated that low S/F ratios
are optimum for the separability of the total organic compounds present and water. Thus, the
best product quality would be obtained. The conditions of the process model were optimised
to obtain the optimum conditions by varying key operating and design variables using the
Sensitivity Analysis tool in the Data menu under the Model Analysis Tools. In addition, this

tool was used to optimise each layout.

The layouts presented in Table 4-11 were investigated to obtain the best-suited process layout
for the proposed process. Considerations that presented no separability or significantly
decreased product quality were not included such as the recycle of the liquid phase (RAFF).

The following design variables were considered for the process layouts presented:
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i.  Optimum operating conditions for the fractionation process (i.e. pressure,
temperature, and S/F ratio).
ii.  The purge of key apple aroma compounds enriched in the liquid phase.
iii.  Purity of product.
iv.  Recovery of key apple aroma compounds enriched in the liquid phase.
V. Recycle of extract

vi.  Process energy requirements

Table 4-11: Description of process layout considerations

Process layout

. g Consideration Description/Objective
consideration

Gibbs flash algorithm simulated as a
single flash drum used as a base of

comparison for the investigation of a
process layout consideration.

Base of comparison

L= S :
Investigation of CC multistage
2 Counter-current Multistage fractionation with n number of stages
fractionation 9 compared based on product quality, feed
cpncentration, energy requirements and
P e yield.
1
e ‘ Investigation of a multistage CC-
: . . . . fractionation column including a recycle
CC Multi-stage fractionation with .

) g stream of the extract obtained from the
- recycling of extract. . : .
fractionation column based on the split
= Lo fraction.

2

The AROMA stream feed comprised of 0.3% organics (hexanal, trans-2-hexenal, hexanol) and
water. Both the feed streams were kept at the same conditions as the separating vessel to
evaluate the unit only. Therefore, the energy of the process obtained from the Aspen Plus®
process simulator showed a low value (approx. 33 W), which could be a result of energy
required for the separation to occurand not heat duty required. Thus, regarded as insignificant.
The first process layout considered presented in Table 4-11 was CC multi-stage fractionation
with n number of stages. This process layout aimed to obtain a solute-free raffinate and a
product of higher percentage key apple aroma compounds. Therefore, improving product
quality. In addition, each additional stage was optimised to obtain the optimum conditions for
fractionation at each stage. The optimum number of stages was established by investigating
each additional based on product quality, feed concentrations, and yield. The second process

layout scenario presented in Table 4-11 comprised of the best layout obtained from the CC

Page | 94



CHAPTER 4 Results

multi-stage fractionation with a recycle stream. This process aimed to investigate the recycling
of the extract to minimise the vapour fraction of the water such that most water is enriched in
the liquid phase. The split fraction was investigated based on the product quality, organics

recovery and yield to establish the optimum split fraction.

4.4.1.1. Process layout: Consideration 1

Results from 4.3.2 indicate that a single staged process at equilibrium will be able to enrich
most of the water into the liquid phase. However, it is likely that not all key apple aroma
compounds present in the aroma concentrate feed were recovered. Generally, CC
fractionation columns are designed as packed columns with a mass transfer agent (CO3), with
the packing ultimately increasing the mass transfer rate in the column (Brunner, 2009). The
separation in a packed column occurs as a staged process. Thus, an addition of n number of
stages was considered in counter-current mode for the recovery of all key aroma compounds.
Further investigation included the enrichment of hexanol (described as undesired to the
characteristic apple aroma scent/odour) and water in the liquid phase.

For the process layout scenarios presented in this section; CC-multistage fractionation of apple
aroma concentrate with the addition of n number of stages was investigated. Each stage added
to the base case was represented by a separating vessel (FLASH2) interlinked counter-
currently to achieve the desired separation at the operating conditions inputted. To establish
the number of stages/flash units required to fractionate the model feed solution (i.e., apple
aroma concentrate), the process was investigated at a range of solvent-to-feed (S/F) ratios at
low operating conditions, 40°C and 80 bar, as represented in Figure 4-28. The S/F ratio was
investigated as it had no significant impact on the separability using a single flash unit as
presented in Figure 4-28, Figure 4-29, Figure 4-30, and Figure 4-31. Therefore, if fractions
changed it was considered a result of an additional flash unit.

. 0,3 % Feed concentration . 10 % Feed concentration
= 1,00 = 1,00
< e ® O g =
= 0,80 ® 2 0,80
» 0,60 » 0,60
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Solvent-to-feed ratio Solvent-to-feed ratio
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Figure 4-28: Variation of water content in Figure 4-29: Variation of water content in
the vapour phase with S/F ratio and n the vapour phase with S/F ratio and n
number of stages for0,3% feed conc. number of stages for 10% feed conc.
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Figure 4-30:Variation of water content in Figure 4-31: Variation of water content in
the vapour phase with S/F ratio and n the vapour phase with S/F ratio and n
number of stages for50% feed conc. number of stages for90% feed conc.

A further investigation established whether the number of stages influenced the product quality
and yield obtained from the process. Product quality was established based on enriched
vapour water content. Data presented in Figure 4-28 indicated that water enriched in the
vapour phase increased with increasing S/F ratios but remained unchanging after a S/F ratio
of 20. The data revealed that an additional stage would result in no changes in the phase
behaviour of the process. Thus, indicating that the separation occurs as a single stage.
Therefore, to further establish the addition of n number of stages, reintroducing feed at a higher
concentration (i.e., the product obtained from Figure 4-28) was investigated. Results of
variation in enriched vapour water content are presented in Figure 4-29, Figure 4-30, and
Figure 4-31. The feed concentrations investigated was from 10 to 90% and results were
obtained at 40°C and 80 bar.

As the water flow rate increased, the yield increased. Thus, the higher yields were obtained at
a lower product quality with a near 100% recovery for all organics. The organics recovery
remained the same, regardless of the number of stages or feed concentration, except for
concentrations exceeding 90%. Note that the model does not represent actual stages, but a
flash unit was added to simulate the phase behaviour of the compounds. It does not include
the mass transfer of the process. Therefore, experimental data might vary from these findings.
Nonetheless, a single flash unit is just as good as a three-staged flash interlinked counter-

currently in terms of product quality and recovery.

It is thus obvious that increasing the number of stages does not influence the product quality
and product yield below a 50% organics feed concentration. Reintroducing a feed at 90%
organics, clearly indicates that enriched vapour water content increases with the increasing
number of stages. In addition, overall, the water content has significantly increased from 10%
to ~40% in the vapour phase as shown in Figure 4-31. The content then decreases with
increasing S/F ratios. This simply means that a changeover of the product stream occursabove
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a 50% feed concentration. Therefore, in that case, the product would be obtained in the liquid

phase and not the vapour phase. However, a higher product quality than the feed will not be
obtained. The percentage yield obtained from equation (28) is presented in Figure 4-32, Figure
4-33, and Figure 4-34.
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Figure 4-32: Variation of % product yield in  Fi

gure 4-33: Variation of % product yield in

the vapour phase with S/F ratio and n the vapour phase with S/F ratio and n
number of stages for0,3% feed conc. number of stages for 10% feed conc
50 % Feed concentration 90 % Feed concentration

0
100% 100%
% 80% o 80%
= =
g 60% | o o om W " ® g 60%
£ 40% E 20% »
e 20% o
5 S 20% « ¢
0% - u o
0 20 40 0%
Solvent-to-feed ratio 0 20 40
Solvent-to-feed ratio
®Single A Two XThree ® Single A Two XThree

Figure 4-34: Variation of % product yield in  Figure 4-35: Variation of % product yield in
the vapour phase with S/F ratio and n the vapour phase with S/F ratio and n
number of stages for50% feed conc number of stages for90% feed conc

Similarly, the percentage product yield obtained indicates that yield increases with increasing
S/F ratios. It remained constant with an increasing number of stages. Overall, the percentage
yield increases at a much lower rate (remains almost unchanged) for feed concentrations 0.3
to 50%. In contrast, the percentage yield increases significantly with increasing solvent-to-feed
ratios for 90%. However, increased yields were a result of increased water enriched in the
vapour phase. In addition, there were very few changes in percentage product between 0.3

and 10% organics. But there is a significant difference between the water enriched in the
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vapour phase shown in Figure 4-28 and Figure 4-29. Therefore, reintroducing a feed of 10%
organics would result in a smaller product yield at much higher product qualities. Which
indicates that product obtained from first fractionation, will have to be reintroduced to

significantly improve product quality.

A sensitivity analysis performed using the Aspen Plus® process simulator (explained in
Chapter 3) assisted with establishing the effect of temperature and pressure (i.e., density) on
the concentration of water, hexanol, hexanal and trans-2-hexenal enriched in the vapour
phase. This enabled optimum conditions to be selected to maximise the solvent power. The
temperature was investigated at a range of 40 to 70°C, pressure at 70 to 110 bar with a low
S/F ratio of 5. Data obtained from the sensitivity analysis are presented in Figure 4-36, Figure
4-37, Figure 4-38, Figure 4-39, Figure 4-40, and Figure 4-41.

From Figure 4-36 it is obvious that the water enriched in the vapour phase increased with
increasing temperatures and pressures. At 40°C water content rapidly increases and then
steadily decreases with increasing pressure. It remained constant at 100 bar from 40 to 50°C.
Above 50°C and 100 bar it is obvious that there is a point at which water enriched in vapour
would remain constant. At 40°C a vapour product rich in much lower concentrations of water
are produced when compared to higher temperatures below 90 bar. The lowest water fraction
was obtained at 40°C and 70 bar.
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Figure 4-36: Variation of enriched vapour mass Figure 4-37: Variation of enriched vapour mass
fraction forwater with T and P fraction for hexanol with T and P
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Figure 4-40: Variation of enriched vapour mass Figure 4-41: Variation of enriched vapour mass

fraction forvaluable aromas (hexanal + trans-2- fraction for valuable aromas (hexanal + trans-2-

hexenal) with T and P hexenal - left) and hexanol (right) with P at 40°C.
The enriched vapour fraction for hexanol, hexanal and trans-2-hexenal follow similar trends
with changing temperature and pressure as shown in Figure 4-37, Figure 4-38, and Figure
4-39. As expected, the enriched vapour phases decrease in content with increasing
temperature. This was because of increased water fractions. At 40°C and 90 bar, the vapour
phase exhibits the same phase behaviour as at 50°C and 90 bar. Therefore, increasing
temperature at this point would not be feasible because product quality remains constant and
it will increase the energy consumption of the process. Above 100 bar at 40°C, mass fraction
of organics and water remained constant. At 50°C between 90 and 100 bar, phase behaviour
changes as shown in the decreased slope for organics. But above 60°C, it seems that
increasing pressure does not affect the mass fraction significantly. However, water enriched in
the vapour phase showed that product quality decreases with increasing temperatures and
pressures.
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The total valuable aroma compounds i.e., hexanal and trans-2-hexenal presented similar
trends to that obtained for the pure compounds. Therefore, improved enrichment of hexanal,
trans-2-hexenal and hexanol in the vapour phase would be best achieved at lower conditions
of 40°C and 70 bar as presented in Figure 4-40. However, operating at 70 bar would be below
the critical pressure of CO.. Thus, the data suggest that the separation would occur in the
subcritical region of CO2. But 70 bar is not significantly lower than the critical pressure of COz,

therefore operation will be on the critical line or in the near-critical region.

It is evident from Figure 4-41 within single staged fractionation the hexanol and hexanal+trans-
2-hexenal are inseparable. Hexanol content decreases in combination with hexanal+trans-2-
hexenal content in the vapour phase with increasing temperatures. Therefore, a single-stage
CC fractionation process can produce a product of higher quality but not able to separate
undesirable (represented by hexanol) and valuable (represented by hexanal and trans-2-
hexenal) fractions. Nevertheless, the product obtained is still an adequate product that would
fetch a higher value on the market just based on the concentrations of organic compounds
investigated. Therefore, the CC fractionation staged process clearly shows that separation is
feasible as the water content is significantly reduced and ultimately increases product quality

with a near perfect recovery for organics.
4.4.1.2. Process layout: Consideration 2

Three stages were selected because after the 3rd stage no traces of apple aroma compounds
are present in the liquid phase based on previous layout. On the other hand, it comprised
insignificant quantities in the liquid phase for fewer stages. Nonetheless, the extract was
recycled to investigate further purification and the split fraction was investigated to establish
the product quality, recovery and yield as presented in Table 4-12:

Table 4-12: Process layout consideration 2

Vapour fraction

Split
Fraction Water Hexanal Trans-2-hexenal Hexanol

0,1 0,734 7,822E-04 3,095E-03 0,262
0,2 0,734 7,822E-04 3,094E-03 0,262
0,3 0,734 7,822E-04 3,094E-03 0,262
0,4 0,734 7,822E-04 3,095E-03 0,262
0,5 0,734 7,822E-04 3,095E-03 0,262
0,6 0,734 7,822E-04 3,095E-03 0,262
0,7 0,734 7,822E-04 3,095E-03 0,262
0,8 0,734 7,822E-04 3,095E-03 0,262
0,9 0,734 7,822E-04 3,095E-03 0,262
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Enriched liquid and vapour fractions for each compound remained constant. This was
expected since separation occurs as a single stage. Therefore, adding a recycle will not make
any difference.
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4.5. Chapter outcomes

This chapter presented results to fulfil the requirements of the objectives set in Chapter 1.
Steady-state operation established during pilot plant experiments enabled an equilibrium
process model to be validated with experimental mass and energy balance data to fulfil the
requirements of objective 1. A thermodynamic model regressed with literature VLE showed
the model’s accuracy. In addition, the validation with literature, experiments indicated the
model’s predictability is reasonable for S/F ratios above 5 and at higher feed concentrations.
Correction factors obtained established degree of accuracy of the model estimated data.
Results of multi-phase component behaviour attained objective 2 as it suggested that the S/F
ratio had no impact on separability. Additionally, low temperatures and pressures favour the
separation. Product quality and organics recovery from process layout scenarios indicated that
separation occurs as a single-stage. Therefore, fulfilling part of the requirements for objective
3.
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CHAPTER 5 Discussion
5. DISCUSSION OF RESULTS

This section presents the discussion of the results presented in Chapter 4 and established
whether the overall aim of the study was fulfilled. This included answering key research
guestions and comparison to literature findings. The economic evaluation based on the pilot
plant and suggested retrofit presented fulfilled requirements of objective 3. In addition, a

conclusion of the overall findings is presented.

5.1. Experimental product yield and quality
The data discussed in this section was based on data presented in 4.2.1, 4.2.2, and 4.2.3

The product yield between experiments 1 and 2 varied by 1%. In contrast, extract analysis
showed that organics enriched in the vapour phase varied significantly between the two
conditions. The extract obtained from experiment 1, comprised almost no water. Extract from
experiment 2 comprised 94% water. Nearly the initial concentration of organics in feed. Thus,
indicating that no separation occurred. There is a significant shift in the multicomponent phase
behaviour of the process between the two conditions. The extract comprised a total sample
from time 60 minutes. From steady state measurements, it was obvious that the system did
not achieve a steady chemical composition. Therefore, the shift in the phase behaviour could
be due to unsteady measurements. As a result, the water fraction would not be able to
establish a constant composition. The raffinate obtained from the second experiment was not
evaluated for a steady composition. Therefore, a validation of one of the experiments is
required to account for the phase behaviour accurately. In addition, raffinate data in Table 4-5
shows that experiment 2 achieved a higher recovery of organics. However, as previously
described, raffinate comprised of a combined average sample. Thus, the fraction for the
organics does not represent the final concentration. But concentration data from 4.2.1, shows
no trans-2-hexenal present. Therefore, organics final concentrations might differ. However, the
fact that raffinate does not contain trans-2-hexenal indicates that trans-2-hexenal and other

compounds are separable.

The CO:2 pump, P200, clearly posed a threat to the stability of the process. Throughout the
experiments the pump fluctuated mainly between 4 to 6 kg/hr, obtaining an average of 5 kg/hr.
This maintained the required set point flow rate for both experiments. In addition, during
sampling from the column (the raffinate), the pressure would drop unavoidably and changed
the steady pressure operation. However, a limitation on the sampling time of 30 seconds
prevented significant decreases in pressure. Consequently, the CO2 pump would increase the
feed supply to compensate for the pressure lost in the column. Thus, the sudden increase and
decrease the CO: flow rate shown in Figure 4-4. In addition, the automated valve, ARV400,
closes to allow pressure to build to the required set point and then opens. This restricted extract
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flow to the separators. Furthermore, pump operations posed a threat to the steady state
operation of the process. The pump behaviour changed during experiment 2 as noted by the
additional increase and decrease in flow rate presented in Figure 4-4. Diagnostics of the pump
revealed a problem on one the valves located in the pump. Nonetheless, the range of the flow
rate during operation remained stable.

The introduction of the disturbances clearly affectedthe steady state of the process. Therefore,
the process established a new steady state operation through compensation of these
disturbances. Considering the unavoidable disturbances, such as during sampling, the process
maintained steady state well. The low standard deviations in Table 4-1 and Table 4-2, show
that the disturbance did not have such a significant influence on the mechanical and thermal
operations. Nonetheless, the changes that occurred during the introduction of the disturbance
could have influenced the overall phase behaviour of the process. On the other hand, due to
the low concentrations of organics present in the feed, slight changes could influence the
enrichment of those organics into liquid and vapour phases. Therefore, the product quality
obtained might not represent the actual phase behaviour of the but provides a reasonable
estimation for the product quality that could be obtained.

The increased yield in experiment 2 was obtained at a lower product quality. This was because
of the increased water fraction. Between experiments 1 and 2, product yield changes by 8%.
Nonetheless, at a product yield of 25% for experiment 1, product quality was nearly at 100%.
Based on the raffinate analysis at time 60, the extract comprised a mass fraction for hexanal
at 2.64 x 10~4, trans-2-hexenal at 6.50 x 103, and hexanol 0.17. Note that this included the
aromas lost to the solvent cycle because it relies on the mass balance in Table 4-3 and Table
4-4. Nonetheless, the conditions in experiment 1 favoured the fractionation of apple aroma
constituents. In addition, the absence of trans-2-hexenal in the raffinate showed that process
achieves a 100% recovery of characteristic apple aroma constituents. Furthermore, in the
extract hexanol achieved a fold of 26, hexanal 32 and trans-2-hexenal 25. This indicated that
process achieved an increased product quality but not as large as the 94% in Table 4-5. Which
means that data in does not represent the actual concentrations recorded. Consequently, this
would mean that the product quality for experiment 2 might not represent the final product
quality at these conditions. However, based on the points mentioned, the product quality
decreased from 40°C and 70 bar to 50°C and 100 bar at a low S/F ratio.

From experiment 1 to experiment 2, the CO2 density changed from 198 kg/m? to 384 kg/ms.
Based on the data presented in Table 4-5, optimum fractionation of the model solution favours
lower densities i.e., low temperature and pressure. In contrast, in the work of Bejarano & del
Valle (2017), a density of 192 kg/m?* recovered fewer organics in comparison to a density of
358 kg/m?3. These experiments were performed at 60°C, 80 bar and S/F ratio of 10 and 60°C,
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110 bar and S/F ratio of 5. Which is in a much higher temperature range than the pilot plant
experiments performed and a higher S/F ratio was investigated. On the other hand, the S/F
ratio increases between these conditions. Therefore, when comparing the product quality at
the same S/F ratio between 219 kg/m?®and 684 kg/m3, it decreased. At a density of 672 kg/m?
the total organics enriched in the extract slightly increased but does not compare to the
optimum recovery obtained at the density of 219 kg/m3. However, reducing density further
through increasing pressure at a high temperature resulted in decreasing the product quality.
Temperature remained constant at 50°C and pressure increased from 80 to 140 bar. In
addition, these two conditions achieved the highest fraction of organics enriched in the vapour
phase. Nonetheless, the overall phase behaviour suggested that increasing CO:2 flow rate
resulted in decreased product quality. Therefore, indicating a consistency with the phase
behaviour described in this work.

In addition, the feed in literature comprised of a lower concentration of hexanol. For the feed
used in pilot plant experiments, hexanol comprised nearly 98% in the organic phase.
Therefore, the feed investigated in this work was governed mainly by the phase behaviour of
hexanol. For the work of Bejarano & del Valle (2017), hexanol comprised 57%. This could
explain the deviations in the effect of the COzdensity. In, Schultz (1969) obtained a 150 fold
in Red Delicious apple essence at 63 bar and 25°C. This indicated that CO: in its liquid phase
could extractthe apple aroma compounds present in the feed. The first experiment in this work
occurred within the subcritical region of CO2. Nonetheless, the concentration of organics
improved from 5% to nearly 100% total organics. In comparison to the work of Schultz (1969),
the most noticeable difference is the change in temperature. The pressure changed by 7 bar.
The concentration of hexanol is significantly affected by temperature in comparison to
pressure. At higher temperatures, the fraction hexanol enriched in the vapour phase increases
(Elizalde-Solis et al., 2003; Secuianu et al., 2010). However, if that is the case, then it would
be expected that the product yield would increase from experiment 1 to 2. Hexanal presented
lower concentrations in the raffinate based on Figure 4-7. Therefore, achieving a greater fold
in the extract. On the other hand, hexanol comprised <2% in the raffinate based on data
presented in Figure 4-7. It presented significantly lower concentrations in the combined
sample. It is thus obvious that the final fraction of hexanol did not establish a steady
concentration. Most of the valuable fraction was recovered before the completion of the
experiment. So, the process will not be capable of recovering all organics compounds in the
vapour phase. Butit is possible to recover most of the valuable apple aroma compounds. This

does not mean that the separation of valuable fraction and undesired fractions were achieved.

For the separation of essential oil (that comprises volatile compounds) and seed oil in citrus
SFF achieved the highest recovery of D-limonene at 60°C. Yasumoto et al. (2015) indicated
that the optimum recovery of the extract occurred at 30°C. In addition, the solubility of D-
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limonene significantly increased at 30°C and 80 bar. Thus, albeit the longer carbon chainin D-
limonene, the process achieved greater results in the subcritical region of CO.. In addition, the
current work demonstrated that C6 volatiles can be fractionated in the subcritical region of
CO:2. One would expect that the longer carbon chain would require a higher density of CO2 to
extract these compounds. However, within the subcritical region of CO2, the solubility of

volatiles increased.

For the fractionation of isopropanol alcohol (IPA) from aqueous mixtures, low temperatures
and pressures favoured the recovery of IPA (Lalam et al., 2015). In this work, increasing
pressure barely affected the fraction of organics enriched in the vapour phase as indicated by
binary phase behaviour for organics/CO: ( Elizalde-Solis et al., 2003; Secuianu et al., 2010;
Lopez-Porfiri et al., 2017; Villablanca-Ahues et al., 2021). However, the hexanal and trans-2-
hexenal vapour fraction increases with increasing pressure at a constant temperature. On the
other hand, binary phase behaviour for hexanol/CO2 shows that the vapour fraction decreases
with increasing temperatures. Above 100 bar, especially in the higher-pressure regions, the
phase behaviour changes and the hexanol vapour fraction increases (Secuianu et al., 2010;
Lépez-Porfiri et al., 2017). However, the experiments performed in this investigation was not
performed in those higher-pressure region. Therefore, the increased recovery for trans-2-
hexenal and hexanal was a result of increased solubility in CO2. The low temperature and
pressure that favoured the fractionation of C6 volatiles corresponded with the data obtained
from Lalam et al. (2015). Similarly, the work presented by Sefofns et al. (2001). shown that a
temperature 40°C and low S/F ratios favoured the separation of valuable brandy aroma from

alcoholic beverages.

In addition, generally, hydrocarbons present immiscibility in water due to the polar nature of
water. Like usually dissolves like, thus hydrocarbons are likely more soluble in the nonpolar
CO:z. Hence, the raffinate for chemical measurements in Figure 4-7 presented no traces of
trans-2-hexenal. On the other hand, alcohols such as hexanol present miscibility in water to a
certain extent (Claussen & Polglase, 1952; Hertel et al., 2007). Thus, explaining the high

concentration comprised in the raffinate.

On the contrary, the valuable fraction (represented by hexanal+trans-2-hexenal) and the
undesired fraction (represented by hexanol) will coexist in the vapour (extract) phase. This
means that a product free from the undesired fraction of organics will not be obtained. This
compares to data obtained from Bejarano & Del Valle (2017) and binary phase behaviour.
However, a higher fold is achieved for the valuable fraction and not all undesirable hexanol will

be recovered. Therefore, there is an increased value in the product obtained.
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Nevertheless, the decreased organics fraction, indicated a higher product quality is achieved
at low product yields. However, the product quality increased to 17% organics based on the
raffinate analysis. Further lowering the product quality to increase yield, results in product
fetching a lower value on the market. Thus, the increased organic fraction means that the
product would fetch a higher value on the market. In addition, the increased organics enriched
in the vapour phase means that higher purity water in raffinate was obtained. The water
obtained in the raffinate could find various uses in the process for example cleaning, and
ultimately reducing the production costs.

5.2. Process model development
The data discussed in this section is based on the results obtained in section 4.3.
5.2.1. Correlation data

Data shown in Figure 4-11 and Figure 4-12 indicated that the selected SRKKD thermodynamic
model could estimate the binary phase behaviour for hexanal and trans-2-hexenal when
compared to experimental data points. On the other hand, for Figure 4-13, it's obvious that the
accuracy of the thermodynamic is decreased with increasing temperatures. Above 60°C and
150 bar, the thermodynamic model’s predictions deviated significantly with experimental data.
The model presented the most deviations in the critical region of CO.. In addition, the Aspen
Plus® process simulator indicated that the regression cases for hexanal and hexanol were not
tightly satisfied. Therefore, inaccurate prediction could be a result of incomplete regression.
Contrastingly, the hexanal regression presented very low deviations from experimental

measured VLE at between -3 to 2% deviations.

In general, the PR EOS is better at predicting the phase the density of many components in
the liquid phase, especially those that are nonpolar in the high pressure range for supercritical
CO:2 processes (Bejarano et al., 2011; Yazdizadeh et al., 2011; Effendi et al., 2013; Lopez-
Porfiriet al., 2017; Lee et al., 2018; Villablanca-Ahues et al., 2021;). Differences of <8% in the
liquid phase and <2% in the vapour phase was obtained using the PR EoS by Bejarano et al.,
(2011) for correlation of alkanols and CO2. With the SRK thermodynamic model differences
<6% was obtained, however, some data points were well underestimated (-10%), which can
simply be adjusted with a correction factor. The PR EoS well underestimated liquid fractions
in the lower temperature region. In contrast, the SRKKD model presented quite good
correlation results in the lower temperature region for hexanol varying from -11 to 6%. A much
larger range than PR Eo0S, however, most estimated values fell within a lower range of
difference with experimental values. In the work by Villablanca-Ahues et al., (2021) the PR
EoS model well underestimated liquid fractions and more so the vapour fractions for the trans-

2-hexenal/CO:2 system. But in the case of the SRKKD model, most estimated values obtained
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almost matched to experimental values. It is in the higher temperature and pressure region
that the model overestimates the vapour and liquid fractions. Proving that the model was quite

well in its phase behaviour correlations.

Considering that water is a polar molecule, the PR EoS might pose difficulty in its phase
behaviour prediction. Binary interaction parameters obtained from the regressions are only
determined based on the interaction of each compound with CO2 (Peng & Robinson, 1976)
however each compound is soluble to a certain extent in water as well and the Kabadi-Danner
term for water accounts for this phase behaviour. Therefore, by including this term, the
solubility of the hydrocarbons in water was also taken into consideration. This improved the
thermodynamic model’s predictability when compared to the PR EOS, which does not include
a term for interactions with water. In addition, the feed mainly comprised of water and a very
low concentration of aromatics, therefore it is crucial to include this parameter when working
with a system of such. In addition, the model accounts for interactions with the water-rich liquid
phase even if hydrocarbon presents immiscibility (Kabadi & Danner, 1985).

It is also obvious that the thermodynamic does not provide phase behaviour data in the critical
region for hexanal and trans-2-hexenal, as there is no overlap between liquid and vapour
phases predicted as shown in Figure 4-11 and Figure 4-12. The Aspen Plus® simulator uses
an algorithm that presents difficulty in phase behaviour predictions in the critical region.
Depending on the rigorousness of the calculations, errors in calculations might be obtained
due to liquid and vapour like properties of supercritical fluids (AspenTech, 2011). However, the
process simulator has been successful in modelling processes in the high pressure region for
previous authors (Ajchariyapagorn et al., 2006; Lim et al., 2003; Manan et al., 2009; Zamudio
et al., 2013; Rodrigues et al., 2019). Thus, indicating that the process simulator is more than

capable of performing rigorous equations required to perform the regression.

By making the binary interaction parameters temperature-dependent results in increased
accuracy in the prediction of the selected thermodynamic model. In general, thermodynamic
models have difficulty in computing phase behaviour under these critical conditions due to
CO:2’s high compressibility in this region. For this reason, numerous experimental phase
behaviour data regressed at various temperatures and pressures improved the accuracy of
the regression. However limited experimental phase behaviour data available for the
hexanal/CO2 and trans-2-hexenal/CO2 mixtures limited the conditions investigated.
Nonetheless, the process simulator presented warnings for the hexanal/CO2 and hexanol/CO:
regression. For both cases, the regression convergedwithin 5 iterations in comparison to trans-
2-hexenal that converged within 11. Thus, indicating that the cases were not tightly satisfied

and could explain the deviation in estimated and experimental measured data.

Page | 109



CHAPTER 5 Discussion

Even though vapour pressure data was not available for trans-2-hexenal, the model seems to
be capable of predicting the experimental phase behaviour. The unsymmetric mixing term
presented by Kabadi-Danner measures molecule-molecule interactions between
hydrocarbons and water and the structural effect of the hydrocarbon and water in the water-
rich phase. The model proved to overpredict alkanes and naphthenes and underpredict
alkenes, dialkenes, cycloalkanes, acetylenes and aromatics (Kabadi & Danner, 1985). The
mixing term includes the sum of the group contributions of all groups that comprise the
hydrocarbon. All compounds have the same amount of carbons (6) contributing and one
oxygen atom, however, the number of hydrogens differs. Trans-2-hexenal has the lowest
number of hydrogen atoms at 10, hexanal 12 and hexanol 14. Therefore, the hydrogen
interactions for the thermodynamic model had a significant impact on the outcomes of the
regression.

As trans-2-hexenal had the lowest number of hydrogens, the regression case was tightly
satisfied, thus presenting the low standard deviation obtained in Table 4-6. On the other hand,
hexanal regression presented the least amount of differences in experimental and predicted
data. However, the data was not as precise as for trans-2-hexenal. In addition, pure component
data for hexanal and hexanol readily available in comparison to trans-2-hexenal meant that
the process simulator relied on the estimated parameters for phase behaviour predictions.
Therefore, parameters estimated by the model could have improved the overall accuracy in
the data obtained for trans-2-hexenal.

The temperature range for the VLE collected for hexanol, was well above the required
operating temperatures for the extraction of organic compounds from apple aroma
concentrate, but well below the critical temperature of the water. As temperature increases the
KD mixing term, a,,;, decreased. This means that including the VLE obtained at 124.63°C,
might have affected the results predicted by the thermodynamic model as an average absolute
deviation was obtained for the binary interaction parameters regression as presented in

equation (9).

On the other hand, the regression case for hexanal presented a negative binary interaction
parameter when compared to trans-2-hexenal and hexanol. Hexanal is a nonpolar molecule,
like trans-2-hexenal and hexanol, which means it is easily dissolved in COz, as it is a nonpolar
molecule as well. However, hexanal is soluble in water but only at limited concentrations. With
increasing temperature, hexanal’s solubility in CO2z and water increases (Lopez-Porfiri et al.,
2017; Hertel et al., 2007). Therefore, there is a cross interaction between the CO--rich liquid
phase and water-rich liquid phase for hexanal. There is also an interaction of hexanal and
organics that occur. The low concentration of hexanal means that fewer molecules are
available which means that the binary interaction is governed by hexanal and solvent
interactions, as other interactions between organics are considered insignificant. However, the
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solubility of hexanal in water does impact the interactions of the solute with the solvent. The
addition of the water interaction term should account for this. However, binary interaction
parameters for hydrocarbon systems fitted for the model are not available for aldehydes and
alcohol homologous series. Therefore, the model assumes the values. Thus affecting the
attractive energy contribution of the model, as the SRK EoS assumes a one fluid mixing rule
(Soave, 1972). Contrastingly, not a significant impact as regression results shows very low to

no deviations from experimental data.

Overall, the SRKKD thermodynamic seemed to be capable of predicting experimental VLE
data for hexanal, trans-2-hexenal and hexanol using the binary interaction parameters
presented in Table 4-6.

5.2.2. Multicomponent phase behaviour

The model developed in 4.3.2 was used to investigate the phase behaviour for the
multicomponent mixture. The phase behaviour was predicted using the Gibbs flash algorithm
and SRKKD thermodynamic model. Data discussed in this section was based on the results

presented in 4.3.2.
5.2.2.1. Validation of model phase behaviour and correction factor

The model developed in 4.3.2 was used to investigate the conditions by Bejarano & del Valle,
(2017) and pilot plant experiments. The results obtained from the process simulator are
presented in combination with experimental data points. This established the error margin for
the accuracy of the model. A correction factor was obtained to validate model data with
experimental data presented in 4.3.2.1. The correction factors were then applied to the
multicomponent phase behaviour such as to accurately describe the phase behaviour for the

multicomponent mixture.

Validation with Bejarano and del Valle’s (2017) findings

Data described in this section are based on Figure 4-15, Figure 4-16, Figure 4-17, Figure 4-18,
Figure 4-19, Figure 4-20, and Table 4-9. As presented in the figures mentioned above, the
model’'s accuracy increases with increasing feed concentration. Specifically for S/F ratios 210.
Organics comprised a 0.175% feed concentration (within the 0.175% organics fraction
comprised 0.57 hexanol, 0.29 trans-2-hexenal, and 0.14 hexanal) and this region of fractions
are generally considered insignificant. However, the model predicted vapour and liquid phases
for the conditions investigated with insignificant traces enriched in the liquid phase. Indicating

that model over-estimated the mass fractions enriched in the vapour phase.
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The model used to investigate the phase behaviour of the process was a two-outlet flash unit
based on an equilibrium model. In the work of Bejarano & del Valle (2017), the product (extract)
comprised distinct liquid and organic phases. Thus, indicating that a three-phase separation
occursi.e., vapour-liquid-liquid. Therefore, athree-outlet flash unit would be suitable to perform
rigorous calculations required for the three-phase separation. However, the liquid-liquid phase
is combined in the vapour-liquid phase calculation. Therefore, an additional liquid outlet could
possibly not have a significant impact on the overall separability predicted by the model. In
addition, the product consists of both phases.

The accuracy in the model’s predictions relied on the regressed thermodynamic model and the
flash model. Simply using a flash model already accounts for the discrepancy in the data.
Vapour and liquid phase predictions are performed at equilibrium and generally, a system in
industrial applications does not quite remain in equilibrium as presented in 4.2.1. Therefore,
the overall inaccuracy in the data was expected. However, the model was more than capable
of predicting the general phase behaviour regardless of the specific mass fractions. The
FLASH2 model does not include the mass transfer of the process, which plays a crucial role
in the SFE process. On the other hand, adjusted EoS that include the mass transfer of the
process such as the Linear Combination of Vidal and Michelsen (LCVM) model presented by
Boukouvalas et al., (1994) are developed. However, these models are not available on the
Aspen Plus® database.

For hexanol and trans-2-hexenal most data points were within 50% difference overestimation
region. Most data for hexanal were overestimated by 30% with some underestimated. There
were much lower differences in the data predicted by hexanal. Water was completely
underestimated. In the correlation data, hexanal presented the least amount of deviations with
experimental data. Therefore, although the regression case for hexanal presented warnings
the model still presented a higher accuracy when compared to other organics. In addition, the
low deviations in estimated values obtained from the correlation show that the SRKKD model
does indeed seem to predict the phase behaviour of hexanal within a low range of
discrepancies.

Data in Figure 5-1 and Figure 5-2 presented the results obtained after applying the said

correction factors for the 17.5% organics feed concentration from Table 4-9.
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It was clear that the S/F ratio of 15 presented the best correlation with experimental data. The
S/F ratio of 10 showed deviations with experimentally measured data, however, it presented
an overall good fitwith experimental data points. Based on Figure 5-1 and Figure 5-2 the model

can overall predict phase behaviour trends but not mass fractions accurately.

The velocity at which the supercritical fluid passes through the liquid mixture plays a crucial
role in the extraction rate as shown through the mass transfer. The velocity changes with mass
flow rate. This is shown with the effect the S/F ratio has on the accuracy of the model as
presented in Figure 5-1 and Figure 5-2. The CO: flow rate change with the S/F ratio, therefore
changing the velocity. Since an equilibrium flash model was used in this case, the mass
transfer of the process is thus not included. With that said, the model does not consider the
superficial velocity. Therefore, discrepancies in model estimated data and experimental data

should be expected.

In addition, regression had an impact on the model predicted data. As regression cases were
not tightly satisfied, the multicomponent mixture’s phase behaviour presented errors in
accuracy. The SRKKD EoS might not be accurate in predicted mass fractions but presented
the same phase behaviour trends as experimental data.

Overall, the model could predict the phase behaviour for experimental data for S/F ratios of
>10.
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Validation with pilot plant experiments

For the first experiment, the model presented the highest accuracy in the estimated phase
behaviour for hexanol with a -7% deviation. As organics fraction mainly comprised hexanal, it
was expected that water concentration would be overestimated. Pilot plant experiments clearly
showed that a higher fraction for trans-2-hexanal was obtained in the extract and lower for
hexanal. For the trans-2-hexenal model data deviated significantly from pilot plant
experiments. The regression for trans-2-hexenal presented no warnings. But it had the least
pure component data available in literature. Therefore, it was selected that the process
simulator estimated all other properties. In addition, the experimental feed comprised 4.5%
organics based on analysis. Whereas the process model was investigated with a 5% feed
concentration. As a result, discrepancies in model estimated and experimentally measured
data occurred.

On the other hand, the model completely overestimated the organic vapour fractions for the
second experiment. In this case, hexanol enriched in the vapour phase presented the highest
deviation. Experiment 2 occurred in a higher CO2 density region, which means it is in a higher
critical region. Therefore, this could possibly be from errors in predictability in the critical region.
The phase behaviour of the model solution changes significantly between experiments 1 and
2. In addition, the CO2 density increases from 198 to 384 kg/m?3. Therefore, the solubility of the
total organics was significantly affected by the CO:z density and previously described phase
behaviour.

The model is therefore capable of predicting experimental phase behaviour in the low CO:2
density region. It should be noted that at higher densities, the model fails to correctly account
for the phase behaviour of the system. Contrastingly, the CO2 density had no impact on the
estimated literature data presented in 4.3.2.1. But the S/F ratio impacted the phase behaviour
predictions. Thus, indicating a likelihood of inaccurate measurements of concentrations during
experiments. In addition, it could be that feed was not homogenously mixed, thus feed
comprised inconsistent concentrations. Therefore, resulting in an unsteady process. Which
means inconsistent vapour and liquid concentrations. However, chemical measurements in
4.2.1 indicated otherwise. Even so, the small deviation from set points has a significant impact
on the mass transfer of the process. But overall, the system maintained steady-state quite well.
In addition, the column packing (pall rings) is random which affected the liquid-to-solvent
contact time and liquid distribution in the column which affects the liquid-fluid exchange area.
The model used does not include the packing, thus explaining the deviation in simulation data

and experimental data.
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On the other hand, this could also indicate that during experiments liquid-to-solvent exchange
area was affected by the column packing. That could explain the low yield obtained in
experiment 2 which was caused by the poor mass transfer efficiency. In addition, a validation
experiment will confirm the concentration data obtained, which was also noted in the product
quality discussed in 5.1. But the process model can predict phase behaviour in the low CO:2
density region. Therefore, the process model is still suitable for evaluating the system energy

requirements and optimising the process for optimum extraction to obtain the objective.

5.2.2.2. Multicomponent phase behaviour and separability

The regressed thermodynamic model previously discussed was used to develop a process
model to simulate the CC fractionation of apple aroma concentrate. The phase behaviour of
the multicomponent mixture of the process model was investigated using the Gibbs flash

algorithm simulated as a two outlet flash drum.

Based on the data presented in Figure 4-21, Figure 4-22 and Figure 4-23, the optimum
separability for total organics and water was obtained at 40°C. From Figure 4-24, Figure 4-25,
and Figure 4-26 it is obvious that the S/F ratio had no impact on the separability of the
multicomponent mixture. Validation with literature data presented in 4.3.2.1, the model can
predict the phase behaviour for the multicomponent mixture. However, organic phases are
overestimated by the model and the water phase was underestimated but model still predicted

overall trends,

At 40°C and 100 bar, the total organics/water reached maximum separation. With increasing
CO: densities, the separability decreases. In contrast, 60°C favours hexanal+trans-2-
hexenal/hexanol separation and presented a significant impact on the hexanal+trans-2-
hexenal/water separation above 100 bar. However, the separation is still favoured at low
temperatures and pressures. In addition, literature indicates that hexanal+trans-2-hexenal and
hexanol phases are not separable as they coexist in their concentration presented (Bejarano
& Del Valle, 2017). Therefore, although hexanal+trans-2-hexenal and hexanol phases present
separability this is based on model predictions. It is thus obvious that investigating the
separation would not be feasible as shown through the low separation factors obtained.
Moreover, the low separation factors indicate difficulty in separation. In combination with the

polarity in water, the separation might not be achieved.

Hexanal enriched in vapour phase favours high temperatures based on the binary phase
behaviour of hexanal/CO:. For trans-2-hexenal low temperatures favours the separation. And
hexanol presents a higher recovery in the vapour at higher temperatures; (Elizalde-Solis et al.,
2003; Secuianu et al., 2010; Lopez-Porfiri et al., 2017; Villablanca-Ahues et al., 2021). On the
other hand, the multicomponent mixture indicated that the separation favoured low
temperatures and pressures. This corresponded with the binary phase behaviour of trans-2-
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hexenal. Hexanal comprised the lowest concentration (ppb) in the feed, thus explaining the
deviation of model predicted phase behaviour. In addition, as previously indicated, regression
cases for hexanal and hexanol were not tightly satisfied. However, the optimum low operating
conditions (i.e., low CO:2 density) compared to product quality obtained from pilot plant
experiments. Therefore, the model predicted the multicomponent mixtures phase behaviour at

low conditions.

The absurd separation factorsobtained for organics/water and hexanal+trans-2-hexenal/water
indicate that separation is well over-achieved. This also means that the separation occurs as
a single stage. Bejarano & del Valle, (2017) confirm this for the fractionation of apple aroma
compounds. This was also validated with the process layout scenarios investigated. Therefore,
modifications to a single-stage would not affect the process outcomes by much because

separation is easily achieved.

The total organics/water separation is favoured by decreasing temperature and pressure as
presented in Figure 4-21, thus at lower CO2 densities. However, at 100 bar the density of CO2
significantly increases, thus resulting in increased solubility in the vapour phases. Optimum
aromas (hexanal+trans-2-hexenal) yield was obtained at 50°C and 110 bar based on literature
forthe extraction of apple aroma compounds. Best extraction yields are obtained between CO:2
densities 300 and 500 kg/m?(Bejarano & Del Valle, 2017). At 50°C model data follows a similar
trend as the 40°C, however, the model presents the best separability at 40°C at much higher
solvent densities. In addition, experimental data indicate that the S/F ratio had a significant
impact on the extraction yield of aromas. High S/F ratios seemed to favour aromas yield. Thus,
indicating that increasing the S/F ratio would increase the rate at which hexenal and trans-2-

hexenal are enriched in the vapour phase.

However, deviations in model data and experimental data could be a result of the differentfeed
concentrations investigated. The model solution obtained from literature comprised 14%
hexanal, 29% trans-2-hexenal and 57% hexanol in the organic phase. Whereas the model
investigated in the current investigation comprised 0.29% hexanal, 1.16% trans-2-hexenal and
98.54% hexanol. Therefore, the phase behaviour of the organics was mainly governed by the
concentration of hexanol in this case. For the literature model, hexanal and trans-2-hexenal
presented much higher concentrations, therefore fractionation occurs. However, due to the low
concentration of the organics mentioned, most of the compounds are enriched in the vapour
phases with insignificant traces present in the liquid phases. Thus, explaining the differences
in conditions obtained.

Based on the multicomponent phase behaviour, it is obvious that low operating conditions
favour the separation of total organics and water. 40°C was thus selected as the optimum
temperature for extraction of apple aroma compounds, albeit 60°C presenting rapidly
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increased separability. The same separability is achieved at a lower pressure, therefore, to
reduce the energy requirements of the process 40°C was selected. Water and organic phases
are easily separable as shown in the high separation factors obtained, thus presenting great
technical feasibility in separation.

5.3. Retrofitting of a CC scCO2 fractionation column to the current process

layout

The process model for the suggested process was developed using the Aspen Plus® process
simulator regressed with experimental vapour-liquid phase equilibrium, mass, and energy
data. Vapour-liquid phase equilibrium and other thermodynamic properties data were
regressed using the Property Method option, which is discussed in Chapter 3. Based on the
model developed in 4.3.2, a best-suited process layout scenario retrofitted to the current
conventional industrial process based on process layout scenarios. Further, the suggested
process layout was optimised.

Aroma Feed
—— > Extract
Single stage
column
CO2 Feed Raffinate

Figure 5-3: PFD for base/control case

The process model developed in 5.2.2.2 was selected as the base case for the development
of the process layout scenarios investigated to enable the comparison of the product quality,
product recovery, yield, and energy consumed. For the base case, the feed and desired
product specifications were considered. The base case comprised of a single-stage
fractionation column (separation vessel) as presented in Figure 5-3.

As the water concentration is minimised in the vapour phase, the concentration of volatile
compounds enriched in the vapour phase increases, resulting in a product of higher purity,
ultimately increasing the product quality. However, as previously discussed; it cannot be
disregarded that this is at risk of lower product yields. On the other hand, a product of higher

purity will fetch a higher value on the market. Optimising the water enriched in the liquid phase
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will reduce the amount of water enriched in the vapour phase, therefore the optimum operating
conditions were set at a point at which the water enriched in the vapour is at its minimum but
accounting for the near-critical conditions of CO..

Results presented in 4.4.1.1 shows that a single-stage process at equilibrium will be able to
concentrate/fold the given feed by enriching most of the water into the liquid phase, however
not all key aroma compounds present in the aroma concentrate feed were recovered. Figure
4-28, Figure 4-29, Figure 4-30 indicated that the number of stages will have no significant
effect on the water enriched in the vapour phase (ultimately product quality) for a feed
concentration <50%. It is only for a feed concentration of 90% that the water mass fraction
increases with an increasing number of stages. Consequently, lowering the product quality of
the feed. Similarly, the product yield is not affected by the addition of the number of stages.
The effect of the number of stages is influenced by the increasing S/F ratio for the 90%
concentration feed. However, for this case, the product stream changes from vapour to liquid.
Thus, the top notes of volatiles are lost in the process. Therefore, reintroducing a 90% feed
would not be feasible as a higher concentration of organics are already sufficient for uses as
is.

The fraction of water enriched in the vapour phase increases with both increasing temperatures
and pressures in Figure 4-36. It is at 90 bar where a change in the slope is observed for both
40°C and 60°C, with a steadily increasing slope for 50°C. The results presented indicate that
the process achieves optimum fractionation at low operating conditions i.e., temperature,

pressure, and solvent-to-feed ratio.

This corresponds to the low temperatures required for the extraction of volatiles from literature
(Reverchon, 1997; Laitinen, 1999; Sefofns et al., 2001; Yousefi etal., 2019;). The fact that the
separation occursas a single-stage shows that fractionation can be easily achieved. Especially
for the total organics and water separation. Similar phase behaviour is followed with the
adjusted correction factors however, the simulation cannot predict the mass fractions
accurately. This was previously indicated with the multicomponent phase behaviour.

With that said, intermolecular interactions between organics in the water-rich and COcz-rich
phase cannot be disregarded as it plays a crucial role. In addition, previously described polarity
differences between organics and water had a significant impact on the solubility in CO-.

Consequently, this means increased separability

As a result of deviation of model estimated and experimental data, a FLASH3 unit was
investigated. The fact that water and liquid phases were separated, it was expected that the
model would produce more accuracy in phase behaviour predictions. Seeing that separation
has already proven to be single staged, a single staged FLASH3 unit was selected. Data
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obtained for the vapour phase are presented in Figure 5-4 and Figure 5-5. The FLASH3 unit
has the vapour (V), liquid (L) and liquid/water (L) phase outlet streams. Water stream were
calculated separately from other compounds.
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Figure 5-5: FLASHS3 variation of enriched
vapour mass fraction fortotal organics with T
and P

Figure 5-4: FLASHS3 variation of enriched
vapour mass fraction forwater with T and P

Results showed similar phase behaviour as in the FLASH2 unit above 50°C. At 40°C all
compounds were enriched in the liquid phase above 80 bar. Thus, no separation occurred.
Similarly, conditions at 50°C and pressures above 100 bar showed no presence of compounds
in the vapour. However, based on pilot plant experiments, there is separation in those phases.
Therefore, model does not accurately predict the phase vapour and liquid fractions of the
multicomponent mixture. In addition, the Liquid and Water phases both comprised water. Thus,
indicating that model did not separate water. Which could be due to the thermodynamic model
selected Additionally, the FLASH3 model predicts the same phase behaviour as the FLASH2
model. Thus, the FLASH2 model results were deemed more accurate than the FLASHS3.

In summary, the process does not require further optimisation to improve product quality.
Separation clearly occurs as a single stage therefore separation is easily achieved. Based on
the data presented the optimum product quality and recovery would be obtained at 40°C, 70
bar and a S/F ratio of 5.

5.4. Economic evaluation based on Pilot Plant data and suggested retrofit

This section is based on the energy requirements of the process for the total product quality
obtained. Energy requirements were obtained from the process model. The simulated pilot
plant using the Aspen Plus® simulator is presented in Figure 5-6. The process model
represented the total recycling process of COx.
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MIXER
' Y
COOLER
coz2 =

Figure 5-6: CO2 recycle process for energy evaluation

The CO:flowrate and recycling equated to the required S/F ratio in the output stream from the
mixer unit. The sequence of units represented the pilot plant used in experimental work. A
cooler represented the energy to liquefy CO2 for pumping from the mixer. The pump evaluated
the power required to maintain system pressure. A heater selected evaluated the energy
required for heating COzto above critical temperature. Followed by a FLASH2 unit to represent
the energy to fractionate feed with the best process layout scenario previously selected.
HEATER2 evaluated the energy required to prevent Joule Thompson expansion. SEP
represented separation energy for COzand EXTRACT. The split unit accounted for CO:zlosses
in the recycle.The conditions for each unit shown in Table 5-1 represented previously indicated
optimum conditions. Temperature for the cooler (before the CO2feed pump) was selected to
maintain CO:in the liquid phase. Separator pressure operated at 50 bar and 60°C to preserve
thermal labile compounds. Heaters were selected to obtain energy requirements for heat
exchangers of the process. A recycle of 80% CO:2 was selected. Allen & Muse (2017) showed

that higher recycling ratios reduce energy requirements.

Table 5-1: Conditions for units set using the Aspen Plus® simulator

Unit Conditions
Cooler To = 14.27°
(heater) P =50 bar
Pump Discharge P = 70 bar
Heater To =40°C
(heater) P =70 bar
Column T =40°C
(FLASH2) P =70 bar
Heater after column To =50°C
(heater) P =70 bar
Separator T =40°C
(FLASH2) P =50 bar

The mass fractions of organics obtained in extract established the cost of the product. A basis

of 50 kg/hr feed was assumed which equated to a production output of 100 tonnes per year.
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This yields a product value of 99% organics. COz, in Figure 5-6, was set a flowrate of 50 kg/hr.
The required 250 kg/hr (for the S/F ratio) was maintained with CO: in the recycle. The heat
duty and power required from simulation established the energy requirements of the process.

The process simulator estimated a total energy requirement of 348 MJ/kg product. This value
was significantly greater than the expected low energy requirements for similar SFE
processes. However, this value represents an upscale production rate. Further evaluation
revealed that the cooler, heater and separator contributed to the significantly high energy
requirement (at x 10* GJ/hr) obtained. Thus, the pump and column (represented by FLASH)
energy requirements were insignificant. In addition, the temperature selected in the condenser
does not liquefy CO2 completely. But cool it to the dew point temperature of CO-. This resulted
in vapour flow in the pump as indicated by the process simulator. Vapour in the pump causes
cavitation and inconsistent pump behaviour (Sinnott, 2005). Thus, the cooler should operate

at a temperature below the dew point of CO..

Phase change occurs in the heater and cooler. The estimated duty accounted for the phase
change. The significantly high values obtained indicates that phase change should occur over
two heat exchangers. As aresult, the addition of a condenser after the cooler was investigated.
The cooler was set at 15°C and the condenser at 9°C. The low condenser temperature
prevented that phase change occurred in the pump The estimated heat duty increased over
the two heat exchangers by 4.90 x 103 GJ/hr. This was expected as the condenser was set at
a lower temperature. By considering the temperature difference, the energy consumption
reduced but not significantly. In addition, this resulted in an increased energy requirement for
the CO:zheater. However, this indicated that energy for one heat exchanger equates to dividing
energy over two heat exchangers. Ultimately, the energy requirement for liquefying CO:
remained the same.

On the other hand, the cooler required 2.18 x 10* less energy than the condenser. Therefore,
the large energy requirement resulted due to the phase change between 15°C and 9°C. From
saturated vapour to saturated liquid. Thus the energy requirements equate to the latent heat
of CO:z (Smith et al., 1999). Precooling recycling could reduce the energy requirements of the
cooler because CO: leaves the mixer at 45°C. Thus, reducing the energy required for the
cooler. However, this would not reduce the energy requirements of the condenser. This
indicated that a subcooler was required after the condenser to reduce the temperature
difference. However, as previously indicated the model would just split the energy
requirements over the two units. But it does show a reduction. Therefore, the addition of more
heat exchangers would reduce energy requirements but not significantly. Furthermore, an
additional heat exchanger increases utility costs.
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Replacing the pump with a compressor means that condensation of CO: is not necessary.
Most industrial-scale SFE processes include compressors. However, compressors tend to be
more expensive pumps. In addition, it requires more power and interstage cooling (i.e., a heat
exchanger) to account for Joule Thompson expansion. Plus, it might require a storage vessel
to draw CO2 gas from (Sinnott, 2005). However, this requires validation. Additionally, pump
cyclespresent lower exergy losses than compressor cycles. Especially in the saturation region
(Smith et al., 1999).

1,20E+05
__ 6,00E+04
<
L)
=3 \
o Heater
— 0,00E+00 Cool
£ 0,05 0,15 0,25 0,35 0,45 ooter
g —— Seperator
£

-6,00E+04

-1,20E+05

Split fraction

Figure 5-7: Energy requirements forthe heater, cooler and separator with variation in CO2
recycling

The effectof the COzrecycling on the energy requirements forthe heater, cooler and separator
are shown in Figure 5-7. Energy requirements reduces with increasing fraction of CO: leaving
the process. A decreased fraction of CO: in the recycle means that the CO: in the system is
reduced. Therefore, the amount of CO: processed was less. Thus, explaining the reduced
energy requirements. As a result, the CO:z added to the process must be increased. This
means that the processing capacity for the units would remain the same. Therefore, the energy
requirements would remain unchanged. So, changing the split fraction does not affect the
energy requirements but the CO2 added to the process. Ultimately, the cost of CO2. Thus,
higher CO:recycling is beneficial for the process i.e., a lower split fraction.

The extraction of butanol and hexanol from an aqueous solution required 4 and 2.4 MJ/kg
products (Tompsett et al., 2018). Alcohols separation from water requires more energy. On the
other hand, the process presented required much more energy. However, it was less than the
extraction of Eucalyptus globulus bark. A processing output of 311 to 362 ton product per year
required 1.46 to 2.10 GJ/kg product (Rodrigues et al., 2019). This process included ethanol as
a modifier and a 0 to 5 wt% ethanol in the feed. Lower concentrations of ethanol required less

Page | 122



CHAPTER 5 Discussion

energy. The feed in this work comprised of 0.3% organics. The product obtained comprised
99% organics at a yield of 25%. So, the process produces a low product yield due to the low
initial organics concentration. Therefore, the amount of feed processed is significantly greater.
In addition, the CO: flow rate increased. As a result, units required a higher processing
capacity. Consequently, increased energy requirement. This indicated that process energy
requirements compare to solid extractions of higher carbon groups. However, high energy
requirements resulted from high processing capacity at low product output. But the product
comprised 99% organics.

A 200 kg/hr feed oregano required 281 MJ/tonne feed and 265 MJ/tonne feed for rosemary
(Moncada et al., 2016). This included heating and cooling. After heat integration, the energy
requirements were reduced by more than half. Therefore, heat integration could be applied to
reduce the overall energy requirement. For the separation unit, energy requirements included
pressurisation energy. Thus, the inclusion of a pressure-reducing unit will reduce the overall
energy requirement. Also, an additional separator could reduce energy requirements for the
separator. Which indicates that energy requirements can be reduced. However, this requires
validation.

In summary, the process presents similar energy requirements as presented by solid
extractions. However, heat integration could reduce the overall energy required. The process
recovers nearly all organics present in the feed. The product comprised 99% organics. This
was obtained at lower yields (25%). Therefore, processing capacity for product output is quite
high. However, the energy requirements could be reduced. Still, this means that the product

will have to fetch a high value on the market to account for processing costs.
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5.5. Outcomes for investigation

This investigation was aimed at establishing the economic viability of retrofitting an apple
aroma production facility. SFF achieves a high recovery of apple aroma constituents based on
literature. South African produced apple aroma was modelled in a FLASH2 unit using the
Aspen Plus process simulator. The SRKKD EoS selected predicted experimental literature
phase behaviour data above S/F ratio of 10 and 10? times initial concentration. For validation
pilot plant experiments, model estimation favoured low operating conditions. The process route
layout scenarios considered proved that a single-stage flash achieved a near 100% recovery
of organics. The CO: recycling process developed indicated significantly high energy
requirements for the process, which attained the aim of the study.
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6. CONCLUSION AND RECOMMENDATIONS

In this work, the application of retrofitting a sub-concentration process to an apple production
facility was presented. SFF pilot and literature experiments indicated technical viability in the
recovery of valuable apple aroma compounds. Literature obtained binary phase behaviour was
correlated with the SRKKD EoS in the Aspen Plus® process simulator to model the
multicomponent mixture. The process model was further developed into process layout

scenarios such as to attain the best layout for the economic evaluation of the process.

The model could estimate literature measured concentration above S/F ratios of 5 at 102 times
the initial feed concentration. The model presented accuracy in estimated pilot plant
concentration. However, higher CO: densities affect the phase behaviour of organics
significantly. Thus, the model was not capable of predicting the phase behaviour in that region.
In addition, interactions of organics with water also affected the mass transfer of the process.
Onthe other hand, data obtained from the second experiment could be inaccurate because of

unsteady measurements. Therefore, this requires validation.

Experimental data showed that low operating conditions favour the fractionation of organics.
This was confirmedwith model data for organics/water separation. In addition, multicomponent
phase behaviour shows that separation was easily achieved. As a result, process layout
scenarios presented a single staged flash unit as the best-suited layout. Process optimum
conditions were obtained at 40°C, 70 bar and S/F ratio of 5. Which is in the lower CO2 density
range and operating at 70 bar is just below the critical pressure of CO.. Therefore, the process
operates best at the critical operating line or near saturation.

The complete CO: recycling process revealed that the process had a significant energy
requirement per product output. Significantly greater than similar processes and like solid
extractions. At optimum conditions energy requirement of 348 GJ/kg product was obtained.
This was obtained at a product purity of 99%. However, the application of heat integration
could reduce overall energy requirements for heating and cooling of CO-. In addition, including
a pressure reducing unit before the separator and an additional separator unit could reduce
the energy requirements of the separator.

The high product purity and recovery of organics indicates that the product could fetcha higher

value on the market, thus indicating feasibility.
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