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ABSTRACT

The main purpose of this study was to quantify the growth and oxygen mass transfer kinstic
parameters of the filamentous bacterium Sireptomyces coelicolor, immobilised on the
exiernal surface of a ceramic membrane in a continuously cperated pressurised Membrane
Gradostat Bioreactor (MGR).

One of the most important and critical parameters required when studying biofilms, are the
growth kinetics, as they can be utilised to model both the mass transfer and biclogical
reactions occurring within the biofilm. Single fibre MGR's (SFMGR) were operated using a
pneumatic system to supply humidified pressurised air to the exira capillary space (ECS) and
pressurised growth medium to the lumen of the ceramic membrane. Two growth media; a
complex growth medium, ISP2, and a defined growth medium, were tested and supplied to
the lumen of the ceramic membrane in the dead-end mode.

Utilising the Monod single-substrate growth kinetic model, the average glucose consumption

rate, (r,)., was determined to be approximately 92.27 g/m’.hr; the Monod saturation

constant, (K,), 29605.65 g/m’ the maximum substrate consumption rate, (r,),

434.7 g¢/m*.hr, and the yield coefficient 0.603 g biofilm/g glucose for 1SP2 complex growth

© medium.

The growth curve obtained for Streptomyces coelicolor A3(2) showed the presence of two
growth cycles (biphasic growth), with no evident intermediate lag phase. The first growth
cycle identified between 466 and 162 hr, had a specific growth rate in the range of +0.033 to
0.073 hr', while the second growth cycle identified between +162 and 354 h had a specific
growth rate in the range +0.013 to 0.019 hr'.

In vertically orientated pressurised membrane gradostat bioreactors {(MGR'’s) mass transport
of oxygen occurs vfa both diffusion and convection depending on the location of the biofilm
immobilised on the surface of the membrane with regards to the air inlet. An important design
parameter in aerobic biological systems is the rate of oxygen diffusion. Profile 1.0 software
and Taylors expansion series were utilised to calculate the oxygen mass transfer
parameters from the oxygen profiles obtained using Clark-type oxygen microsensors and

Profix 3.0 data acquisition software.
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Using Profile 1.0 software the substrate saturation constants were in the range of 2.45 to
4.25 g/m’; the oxygen diffusion coefficient in the range of 8.15 x 10 to 1.75 x 10° m®hr and
dissolved oxygen flux through the biofim in the range of 0.13 to 0.29 g/m°.hr for the
continuously operated pressurised MGR system. Both the average oxygen peneiration depth
and penetration ratio decreased with time, with the penetration ratio decreasing from 1.6 to
0.26.

The mathematical model developed to model oxygen mass transport within a biofilm grown
in a pressurised MGR system, combines both diffusive and convective mass transport terms.
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CHAPTER ONE
INTRODUCTION

1.1 Background

Membrane technology is utlised in many environmental, water treatment, chemical,
petrochemical, petroleum, pharmmaceutical, medical, beverage, dairy, food, paper, and textile
applications (Stanojevi¢ ef al., 2003). Much research has been performed on the optimisation
of membrane bioreactor (MBR) systems, such as the membrane gradostat bioreactor (MGR),
for the culivation of micro orgaaisms identified for their potential applications in diverse
industries (Godongwana et al., 2007).

To better-understand the behaviour of an MBR, and to be able to predict the effect of -
operating parameters/variables on the system performance, validated mathematical models
are required (Pavasant ef al, 1997). The models must therefore describe not only the
microbial growth kinetics but also the transport phenomena within the substrate bed and the
mass and ehergy exchanges between the bed and subsystems of the MBR, such as the
membrane wall and the extracellular space gases (Mitchell ef al., 2003).

The modelling of microbial growth Kinetics plays an important role in the design and
optimisation of MGR systems, such as the one patented by Leukes el al. (1999) as a
possible system for the continuous production of secondary metabolites. Therefore, studying
and quantifying the growth kinetics within a continuous MGR is important as this can be
utiised in the development of an efficient nutrient grédient within the biofilm, as well as to
model the mass transfer of the bioprocess (Sheldon et al., 2008).

The main problem of oxygen supply in aercbic biological systems, such as MBR’s and
MGR's is oxygen's nominal solubility in water (Hibiya et al, 2003). Inadequate oxygen
transfer results in reduced microbial activity (Thibault ef al., 2000), which in turn can result in
decreased production of low volume high value secondary metabolites. The production of
secondary metabolites, such as actinorhodin by Streptomyces coelicolor, is strongly affected
by the dissolved oxygen {(DO) concentration {Ozergin-Ulgen et al. 1998). in order to
determine the effect of oxygen limitation on the productich of secondary metabolites, oxygen
profiles within the biofilm can be measured utilising microsensors (Frederick et al., 1991).
Microsensors were introduced through the work of Revsbech (1989), who constructed
reliable oxygen microsensors, to be utilised in the profiing of oxygen distribution in
sediments and biofilms. The mathematical modeling of the oxygen concentration profiles
recorded with the cxygen microsensors, allowed the determination of oxygen kinetic

Introduction : Page 1 of 271



parameters (Frederick et af, 1991). The oxygen profiles obtained within biofiims not only
added to increased understanding with regards to biological processes on a microscale, but
also increased the information available regarding physical processes, such as diffusion and

convection (Kuenen et al,, 1986).

To date, limited information is available with regards 1o the microbial growth kinetics and
dissolved oxygen distribution within biofilms of bacteria immobilised an the external surface

of single fibre ceramic membrane MGR's, operated under continuously pressurised air and

nutrient supply.

1.2 Problem statement

Inadequate oxygen transfer in immobilised MBR systems results in decreased microbial
activity within biofilms (Thibault et al., 2000) resulting in reduced production of low volume
high value secandary metabolites. The limiting step in most aerobic systems is the transfer of
oxygen from the gas phase to the reaction zone in the immobilised micro organism.

1.3 Research questions

e How does the growth kinetics of Streptomyces coelicolor in a continuously operated
single fibre membrane gradostat reactor compare to batch and fed-batch cultures?

e How does the bicfilm thickness and position within the MBR, with regards to the
| oxygen supply, influence the oxygen mass transfer within the biofilm?

» Does the presence of oxygen depleted zones within the biofilm have an effect on the

_ proddction of secondary metabolites, such as actinorhodin? '

s How do the oxygen mass transfer Kinetics for batch liquid systems compare to
continuous MGR systems?

» What relationship exists between the biomass, oxygen penetration depth and ratio

within a biofilm?

1.4 Aim and objectives

The main purpose for performing the following research project was to quantify the growth
and oxygen mass transfer kinetics, including the diffusive and convective parameters, using
Streptomyces coelicolor cultures, immobilised on the external surface of a ceramic
membrane in a continuously operated pressurised Membrane Gradostat Bioreactor {(MGR)

utilised for the production of the secondary metabolite, actinorhodin.

The objectives of this study were:
e Compare Streptomyces coelicolor A3(2) growth in both a complex growth medium,

international Sireptomyces Project, medium 2 (ISP2) and defined growth medium.
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* Quantify the substrate consumption kinetic psrameters of S. coelicolor using a
complex (ISP2) and defined growth medium.

¢ Quantify and compare the product formation in biofilms of S. coelicolor, using a
complex growth medium in both single fibre membrane gradostat reactor's (SFMGR)
and multifibre gradostat reactor's (MFMGR).

s Design a reactor that allows for in-sifu oxygen measurements in order to determine
the oxygen penefration depth and ratio and evaluate the existence of anaerobic
zones.

* Quantify the oxygen mass iransfer parameters, consumption, diffusive and convective

mass transfer rates.

1.5 Significance

It is known that a higher production of secondary metabolites can be accomplished utilising
immobilised systems than in batch liquid cultures. Adequate oxygen transfer results in
improved DO concentraﬁon'ﬁvithin the system. With the aid of oxygen microsensors, the
oxygen penetration depth and ratio will be determined. This study will determine whether a
comparison exists between the oxygen mass transfer kinetics of batch liquid systems and
' continuous pressurised membrane systems; as well as determine whether oxygen depleted
zones exist within biofilms cultured in MGR systems and the effect this will have on

secondary metabolite production.

On completion of this study there will be a better understanding of growth kinetics of
Streptomyces coelicofor A3(2)7in a pressurised MGR, as well as of oxygen mass transfer
kinetics within microbial cultures in an MGR. The information obtained will contribute to a
better understanding of reactor design and secondary metabolite production optimisation. A
bioreactor will have been constructed that allows for in-situ oxygen measurements.
The relationship between the biomass, oxygen penetration depth and ratio within a biofilm
will be better understood. The oxygen profiles obtained will provide increased understanding
of both the biological (microscale) and physical (diffusion and convection) processes within
an MGR system. More data will be available with regards to oxygen distribution within
gradostat systems, thereby increasing the limited amount of information that is currently
available. Both the growth kinetics and oxygen mass transfer of Streplomyces and more
spesifically this micre organism within this type of continuous reactor has not been reported

previously.
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1.6 Delineation
This research will be limited to growth and substrate kinetics, as well as oxygen mass

transfer kinetics within a pressurised MGR. The following areas will not be covered during
~ this study:

s Product purification.

¢ Microbial metabolic activity.

o Different single substrate limiting models.
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CHAPTER TWO
LITERATURE REVIEW

2.1  Introduction

This literature review is divided into three main sections, namely:
= Membranes and membrane processes.
+ Biofilms, growth and substrate kinetics.

+ Dissolved oxygen (DO} mass transfer within aerobic immabilised biofilms.

2.2 Membrane technology

2.2.1 Membranes , ,

A membrane is generally defined as being a selective barrier. The membrane utilised in

a bioreactor can provide either a barrier to certain components, while being permeable

" to others, prevent certain components from contacting a catalyst, or contain reactive

sites and be a catalyst itself {Fogler, 1999). A membrane has the ability to control mass

transfer between two bulk phases in a membrane process. The movement of a phase

across the membrane is due to the presence of one or more driving forces that can be
a gradient in concentration, pressure, temperature or electrical potential (Stanojevi¢ et

 al, 2003).

In immobilised membrane bioreactors (MBR’s), membranes allow the transport of
nutrients to the cells immobilised on their external surface, while providing transport
pathways for the metabolic products produced by the immobilised cells from the cells to
a product collection bottle (Curcio et af., 2005). Membranes provide high surface area
for cell adhesion and culiure for anchorage-dependenf cells and allow a sufficient
exchange of nutrients and metabolites to maintain cell viability and function in vitro
(Curcio et al., 2005). The large surface area of a membrane to the small volume allows
for high operational capacities {Stamatialis ef al., 2008).

New applications continue to emerge, such as membranes for the development of
microsensors (Gavalas et al,, 2003) and molecularly imprinted polymeric membranes
for the separation of molecules (Yoshikawa, 2002; Han et al, 2003).
Recently introduced appiications of membrane processes include MBR's, membrane
chromatography and membrane contactors (Charcosset, 2006). '
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2.2.1.1 Membrane materials

Membrane materials are divided into two groups, namely organic (eg. polymeric) and
inorganic (eg. ceramic). Metallic membrane filters also exist; however they have no
" applications relating to MBR technology (Judd, 2006). Membranes can be formed from
various organic polymers, the most common polymers utilised for the duty of
membrane separation being polyvinylidene difluoride (PVDF), polyethersulphone
(PES]), polyethylene (PE) and polypropylene (PP} (Judd, 2006). Inorganic membranes,
such as ceramic membranes,- are more rigid and therefore more mechanically stable
and can be both chemically and steam sterilised (Ntwampe et al., 2007). Sheldon and
Small (2005) tested the immobilisation of Phanerochaete chrysosporium on both
organic and inorganic membranes. Fram results obtained the highest attachment and
immobilisation of spores was observed on organic {polysulphone) capillary
membranes. However, for operation purposes the organic (ceramic) capillary
‘membrane was more suitable. Ceramic systems are very expéhsive, but very effective
for micro filtration (MF) (Wagner, 2001). These membranes are suitable for use in the
industrial production of secondary metabalites due to the fact that microbial stress in
the immobilised biofilm will be high as a direct consequence of the thicker biofiim
(Sheldon & Small, 2005; Ntwaripe et al,, 2007).

2.2.1.2 Membrane processes

Membrane processes are categorised according to the pore size, molecular cut-off and
pressure at which the membranes operate. These categories are inter-related, because
as the pore size or the molecular cut-off is decreased the pressure applied to the
membrane increases (Vén der Roest et al., 2002).

Membrane separation processes can be broadly categorised into four groups, based
on the pore size of the membranes. These categories, arranged from smallest to
largest pore size are reverse osmosis (RQ), nancfiltration (NF), ultrafiltration (UF) and
microfiltration (MF) (Mallia & Till, 2001; Judd, 2006). See Table 2.1 (Wagner, 2001) for
comparison of the four membrane processes. The coarsest membrane, associated with
MF, is capable of rejecting particulate matter, while the most selective membrane,
associated with RO can reject singly charged ions, like sodium (Na®) and chloride (CI)
{Judd, 2006). All RO, NF and UF membranes are asymmetric (Wagner, 2001).
Asymmetric refers to the graded porosity of the membrane substructure and indicates
that the membranes have an inside coating, called a skin layer and combine the high
selectivity of a dense membrane with a high permeation rate of a thin membrane. The
membrane itself pfovides the structural suppart for the skin layer. The graded porosity
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Table 2. 1: Comparlson of the four membrane processes {(Wagner, 2001)

Reverse osmosls

Nanofiltration

Ultrafiltration

Microfiltration

Membrane Asymetrical Asymstrical . Asymetrical Symmetrical, Asymetrical
Thickness 150 ym 150 pm 150 to 250 um | ) 1010 150 um

Thin film 1um fum Tum

Pore slze <6.002 Hm <0.002 pm 0.2tc 0.62 um‘ 4 t0 0.02 pm

Rejectlon of

Membrane
maierlal(s)

Membhrane
maodule

Operating
pressure

High and low molacular waight
components, Sadium chloride, glucose,
amino acids

Celulose acetate, Thin film

Tubular, spiral wound, plate-and-frame

15 10150 bar

High molecular weight components,
mona-, di- and oligosaccharides,
polyvalent negative fons

Celulose acetata, Thin film

Tubular, spiral wound, plate-and-frama

5 to 35 bar

Macramalaculas, protelns,
polysaccharides vira

Ceramic, PSO, PVDF, celulose acelals,
Thin film

Tubulat, hollow fibre, spiral wound,
plate-and-frame

11010 bar

Particles, clay, bacterla

Ceramie, PR, PSO, PVDF

Tubular, hellow fibre

< 2 bar
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is most dense directly below the skin layer, but the porosity increases as one moves
away from this layer (Wagner, 2001; Ntwampe et al,, 2007).

UF and MF are membrane separation processes that filter material on the basis of size
(Van der Roest et al., 2002) to recover macromolecules and retain suspended colloids
and particles (Charcosset, 2006). An application of UF in downstream processing is for
product concentration, in other words, the removal of buffer or solvent. An application of
MF is virus removal from cell cultures (Charcosset, 2006). In RO separation occurs due
to differing soiubility and diffusion rates of solvents and solutes, while in NF separation
occuré through a combination of charge rejection, solubility-diffusion and sieving through
the membrane micropores (< 2 um) {Judd, 2006). MF and UF membrane separation
processes are generally utilised in MBR concepis (Van der Roest et al,, 2002).

2.2.1.3 Membrane system configurations

Membrane systems take advantage of the inherent properties of high selectivity, high
surface area per unit volume of reactor space (i.e. high packing density} and their
potential for controlling the level of contact and/or mixing betwéen two phases
(Charcosset, 2006). The configuration (its geometry and the way the membrane has
been mounted and orientated with respect to flow) of the membrane is important in
determining the overall performance of the process (Judd, 2006). Six principal
configurations are utilised in membrane processes, namely plate-and-frame/flat sheet
(FS), hollow fibre (HF), tubular (MT), capillary tube (CT), pleated filter cartridge (FC) as
well as spiral wound (SW) (Judd, 2006). '

Cross-flow ahd dead-end operation are two standard modes of operation in conventional
pressure-driveri membrane processes (Judd, 2008). in cross-flow the fluid being filtered
flows parallel to the membrane surface, and permeates through the membrane due to
the existence of a pressure difference across the membrane (Charcosset, 2006).
No retentate stream is found in dead-end operaticn (Judd, 2006), therefore this mode of
operation is often applied in MF as the feed is forced through the membrane.
The permeate and retentate refers to the parts of the feed that, respectively, does and
does not pass through thé membrane (Seader & Henley, 2006). In industrial applications
. however, cross-flow operation is preferred over dead-end operation as less fouling
occurs. With cross-flow operations flux decline is lower and there is a variety of different
cross-flow modes such as co-current, countercurrent and cross-flow with perfect
permeate mixing (Stanojevié et al., 2003).
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2.2.2 Membrane bioreactors (MBR’s)

MBR's combine a  biological process with membrane  separation
(Van der Roest et al., 2002). Therefore, as cited by Sheldon and Small (2005) when
culturing micro organisms for the production of complex biclogical molecules, MBR’s can
be used. MBR’s are divided into three categories: (1) where the micro organism is
immobilised within the membrane matrix itself (i.e. immobilised MBR) and can be fed
from the exiracapillary space (ECS) to the lumen or vice versa; (2) where biocatalysts
such as enzymes, micro organisms and antibodies immaobilised on a membrane are
suspended in solution and compartmentalised in a reaction vessel! (i.e. immersed MBR)
(Charcosset, 2006); or (3) the bioreactor and membrane modules are separate from
each other (i.e. sidestream MBR).

The immobilised MBR, like the membrane gradostat bioreactor (MGR) can be divided
into three compartments: the shell side, the biofilm and the tube side. Most of the
microbial reaction aceurs in the biofilm that grows on the external surface of a membrane
(Pavasant et al, 1997). Immobilised MBR's retain the cells on the membranes in a low
shear environment with a continuous nutrient supply, as well as the continuous removal
of metabalic products. These immobilised systems ensure that cells can be maintained
in a state of low or non-proliferation for extended time periods, while still producing the
products desired (Belfort, 1989; Solomon & Petersen, 2002; Nwampe, 2005; Ntwampe &
Sheldan, 2006; Ntwampe et al., 2007; Sheldon et al., 2008).

Immersed MBR's (iMBR's) and sideétream MBR’s (sMBR's) are used as conventional
biomass rejection MBR'’s. iMBR's require less energy than sMBR’s since membrane
modules in a pumped sidestream cross-flow utilises more energy due to the high
pressures and volumetric flows (Judd, 2006).

2.2.2.1 Applications of membrane bioreactors

MBR’s were introduced over 30 years ago, with their main industrial application being
wastewater treatment (Voight et al.,, 2001; Xu et al., 2003; Hai et al., 2006). Only limited
success has been achieved with MBR's in the biotechnology field. The main difficulties
using MBR'’s on an industrial level are the rate-limiting aspects and scale-up difficulties
(Charcosset, 2006). MBR's have been utilised for the production of amino acids,
antibiotics, anti-inflammatories, anticancer drugs, vitaming (Charcosset, 2006) and
secondary metabolites (Leukes, 1999; Burton, 2001; Ntwampe, 2005; Niwampe et al,
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2007; Niwampe & Sheldon, 2006; Sheldon et al., 2008). MBR's with immobilised whole
cells provide an environment for increased cell densities, thus producing higher product
titre. In immobilised whole cell MBR's the celis are retained through a membrane barrier
that is perfused with a steady continuous flow of growth medium and supplied with
oxygen, while product and wastes are removed. Many configurations have been tested,
including flat sheet (FS) and rotating bioreactors. However, the HF configuration was the
most interesting. In the HF configuration the cells were either grown within the ECS or
within the lumen of the membrane (Charcosset, 2006). The utilisation of membrane
technology in the treatment of wastewater may be more appropriate and superior io
existing treatment hrocesses. HdWever, there are situations where membrane
technology can only be used to assist existing treatment processes (Mallia & Till, 2001).
A promising MBR application is the production of high \}alue-!ow volume extra-cellular,
complex biological molecules (i.e. secondary metabolites) like enzymes (Leukes, 1999;
Burton, 2001: Solomon & Petersen, 2002; Govender ef al, 2003; Niwampe, 2005;
Charcosset, 2006; Gonzalez Diaz et al, 2006), antibiotics, anti-inflammatories,
anticancer drugs and vitamins (Charcosset, 2006), through the immobilisation and
culture of various micro organisms (Belfort, 1989; Beeton ef al,, 1993; Yang et al., 2006},
such as fungi and bacteria (Venkatadri & Irvine, 1993; Leukes, 1999; Solomon &
Petersen, 2002; Ntwampe, 2005; Hai et al., 2006; Niwampe & Sheldon, 2006; Sheldon
~ et al, 2008), have been reported in literature.

The advantages of MBR'’s with a shell and tube reactor conﬁguration are the presence of
- a large surface area of biofilm per unit volume of bioreactor and the ability to operate at
high flow rates over the biofilm surface, thus enhancing substrate transfer into the biofilm
(Casey et al., 1999).

2.2.3 The membrane gradostat bioreactor (MGR)

The term gradostat is utilised to describe an MBR system in which the liquid nutrient
gradient and the gas gradient are both uni-directional “and bi-directional.
Contact between these gradients occurs between the primary and stationary growth
phases of the biomass (Leukes et al, 1999). As shown in Figure 2.1, the term uni-
directional indicates thaf the gradient of the parameter moves from a high to a low
concentration, while the term bi-directional indicates the gradients are running in

opposite directions.
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I - Primary growth phase

Il - Stationary growth phase

Il - Decline phase

L -Lumen

........ Nutrient concentration profile
_ --_ Gas concentration profile

Figure 2.1: A schematic representation of the theoretical gradostat concept (Leukes, 1999)

The term “membrane gradostat bioreactor (MGR) describes a biofilm reactor that
indicates a good potential to be used in an industrial application, which utilises a
synthetic capillary ultrafiltration membrane (Jacobs & Leukes, 1996; Jacobs & '
Sanderson, 1897). The MGR conceptualised and patented by Leukes ef al. (1999) was
designed for the continuous production of extra-cellular secondary metabolites.
The MGR consists of a porous substratum (i.e. membrane) that has a biofilm
immobilised onto the external surface of an UF capillary membrane via reverse fittration
(Govender ef al., 2004). A synthetic nutrient solution flows through the membrane lumen
towards the ECS. The nutrient flow rate is sufficiently low for a nutrient gradient to be
established across the biofilm. The MGR sYstem mimics the natural environment of the
micro organism, where substrate distribution gradienis are established across the biofilm
(Leukes, 1999; Leukes ef al., 1999; Govender et al., 2003; Sheldon & Small, 2005;
Niwampe & Sheldon, 2006; Ntwampe et al, 2008). This allows growth to occur in the
nutrient rich zone, forcing the older biofilm into the nutrient poor zone where secondary
metabolism is induced due to nutrient limitations (Solomon & Petersen, 2002; Govender
et al,, 2003). The liquid nutrient gradient moves from a high nutrient concentration inside
~ the lumen of the membrane through the biofilm towards the cutside where a low nutrient
concentration is present; while the air gradient moves from a high oxygen concentration
outside the biofilm growing on the surface of the membrane through the biofilm towards
the lumen of the membrane, where a low or none existent oxygen concentration is

present, hence the term bi-directional.
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In an MGR system, when nutrients are abundantly available, the biofilm closest to the
membrane will grow rapidly. Biofilm situated further away from the membrane surface is
exposed to lower nutrient concentrations, due to its location from the nutrient supply.
Therefore, the biofilm exhibits slower growth and even growth cessation. When the
biofilm becomes thick enough for substrate limitation to occur, the overall growth would
be constant and ccntrolled by the rate at which the limiting nutrient is being supplied to
the MGR system (Sheldon et al.,, 2008).

As cited by Ntwampe et al. (2008), the most important external factors influencing the
production and activity of secondary metabolites produced by a micro organism such as
P. chrysosporium immobilised in an MGR are temperature, pH and dissolved oxygen
(DO) concentraﬁon (Fenn et al., 1981; Fenn & Kirk, 1981; Jeffries et al,, 1981; Leisola et
al., 1984). When compared to submerged batch culture systems, the MGR has shown to
have higher production of secondary metabolites per reactor volume (Ntwampe et al.,
2008).

Microbiél stratification is created within the biofilm due to the counter-diffusion of oxygen
and nutrients (Ahmadi Motlagh et al, 2006). The region of the biofilm closest fo the
membrane surface experiences the highest concentrations of growth medium; in thick
biofilms this region is likely to contain anaerobic zones. By conirast the outer regions of
the biofilm in contact with the air/oxygen are rich in DO and are likely to contain aerabic
zones (Ahmadi Motlagh ef al, 2006). As the biofilm becomes thicker over time the
oxygern and substrates from the growth medium have to diffuse over greater distances
and biofilm performance declines (Ahmadi Motlagh et al, 2006). In MGR's potentially
limiting reaction ;substrates are supplied from oppasite sides of the biofilm increasing the
complexity of performance analysis (Casey et al., 2000).

2.2.3.1 Capillary membrane structure and micro organism immobilisation
in MGR’s

Capillary membranes, such as polysulfone membranes and ceramic membranes fall into
the category of integrally skinned asymmetric membranes. Integrally skinned indicates
that the skin layer of the membrane is an integrated part of the membrane substructure.
Sheldon and Small (2005) tested the immobilisation of P. chrysosporium on an internally
skinned capillary polysulphone, two tubular aluminium oxide ceramic membranes with an
average pore size of 0.2 and 3 pm, respectively, and one capillary titanium oxide
ceramic membrane with an average pore size of 3 ym in sepa-ate MGR's. From the
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results obtained the highest attachment and immobilisation of spores was observed on
the capillary membranes with less on the tubular ceramic membranes. However, it was
further concluded that the more suitable membrane material for spore immobilisation and
biofilm development were the capillary polysulphone membranes. However, for day-to-
day operation the ceramic membranes proved to be more rigid, mechanically stable and
were reuseable after cleaning with chemicals and steam (Sheldon & Small, 2005).

Figure 2.2(a-c) shows how the spores of the white rot fungi P. chrysosporium inoculated
onto a polysulphone membrane germinated into hyphae within the microvoids of the
membrane. The hyphae within the microvoids are believed to anchor the fungus
(Sheldon & Small, 2005). Figuré 2.3 shows a biofilm of P. chrysosporium immobilsed on
the extrernal surface of a tubular ceramic membrane. The SEM indicates that unlike with
the' polysulphone membrane no hyphae grew into the microvoids, therefore the biofilm
was only immo'bilised on the surface ahd not within the membrane matrix (Sheldon &
Small, 2005). '

According to Govender et al. (2004) spore immobilisation via reverse filtration promotes
uniform growth and better surface coverage. When utilising reverse filtration in a non-
pressurised system, spore immobilisation is dependent on the differential pressure
across the membrane and the fluid flow pattern within the membrane. The spatial
distribution of spores on the external membrane surface and within the microvoids in the
membrane wall is influenced by the immabilisation method utilised. The resultant lateral
and radial biofilm development on the external surface of the membrane is dependent on
the spore immobilisation method utilised (Govender et al., 2004).
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Figure 2.2: (a) SEM of a cross section of the polysulphone membrane with biofilm growth
showing cords within the microvoids (magnification 1500x); (b) SEM of a cross section of
the polysulphone membrane with biofilm growth showing cords from the microvoids and
spreading across the surface (magnification 4000x); (c) SEM of a cross section of the
polysulphone membrane showing biofilm thickness (magnification 150x) (Sheldon &
Smalil, 2005)

Figure 2.3: SEM of Phareochaete chrysosporium biofilm growth on 0.2 m tubular ceramic
membrane (magnification 3000x) (Sheldon & Small, 2005)
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2.3 Biofilms, growth and substrate kinetics

Bacteria differentiate from an independent free-living growth mode to an interdependent
surface-attached existence when exposed to certain environmental signals.
These surface-attached microbial communities are known as biofilms, which are capable
of developing into elaborate three-dimensional structures in flowing systems with
nutrients readily available (Davey et al., 2003). Biofilms of immobilised micro organisms
arrange their morphology according to the conditions at which they are cultured. Thus,
the internal mass transfer rates and microbial activity is affected by biofilm morphology.
Biofilms grown at a low flow velocity have a low density and high effective diffusivity, but
are not able to resist higher shear stress (Beyena! & Lewandowski, 2002; Niwampe et
al., 2008)

2.3.1 Streptomyces bacteria

Streptomycetes are mycelial bacteria resembling filamentous fungi in their apical growth
(Flardh, 2003). They are found as a microbes in soil (Kim & Kim, 2004), and are the
most important source of antibiotics for medical, veterinary and agricultural use.
© Members of the genus Streptomyces grow as a mycelium of branching hyphal filaments
and reproduce by sending up aerial branches that turn into chains of spores (Chater,
2006). Streptomycetes are mycelial prokaryotes, that grow by hyphal extension and
branching, to form a matted subsirate mycelium. Little information is available regarding
the mechanisms of apical growth and inherent poleward transport processes in mycelial
prokaryotes, unlike fungi that have been extensively studied (Flardh, 2003).
Streptomyces species have a tendency to form cell pellets in culture fluids and biofiims
on surfaces during growth (Melzoch et al,, 1997).

Streptomyces species produce commercially important medicinal products utilised
therapeutically as anti-infective (i.e. antibiotics, antifungal and antiparasitic), anticancer
or immunosuppressant agents (Champness, 2000). A special feature of this bacterium is
the production of extracellular molecules, such as proteins, antibiotics and signal
molecules at the time when the main growth period is ending. The reproductive phase
- corresponds to the secreticn of antibiotics, which protect the colony against invading
bacteria during aeriél growth (Chater, 2006}. The production of secondary metabolites by
the Gram positive mycelial Streptomycetes normally coincides with or slightly precedes
the development of aerial hyphae in surface attached cultures. In liquid-grown cultures
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the production of secondary metabolites is generally confired to the stationary phase
and oceurs in response to nutrient fimitation (Bibb, 2005).

" The strain Streptomyces coelicolor A3(2) is the most effectively studied Streptomycete.
After the first coherent map of various genes on the S. coelicolor chromosome was
published in 1967 by David Hopwood (Hopwood et al., 1995; Bibb, 1996; Bentley et al.,
2002; Thompson et al.,, 2002; Kim & Kim, 2004; Chater, 2006), it became the model
species internationally for understanding the growth, metabolism and secondary
metabolite production by filamentous bacteria. This included work on the genetics and
molecular biology of antibiotic-producing Streptomycetes '

2.3.1.1 Streptomyces coelicolor A3(2) 7
Four antibiotics are produced by Streptornyces coelicolor A3(2) namely methylenomycin,
Ca-dependent antibiotic (CDA), undercylprodigiosin (anti-tumour agent and
immunosuppressant) and actinorhodin. Depending on the pH, red tripyrolle
undercylprodigiosin and the blue polyketide antibiotic, actinorhodin, are produced
(Champness & Chater, 1994; Okamoto et al, 2003). Actinorhodin and
undercylprodigiosin are pigmented antibiotics facilitating the visual observation of
product synthesis (Ates et al, 1997). The pH indicator antibiotic, actinorhodin, is
praduced by S. coelicolor A3(2) when the micro organism is subjected to various nutrient
limitations, such as ammonium, nitrate, phosphate or trace elements (Bystrykh et al.,
1996) and the micro organism has a low growth rate or enters the stationary growth
phase {Champness & Chater, 1994).

Actinorhodin tumns red at a pH below 8.5 and biue at pH above 8.5 (Zhang et al.,, 2006).
At ‘grow-th mediurh'pH values of 4.5 to 5.5 significant amounts of actinorhodin occur.
However, it is located almost exclusively intracellularly. At growth medium pH values of
6.0 to 7.5 a different blue pigment is produced both intracellularly and extracellularly.
S. coelicolor A3(2) is therefore capable of producing large amounts of two actinorhodin-
related pigments. The main intracellular pigment is actinorhodin, while the compound
responsible for the blue colour of the permeate and mycelium is its lactone derivative
y-actinorhodin (Bysirykh et al.,, 1996}. According to Bystrykh et al. (1997} y-actinorhodin
is most probably synthesised as an end product of the actinorhodin pathway during its
export from the cell.
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The general response of S. coelicolor A3(2) to a depletion of glucose is the abolishment -
of blue pigment synthesis; and to growth limitation by nitrogen (either ammonium or
nitrate), phosphate, or trace elements is the synthesis of blue pigment (Bystrykh et al,
1996). The final pH of the growth medium, rather than specific nutrient limitation, has
been identified as the determining factor in which blue pigment will be produced.
Bystrykh et al. (1996) reported that when grown at a neutral pH, the major exported
product of the actinorhodin biosynthetic pathway by S. coelicolor A3(2) is y-actinorhodin.

Grown in complex growth medium S. coelicolor A3(2) exhibits a transient growth pause
before entering into the stationary phase and actinorhodin production commences.
A similar pause is seen in Streptomyces hygroscopius when grown in a complex growth
medium (Champness & Chater, 1994). In chemically defined media, S. coelicolor grows
as mycelial strands and pellets that are composed of densely interwoven hyphae (Elibol,
2001). '

2.3.1.2 Secondary metabolite (actinorhodin) production

Nutrition plays a pivotal role in the pro_ductioh and yield of secondary metabolites.
A limiting supply of an essential nutrient effectively restricts the organism’s growth,
because the choice of limiting nutrient can have both specific metabalic and regulatory
effects. High product yields are achieved by designing a proper pi’oductioh medium. A
re!atiohéhip nomally exists between the growth medium composition and the
biosynthesis of antibiotics (Elibol, 2004). The onset of secondary metabolism is triggered
by one of two methods, either by limiting the nutrients to the organism, in other words
starving the organism, or via reduced growth opportunities (Doull & Vining, 1990;
Bruheim et al., 2002).

The extent of secondary metabolism is influenced by carbon catabolic, nitrogen
metabolic and phosphate regulation (Martin & Demain, 1980). Doull and Vining (1930}
found that actinorhodin production by S. coelicolor was insensitive to the carbon source
concentration, but was triggered by nitrogen depletion, phosphate depletion or a decline
in growth rate. Phosphate limitation was found to be epistatic to that of nitrocgen when
ammonium is the nitrate source (Hobbs et al, 1990; Coisne et al, 1999). Secondary
metabolites are normally produced during the slow growth rates or stationary phase
when one of the essential nutrients has been exhausted (Shapiro, 1989). While studying
carbon . catabolic repression Ates et al. (1997) found an increased actinorhodin
production in fed-batch cultures when the glucose concentration was kept below the
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critical level. Catabolite repression occurs when enzyme synthesis is prevented due to
the rapid utilisation of carbon sources (Aunstrup et af.,, 1979).

V Actinorhadin, one of the four antibiotics produced by S. coelicolor A3(2) is a red/blue
~ acid/base indicator pigment with weak antibiotic properties. Actinorhodin is a member of
a group of chemically related antibiotics called isochromanoquinines. Synthesis is via the
polyketide pathway, an important biosynthetic route for the synthesis of antibiotics
(Rudd & Hopwood, 1979; Abbas & Edwards, 1990). The only carbon precursor required
for actinorhodin synthesis is acetyl CoA (Bruheim ef al,, 2002). Aromatic polyketides are
a large family of structuraily diverse natural products with a large range of biological
-activities such as antibiotic, anticancer, antiparasitic and immunosuppressant properties
{Naeimpoor & Mavituna, 2000).

In chemostat cultures the highest actinorhodin production rates occurred under nitrogen
or carbon limited-growth conditions, with the lowest production rates occurring under
sulfate or magnesium-—limited growth conditions (Melzoch et al, 1997). Therefore,
actinorhodin production is repressed by ammonium ions but this repression is relieved
when the carbon source is present at particular growth-limiting concentrations (Melzoch
et al.,, 1997). ’

Hobbs et al. (1990) reported that actinorhodin production was inhibited by phosphate
concentrations greater than 24 mM as cited by Melzoch ef al. (1997). According to
Bystrykh et al. (1996) the nature of the growth-limiting nutrient plays an important role in
the production of the extracellular pigment. The resultant stationary phase due to a
depletion of the nitrogen source (either ammonium or nitrate), phosphate or trace
elements caused actinorhadin production (Melzoch et al., 1997).

According to Ozergin-Ulgen and Mavituna (1994) actinorhodin production in the complex
growth medium YEME described by Hopwood et al (1985) was 50 times as much when
compared to the defined growth medium described by Hobbs et al. (1989). However,
according to Brystrykh ef al. (1996) this excreted pigment is not actinorhodin but its
lactone derivative y-actinorhodin (Coisne et al., 1999). Actinorhodin is navy blue in the
defined growth medium and dark purple in the compiex growth medium (Ozergin-Ulgen
& Mavituna, 1994).
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The biasynthesis of actinorhodin is a multi-functional process which mainly occurs after
the active growth phase or during the stationary phase in batch cultures. Many factors
have been implicated in the synthesis of actinorhodin. However, phosphate or nitrogen
depletion normally results in production, with phosphate control being epistatic to that of
actinorhodin (Doull & Vining, 1990; Coisne et al., 1999). The pH of the culture medium
was important as the excretion of actinorhadin seemed to occur at pH values above 6.7
(Coisne et al,, 1999).

Actinorhedin production starts when the cells in the biofilm enter the exponential growth
phase, therefore cell growth and actinorhodin production occur simultaneously.
However, in rdefined media (Hobbs ef al, 1989) the accumulation of actinorhodin
continues after growth has stopped. Therefore, the growth of S. coelficolor and
actinorhodin production does not follow the normal secondary metabolite production
seen in defined media (Elibol, 2001). Ozergin-Ulgen and Mavituna (1994) alsd reported
that S. coelicolor produced the secondary mAetabolite, actinorhodin, during its growth
phase. '

2.3.1.3 The effect of growth medium composition on secondary metabolite
production

The role of the medium is normally considered in terms of the nutrients and precursors it
provides to the culture. A good medium provides the correct osmotic balance between
the cell's cytoplasm and the external environment (Elibo! & Mavituna, 1998).

According to Elibol (2002) the optimum glucose concentration for S. coelicolor A3(2) was
12.25 g/L for a 2 L batch bioreactor operaiéd with the defined medium described by
Hobbs et al., (1989) at an airflow rate of 2 L/min and an agitation speed of 300 rpm
{Elibol, 2002). Under these conditions an actinorhodin concentration of 60 mg/L was
obtained, with a biomass concentration of 1.9 g/L; @ maximum volumetric oxygen uptake
rate of 180 mgO./L.hr and a glucose consumption rate of 0.110 g glucose/L.hr.

Nitrogen-limited medium résulted in low yields of actinorhodin, while the presence of
ammonium as a niirogen source, which is a superior nitrogen source to nitrate, resulfted
in an actinorhodin yield three times higher in a fed-batch culture of Streptomyces lividans
(Bruheim et al., 2002). Nitrogen [imitation had a much greater physiological impact than
phosphate limitation. According to Bruheim et al. (2002) phosphate limitation may allow
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some increase in the cell mass, while nitrogen limitation inhibited protein synthesis.
Phosphate limitation resulted in a higher specific production rate of actinorhodin, while
nitrogen limitation resulted in the conversion of carbon into a-ketoglutaric acid instead of
actinorhodin in fed-baich cultures of S. lividans (Bruheim et al, 2002). An increase in
biomass concentration is normally accompanied by a decrease in the residual glucose
concentration (Elibol, 2001). Iron limitation enhanced the intracellular production and
export of the pigmented antibiotic, actinorhodin. The effect was most pronounced when
the bacterium was grown with nitrate instead of ammonium as the nitrogen source
{Coisne et al., 1999). Glucose is a carbon subsirate used to form cell material, metabolic
‘products and in the maintenance of cells (Elibol & Mavituna, 1999a)..

Table 2.2 is a summary of data collected from various articles with reference to operating
S. coelicolor at an optimum using different culture methods.

2.3.2 Sloughing .

Casey et al. (2002) observed sloughing of the biofilm off the membrane when the
- acéumulation rate of the biofilm was at its highest. This membrane aerated biofilm
- reactor (MABR) system was operated with the oxygen in the lumen of the membrane
and the liquid growth medium in contact with the external surface of the membrane.
Within a membrane-aerated bioreactor (MAB) Ahmadi Motlagh et al. (2006) concluded
that the mixing conditions within the bioreactor were responsible for the occurrence of
sloughing. |
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Table 2.2: Varlous operating conditions for S. coelicolor

Volumetric Maximum
mass Volumetric speclfic :
Straln Culture Alrflow Dissojved transfer oxygen uptake growth ‘Blomass Actinorhadin Glucose Relerentces
rate oxXygen cosfficlent rate concentration  concentration concentration
rate (g o,x }
‘ (kLa) (lumax)

Straptomyces Batch culture 210 6L/min  80-100% 0.03h" Ozergin-Ulgen &
coalicolor A3(2) ' _ : ‘ 1 Mavltuna, 1993
Straptomyces Ratch culture 2 L/min <40 % 0.017 0’ 2o/l . 28,5 mg/l. 120 g/l Ates et al., 1997
coelicolor A3(2) : Y,
Straptomyces Fed-batch 2 Limin 0.022 h" 3.4 9/l 37.4 mg/lL 264 g/l Ates ot al,, 1997
coolicolor AX2}  culture
Straptomyces Batch defined 2to8L/min 40% 40to 100 hr*  5to 8 mmalO./l.hr 38.2 mgil. Ozergin-Ulgen &
coeficoior A3(2)  media Mavituna, 1998
Straptomyces Bateh complex 210 8 L/min 18 to 70 hr! 47 to 52 mg/L Ozergin-Ulgen &
coelicolor A3(2)  madia ' . Mavituna, 1998
Streptomyces Ratch cultura 2 L/min 0.0038 hr' 98 mgQ:/L.hr Elibol & Mavituna,
coelicolor A3(2) 1990a
Streptomyces Fermantation 2 L/min 0.47 7 mmol/L.hr 5.7 gl 45 mg/L Ellbal, 2001
coeficolor A3{2)  (No PFC) Mm/dm® ‘
Straptomyces Fermeantation 2 L/min 0.96 12210 175 he'' 4.9 mmoliL.hr ‘ 29¢gL 90 mg/L Elibal, 2001
coalicolor A3(2)  (PFC) Mm/drm® . ‘ '
Straptomyces Fermentation 2 L/min o - 180 mgQ,/L.hr 1.9¢gL 60 mg/L 0.110 g glucose/L.hr  Elibal, 2001
coelicolar A3{2} :
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Rasmussen and Lewandowski (1998) experienced sloughing when biofilms were grown
at lower flow velocities (0.62 to 1.53 cm/sec) and the biofilms had fluffy characteristics.
Biofilms grown at higher flow velocities (1.53 to 2.60 cm/sec) were more rigid and thus
less susceptible to sloughing. Increasing the flow velocity causes physiological
responses by the biofilm, and may have resulted in the sloughing of the entire biofilm in
extreme cases (Beyenal & Lewandowski, 2002).

2.3.3 Microbial growth kinetics

The modelling of microbial growth kinetics plays an important role in the design and
optimisation of bicreactor systems (Mitchell et al, 2003). Growth kinetics have "been
identified as one of the critical parameters when studying biofilms, as they can be utilised
to model mass transfer and biological reactions (Ntwampe & Sheldon, 2006)}. Microbial
growth kinetics can be described using one of two methods: (1) either using simple
empirical equations; or (2) mechanistic models that try to describe intraparticle diffusion
processes related to growth (Mitchell et al., 2004).

2.3.3.1 Basic kinetic equations

Various empirical kinetic profiles have been described in solid state fermentation (SSF)
syétems including linear, exponential, logistic and fast acceleration/slow deceleration.
Figure 2.4 shows the typical shapes these curves have. The empirical equations
describing these curves in Figure 2.4 are shown in Table 2.3. These empirical equatidns
do not include the effect that the nutrient concentration has on the microbial growth -
(Mitchell et al., 2004). |

The growth kinetics of micro organisms are frequently described by the logistic empirical
equéﬁon (Equations 2.3a and b) (Mitchell et al, 2004; Van de Lagemaat & Pyle, 2005).
However, this empirical model does not provide insight into what controls the microbial
growth (lkasari & Mitchell, 2000). The logistic equation is often used due to its
mathematical simplicity; in a single equation an adequate approximation of the entire
growth curve is given, including both the fag phase and cessation of growth. The other
kinetic equations such as the exponential (Equations 2.2a and b) and two-phase
(Equations 2.4a and b} equations require that the growth curve be separated into various
phases, with a different equation describing each phase (Mitchell et al,, 2004).
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Dry welght of microblal blomass

—
Lag phase Time

Figure 2.4: Various empirical kinetic profiles describing solid state fermentation systems:
{a) exponential, (b} logistic, (c) linear, {d) fast acceleration/slow deceleration (Mitchell et
al., 2004)

The logistic equation is an autonomous biomass rate equation allowing for the serial
rather than simultaneous evaluation of all model parameters (Elibol & Mavituna, 1999a).
The other kinetic equations such as the exponential and two-phase equations require
that the growth curve be separated into various phases, with a different equation
describing each phase (Mitchell ef al,, 2004).

Non-symmetrical growth profiles can be described by the power-law, as shown in
Equation 2.6a; a modification of the logistic model, in which n takes on values either

greater or less than 1 (lkasari & Mitchell, 2000).
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Table 2,3: Differential and Integrated forms of the empirical kinetic growth equations

Name Difterential form £q. integral form Eq. References
lInear dax - Ikasarl & Mitchell, 2000; Mitchsll
= K 21a X =Ki+X, 2.1b
dt et al., 2004
Exponential gy =Y M ' Mitcheli et al., 2004
T THX 2.2a X=X 2.25
Logistic X X n an Mitchell et al,, 2004
—— =uX|l1-=-| ,n= 2.3a = Zat 2.3b
7 1+{(X,,/X,)-1)e
" N
Two phase Fast acceleration
' X=Xe"t<t Mitchell et al., 2004
i’izux,tqr 2.4a 0 ‘ 2.4b
dt ‘
Slow deceleration
Mitchell et a/.,, 2004
dX " - HL( itet,) -
E:[ul,e Xz, 2s X‘Xde"p[ T (1= )21, o,
Power-law X X n Ikasari & Mitchell, 2000
_d;.=px (l—-s?—-} a<or>1 5pa
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The two-phase modei (fast acceleration/slow dece!eratibn) represenis an exponential
phase followed by a deceleration phase. lkasari and Mitchell (2000) suggested that an
exponential phase followed by a sudden deceleration phase might be associated with
the meeting of hyphae from different expanding microcolonies. According to Mitchell et
al. (2004) the specific growth rate during the deceleration phase is represented by the
quantity in the square brackets in Equation 2.5a. The parameter L in the slow
decelaration phase of the two-phase model (Equations 2.5a and b) represents the ratio
between the specific growth rate at the start of the deceleration phase and the specific
growth rate during the exponential phase.

2.3.3.2 Modelling of growth kinetics for process optimisation

When seeking the optimum conditions for a particular process one has to identify the
input variables that have the greatest influence on the experimental process (Elibol,
2002). Kinetic models allow bicengineers to design, predict and thus control the

_ behaviour of a microbial process (Elibol & Mavituna, 1999a).

According to Sinclair and Kristiansen (1987) as cited by Elibol and Mavituna (1999a),
mathematical models describing a microbial process can be expressed using two
different mechanisms: (1) a structured model, where the basic aspects of cell structure,
function and composition are taken into account; or (2) an unst_mctured model, where
anly cell mass is utilised to describe the biological system. |

The aim of bioreactor kinetic growth models is to describe the overall performance of the
bioreactor. Therefore, the growth models must describe not only the microbial growth
kinetics but also the transport phenomena within the substrate bed and the mass and
energy exchanges between the subsystems of the bioreactor, such as the biofilm and
the ECS gases (Mitchell et al, 2003). The model must essentially describe how the
microbial growth is affected by environmental conditions within the bioreactor as a
function of time as well as how the environment is affected by the microbial growth.

Bioreactor kinetic grcwth models consist of two sub-models (see Figure 2.5): firstly the
kinetic sub-mode! and secondly the balance/transport sub-model. The kinetic sub-model
describes how environmental variables affect the growth rate of the micro organism,
while the second balanceftransport sub-model describes the mass and heat transfer
within and between the various phases within the bioreactor (Mitchell et al, 2003;
Mitchell et al., 2004).
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Growth kinetic equation Kinetic sub-model

ax _
o
A
Parameters within the kinelic equation are
expressed as functions of the environmental
conditions
Terms within the balance
equations describe how growth .. Operational variables — Related with *he
meﬂs"?;”g:g’:;:t;' aeration, agitation and cooling systems
- b t
metabolic heat) (can be manipulated by the operator)
A 4

Balance equations and boundary
conditions for the important
environmental variables Expressions within the equations
. describe the transport phenomena
Ter.nperamre (energy balance) and these equations include the

* Moisture various operating variables

* Oxygen o

ar _ d[Eo]_ d[o)]_
rmee e B

Ba!‘ance/transport sub-model

Figure 2.5: The structure of bioreactor models, showing the two sub-models (Mitchell et
al., 2003; Mitchell ef al., 2004)

2.3.3.3 Modelling growth Kinetics for a filamentous micro organism

The growth kinetics of filamentous micro organisms, whether bacteria or fungi, is
frequently described by the logistic empirical equation (Equation 2.3a). However, this
empirical mode! does not provide insight info what controls the microbial growth
(Ooijkaas et al,, 2000). Growth kinetic equations are fypically complex as they account
for the temperature and oxygen gradients present within the substrate bed. However,
attempting to include the concentration gradients of the nutrients within the substrate
particles would lead to exiremely complex models as these models would describe the
heterogeneity at the micro scale for each location at the macro scale. Microscopic
models aftempt to describe growth mechanisms, while macroscopic models describe the
changes in total biomass with time {lkasari & Mitchell, 2000).
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For the logistic equaﬁdn shown by Equation 2.3a, n is equivalent to 1, the model is
symmetrical around the inflection point. Therefore, the acceleration and deceleration
rates are the same (lkasari & Mitchell, 2000). Using a membrane culture system Mitchell
et al. (1991) investigated the fungal growth of Rhizopus oligosporus and observed that
the growth profile consisted of a brief period of rapid acceleration, followed by an
extended period of slow deceleration. Therefore, to describe the growth of a fungal micro
organism, a two-phase growth model utilising the exponential growth model to represent
the fast acceleration phase and an equation to represent the slow deceleration phase
was developed. This two-phase model complements, rather than replaces, the logistic
model (lkasari & Mitchell, 2000).

Non-symmetrical growth profiles can be described by the power-law (Equation 2.6a),
a modification of the Iogistib model, in which n takes on values either greater or less
than 1. Mitchell ef al. (1991) showed that the power-law model provided a better fit to the
experiniental data profile obtained than the logistic model. However, some deviation
from the experimental data was still observed especially during the early growth (Ikasari
& Mitchell, 2000).

~ The fermentation kinetics of the extracellular antibiotic, actinorhodin, produced by
S. coelicolor was studied in a batch fermentation system by Elibol and Mavituna (1999a).
The fermentation batch bioreactor used in this study was operated with Hobbs et al.
(1989) growth medium. The logisti¢ equation, that is substrate independent, was used as
the empirical equation to describe the microbial growth. By using the logistic equation,
an autonomous biomass rate equation, it was possible to evaluate the model parameters
serially rather than simultaneously, without requiring simultaneous parameter estimation
or computer techniques (Elibol & Mavituna, 1999aj.

For micro organisms showing fungal growth, the growth rate should not be described as
depending on the substrate concentration, because the growth of a micro organism
depends on the substrate concentration within its local environment and not on the
average substrate concentration within the biofilm (lkasari & Mitchell, 2000). A (imited
understanding of the kinetic mode! for actinorhodin production exists due to the unstable,
complex heterogeneous nature of S. coeficolor (Elibol & Mavituna, 1999a).
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Figure 2.5: The structure of bioreactor models, showing the two sub-models (Mitchell et
al., 2003; Mitchell et al., 2004)

2.3.3.3 Modelling growth kinetics for a filamentous micro organism

The growth kinetics of filamentous micro organisms, whether bacteria or fungi, is
frequently described by the logistic empirical equation (Equation 2.3a). However, this
empirical model does not provide insight into what controls the microbial growth
(Ooijkaas et al., 2000). Growth kinetic equations are typically complex as they account
for the temperature and oxygen gradients present within the substrate bed. However,
attempting to include the concentration gradients of the nutrients within the substrate
particles would fead to extremely complex models as these models would describe the
heterogeneity at the micro scale for each location at the macro scale. Microscopic
models attempt to describe growth mechanisms, while macroscopic models describe the
changes in total biomass with time (lkasari & Mitchell, 2000).
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For the logistic equation shown by Equation 2.3a, n is equivalent to 1, the model is
symmetrical around the inflection point. Therefore, the acceleration and deceleration
rates are the same (lkasari & Mitchell, 2000). Using a membrane culture system Mitchell
et al. (1991) investigated the fungal growth of Ahizopus oligosporus and observed that
the growth profile consisted of a brief period of rapid acceleration, followed by an
extended period of slow deceleration. Therefore, to describe the growth of a fungal micro
organism, a two-phase growth model utilising the exponential growth model to represent
the fast acceleration phase and an equation to represent the slow deceleration phase
was developed. This two-phase maodel complements, rather than replaces, the logistic
model (lkasari & Mitchell, 2000}.

Non-symmetrical growth profiles can be described by the power-law (Equation 2.6a),
a modification of the logistic madel, in which » takes on values either greater or less
- than 1. Mitchell et al. (1991) showed that the power-law model provided a better fit to the
experin'_:ental data profile obtained than the logistic model. However, some deviation
from the experimental data was still observed especially during the early growth (lkasari
& Mitchell, 2000).

The fermentation kinetics of the extracellular antibiotic, actinorhodin, produced by
S. coelicolor was studied in a batch fermentation system by Elibol and Mavituna (1999a).
The fermentation batch bioreactor used in this study was operated with Hobbs et al.
(1989) growth medium. The logistic equation, that is substrate independent, was used as
the empirical eguation o describe the microbial growth. By using the logistic equation,
an autonomous biomass rate equation, it was possible to evaluate the model parameters
serially rather than simultaneously, without requiring simultaneous parameter estimation
or computer techniques (Elibol & Mavituna, 1999a}.

For micro organisms showing fungal growth, the growth rate should not be described as
depending on the substrate concentration, because the growth of a micro organism
depends on the substrate concentration within its local environment and not on the
average substrate concentration within the biofilm (lkasari & Mitchell, 2000). A limited
understanding of the kinetic model for actinorhodin production exists due to the unstable,
complex heterogeneous nature of S. coelicolor (Elibol & Mavituna, 1999a).
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2.3.3.4 Biphasic growth

Biphasic growth occurs when two growth phases separated by a short intermediate lag
phase is visible. The short intermediate lag phase occurs due to depletion of a substrate
necessary for growth within the growth medium. The phenomenon of biphasic growth
occurs when a micro organism exhibits two growth phases while, consuming only one
substrate source, for example only one carbon source (Koedama et al. 1969; Meunier &
Choder, 1999; Sheldon et al., 2008).

Anaerobic biphasic growth; consisting of two logarithmic phases separated by an
intermediate phase where the growth rate was very low, was observed by Kodama et al.
(1969). The anaerobic biphasic growth was observed in the Gram-negative rod-shaped
bacterium Pseudomonas stutzeri (Van Niel strain) grown under anaerobic conditions

with nitrate limitation.

Biphasic growth was also observed by Meunier and Choder (1999) in a well separated
colony of the budding yeast Saccharomyces cerevisiae, which showed a rapid growth
phase proceeded by a shamp franéiﬁon to a slower growth phase. During the slower
growth phase the celis in the centre of the colony gradually entered stationary growth so
that towards the end of this growth phase most of the growth occured at the periphery of
the colony {Meunier & Choder, 1999).

Ntwampe and Sheldon (2006) reported a primary and secondary growth phase for the
white rot fungus Phanerochaete chrysosporium (BKMF-1767) immobilised on a vertically
orientated polysulphone capillary membrane. Sheldon et al (2008} demonstrated
biphasic growth in a continuously operated MGR system used for the continuous
production of secondary metabolites by an immobilised biofilm, of the white rot fungus
P. chrysosporium (BKMF-1767).

P. chrysosporium was immobilised on a polysulphone membrane in a flow-cell MGR
operated with a peristaltic pump system. It was concluded that the short intermediate lag
phase occurred due to ammonium depletion and not due to glucose depletion (Sheldon
et al,, 2008). Two exponential growth phases were identified with specific growth rates in
the range of 0.07 to 0.1 hr' for the first growth cycle and in the range of 0.015 to
0.05 hr' for the second growth cycle.
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Karandikara et al. (1997) studied the life cycle of Streptomyces coelicolor on solid
medium from a physiological perspective. In this study a biphasic growth pattern was
identified, with a continuous fransition from an initial exponential growth cycle into a
slower growth cycle of biomass accretion. The change from the initial exponential growth
cycle to the slower growth cycle coincided with the depletion of niirate in the growth
medium (Karandikara et al., 1997).

2.3.3.5 Diauxic growth

The phenomenon of diauxic growth, according to Monod (1942), Shuler and Kargi
{2002) and Adour et al. (2005) occurs when two growth phases are observed due to the
sequential use of two different substrates, for example twa carbon sources. According to
Shuler and Kargi (2002) this is normally observed when the one substrate source for
carbon, such as glucose, becomes depleted and the cells adapt their metabolic activities
in order to be able to utilise a second substrate source for carbon, such as arginine, as
cited by Sheldon et al. (2008). When substrates are present in non-growth limiting
concentrations the substrate that supporis the highest growth rate is utilised
preferentially from the mixture and diauxic growth is often observed due to sequential
utilisation. However, according to Harder and Dijkhuizen (1982) when the substrates are
present in growth limiting concentrations, simultaneous utilisation appears to occur.

De Ordufia et al. (2000) observed a diauxic growth pattern after careful analysis of batch
growth in both culture flasks and bioreactors, of S. coelicolor A3(2) in minimal medium
1 (MM1). MM1 was a modified version of the defined growth medium described by
Hobbs et al. (1989). The glutamic acid present in MM1, which was the sole carbon and
nitrogen source, was degraded prior to maltose during the first phase of the diauxic
growth. The shift from glutamic acid to maltose after glutamic acid depletion occurred
with corresponding cessation of biomass formation.

Diauxic growth of Penicilliumm camemberti was observed during batch culture in a
synthetic medium containing glucose and arginine by Adour et al. (2005) and Amrane et
- al. (2005). During the first phase of the diauxic growth glucose and arginine were utilised
as carbon and r{itrogen sources, respectively. After glucose depletion, arginine was used
as both the carbon and nitrogen source during the second phase.

Literature review Page 30 of 271



2.3.4 Substrate utilisation Kinetics

Quantitative characterisation of the activity of an enzyme or microbe on a particular
substrate is an essential requirement for the detailed understanding of the dynamics of
any process (Goudar & Devlin, 2001). The quantification process of substrate utilisation
involves estimating several parameters in the kinetic models using experimental data.
A simple unstructured kinetic mode! is used to describe the interaction between the
substrate and the enzyme or microbe (Gouder & Devlin, 2001). Substrate utilisation by a
micro organism normally results in the removal of a chemical, increase in microbial -
biomass and the subsequent biodegradation of the chemical. Several microtial growth
and substrate kinetic models exist. These include Monod's, Andrew’s, Bungay’s
weighted model, general substrate inhibition models (GSIM) and the sum kinetic models
(Okpokwasili & Nweke, 2006).

Substrate depletion by enzymes and non-growing bacterial suspensions are generally .
described by the Michaelis-Menten equation, while the Monod equation generally
describes growth associated substrate consumption (Goudar & Devlin, 2001).
The Monod equation defines the relationship between the growth rate and the
concentration of the growth limiting nutrient.

In continuous cultures the limiting nutrient is the substrate controlling or limiting micro
organism growth, while in batch systems the limiting nutrient refers to the substrate that
limits the extent of cutture growth (Bazin, 1982).

2.3.4.1 The Monod single-substrate-limited model
The growth fimiting substrate concept was introduced by the Monod model. The Moned
empirical model, shown in Table 2.4 {Equation 2.7a), has been the dominating mode}

used in substrate growth kinetics. In the Monod model the parameters g, and K

relate the growth rate to the concentration of a single growth-limiting substrate. An
important feature of the model is that the growth rate is zero when there is no substrate
and when in excess the growth rate tends to the upper limit (Owens & Legan, 1987;
Lobry et al., 1992; Okpokwasili & Nweke, 2006).

ﬂ _ ﬂmax Cs 2_7a

_Km+CJ
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‘Where g represents the specific growth rate (hr'); H... represents the maximum

specific growth rate (hr'); C. represents the substrate concentration (g/m®) and K the

Monod saturation constant {g/m®), which is equivalent to the substrate concentration at
half z#_. (Owens & Legan, 1987; Lobry et al., 1992; Ckpokwasili & Nweke, 2006).

The Monod equation is the most commonly applied unstructured, non-segregated model
of microbial growth, describing substrate-limited growth only when the growth is slow
and population density low. When derived from the Michaelis-Menton hypothesis, the
Monod equation can be expressed as in Equation 2.8 (Shuler & Kargi, 2002).

) rm CS
r,=—2—<_ A 2.8
Km + CS

Where r,is the biological consumption rate {(g/m°.hr) and r, is the maximum substrate

consumpﬁon rate (g/m®.hr) (Shuler & Kargi, 2002).

2.3.4.2 Other single-substrate-limited growth models
The Tessier, Moser and Contois equations (Beyenal et al, 2003) are all examples of
alternative single-substrate-limited growth kinetic models as shown in Table 2.4.

The Moser equation, the most general form of these equations, is a modified form of the
Monod equation, which according to Blanch (1981) admits a range of interesting

dynamic behaviour. The Moser equétion has three constants (x . ., K

., ) and is
equivalent to the Monod equation when n =1, while the Tessier equation only has two
constants (. ,K,) (Blanch, 1981). A saturation constant proportional to cell
concentration in the Contois equation describes substrate-limited growth at high cell
densities. According to the Contois equation, with decreasing substrate concentrations
the specific growth rate decreases and eventually becomes inversely proportional to the

medium celi concentration {Shuler & Kargi, 2002).
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Tabis 2.4: Single-substrate timited growth kinetic modais

Dimensionless,

Namse Kinatle sxprossion Dittorontial form Integral form Relorsnces
axprassion
: . Bianch, 1851;
Monod - G B Cal®s 4G b MGy Myttt 4 Ny ( ) ARE Owens &
K +¢ 140 1K, dt Yoo Ko +C ‘ St I R E St SRS B b e by =l Legan, 1887,
v Fax R W Xy ¥ Y;\/Cs Xa o ¥p +¥ ;y’ & oy " Goudar &
3 £ Baviin, 2001,
Shuter & Kargg,
‘ 2002; Bayenal
: & al, 2005
Eq. 2.7a 2% 2.7¢ 274
Blanch, 1981;
Shuter & Kargl,
Tassier = g {I —-e“C*'K*) 2002; Beyenal
{{111%9
et af., 2003
En. 28
Blanch, 1881:
Shier & Karg,
Moser i ;‘3 2002; Boyenal
max C? VK, ptal, 2003
Eq 2.10
7 Goudar &
Contols = Ce dCs 1 BmaxCs 3‘3:s Deviin, 2001;
] . er T S AT e & o =
P ER X in 1+-———~(C, -C.) - K.Y, ln = tmaxt Shuler & Kargl,
Cy v Ry ot Yo KX+ Co X, E T B 74 Cs(n; max 2002: Beyenal
et &l., 2603
Eq. 2.11a 2.11b 2.11¢
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2.3.4.3 Linear kinetic parameter estimation methods
The Lineweaver-Burke (Equation 2.12), Eadie-Hofstee (Equation 2.13) and Langmuir
{Equation 2.14) methods are linearisation techniques in which the hyperbolic relationship

between the rate of the reaction and the substrate concentration is arranged linearly in order

to determine the substrate saturation constant (K,) (Shuler & Kargi, 2002). According to

Owens and Legan (1987) the direct linear plot of Eizenthal and Cornish-Bowden appears to

be the best method for analyzing 4 versus C,. In the Monod equation the substrate
saturation constant ( K ) is the concentration of the growth rate-limiting nutrient that supports

half the maximum specific growth rate (Owens & Legan, 1987).

1 K

LI 212
H M EoC

£ o £ | 213
C, K, K,

C._K . G 2.14
L e

The Lineweaver-Burke plot of 1 against CL is linear with the intercept 1 and slope
H

K, . The Eadie-Hofstee plot of # against Ci is linear with slope —KL and intercept
#ma.x 5 ) ¥

EK‘“& and the Langmuir plot of C, against c. is linear with intercept —K_ (Owens & Legan,
. H

¥

1987).

Ntwampe and Sheldon (2006) and Sheldon et al. (2008) utilised the Monod equation derived
from the Michaelis-Menton hypothesis (shown in Equation 2.8) for determining the substrate
consumption parameters for the white rot fungus Phanerochaete chrysosporium, immobilised
in an MGR system. Addition of the experimentally determined daily substrate consumed over
time resulted in an accumulative substrate consumption curve that was plotted against time.
This accumulative substrate consumption curve was best described by a third-order

polynomial, shown by Equation 2.15.

_ 3 2
C.=at +a,t”+ast+a, 2.15
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The derivative of Equation 2.15 is equivalent to the substrate consumption rate (r,),

described by Equation 2.16.
dC r,C
$=3at’+2at+a,=r,=—"-" 2.16
dt ' Y @Yol

Equation 2.17 represents the relationship between the inverse of the first-order derivative
and the inverse of the Monod equation.

dc, " 1 K,)1 1
S — =m0 : 217
dt 3ait” +2a,t+a, r, J]C., r, .

5 m

According to Niwampe (2005} for the MGR system the Lineweaver-Burke linearisation
method gave the best fit with correlation coefficients (R®) of 0.9 and higher. Both Ntwampe
(2005) and Sheldon et al. (2008) used the Lineweaver-Burke method to linearise the rate
limiting nutrient data, by rearranging Equation 2.16 into Equation 2.17 in order to evaluate

) . dc,Y"
the kinetic constants. According to Shuler and Kargi (2002), from the pilot of (—5—’) against
, t

(Ci) the Monod saturation constant (K, ) can be calculated for different time intervals by

5

T

m

. o 1
dividing the slope (E"-J by the intercept [—} .
r

The mast accurate method to determine the Monod saturation constant (X, ) is to assay the

concentrations of the growth rate-limiting nutrients in steady-state continuous cultures.
Knowledge of the substrate saturation constant is required for the modelling of microbial
cultures. In the Monod equation when the specific growth rate is set equal to half the
maximum specific growth rate, the substrate saturation constant equals the concentration of
the growth rate-limiting nutrient {Owens & Legan, 1987).

2.3.4.4 Non-linear kinetic parameter estimation methods

It is important to note most kinetic models, as we!l as their integrated forms are non-linear,
making kinetic parameter estimation difficull. Some models can be linearised, but the
linearisation of non-linear expressions is limited as it fransforms the error associated with the
dependent variable, resulting in inaccurate estimates of the kinetic parameters (Goudar &
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Déviin, 2001; Okpokwasili & Nweke, 2006). Therefore, linearisation techniques are only used

o determine the initial estimates ofkinetic constraints.

Parameter estimates obtained from the linearised form of a non-linear equation are
inaccurate and the nan-linear least squares regression method is more accurate for kinetic
parameter estimation (Goudar & Devlin, 2001). Application of the non-linear least squares
regression method is complicated. Due to the iterative nature of non-linear least squares
regression, initial estimates of kinetic parameters are required (Goudar & Devlin, 2001). The
kinetic parameter estimates obtained from the linearised kinetic expressions can be utilised
as the initial estimates for the non-linear least squares regression (Okpokwasili & Nweke,
20086).

Two nan-finear regression methods are: (1) minimising the sum of square differences (SSD),
- shown in Equation 2.18 {(Beyenal et al., 2003); and (2) minimising th_e residual sum of square
estimates (RSSE), shown in Equation 2.19 (Goudar &Davlin, 1987).

N 2
SSD = Z (pe_xperimenm] —#prea‘icmd) : 2.18
i=1 .

| -
Minimse RSSE = ﬁ:[( Suw),~(5.), | 2.19
i=1

In the non-linear regression analysis to determine the biokinetic parameters of Pseudomonas
aeruginosa Beyenal et al. (2003} minimised the sum of square differences (SSD) between
the experimental and theoretical (i.e. predicted) data for specific growth rates. Schmidt et al.
{(1987) utilised the non-linear regression method to compare the kinetics of p-Nitrophenol
degradation by Pseudomonas sp. cultured in Erenmeyer flasks when p-Nitrophenol was
utilised as the sale substrate and when it was utilised simultaneously with other substrates.
By minimising the least squares of the differences between the data and the model! curve,
the best fit was obtained from the model giving the lowest residual sum of squares (Schmidt
et al., 1987). Goudar and Devlin (2001) calculated initial estimates of the kinetic parameters
from the linearised form of the Michaelis-Menton equation for previously published data from
three different expefiments" including the pyruvate kinase reaction, 2-chiorophenol
biodegradaﬁoh and glucose uptake by Penicilfium chrysogenum. The non-inear kinetic
parameters were estimated by minimising the residual sum of squares (Goudar & Devlin,

2001).
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2.3.4.5 Specific growth rats
The specific growth rate, u, for any value of X(¢) is described by Equation 2.20

(Viniegra-Gonzalez et af, 1992; Shuler & Kargi, 2002).
1 dX

= 2.20
X dt

Y7,

Utilising the logisitic equation (Equation 2.3a) the empirical maximum specific growth rate,

X{®

- » Can be found by ploiting In A
A i ([Xm—xml

J of the experimental data versus time.

Where X(t) is the total biomass (g) at time (f}and X, is the maximum biomass (g)

obtained (Van de Lagemaat & Pyle, 2005).

Shahab et al. (1996} determined a specific growth rate of 0.048 hr' tor S. coeficolor grown in
a continuous culture, as cited by Naeimpoor and Mavituna ' (2000). Utilising linear
programming, Naeimpoor and Mavituna (2000} analysed the specific growth rate of
S. coelicolor grawn in chemostat cultures under various nutrient imitations. The experimental
growth rate was determined td be 0.06 hr’, the maximum theoretical growth rate was 0.093
hr' for nitrogen limitation, 0.071 hr”" for phosphate limitation and 0.065 hr for both suiphur
and potassium limitations.

2.3.4.6 Yield and maintenance coefficients

The yield coefficient (Equation 2.21) describes the relationship between the biomass
generated and the amount of substrate consumed to produce the biomass. A yield coefficient
is defined based on the consumption of a substrate (Shuler & Kargi, 2002).

Ty A% 2.21
% T AS '

w

Where Y!V is the growth yield coefficient (g biomass/g substrate); X, is the mass of biofilm
$

generated (g) and S, is the mass of subsirate consumed (g) (Shuler & Kargi, 2002;
Ntwampe & Sheldon, 2006).

When glucose was the carbon source, the yield coefficient for the following micro organisms:
Enterobacter aerogenes, Candida utilis, Penicillium chrysogenum, Pseudomonas
fluorescens, Rhodopseudomonas spheroids and Saccharomyces cerevisae was calculated
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to be 0.40, 0.51, 0.43, 0.38. 0.45 and 0.5 g biomass/g glucose, respectively {Shuler & Kargi,
2002).

The maintenance coefficient (Equation 2.22) describes the specific rate of substrate uptake
for biomass maintenance when biomass production is negligible (Shuler & Kargi, 2002;
Ntwampe & Sheldon, 2006).

m, =4t - 222

Where m, is the maintenance coefficient (hr") and X ,1s the biofilm density (g/m%) (Shuler &

Kargi, 2002).

In Equation 2.23 Monod related the yield coefficient (ijto both the specific growtﬁ rate
5

() and the specific rate of substrate uptake (g) for biomass maintenance (Okpokwasili &
Nweke, 2006).

ds

—=Y 2.23
dt ’%q
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24 Introduction to oxygen in aerobic bicfilms

Aeration is a critical factor in aerobic bioreactors as both growth and production of aerobic
micro organisms are seridusly affected by the dissolved oxygen (DQ) concentration (Elibol,
2002). In many microbial processes the microbial oxygen demand exceeds the oxygen
transfer capabilities of the system. The oxygen transfer rate (OTR) has therefore become the
rate limiting factor in these processes' {Ozergin-Ulgen & Mavituna, 1998).

The cells present in an aerobic biofilm utilise oxygen for cell maintenance, respiratory
oxidation for further growth and for the oxidation of substrates into metabolic products
(Ozergin-U!gen & Mavituna, 1998). Due to the low solubi!ity of oxygen in aqueous media, the
poor mass transfer capability of most industrial bioreactors and the highly viscous nature of
dense mycelia cultures, oxygen transfer from the gas phase to the liquid bulk interface and

the bicfilm are of eritical importance (Elibol, 2001).

Accdrding to Thibault et al (2000) inadequate oxygen supply results in a reduction of
microbial activity and low oxygen concentrations negatively affect the production of the
secondary metabolites (Hibiya et al., 2003). Improved oxygen supply o aerobic cultures are
thus necessary in order to minimise oxygen limitation, via the manipulation of microbial
metabalism through genetic engineering and possibly the use of oxygen carriers such as
perfluoro-carbons (Tremper et al., 1985; Cho et af., 1988; Elibol, 2001; Gotoh, et al,, 2001;
Takeshi et al, 2001; Nitwampe, 2009); haemoglobin {(Magnolo ef af., 1991); and
hydrocarbons (MaclLean, 1977; Ho et al,, 1990; Elibol, 2002).

2.4.1 Oxygen distribution in biofilms

Measuring oxygen profiles in biofilms increases the understanding of biological processes
and physical processes such as diffusion and convection (Kuenen et al,, 1986). The spatial
distribution of oxygen within biofilms is therefore important for the optimal operation of
bicreactors (Hibiya et afl., 2003). Using the oxygen distribution in the bicfilms, the kinetic
parameters and the effective diffusion coefficient can be calculated (Hibiya et al, 2003).
The kinetic parameters and coefficients are affected by the internal features of biofilms,
which change according to the age, thickness, density, porosity and tortuousity of the biofiim
(Hibiya et al., 2003).

Pseudo-steady state within a biofilm occurs when the measured oxygen concentration profile
does not change over long periods of time at the same location within the biofilm
(Lewandowski & Beyenal, 2003b; Yurt ef al, 2003). It can then be assumed that oxygen
transfer is one-dimensional if the oxygen concentration profiles measured along the length of
the biofilm do not differ significantly. Therefore, mass transfer is not considered to be one
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dimensional in heterogeneous biofilms as these biofilms are not structurally uniform (Yurt et
al., 2003).

2.4.1.1 Oxygen mass transfer at the bulk-biofilm interface

Mass transport is defined as “the tendency of a component in a mixture to travel from a
region of high concentration to one of low concentration”. Diffusional mass transport obeys
the second law of thermodynamics, this means that a system will spontaneously move
toward the uniform distribution of components and thus a state of equilibrium. Therefore, any
gradient within a system, be it concentration, density, temperature or pressure, the system
will spontaneously move toward the uniform distribution of its components (Lewandowski &
Beyenal, 2003a). k

Mass transfer of oxygen, in an immobilised biofilm system follows three steps (Zhang &
Bishop, 1994; Beyenal & Lewandowski, 2002):

1. Transport from the bulk medium to the biofilm surface.
2. Diffusive and convective mass transfer across the biofilm surface. -

3. Consumption within the biofilm.

The oxygen fransport rate within the biofilm is determined by linking the convective mass

transfer rate to the diffusive mass transfer rate across the biofim surface (Beyenal &
| Lewandowski, 2002). Measured oxygen concentration profiles within immobiiised biofiims
can be used to quantify mass transfer parameters within the biofilms (Lewandowski &
- Beyenal, 2003b).

No oxygen consumption occurs in the bulk medium and the flux of oxygen across the biofim

dac
surface needs to be conserved. Therefore, the rate of internal [Df (_d-:—J J and external

(J f) oxygen mass transfer needs to be equal at the biofilm surface, as described by

Equation 2.24 (Beyenal & Lewandowski, 2002; Hibiya et al., 2003; Lewandowski & Beyenal,
2003b).

J. =D ﬂ(C —-C)—'—D [——d 02) 291
f W air < f ]
f.x,

The axygen diffusivity coetficient in the bicfilm (D, ), and the oxygen diffusivity coefficient in

water (D_) at the incubation temperature need to therefore be determined to solve

Equation 2.24 {Ntwampe et al., 2008). According ta Fick’s law, the transport of substrates
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across a membrane and biofilm depends on the substrate diffusivity across the membrane
and bicfilm, as well as the thickness of the biofilm (Stamatialis ef al., 2008).

Wasche et al. (2002) determined the mass transfer at the bulk-biofilm interface using the

results obtained from microsensor measurements. From the oxygen concentration profiles,
the linear region with a constant gradient was assumed to be inside the biofilm. The nearly
vertical part of the oxygen concentration profile belonged to the completely mixed bulk
phase. The thickness of the concentration boundary layer was defined as the distance of the
profile hetween linear parts. This method differs from the inflection point method utilised by
Lewandowski and Beyenal (2003b) and is known as the applied method. When compared,
the applied method yielded a smaller concentration boundary E'ayer thickness. Both methods
do however show the same relationship between concentration boundary layer thickness and
growth conditions (Wasche et al, 2002).

2.4.1.2 Oxygen flux through the biofilm

The njaaxin:lum rate of oxygen flux through the biofilm in the absence of diffusion limitations is
given by Equation 2.25, as described by Hibiya et al. (2003) and Lewandowski and Beyenal
(2003b):

dC,, 7
J fa-_. - Df TJX_ . 2.25

At the biofilm-water interface flux continuity is continuously preserved, hence (J i =Jw)

(Hibiya et af., 2003) the internal diffusion coefficient inside the biofilm is given by Equation
2.25. Equation 2.25 indicates that the flux of oxygen through the biofilm is equivalent to the
oxygen mass transfer across the bulk liquid interface which in turn is equivalent to the
diffusive and convective mass transfer and consumption within the biofilm itself. Equation
2.26 is a simplified version of Equation 2.25.

D.=7J [_M;] 296
F7 e | Coyy~C.
0,(0) 20f)

2.4.2 Introduction to microsensors

In order to be able to determine the effect of oxygen limitation on the production of secondary
metabolites, oxygen profiles within the biofilm can be measured utilising microsensors
(Frederick et al., 1991). Microsensors were introduced through the work of Revsbech (1989},
who constructed reliable oxygen microsensors, to be utlised in the profiling of oxygen
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distribution sediments and biofilms. The mathematical modelling of the oxygen concentration
profiles recarded with the oxygen microsensors, allowed the determination of oxygen kinetic
parameters (Frederick ef afl, 1991). The oxygen profiles obtained within biofiims not only
added to increased understanding with regards to biological processes an a microscale, but
also increased the information available regarding physical processes, such as diffusion and
convection {Kuenen et al, 1986). )

Microsensors are the most useful equipment for the direct measurement of the chemical
composition within biofilms, due to the fragility of biofilms. Although the technique employed
with microsensors are invasive, their influence is small, and from the observations made both
fluxes and transport phenomena can be derived. Of late, microsensor technology has
improved considerably and can now be utilised directly inside bioreactors. When used in
combination with molecular technigues, such ‘as fluorescence in situ hybridisation,
microsensors can elucidate the microbial ecoidgy of biofims (Berg et al, 1998)..
Microsensors allow local microenvironments to be probed and the guantification of local
chemistries at the microscale level with high spatial resolution. Utilising microsensors the
concentraﬁon profiles of dissolved substances within the space occupied by the biofilm, as
well as in fhe bulk sclution near the biofilm surface can be measured.. Biofilm thicknesses
rarely exceed a few hundred micrometers and microsensors are indispensable when it
comes to measurements within the space occupied by the biofilm (Lewandowski & Beyenal, .
2003b).

2.4.21 Oxygen profiles

The DO microsensor is an amperometric microsensor that measures the current resuiting
from the tansfer of electrons between members of redox couples. Amperometric
microsensors can be used to measure the concentration of dissolved gases, ions, organic
and inorganic molecutes. Oxygen microsensors have a high sensitivity and are among the
most reliable microsensors used in biofim research. An advantage of a Clark-type
{polarographic) oxygen microsensor is its insensitivity to electric fields (Horn, 2000).

When guantifying the shape of the oxygen profiles obtained, it is important to find the exact
position of the bicfilm surface. Conceptually the biofilm surface is at the inflection point of the
oxygen concentration profile. Lewandowski and Beyenal (2003a) who utilised the inflection
point method combined an oxygen microsensor and an optical density microprobe to create
a combined microsensor, 1o aid in the identification of the biofilm surface. From the oxygen
profile obtained with this combined microsensor, it was concluded that the biofilm surface is
at the beginning of the linear part of the oxygen profile within the mass transport boundary
layer (Lewandowski & Beyenél, 2003a).
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The data recorded from below the biofilm surface contains information regarding the biofilm
reaction rate and substrate diffusivity through the biofilm, which is utilised to calculate the
kinetic parameters of oxygen consumption. The data recorded from above the biofilm surface
contains information regarding the mass transport rate to the biofilm, which is utilised to
calculate the oxygen flux to the biofilm (as shown in Equation 2.27) (Lewandowski &
Beyenal, 2003b).

dC, J
( ) ] =" _ 227
dx ), D

5

Equation 2.28 is an empiﬁcal expon'ehtial_eqdation describing the shape of oxygen profile
above the biofilm surface (Lewandowski ef af., 1994; Lewandowski & Beyenal, 2003b).

C, ,—Cs '
M=l-exp[—ﬁ(x—x, )] o 2.28

Co, (Bulk) Coz{s)

Where Ca

,(5) the oxygen

describes the oxygen concentration in the biofilm (g/m®); Co.tn
concentration at the biofilm surface (g/m®); COI(M) the oxygen concentration in .the bulk
water (g/m%); B the experimental coefficient (m”); x the distance from the bottom of the
biofilm (m); and x, the distance of the biofilm surface from the bottom {m). The function
(x—x,}, is the distance measured from the biofilm surface toward the bulk liquid phase

(Rasmussen & Lewandowski, 1998; Lewandowski & Beyenal, 2003b; Ntwampe et al., 2008).

The experimental coefficient (8) can be determined from the experimental data by

linearising Equation 2.28. The value for 8 is determined by finding the slope of (x~x,)

[1" (Coz(b} ~Coy )]
(Cozwum ~Com )

Ntwampe et al., 2008).

versus Ln (Lewandowski, 1994; Lewandowski & Beyenal, 2003b;

The computational procedures available for determining the mass transfer parameters from
substrate concentration profiles, require that it be assumed that biofilms are homogeneous
(uniform), and not heterogeneous. It is possible for the researcher to minimise the effect of
biofilm heterogeneity by selecting the location of the microsensor measurements (De Beer &
Schramn, 18999; Lewandowski & Beyenal, 2001; Lewandowski & Beyenal, 2003b).
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becoming loosely packed. Mass transfer is not only dependent on substrate loading and
hydrodynamic conditions, but also on time {Horn & Hempel, 19398).

24.2.3 Oxygen penetration ratio

The oxygen penetration ratio is calculated by dividing the oxygen penetration depth into the
biofiim by the biofilm thickness. With the aid of oxygen microsensors the oxygen penetration
depth and ratio can be determined. Oxygen penetration depth increases with increasing
biofim thickness, while the oxygen penetration ratio decreases gradually with increasing
biofilm thickness (Ntwampe et af, 2008. According to Hibiya et al. (2003) a thick anaerobic
zone exists at the bottom of thick biofilms, indicating the possibility of microbial denitrification.
Oxygen distributio'ns within biofilms are influenced by both the thickness and density of the
biofilm. The density of biofilms change in the depth direction. Thin biofilms have a dense
homogeneous structure. A lower substrate penetration depth is expected due to the high
density of the biofilm structure, resulting in a small diffusion coefficient. Thicker biofilms show
a heterogeneous structure with large pores (Hibiya et al., 2003).

24.3 Mathematical modelling of oxygen mass transfer within a biofilm

In biofilms at pseudo-steady state Equation 2.29 is often used to describe substrate
concentration profiles (Lewandowski & Beyenal, 2003b). Equation 2.29 can be expanded into
Equation 2.30. This equation equates the biofim activity with the internal mass transpon,
assuming constant effective diffusivity and constant biofilm density (Beyenal & Lewandowski,
2002).

2
D d C o) _ V. Co,m
T dx? (K )
O, (b)

2.29

Where D, is the oxygen diffusivity coefficient in the bicfim {m?hr); Ca_m is the oxygen
concentration in the biofilm (g/m°); x is the distance from the bottom of the biofilm (m); V...
is the maximum rate of reaction (¢m?.hr); C 0.(s) is the oxygen concentration at the biofim

suface (g/m°) and K, is the Monod half rate constant (g/m°) (Lewandowski & Beyenal,

2003b).

b a’ZCoz K 1 Co. X p

= 2.30
I ae /(K ~Co )
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Where g . is the maximum specific growt rate (hr'"); X ,» 1s the biofilm density (g/m®) and

Y’V is the yield coefficient (g biomass/g substrate) (Beyenal & Lewandowski, 2002).
5
Therefare,
X
Vo =p"’;" £ 2.31
%

The kinetic parameters D, V_,, and K can be estimated by Taylor's expansion of the

function shown by Equation 2.29. The function describes the concentration profile around the

point x=1x, positioned at the biofilm surface. The oxygen concentration in the vicinity of this

point is described by Equation 2.32 (Lewandowski & Beyenal, 2003b).

2!

d"C,
_+i[—ﬂ’fl} x(x—x,) 232

dC 1{d*C . 1{d°C, | 3
Co,m=Colfs)+( d";"”) X(x_x’)+_[%J X(x~x,) 5 d;(b) x{x—x,) +...
nll  dx"

dac
The first derivative (%“”—J can be estimated by observing that the substrate flux across

the biofilm surface must be continuous, as shown in Equation 2.33.

J=7 wx, = J b, _ 2.33

On the bicfilm side (indicated by subscript b ):

dc,
'Ib,x, =Df [—iﬂJ 2.34
b, |

On the water side of the water-biofilm interface (indicated by subscript w);

dC, ,
J,, =D | —22 235
WX, f( dx )w”‘
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' dcC
Therefore, according to Lewandowski and Beyenal (2003k) (—;x@—) can be estimated from

the flux of substrate across the biofilm surface from the water side and the diffusion
coefficient within the biafiim (shown in Equation 2.27).

The first order derivative can be estimated using Equation 2.27, while the second- and third-

order derivatives can be estimated from Equations 2.36 and 2.37, respectively (Lewandowaki
& Beyenal, 2003b, Ntwampe et al., 2008):

ACh Ve VoK, 1

@ D D KiC ' 236
i f L o, (k)
5 | _
d CO;(I’) — Vmame l . Xd(ji‘t:(b) i 237
dx D, (K,.. + COZ(,,))

Utilising the least squares method, the best fit of experimental data to a third-order
polynomial (Equation 2.38} can be obtained.

C +4:JI(Jr-—xJ)+b(Jt:—x,)2+e:(x—xs)3 238

w5 =C

Oy (3)

From Equation 2.38, Equations 2.39 to 2.41 proved to be valid (Lewandowski & Beyenal,
2003b, Ntwampe et al., 2008)

JWX
a=— 239
Df
C,
_ 1 Vm 3, (s) 240
2 Df KM+C01“)

J K
—_ 1 WX, Vma.‘ m 2- 41

c= 2
6 D, D, (Km"'coz(s))

From oxygen concentration profiles utilising the Monod kinetic growth model, the oxygen flux,
diffusion coefficient and maximum reaction rate can be estimated at any location within a
biofilm (Lewandowski & Beyenal, 2003b). According to Ntwampe et al (2008) this method
can be utilised to determine the oxygen mass transfer parameters of P.chrysosporium
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biofims grown in continuous vertical single capillary MGR’s. These parameters include, the
Monod saturation constants used to model the experimental profiles; the oxygen uptake rate
within the biofilm; the oxygen diffusion coefficient; and the DO flux (Ntwampe et af.,, 2008).

2.4.3.1 Convective mass transfer

The rate of substrate transport to the biofilm is quantified by linking the convective external
mass transter rate to the diffusive mass transport rate across the biofilm surface. The flux of
‘substrates across the biofim surface must be conserved, as there is no substrate
consumption within the bulk solution surrounding the biofilm surface. Therefore, the rates of

the convective external mass transfer (kl(Coz(bum -Coz(-?))) and the diffusive internal mass

z, Must be equal at the biofilm surface (Béyenal & Lewandowski,
'

dC
transfer [Df [ﬂD )
e dx

2002).
- dc,
0
N =k (Co ) —Cor) = D; — e 242

Where k, is the external mass transfer coefficient (m/s) and L, is the average biofilm

thickness (m) (Beyenal & Lewandowski, 2002).

In order to solve the Equations 2.30 and 2.42, the external mass transfer coefficient, k,, and

the effective diffusivity in the biofilm, D, , need to be determined. Horn and Hempel (1997)

recommended calculating the Sherwood number (Sh) for bicfilms using Equation 2.43.

Sh=2Re® 5c* [-‘?If}(nomzme) 2.43

Where Re is the Reynolds number (dimensionless), Sc is the Schmidt number

(dimensionless), d, is the hydraulic radius {(m) and L, is the length of the reactor (m)

(Beyenal & Lewandowski, 2002).

Re:&_‘ihﬁ
H

244

Literature review Page 48 of 271



Where v, is the flow fluid velocity (m/s), 4, is the hydraulic radius (m), g the fluid density

(kg/m® and g, the fluid viscosity (Pa.s). A Reynold’s number smaller than 2100 but larger

than 500 indicates laminar flow conditions, while a Reynold’'s number larger than 2100
indicates turbulent flow conditicns (Beyenal & Lewandowski, 2002).

Sc :[ﬂfl)) J 2.45

Where D, is the molecular diffusivity of the growth limiting nutrient or oxygen (m%hr)

(Beyenal & Lewandowski, 2002).

After calculating the Sherwood number, (Sk) (dimensionless), the external mass transfer

coefficient can be calculated using Equation 2.46 (Beyenal & Lewandowski, 2002).

k, =SA(&J | 2.46

A

2.4.3.2 Convective and diffusive oxygen mass transfer in a heterogeneous
biofilm

Biofilms are generally heterogeneous in structure, which facilitates mass transport of
substrates by convection as well as diffusion into the biofilm pores, even when the flow over
~ the biofilm is laminar (Rasmussen & Lewandowski, 1998). It has been shown that the biofilm
closest to the surface of the membrane presents the largest resistance to mass transfer. This
is of particular importance in membrane attached biofilms as one of the limiting substrates
must be transported through the denser biofilm layer. Horn and Hempel (1994) proved the
existence of density gradients within biofilms (Casey et al., 2000). According to Rasmussen
and Lewandowski (1997) convective mass transport is active near the biofilm/liquid interface
and in the upper layers of heterogeneous biofilms. This convective mass transport is
independent of biofilm thickness and flow velocity. The diffusion coefficient of biofilms is
lower than that of water. The diffusion coefficient of water at 21 °C is 2.0 x 10° m%s (Hibiya et
al., 2003).
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2.4.3.3 Development of a combined mathematical model describing convective
and diffusive substrate mass transfer within an immobilised MBR
According to Bird et al. (2002) and Eberl et af. (2006) Equation 2.47 represents the vector

form of the convective-diffusion equation for substrate mass transfer.

ag—;“b+ uvC,_, =D, VC  +r, 247

Where C_, represents the local substrate concentration (g/m°); ¢ represents the time (hr);
i represents the axial velocity vector; V represents the gradient operator; D,, represents
the substrate diffusivity (m*/s) which was assumed to be constant and r, represents the rate
of substrate production or consumption (-r,) (g/m’hr). The substrate production or

consumption, r,, is a function of the local growth rate, biofilm density, and time.

The left hand side of Equation 2.47 represents bulk transport {(convective) and the right hand
side excluding r, represents diffusive transport within the biofilm. Equation 2.47 can be

rearranged so that both methods of substrate mass transport are on the right hand side of
the equation, as shown in Equations 2.48 and 2.49.

ac,,

= D, VC,, —-uVC,  +r, 2.48
1
oC.. ... . . .
== diffusion — convection + reaction 2.49
DcC,_,
@ =D, V'C,, +r, 2.50
Dt AR sub -A

. . .. DC .
Equation 2.50 is an alternative compacted form of Equation 2.47, with —Dﬂ representing
t

E)C—‘“”Jrﬁvcm .
at

Equation 2.51 represents the two dimensional expanded form of Equation 2.47.

ac,, oc,, . ac, D,lec, 9cC, 9C,
b = b g p——sub 2.51
ot tu oz v or r ,_ or r or’ ’ o7 T 3
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C.rltb

For pseudgo-steady state =0, therefore in cylindrical co-ordinates Equation 2.52 was

postulated:
aC » oC ) aC 9°C 9:C

u sub 4 sub _ “7AB sub + sub + sub + 2.52
oz v or r l: ar 4 ort g azt g

The convective (i.e. left hand side) and diffusive (i.e. right hand side) terms were then
separated as shown in Equation 2.53.

2 v 2
(8Cus Dy 8Cy _ D[ 3C,, , C }_vac,,,, o, 253

= + sub
dz r o7 r| or "o dr

The mathematical model describing substrate mass transfer in a pressurised continuously
operated MGR was further developed in section 8.6 of Chapter 8.

2.4.4 Dissolved oxygen transfer in immobilised membrane bioreactors
(MBR's)

Many papers dedicated to hollow fibre bioreactors assume that the transport of low molecular
weight nutrients, such as oxygen, occurs by diffusion (Dionne ef al, 1996; Qin & Cabral,
1998; Hay et al., 2000; McClelland et al., 2063). The removal of the convective contribution
to mass transfer decreases the complexity of transport analysis. Convective contributions to
mass transfer are generally neglected due to pressure shear stress decreasing cell viability.
Convective mass transfer regulates the mass transfer of macromolecular species and
proteins. It is thus important from an engineering view point to evaluate both diffusive and
convective contributions to mass transfer. Very little data is available with regards to the
concomitant action of both transport mechanisms within MBR's (Curcio ef al., 2005).

2.4.4.1 Dissolved oxygen transfer in membrane gradostat bioreactors (MGR’s)
In pressurised vertical MGR systems (as described in section 3.3.4) oxygen for the
immobilised biofilm is continuously supplied to the extracapillary space {ECS) in the shell of
the reactor. The MGR’s are positioned vertically to enhance the radial distribution of
substrates across the biofilm, which according to Leukes et al. (1999) is a requirement for an
effective MGR system. Controlling the oxygen partial pressure in the ECS controls the
oxygen penetration depth into the biofilm. The existence of the DO concentration gradient
across the membrane and the biofilm creates an ideal environment for the culturing of
aerobic micro organisms (Casey et al, 1999). According to Stamatialis et al. (2008) oxygen
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mass transfer through a biofilm from the ECS when under pressure, can occur by both

diffusive and convective transport, as observed in dialysis membranes.

Limited information exists regarding the in-situ mass transfer of oxygen in biofilms
immobilised on the external surface of a capillary membrane in a pressurised vertical MGR
system. If there is no flow of air over the surface of the biofilm it can be assumed that oxygen
mass transfer is by diffusion only and that convective mass transfer is negligible (Yurt et al/,,
2003). The type of model to be used to determine the DO mass transport parameters in
immobilised biofilms depends on whether the DO transport into the biofilm is by convection
or diffusion (Ntwampe et al., 2008). Therefore, to effectively design and operate an MGR it is
important to have an accurate quantitative description of both the diffusive and convective
transport of the substrate across the biofiim (Stamatialis et al,, 2008).

DO mass transfer is an essential component for microbial activity in biofilms of éerobic micro
organisms. According to Ntwampe et al. (2008) in biofilms of P. chrysosporium immobilised
on the external surface of ultrafiltration capillary membranes in an MGR system, the DO
penetration depth decreased with increasing biofilm thickness. This resulted in the formation
of anaerobic zones within the biofilm. The DO spatial distribution was quantified using a
Clark-type microsensor. Ntwampe et al. (2008) refuted the hypotheses that DO mass transfer
parameters obtained in submerged pellets, allowed to equilibrate with air, can be used to
estimate and mode! DO mass transfer parameters, for the same micro organism, in a non-
pressurised MGR system.

2.4.4.2 Diffusive mass transfer within MGR’s

Diffusional mass transport cbeys the second law of thermodynamics, which implies that a
system will spontaneously move toward the uniform distribution of components and thus a
state of equilibrium (Lewandowski & Beyenal, 2003a). Oxygen transport through the biofilm
from the ECS can occur by diffusion only as described by Ntwampe et a/. (2008), since the
biofilm was placed in direct contact with the gas phase and diffusion requires contact
between either a gas or a liquid. The method of Lewandowski (1994) was then utilised to
determine the mass transfer parameters (Hibiya et al., 2003).

The mass transfer equation for oxygen distribution in a biofilm is described in Equation 2.54
(Hibiya et af., 2003}.

dCo, _,, d’C,,  kXC,,
d 7 d’ K,+C,
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A steady supply of air is fed into the MGR, therefore it was assumed that the oxygen
dC
concentration available did not change over time, hence _(—1'0_ = 0. When a pseudo-steady
t
state concentration prafile is achieved on the inside of the biofilm, the consumption rate will
be equal to the diffusion rate as seen in Equation 2.55 (Ntwampe et al., 2008).

d’c kXc
D | —|=——2 255
dx K, +C,

The inverse of each part in Equation 2.55 is taken, to yield a linear function between the
inverse of the second derivative and the inverse of the oxygen concentration, represented by
Equation 2.56 (Hibiya et al., 2003; Ntwarmnpe et al,, 2008).’

&c, Y Dk D |
| =—Lr L & 256
dx X C, KX

D.K
The Monod saturation constant, X, was calculated by dividing the slape [—’r-k)-(l) by the

D
intercept(i-xf—} Using the exponential Equation 2.57, the second derivative that fits the

experimental profile of oxygen distribution in the biofilms was calculated. Equation 2.57 was
the exponential equation that best fitted the experimental data (Hibiya et al., 2003).

C =aq+a, exp(—i) 257
a,

According to Frank-Kamenetskii (1969), the mass balance equation at steady state can be
transformed to an equation (Equation 2.58) that represents the first derivative of oxygen
cancentration distribution across the biofilm (Hibiya et af., 2003).

dcC, K -C
4o, = zg C,, —K,,ln—'"——%-) 258
dr ) D, ™ K,

This was further developed by Ntwampe (2005) for a multi-capillary MBR system, as shown

in Equation 2.59.
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dt J, D\~ K,

D
By utilising the parameters calculated from the experimental profiles, namely (Efj and K

the first derivative of oxygen concentration distribution across the biofilm was simulated using
Equation 2.59. The oxygen distribution can be simulated by the finite difference method,
using the kinetic parameters and effective diffusion coefficient. The substrate molecules must
travel across the boundary layer before reaching the biofilm surface via diffusion. Without
convective mass transfer the oxygen éoncentration profile would be linear, therefare the
oxygen concentration profile in the boundary layer can be described by the empirical
exponential function (Hibiya et al., 2003).

2.4.4.3 Oxygen flux values within an MGR

During operation of an MGR system of P. chrysosporium, immobilised on the external
surface of an ultrafiltration capillary membrane, axygen flux values of 0.27 to 0.7 g/m®.h were
obtained. The oxygen consumption rate in the range 894.53 to 2739.70 g/m® h and Monod’s
saturation constants in the range of 0.041 to 0.999 g/m® was used in the modelling of the
oxygen distribution (Ntwampe et al., 2008).

Maximum oxygen flux values, measured with the aid of oxygen microsensors, of
approximately 10 g/m”.d, was measured by Nishidome et al. (1994), a value similar to that
measured by Tijhuis et al. (1994) and corresponds to a calculated oxygen penetration depth
of 100 pum. Actual oxygen flux values depend on the specific oxygen uptake rate of the micro
organism, the density of the biofilm and the effective diffusivity of oxygen in the biofilm.
Generally, overall biofilm thickness exceeds the oxygen penetration depth into the biofilm,
thus preventing a large part of the biofilm from participating in aerobic substrate degradation
processes (Casey et al, 1999). The oxygen saluration concentration of air in water at
atmospheric pressure is approximately 8 mg/L and of oxygen in water at atmospheric
pressure is 40 mg/L (Casey et a/.,, 1999).

2.5 Scale-up of a SFMGR to multifibre membrane gradostat bioreactor

(MFMGR)

Successful scale-up and operational control of aerobic microbial processes requires
knowledge regarding the oxygen kinetic and metabolic parameters (Ozergin-Ulgen and
Mavituna, 1998). The scale-up step from the laboratory to industrial scale is complicated.
The main scale-up parameters are aeration, shear stress, biofilm growth and the ratio
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between membrane surface area and volumetric flux (Govender et al,, 2003). A problem
observed with scale-up is that the actual productivity is less than the predicted theoretical
maximum, due to the utilised operational parameters being based on empirical assumptions
made after single fibore membrane gradostat reactor (SFMGR) analysis, thus not adequately
reproducing the axial flow of oxygen along the membranes as observed in the SFMGR's
(Govender et al., 2003). Kinetic growth models are required by engineers in the design
process as these models are an excellent scientific method for predicting a system’s
behaviour for the design of scaled-up systems (Sheldon et al., 2008).
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CHAPTER THREE
MATERIALS AND METHODS

All experimental work was done at Synexa Life Sciences (www.synexagroup.com), a
biotechnology company located in Bellville (Cape Town). Unfortunately, due to
non-disclosure agreements and intelectual property not all procedures can be elaborated on
within the materials and methods chapter.

3.1 Construction of the 1 x 3 reactor rig and the 1 x 12 reactor rig
The following steps were followed in the construction and set-up of a 1 x 3 single fibre
membrane gradostat reactor (SFMGR) rig and a 1 x 12 SFMGR rig.

3.1.1 CAD drawing of the reactor set-up

Before the rig was constructed and the reactors were set-up, the rig was drawn to scale
using a three dimensional drawing program, Solid Edge version 18. This was to ensure that
when the rig was physically constructed, the different sections all fitted together perfectly.

3.1.2 Actual construction of the reactor set-up

The drawing templates, with all the dimensions for the 1 x 3 SFMGR Quorus rig, designed by
Synexa Life Sciences, were sent to Techno Surfaces located in Bellville (Cape Town), a
company specialising in plastics. The rig (as shown in Figures 3.1 and 3.2) was built to scale
according to the drawing templates. The 1 x 12 SFMGR rig was constructed on site at
Synexa Life Sciences, using aluminium tubing (2 x 2 cm) and perspex sheeting.
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Figure 3.2: Photograph of 1 x 3 SFMGR’s in the Quorus rig

3.1.3 Circuit diagram of the wiring in the 1 x 3 SFMGR Quorus rig

Proior to wiring the rig, to ensure correct wiring and to make sure that all the electronic
equipment and wiring fitted within the space provided in the Quorus rig, a circuit diagram was
drawn in Microsoft Office Power Paint 2003. All the electronic equipment that was utilised
had a basic wiring diagram attached from where the circuit diagram was constructed.
The wiring diagram was drawn to ensure that anyone could wire the rig.
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3.1.4 Wiring the Quorus rig

Only after the wiring diagram was completed, could the electronic equipment in the rig be
wired and made operational. This was to ensure that incorrect wiring did not occur, which
would have resulted in time wastage trying to find the problem, as well as possible damage
to the electronic equipment.

3.1.5 Valve tuning of the proportional valves

All the Burkett Proportional valves (Type 2821), supplied by Burkett located in Germany, that
were utilised in the reactor set-up required tuning. The valves were tuned to ensure that at
0% the valve was completely closed and at 100% the valve was fully open, thus ensuring the
valves were calibrated to function optimally. Each valve was tuned separately as per the in-
house procedure at Synexa Life Sciences.

3.1.6 Tuning of the proportional-integral-derivative (PID) controller in the JCS
Shinko controllers

The PID controller of the JCS Shinko pressure controller had to be tuned to ensure that the
percentage difference between the set value (SV) and the process valve (PV) (i.e. actual
value) of the JCS Shinko pressure controller was as small as possible. The SV and the PV
should be the same. However, if the PID controller was not tuned there would be a large
difference between these two values. The PID controller was tuned either manually or
autornatically, as per in-house procedure.

3.2 Ceramic membranes

The assymetric capillary ceramic membranes utilised were made of high purity aluminium
oxide (a-Al;O;) and had an inside coating of aluminium oxide {(a-Al,Os) with an average pore
size of 40 nm (see Figure 3.3a - d). The ceramic membranes used in the SFMGR systems
were supplied by Hyflux CEPAration BV in the Netherlands, a company specialising in hollow
fibre ceramic membranes and modules. Ceramic membranes fall into the category of
integrally skinned asymmetric membranes. Aluminium oxide is known for its strength,
chemical resistance and extreme hardness resulting in membranes having a very high
abrasion resistance.

3.2.1 Characteristics and dimensions of the ceramic membranes

In the experimental procedures conducted, two types of ceramic hollow fibre membranes
were utilised. The inner and outer diameters of the two membranes were the only difference
between them. All other characteristics and dimensions of the two membranes were
identical, as seen in Table 3.1.
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(d) The inside surface of the 40 nm inside coating of a-Al,O; (Magnification of 2000x)

Figure 3.3: Scanning-Electron Microscopy (SEM) images of 3 mm x 2 mm asymmetric capillary
ceramic membrane
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Table 3.1: Characteristics and dimensions of the ceramic membranes (Hyflux Ceparation, 2008)

Parameters Small membra.ne Large membrane
Material a-Al203 a-Alz03
Outer diameter (mm) 28 38
lnner diameter (mm) 1.8 2.8
Wall thickness (mm) 0.5 0.5
Length (mm) N 225 225
Pore size (nm) 40 40
Inside coating Yes Yes
Coating material a-AlOs a-AlO5
pH resistance : 1-14 1-14
Maximum temperature (°C) 1000 + 1000 +
Burst pressure (kPa) 5000 + 5000 +
CWF (L/h.m” kPa} 5 5
Porosity ~30% ~30%

3.2.2 Integrity testing

Before using the ceramic membranes, all the membranes were autoclaved for 20 min at a
temperature of 121°C and a pressure of 1 atm. Autoclaving was used to identify any
membranes with weaknesses such as cracks or holes, as these ceramic membranes would
break and could be eliminated before use. Following autoclaving, the membranes were
submerged in distilled water for 30 min so that the membranes were saturated and then
integrity tested.

Integrity testing measured a membrane’s ability to withstand and remain intact at a high
pressure. The integrity of the ceramic membranes was tested at a pressure of 150 kPa, a
pressure higher than at which the membranes would be operated. If the membranes could
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withstand a pressure of 150 kPa during integrity testing then the membranes would withstand
the operating pressure. Any membranes that were damaged (i.e. a hole or crack) or had
weak areas would leak, in the form of air bubbles, during integrity testing, and could thus be
eliminated from use.

3.2.3 Porosity/flux testing of the membranes

Although all the ceramic membranes were subjected to the same manufacturing conditions,
the porosity of the membranes differed slightly. It was therefore necessary to test the flux of
each membrane, to allow the grouping of membranes with similar porosities so that they
could be used together. Therefore, the effect of different porosities could be eliminated as a
factor that influenced the outcome of the experimental procedures.

After the flux testing with distilled water was completed, a graph of the measured pressure
(kPa) against the volume of distilled water collected (ml) over a set period of time was plotted
for each membrane. A trendline was added to each graph and the slope obtained for each
trendline compared. The percentage difference between the trendline slopes was calculated
and the membranes with a percentage difference of less than 5 % were grouped together.

3.2.4 Drying and weighing the ceramic membranes

After the ceramic membranes were autoclaved and the integrity and clear water flux tests
completed the ceramic membranes were dried in an oven at a temperature of 70°C for 24 hr.
The membranes were dried in an oven to ensure that all the water that was trapped inside
the pores was removed and that the membranes were completely dry when weighed.
After drying, the dry weights of the membranes were determined and used in the biomass
and growth kinetics calculations.

3.2.5 Cleaning of the ceramic membranes after use for re-use

After the bioreactors were disconnected, the membranes were removed and the wet and dry
biomass determined. The ceramic membranes were then submerged in a 10% hydrogen
peroxide (HXQ.) solution for 5 days. A H,O. solution was utilised to clean the membranes
after use, because it is a powerful oxidising agent that removes all organic compounds from
the membranes. After 5 days the membranes were removed, rinsed with distilled water for 30
sec and dried in an oven for 24 hr at a temperature of 70°C. Once clean and dry the
membranes were ready for re-use. The flux and integrity tests were not repeated.
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3.3 Set-up of reactors and ancillary equipment

3.3.1 Construction of the reactors

Table 3.2 lists the components necessary for assembling one SFMGR as patented by
Edwards et al. (2007). All the components on the list should be available prior to initiating the
assembly process. The construction of a SFMGR is illustrated schematically in Figure 3.4.

Table 3.2: Components required to assemble a Single fibre membrane gradostat reactor
(SFMGR) (Edwards et al.,, 2007)

Component Dimensions {size) Number per SFMGR
Glass housing manifold (A) - 16 mm CD; 1
200 mm length
Ceramic membrane (B) 3mm OD; 2mmiD 1

or
4mmOD;3mm D

230 mm length for both membrane sizes

Silicone disk gaskets (C1 & C) 16 mm OD x 2.8 mm ID; 2
5 mm thickness

Stainless steel end plates (D: & D2) 2

Schott GL18 end caps (E1 & Ez} 17.5 mm 2

After inserting a silicone disc gasket (C1) ontoc one end of the ceramic membrane {B), the
membrane was inserted into the glass housing manifold (A). A second silicone disc gasket
(C2) was placed onto the opposite end of the ceramic membrane. At both ends of the glass
housing manifold a stainless steel end plate (D1 & D2) was aligned on top of the silicone disc
gaskets and held in place by Schott GL18 end caps (E1 & E2) by rotating the end caps in a
clockwise direction. The membrane gradostat bioreactor (MGR) was patented by Leukes et
al, {1999).
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Figure 3.5: Schematlc diagram of the 1 x 3 manifolded single fibre membrane gradostat reactor module set-up with ancillaries
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3.3.4 Construction of the 1 x 3 SFMGR rig to measure oxygen profiles

These SFMGR's were set up as for a 1 x 3 module SFMGR, ready for inocuiation once
assembled with ancillaries. The only difference between these SFMGR's and those
described in section 3.3.3 and Figure 3.5 being that the glass housing of each bioreactor had
a port located at either the bottom, middle or top of the glass housing (refer to Figure 3.6).
The design templates were taken to Glasschem Bk., a company located in Stellenbosch
{SA), specialising in the design and construction of glass products. See Figure 3.5 for a
schematic diagram of the 1 x 3 module SFMGR rig set-up and Appendix D for the design of
these bioreactors.

Bottomn port Middle port Top port
Prime line
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Pressurised humidified air
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44—  Pressurised media
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Figure 3.6: Set of 3 manifolded single fibre membrane gradostat reactors (SFMGR) with bottom,
middle and top ports for oxygen measurements

3.3.5 Testruns

3.3.5.1 Pure water flux testing

Prior to operating the 3 or 12 module SFMGR rigs, pure water flux testing was conducted.
Pure water flux testing was carried out to ensure transmembrane flux was occurring across
the ceramic membranes from the membrane lumen to the ECS and to ensure that all the
SFMGR's maintained pressure and were not leaking air.

Pure water flux testing was performed by filling all the media bottles with equal volumes of
distiled water. The JCS Shinko pressure controllers were set at increasing pressure
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differentials of between 1 and 4 kPa and the rig was operated for 30 min at each new
differential. The volume of water collected was measured and the flux for each reactor
determined, as the time elapsed between start and finish was recorded. Due to different
liquids having different densities the pressure differential had to be adjusted accordingly to
achieve the desired flux.

3.3.5.2 Control run with media to be utilised during the experiment

A control run was conducted with the growth medium that was to be utilised during the
experimental procedure in order to establish the pressure differential at which the system
was to be operated so that the flow rate would be approximately imlhr.

All the media bottles were filled with an equal volume of growth medium and the JCS Shinko
pressure controllers were set to a starting pressure differential of 0.5 kPa. After running the
system for an hour, the volume of permeate was measured, and the pressure differential
altered by increasing or decreasing the set pressure of the growth medium controller.
Whether to increase or decrease the set pressure of the controller was determined by the
volume of growth medium measured after an hour. The process was repeated until a
pressure differential was established that resulted in a flow rate of approximately tmbhr.

3.3.6 Post set-up sterilisation

After construction, the glass bioreactors with ceramic membranes, media bottles, humidifier,
sample collection bottles and prime bottle were removed from the rig and sterilised before
inoculation by autoclaving at a temperature of 121°C and a pressure of 1 atm for 20 min.
All the Schott GL18 end caps attached to the ends of the reactors were loosened before
autoclaving to prevent the ceramic membranes from breaking. Before the reactors and
ancilliaries were removed from the autoclave the Schott GL18 end caps were re-tightened
and the lids of all the glass schott bottles checked to ensure they were securely fastened.
Should one of the lids have come loose after the reactors and anciliaries had been removed
from the autoclave, everything would have to be re-autoclaved to prevent the possibility of
contamination. Following sterilisation, the reactors and ancillaries were set up in the rig ready
for inocutation.

3.4 Growth medium preparation
The medium required for an experimental procedure was prepared and sterilised by
autoctaving for 20 min at 121°C, after the rig had been set-up, and prior to inoculation.

Two different types of media were utilised: (1) an Intemnational Strepfomyces Project,
medium 2 {ISP2) as described by Shirling and Gottlieb (1966) and (2) a defined growth
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medium (Habbs et al,, 1989). The ISP2 growth medium is a complex medium that provided
the micro organism being cultured with the basic components required to survive; namely a
carbon source, in the form of glucose; a nitrogen and phosphate source both present in the
yeast and malt extract found in the medium (as listed in Table 3.3). In the defined medium
each component present in the media was known as shown in Table 3.4. In the defined
medium glucose was the carbon source; NaCl the chloride source; NaNO; the nitrate source;
K;PO, the phosphate source; Na;SO,, MgS0,.7H,0O and ZnS0O, the sulphate sources; the
TRIS (hydroxymethyl) aminomethane base was the GR buffer substance and the trace
element solution provided the micro organism with the metals and minerals required in trace
{i.e. minute) amounts.

Table 3.3: Complex Intemational Streptomyces Project, medium 2 (ISP2) growth medium
preparation (Shirling & Gottlieb, 1966)

Glucose 40g
Yeast extract 40g
Malt extract 10.0g
Distilled water 1 litre

Adjust to pH 7.5 with 1M NaOH. Autoclave at 1 atm and 121°C for 20 min.

Table 3.4: Defined Hobbs et al. (1989) growth medium preparation

NaCi 50g
Na:S0, 45g
NaNG, 20g
K:HPO, 20g
Glucose 20¢g
TRIS Base 1.2g
MgSQ.7H:O 10g
ZnS0O, 001g
Distilled water 1 litre
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Adjust to pH 7.2 with 1M NaOH. Autcclave at 1 atm and 121°C for 20 min. The phosphate
and glucose solutions were prepared and sterilised separately and added to the rest of the
medium solution after autoclaving.

The salt solution in Table 3.4 was supplemented with 1 m! of filter sterilised trace element
solution described in Table 3.5.

Table 3.5: Trace element solution (Hobbs et af., 1989)

FeCly 87759
ZnClz 2.040¢g
MnClo.4H0 1.015¢
CuCl.2H;0 0.425¢
Nal 0.415g
H5B0; 0.310g
CaCla.6Hz0 0.2384
NaM004.2H-0 0.242g
Distilled water 1 litre

3.4.1 Growth medium transfer

After the sterilisation process, the growth medium was sterilely transferred to all the media
bottles present in the rig. In order to sterilely transfer the medium, a stainless steel connector
held with diagonal pliers, was heated in a Bunsen burner flame until red hot and inserted into
the silicone tubing attached to the medium top-up bottle. Two cable ties were used to keep
the sterile connection in place. The open end of the sterile connection was then heated in the
Bunsen burner flame until red hot and then inserted into the medium top-up line connected to
the reactor’'s medium bottle. After the connection was secured in place by two cable ties. the
cable ties sealing the silicone lines from both the medium top-up bottle and the medium
bottle were released.

The vent line attached to the medium top-up bottle was closed with a cable ti.e. The silicone
lines to which the respective double air filters of both the medium top-up bottle and the
medium bottle were attached were opened. The volume of medium required was then
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transferred from the medium top-up bottie to the medium bottle of the reactor by attaching an
air line to the double air filters attached to the medium top-up bottle.

Note: As the air is pumped into the medium top-up bottle the pressure in the bottle increases
and forces the medium into the medium bottle. If the vent line of the medium top-up botile
remains open no medium transfer will occur as all the air being pumped into the medium top-
up bottle will escape through the vent and there will be no pressure increase in the medium
top-up bottle. ! the double air filters on the medium bottle is not opened the medium bottle
will eventually explode, due to a pressure build up.

Once the required volume of medium had been transferred, the air line was disconnected;
the silicone tubing on both sides of the sterile connection was closed off by bending the
silicone tubing over itself and then cable tying. The cable ties securing the stainless steel
sterile connection to the silicone tubing of the medium bottle was released and the sterile
connection removed. The stainless steel sterile connection remained attached to the medium
top-up bottle ready for the next medium transfer.

3.5 Inoculum preparation

inoculum preparation was of vital importance as the inoculum had to remain uncontaminated.
A Gram stain was conducted on the inoculum prior to inoculation to test for contamination.
The inoculum with which the reactors were inoculated contained colonies the size of a pin
head that could easily adhere to the surface of the ceramic membranes. If the inoculum
became contaminated, fresh inoculum was prepared and the experiment placed on hold until
unconmtaminated inoculum was available. All inoculum was cultured from a spore stock
solution prepared as described in section 3.5.1.

3.5.1 Preparation of the spore stock solution

A spore stock solution was cultured from where all future inocculum were prepared.
Before the spore stock solution could be cultured three empty 100 ml flasks sealed with
cotton wool bungs and covered with aluminium foil, as well as 500 ml ISP2 growth medium
was prepared (see Table 3.3 for 1ISP2 growth medium preparation procedure) and
autoclaved at 121 °C for 20 min.

Once the flasks and ISP2 growth medium were sterilised, 40 mi ISP2 growth medium was
transferred to each of the sterile 100 ml flasks, under the laminar flow hood with the aid of an
electronic pipette using sterile techniques. Prior to using the laminar flow hood, the hood was
cleaned with 70% ethanol.
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Colonies of S. coelicolor A3(2) were then transferred from a stock agar plate to each flask
with a sterile inoculation loop. An extra flask was prepared in case contamination occurred.
After inoculation, the flasks were placed in a shaking-incubator for 4 days at 200 revolutions
per minute {rpm) and a temperature of 27 °C. While the flasks were being incubated, 20 1SP2
agar plates were prepared '(see Table 3.6).

Table 3.6: International Streptomyces Project, medium 2 (ISP2) agar preparation (Shirling &
Gottlieb, 1966)

Glucose 40g
Yeast extract 40¢g
Malt extract 100g
Agar 120g
Distilled water 1 litre

Adjust to pH 7.5 with 1M NaOH. Autoclave at 121°C for 20 min. Sterilely pour approximately
20 to 25 ml of hot agar into 20 sterile Petri dishes under the laminar flow hood. Allow to cool
and solidify.

After the 4 day incubation period had elapsed and the flask cultures were pink in colour with
visible suspended peflets, 100 pl of the inoculum was sterilely transferred to each of the 20
ISP2 agar plates with the aid of a Gilson pipette. Using a sterile glass rod bent to resemble a
hockey stick, the 100 p! inoculum was evenly spread over the surface of the agar to ensure
that a “lawn” of growth would be achieved. This procedure was performed under the laminar
flow hood using sterile techniques. The 20 inoculated ISP2 agar plates were placed in an
incubator for 7 to 10 days at a temperature of 28°C. Once sufficient sporulation from the
colonies on the agar plates were observed, the plates were removed from the incubator.
The ISP2 agar plates could not be left in the incubator for too long as this would cause the
agar to dry out and the plates would then have to be discarded.

A stock solution of spores was obtained by filling each IPS2 agar plate with 5 ml of a wetting
agent (also known as a buffer solution), namely 0.1% Tween 80 and gently scraping the
surface of the plate with a bent glass rod. Either 0.1% Tween 80 or 0.0001% Triton x 100
could have been utilised as the wetting agent. A wetting agent was necessary to separate
the individua! spores from each other as the spores were hydrophobic, therefore the wetting
agent prevented the spores from aggregating. The loosened spores were then transferred to
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a sterile 50 ml centrifuge tube with the aid of a Gilson pipette. The 50 ml centrifuge tube
containing a mixture of the harvested spores and 0.1% Tween 80 wetting agent was
centrifuged at 4000 rpm for 10 min. After centrifugation the supernatant was poured off and
the pellet left at the bottom of the centrifuge tube was resuspended in 0.1% Tween 80.
The volume with which the pellet was resuspended was equivalent to half the volume
present in the 50 ml centrifuge tube before centrifugation (eq. if betore centrifugation the
volume was 10 ml, then the pellet would have been resuspended in 5 ml 0.1% Tween 80).

Once the pellet had been resuspended a serial dilution was prepared in eppendorf tubes as
described in Table 3.7.

Table 3.7: Serial dilution

Concentration of Volume of resuspended spore Volume of 0.1% Tween

dilution solution ()  so(uD Vortex
1x dilution 1 mi of the undiluted resuspended o Yes
spore solution

2x dilution 500 pl of the 1x diluted sclution 500 pf Yes

5x dilution 200 pi of the 1x diluted solution 800 pl Yes

10x dilution 500 pl of the 5x diluted solution 500 pl Yes
100x dilution = 100 pt of the 10x diluted solution 900 ul Yes
1000x dilution 100 !l of the 100x diluted solution 900 i Yes

300 pl of each dilution concentration was transferred in duplicate to the wells of a microtitre
plate. Table 3.8 represents the layout of the microtitre plate; the blank is represented by the
Bl symbol. 0.1% Tween 80 was utilised as the blank. Each dilution was read in duplicate.

Table 3.8: Microtitre plate layout

Bi 1x 2x 5x 0% 100 x 1000 x

Bl 1x 2x 5x 10x 100 x 1000 x

After the absorbance values had been determined for each dilution the average absorbance
values were plotted against the serial dilutions, shown in Figure 3.7. The sequential serial
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dilutions that resulted in the best R® value was then utilised in all calculations to prepare the
stock spore solution.

1.4
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Figure 3.7: Sequential serial dilutions with the best R* fit

Once the sequential dilutions with the best R? values had been identified the average
absorbency for each serial dilution was detemined. The spore concentration of
Streptomyces species read at an optical density (OD4so) of 450 nm in a cuvette with a 1 cm”
pathlength is 5 x 107 spores/ml (Kieser et al., 2000). Since a microtire plate reader was
utilised instead of a spectrophotometer the average absorbancy had to be multiplied by 0.8
pathlength. The undiluted spore concentrations of each serial dilution in the chosen
sequential dilutions were determined using Equation 3.1.

5x107
Average absorbance

Undiluted spore concentration =[ ]x Serial dilution a1

For example, the 1x serial dilution had an average absorbency of 1.033, therefore:

5x107
Undiluted spore concentration =] ————— |x1
1.033x0.8

Undiluted spore concentration = 3.87 x 10° spores/mi

The spore concentration (C,) of the spore stock solution was determined by averaging the
undiluted spore concentrations calculated using Equation 3.1, the undiluted spore stock
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solution was calculated to beC, =3.69x10"spores/ml. From literature (Keiser et al., 2000)

the standard spore concentration utilised when inoculating with Streptomyces species is
1 x 107 spores/ml. Equation 3.2 was utilised to determine the dilution of the spore stock
solution required.

Desired concentration { C,
Dilution of spore stock solution =( esir tration (C,) ]

Spore concentration you have (C,)
The dilution desired was the standard spore concentration, therefore C, =1x10"spores/mi.

1x10’ )

Dilution of spore stock solution=| ——
s {3.69x 107

Dilution of spore stock solution =0.27 dimensionless
Utilising Equation 3.5 the volume (V) of 20% glycerol to be added to the undiluted spore

stock solution to obtain a concentration of 1 x 107 spores/ml was calculated. Equation 3.3 is
known to be true. The volume of undiluted spore stock solution is represented by (V, ).

ViC, =V,C, g i

Therefore:

V= Yoy 34
Cl

v =((20)><(1><107)]

3.69x10’

V, =5.42m!
V=V,-V, 35

V=20-542
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V=1458ml

The final volume(V,) of the diluted spore stock solution was chosen to be 20 ml. V, was

determined to be 5.42 ml. From Equation 3.5 it was determined that 14.58 ml of 20% glycerol
was required to be added to 5.42 ml of the undiluted spore stock solution and 0.1% Tween
80 solution to obtain a final concentration of 1 x 107 spores/ml.

The microtitre plate was read on a microtitre plate reader (FLUOstar OPTIMA BMG
LABTECH) at a wavelength of 450 nanometres (nm). For a spore concentration of 1 x 107
spores/ml at a wavelength of 450 nm in a 1 cm cuvette with a path length of 0.8 the
absorbance should be 0.03 (Keiser et al., 2000). Glycerol (20% w/v, final concentration) was
added to the spore stock suspension which was stored at -80°C in 1 ml aliquots, (~10’
spores/ml). The 20% glycerol solution allowed the spores to be stored at -80°C without being
damaged.

3.5.2 Inoculum preparation for the inoculation of a SFMGR reactor

Working under a sterile laminar flow hood, 40 ml ISP2 medium was transferred to sterile
autoclaved flasks sealed with a cotton wool bung and aluminium foil. After defrosting a frozen
1 ml cryo-tube containing the spore stock solution and ensuring the contents was well mixed,
100 pl of the spore stock solution was transferred to each flask with the aid of a Gilson
pipette (i.e. 1 x 10° spores per flask). The culture flasks were then incubated in a shaker-
incubator for 3 days at 27°C and 200 rpm. The 1 x 3 SFMGR rig required 2 inoculated flasks,
while 3 flasks had to be inoculated for the 1 x 12 SFMGR rig.

1x107 spores 1x107 spores(+100)_ 1x105 spores
1ml 1000p =100 100 pl

3.5.3 Testing to ensure the inoculum was free of contamination

All inoculum was checked for contamination before a reactor was inoculated. After the
culture flasks were removed from the shaking-incubator, using sterile techniques under the
laminar flow hood, 100 pl of the inoculum was placed in the centre of a glass slide with the
aid of a Gilson pipette. The inoculum was heat fixed to the glass slide by passing the glass
slide through the flame of a Bunsen burner until all the fiquid had evaporated off the glass
slide.
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Note: Ensure the glass slide is not held in the flame for too long, as this would cause the
glucose present in the growth medium to caramelise, resulting in artefacts when looked at
the slide under the microscope.

Once the inoculum sample was heat fixed on the glass slide, the slide was stained with the
Gram stain using the method described below:

Cover the glass slide with Crystal Violet for 30 sec.
Rinse off the Crystal Violet with distilled water,
Cover the glass slide with lodine for 1 min.

Wash off the lodine with 70% ethanol for 20 sec.
Rinse off the 70% ethano! with distilled water.
Cover the slide with Saffrine for 30 sec.

Rinse off the Saffrine with distilled water.

Dry the slide carefully with paper towel.

@ No ;R h =

The stained slide was then observed under a microscope, first under the 10x/0.25x
magnification and then under the 100x oil immersion magnification.

Note: If the inocculum was uncontaminated purple mycelia would be visible under the
microscope. The presence of pink or purple rods (bacilli} or dots {cocci) would indicate
contamination.

3.5.4 Inoculation procedure

Under the laminar flow hood a sterile syringe, to which a needle had been attached, was
filled with the uncontaminated inoculum and the rig being utilised was prepared for
inoculation. Utilising the pressure regulator the pressure of the air entering the rig from the
compressor was increased to 100 kPa. The CN40 temperature controfler was used to adjust
the temperature to 28°C; while the respective JCS Shinko controllers for the extracapillary
space (ECS} and growth medium were in the off position. All tubing exiting the reactors were
clamped off as close as possible to the reactor, with Hoffman clamps being utilised to close
off the ECS lines.

After spraying the tubing of the inoculation line with 70% ethanol, the needle attached to the
sterile syringe containing the uncontaminated inoculum was flamed in a Bunsen bumer until
red hot. 2 ml of the inoculum was then injected into the inoculation line. Prior to injection, the
content of the syringe was well mixed. Once the needle was removed from the inoculation
line, the line was sealed off with two cable ties and sprayed with 70% ethanol.
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Once all the reactors had been inoculated, the JCS Shinko controller of the medium was
switched on; the vent attached to the humidifier opened; the Hoffman clamps closing the
ECS lines opened; the clamps closing the medium lines opened and all the reactors primed.
When a reactor was completely filled with medium, the ECS line, medium line and humidifier
vent were all re-clamped and the JCS Shinko controller of the growth medium switched off.
The contents of all the reactors, the 2 ml of inoculum together with the added medium, was
mixed by tiiting the reactor back and forth and allowing the air bubble present in the reactor
to mix the contents. Once sufficiently mixed the JCS Shinko controller of the ECS was
switched on and the presstiire increased to 80 kPa; the Hoffman clamp on both the ECS and
prime lines were removed allowing the reactor's contents to drain.

When all the reactors were drained of their contents the cdlamps closing off the permeate
lines were removed; the ECS pressure decreased to the calculated set value using the JCS
Shinko controller; the prime lines were re-clamped; the were clamps removed from the
medium lines feeding the reactors and the JCS Shinko controller of the medium switched on
and adjusted to the calculated set value. All the reactors were then primed until bubble free
medium passed through the prime line to remove any air bubbles present in the lumen of the
membranes and medium lines.

3.6 Experimental procedures

3.6.1 Nutrient flow rate and air flow rate

After sterilisaticn, the nutrient medium was supplied to the membrane lumen, in dead end
flow, at a flow rate of 0.001 L/hr. Humidified air was supplied to the ECS of the bioreactor at a
flow rate of 2.4 Lhr. Using pressure transducers, a pressure differential was created within
the system by applying pressure to both the nutrient medium and the humidifier.
The pressure applied to the nutrient medium was higher than the pressure applied to the
humidifier to ensure transmembrane flux occurred. Two JCS Shinko controllers {PID) were
used to display the set pressure and actual pressure of the nutrient medium and ECS,

respectively.

3.6.2 Bioreactor operation

As shown in Figure 3.4, three vertically orientated manifolded SFMGR's, operated under
pressure, were used to culture the bacteria, S. coelicolor, at 28 °C on the external surface of
the capillary ceramic membrane. The airines to the ECS of each reactor were manifolded
from a single humidifier; therefore all three SFMGR's had the same air source. The pressure
applied to the media bottle of each reactor was also manifolded from the same source.
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A pneumatic bioreactor system can be operated in one of two ways; either via flux controf or
via pressure control (Defrance & Jaffrin, 1999). The pneumatic MGR system in this study
was operated via pressure control. The pressures at which the ECS (i.e. air) and the medium
were set were determined during the control run {see section 3.3.5.2). A schematic diagram
of the pressurised SFMGR is shown in Figure 3.5, the ceramic membrane dimensions and
SFMGR system parameters are shown in Table 3.9, respectively.

Table 3.9: SFMGR system parameters

Model parameter Symbol Unit Basic measured value
Membrane initial hydraulic perméability k_ m/Pa.s 6.95x107°
Fraction retentate f ]

Membrane inner radius R, m g.0x10*
Membrane outer radius R, m 1.4x10°
Pitch R, m 3.95x10°
Glass manifold inner radius R, m 6.5x10°
Glass bioreactor length L m 209 x10"
Effective membrane length L " m 1.939 x 10"
tniet hydrostatic pressure Po Pa 53.040.5 x 10°
Outtet hydrostatic pressure D Pa 52.040.5 x 10°
Growth medium flow rate 0] m/s 278x 10"
Growth medium viscosity K, Pas 1.2x10%

3.6.3 Experimental overview
Tables 3.10 to 3.13 show an overview of all the experimental procedures conducted in the
various rigs; including the time duration of the experiments, the growth medium, size and
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amount of ceramic membranes utilised, as well as the pressure differential at which the

system was operated.

Table 3.10: 1 x 3 SFMGR rig

Experiment  Duration Growth medium Membranes utilised Pressure differential
1 28 days ISPZ growth medium Immx2mm {Small Continually adjusted
ceramic membrane)  pressure differential to
maintain a flux of 0.708
Lm®.hr
2 28 days ISP2 growth medium for 4mmx 3mm 1 kPa for the first 24 br,
163 hr, Hobbs defined (Large ceramic 3.5 kPa for the remainder
nutrient medium for 163 membrane) of the experiment
to 499 hr, 1ISP2 growth
mediurn for 499 to 667 hr
3 28 days ISP2 growth medium 4mmx 3mm 1 kPa for the first 24 hr,
{Large ceramic 3.5 kPa for the remainder
membrane) of the experiment
4 14 days ISP2 growth medium Ammx 2mm 1 kPa for the first 24 hr,
Fouling (Small ceramic 3.5 kPa for the remainder
experiment membrane) of the experiment
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Table 3.11: 1 x 12 SFMGR rig

Experiment  Duration Growth medium Membranes utilised  Pressure differential

1 18 days ISP2 growth medium 3mmx2mm (Small Adjusted pressure

ceramic membrane)  differential to maintain a
flux of 0.708 L/m%.hr

2 18 days ISP2 growth medium Immx 2mm 1 kPa for the first 24 hr,
{Small ceramic 3.0 kPa for the remainder
membrane) of the experiment

3 28 days ISP2 growth medium 3mmx 2mm 1 kPa for the first 24 hr,
(Small ceramic 3.0kPa for the remainder
membrane) of the experiment

4 28 days ISP2 growth medium Immx 2mm 1 kPa for the first 24 tr,
(Small ceramic 3.0kPafor the remainder
membrane) of the experiment

5 6 days 1SP2 growth medium 3mmx 2mm 1 kPa for the first 24 hr,
(Small ceramic 3.0 kPa for the remainder
membtane) of the experiment

6 17 days ISP2 growth medium Jmmx 2mm 1 kPa for the first 24 hr,
(Small ceramic 3.0 kPa for the remainder
membrane) of the experiment
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Table 3.11: 1 x 12 SFMGR rig

Experiment  Duration Growth medium Membranes utilised Pressure differential
1 18 days ISP2 growth medium 3mmx2mm(Small Adjusted pressure
ceramic membrane)  differential to maintain a
flux of 0.708 L/m®.hr
2 18 days ISP2 growth medium 3mmx 2mm 1 kPa for the first 24 hr,
{Small ceramic 3.0 kPa for the remainder
membrane)} of the experiment
3 28 days ISP2 growth medium 3mmx 2mm 1 kPa for the first 24 hr,
(Small ceramic 3.0 kPafor the remainder
membrane) of the experiment
4 28 days 1SP2 growth medium 3mmx 2mm 1 kPa for the first 24 hr,
{Small ceramic 3.0 kPa for the remainder
membrane) of the experiment
5 6 days ISP2 growth medium 3mmx 2mm t kPa for the first 24 hr,
(Small ceramic 3.0 kPa for the remainder
membrane} of the experiment
6 17 days ISP2 growth medium I3mmx 2mm 1 kPa for the first 24 hr,
{Small ceramic 3.0 kPa for the remainder
membrane) of the experiment
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Table 3.12: 28x Ceramic membrane MFR rigs

Experiment  Duration

Growth medium

Membranes utilised

Pressure differential

1 36 days 29 days ISP2 nutrient 28x(3mmx2mm)  Pressure differential was
medium, 8 days ISP2 Small ceramic acjusted by an
growth medium with 256%  membranes automated computer
glucase and malt extract, prograim ta maintain a
8 days I1SP2 growth flux of 0.506 L/m?.hr
medium with 25%
glucose

1 36 days 29 days ISP2 growth 28x{(4mmx 3mm) Pressure differential was
medium, 8 days ISP2 Large ceramic adjusted by an
growth medium with 25%  membrane automated computer
glucose and mait extract, program fo maintain a
8 days ISP2 growth flux of 0.337 L/m’.tw
medium with 25%
glucose
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Table 3.13: Oxygen experiments conducted in the 1 x 3 SFMGR Quorus rig

Experiment Duration Microsensor Growth Membranes utilised  Pressure differential
location medium
1 5 days Bottom oxygen ISP2 3mmx2mm (Small 1 kPa for the first 24 hr,
port growth ceramic membrane) 3.0 kPa for the
medium remainder of the
experiment
2 7 days Bottom oxygen ISP2 3mmx 2mm 1 kPa for the first 24 hr,
(Testrun) port growth (Smail ceramic 3.0 kPa for the
medium membrane} remainder of the
experiment
3 7 days Middle oxygen ISP2 3mmx 2mm 1 kPa for the first 24 hr,
(Control run)  port growth {Small ceramic 1.5 kPa for the
21 days medium  membrane) remainder of the
(Experiment) experiment
4 45 days Middle oxygen 15P2 3mmx 2mm 1 kPa for the first 24 tr,
47 days port growth (Small ceramic 2.5 kPa for the
43 days medium membrane} remainder of the
experiment
5 24 days Middle oxygen ISP2 Immx 2mm 1 kPa far the first 24 hr,
(repeat of port growth (Small ceramic 2.5 kPa for the
experiment medium membrane) remainder of the
4) experiment

3.6.4 Sampling
Permeate from each SFMGR was coliected and analysed daily. The amount of permeate
collected daily was dependent on the pressure differential and the resistance to

transmembrane flux by the biofilm. When collecting permeate from the respective bottles the

silicone tubing connecting the reactor to the permeate collection bottle was clamped off with
a Hoffman clamp. The sample line attached to the permeate collection bottle was opened
and permeate flushed out by the residual pressure remaining in the permeate collection
bottle. Once the bottle was empty the sample line was re-clamped and the Hoffman clamp on
the line connecting the reactor to the permeate collection bottle slowly released until the
pressure in the reactor and the permeate bottle had equalised. The attachment of the
Hoffman clamp ta the silicone tubing prevented a sudden decrease in pressure within the
system and decreased the risk of the biofilm being sloughed off the membrane.
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3.6.5 Disconnecting of reactors

Prior to starting an experiment it was decided in which order to disconnect the reactors.
Once a reactor had run for its predetermined ime duration, the reactor was disconnected.
All silicone tubing exiting the reactor was sealed with cable ties. Using diagonal pliers the
silicone tubing on the side closest to the reactor was cut and the reactor and its ancillaries
removed from the rig. 70% Ethanol was sprayed on the ends of the cut silicone tubing.

After removing the membrane and biofilm from the reactor, the empty reactor and its
ancillaries were decontaminated by autoctaving, at 121 °C for 20 min. The silicone tubing and
cable ties were removed from the decontaminated reactor and ancillaries, with diagonal
pliers, and discarded. The reactor and its ancilaries were then washed, dried and stored,
ready for re-use.

3.6.6 Decontamination of the 1 x 3 and 1 x 12 SFMGR rigs

After all the reactors in a rig were disconnected, the JCS Shinko controllers for both the
growth medium and ECS were switched off, the pressure regulator decreased to zero, the
temperature controller switched off and the entire rig decontaminated with biocide.

3.7 Biofilm analysis

After a reactor was disconnected the membrane with wet biofilm attached within the reactor
were carefully removed from the reactor's glass housing manifold. A calibrated Vernier
calliper and a specially constructed stand was then utilised to measure the bicfilm thickness
at the top and bottom of the wet biotilm at a distance of 3 cm from both ends of the
membrane. Since the diameter of the ceramic membranes utilised was known, the biofilm
thickness could be calculated by subtracting the diameter of the membrane from the
measured wet biofilm thickness and dividing the result by 2.

Once the top and bottom diameters of a wet biofilm had been measured and recorded, the
membrane and wet biofilm was placed in an empty test tube on known weight. The weight of
the test tube, membrane and wet biofilm was then determined and recorded. After drying
ovemnight (i.e. 12 ht) in an oven at 70°C, the weight of the test tube, membrane and dry
biofilm was determined and recorded.

Before starting with an experimental procedure the membranes that were to be utilised were
weighed and their weights recorded. Since the weight of bath the membrane and empty test
tube was known, the weight of the wet and dry biofiim could be determined.
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3.8 Sample analysis

After the volume, pH and redox potential of a permeate sample had been measured and
recorded, a small amount, approximately 3 ml, of the sample was transferred to an
eppendorf tube and stored in the refrigerator at 4°C until the actinorhodin, glucose and
phosphate assay could be performed.

3.8.1 Volume

The volume (ml) of permeate collected daily into a centrifuge tube from each reactor was
measured and recorded. The permeate volume was calculated by subtracting the mass of
the empty centrifuge tube, weighed prior to the start of the experimental procedure; from the
mass of the centrifuge tube filled with collected permeate. The volume of permeate collected
had to be calculated as this was used to determine the rate at which nutrients was supplied
to the biofilm. After use the centrifuge tube was sprayed with 70% ethanol and rinsed with
distilled water for re-use the following day.

3.8.2 pH and redox potential

The pH and redox potential (mV) of all permeate samples collected daily was measured with
a Cyberscan 2500 pH meter and recorded, as the pH and mV profiles of the cell free
permeate can be used to track the metabolic activity of the S. coelicolor biofilm. Prior to use
at the start of each day the pH meter was calibrated with buffer solutions (supplied by Kimix,
Cape Town, South Africa), one with a pH of 4.0 the other with a pH of 7.0, to ensure the pH
meter was giving accurate pH and mV readings.

3.9 Assays

The assays in section 3.9.1, 3.9.2 and 3.9.3 were conducted on all permeate samples in
order to determine which growth medium component had the largest effect on actinorhodin
production. Substrate utilisation profiles could be calculated from the level of residual
substrate present in the permeate samples. Thus allowing the component that negatively
effects actinorhodin production to be decreased or eliminated, and the component that
positively effects actinorhodin production to be increased. This allows for process
optimisation and thus increased secondary metabolite production, in this case, actinorhodin.

3.9.1 Actinorhodin assay

Actinorhodin concentrations (total blue pigment), in miligrams per litre (mg/L) were
determined as described by Doull and Vining (1990) and utilised by De Ordufia and
Theobald (2000). After centrifuging the permeate samples at 4000 rpm for 10 min, to remove
suspended cells and other solids, equal volumes (600 pl) of supemnatant and 2 M NaOH
were added together in a one to one ratio. The absorbance of the supernatant was measured
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at 640 nm in triplicate on a microtitre plate reader (Fluostar Optima supplied by BMG
Labtech, Milnerton, Cape Town). The final actinorhodin concentration was calculated using
an extinction coefficient (Eyxsm = 355 g'.L.cm”) as given by Doull and Vining (1990).
Crude actinorhodin levels present in the permeate was monitored spectrophotometrically as
described in Appendix A.

3.9.2 Glucose assay

The reducing sugar content (i.e. glucose concentration) of the permeate samples was
determined using the dinitrosalicylic acid method (Miller, 1959; Choi et al., 2001) on a
microtitre plate reader (Fluostar Optima supplied by BMG Labtech, Milnerton, Cape Town).
The absorbance of the supernatant was measured in triplicate, at a wavelength of 590 nm,
for each permeate samp&e.oollected from each reactor. An average was then calculated for
each day from the data obtained. The concentration of glucose was calculated from the
absorbance values obtained from the assay, and a linear correlation determined from the
respective standard curves. The glucose assay was conducted on all samples to test for
glucose consumption or utilisation by the bacteria and the resulting effect on biofilm
development and secondary metabolite production. Refer to Appendix B for the glucose
assay procedure.

3.9.3 Phosphate assay

The phosphate concentration within the permeate samples was measured using the ascorbic
assay method (Chen et al, 1956; Plisova et al., 2005). The absorbance, measured in
triplicate for all permeate samples on a microtitre plate reader (Fluostar Optima supplied by
BMG Labtech, Milnerton, Cape Town), was determined at a wavelength of 650 nm (see
Appendix C for the phosphate assay procedure). The concentration of phosphate was
calculated from the absorbance values obtained from the assay conducted, and a linear
correlation determined from the respective standard curves. The phosphate assay was
conducted on each sample collected from each reactor to test for phosphate consumption or
utilisation from the growth medium. The phosphate assay indicated how the presence or
absence of phosphate in the growth medium affected secondary metabolite production.
An average was then calculated for each day from the data obtained.
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CHAPTER 4

RESULTS

GROWTH MEDIUM COMPARISON USING CULTURE
FLASKS
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CHAPTER FOUR
GROWTH MEDIUM COMPARISON USING CULTURE FLASKS

4.1 Introduction

Growth media can be divided into two categories: complex and defined. In a defined growth
medium each component present in the medium is known, as well as the quantity of the
component to be used in the medium preparation. In a complex growth medium not all the
components are known since extracts, such as malt extract, are utilised and not all the
components present in the extract are defined. A complex medium provides the micro
organism being cultured with the basic components required to survive, such as carbon in
the form of glucose.

4.1.1 Background

According to Ozergin-Ulgen and Mavituna (1994) researchers utilise defined growth medium
in batch and fed-batch cultures although, complex growth medium is preferred when working
with S. coelicolor. Complex growth medium results in higher biomass yields and product
concentrations, as well as the presence of suspended solids which interferes with the dry
weight measurements of the biomass (Ozergin-Ulgen & Mavituna, 1994).

4.1.2 Obijectives

The primary aim of this part of the study was to determine in which growth medium the
filamentous bacterium S. coelicolor displayed optimum growth and secondary metabolite
production (i.e. actinorhodin).

The objectives for this part of the study were to:
e Compare S. coelicolor growth using two growth media (complex and defined).
* Quantify and compare the production of actinorhodin in the two growth media.

4.2 Materials and methods

Three culture flasks containing complex growth medium and three culture flasks containing
defined growth medium were inoculated with the Streptomyces strain S.coelicolor A3(2)
(prepared as explained in section 3.5.1) and incubated to observe the micro organism'’s
response to the different growth media. The micro organism was maintained as a frozen
spore suspension in 20% glycerol at a temperature of -80°C.
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4.2.1 Culture flask preparation and incubation

Six sterile culture flasks were utilised in this experimental procedure: (1) three culture flasks
contained 40 ml of the sterile complex growth medium International Streptomyces Project,
medium 2 (ISP2) as described by Shirling & Gottlieb (1966) (refer to Table 3.3 in section 3.4
for the preparation procedure); and (2) three culture flasks contained 40 ml sterile defined
media as described by Hobbs et al. (1989) (refer to Tables 3.4 and 3.5 in section 3.4 for the
preparation procedure). Each of the six flasks was inoculated with 100 pl of the defrosted
spore suspension with a concentration of 1 x 10" spores/m! (i.e. 1 x 10° spores/flask). The six
inoculated culture flasks were incubated in a shaker-incubator for 192 hr at 27°C and 200

rpm.

4.3 Analytical methods

The actinorhodin concentration described by Doull and Vining (1990), of each culture flask
was determined daily, in order to quantify the secondary metabolite production. Refer to
Appendix A for a detailed actinorhodin assay procedure description.

4.4 Results and discussion

A culture sample was taken from each of the six culture flasks daily. With the aid of Sigma
Plot (Version 8) the actinorhodin assay results for the three culture flasks with the same
growth medium were averaged and the standard error for each point determined.
The standard error bars represent the spread of data for a particular point around the
average value calculated for that point, as shown in Figure 4.1.
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4.4.1 Actinorhodin production in ISP2 complex growth medium versus Hobbs
defined growth medium

120 -
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—®— Hobbs defined growth medium
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Figure 4.1: Actinorhodin production in ISP2 complex growth medium versus Hobbs defined
growth medium (The error bars represent the standard error using Sigma Plot 8.0)

Figure 4.1 indicates that the complex growth medium, ISP2, produced higher concentrations
of the secondary metabolite (i.e. actinorhodin). Using the ISP2 complex growth medium,
actinorhodin production increased from 0 to 86.9 mg/L over 192 hr, while actinorhodin
production remained consistent at approximately 6.2 mg/L for the Hobbs defined growth
medium. In Figure 4.1, using ISP2 growth medium the actinorhodin production started
around 72 hr after inoculation and accumulated over time. The maximum actinorhodin
concentration obtained was 86.9 mg/L and 7.7 mg/L, with ISP2 and the defined growth
medium, respectively. The maximum actinorhodin concentration obtained with the complex
growth medium was approximately eleven times higher than the maximum concentration
obtained with the defined growth medium. Although the biomass was not measured, it was
observed that a higher concentration of culture pellets formed in the flasks inoculated with
ISP2 complex growth medium compared to the flasks containing the Hobbs defined growth
medium. The higher actinorhodin production using ISP2 complex growth medium was
therefore attributed to the higher biomass observed in the culture flasks.

According to Ates et al (1997), for batch fermentations the maximum actinorhodin
concentration attained, also using the defined growth medium described by
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Hobbs et al. (1989), after +115 hr was 28.5 mg/L. At £115 hr the actinorhodin concentration
obtained using the defined growth medium during this study was approximately 6.8 mg/L.

Ozergin-Ulgen and Mavituna (1994) grew Streptomyces coelicolor in freely suspended
cultures operated with both a complex growth medium, YEME, described by
Hopwood ef al. (1985) and the defined medium described by Hobbs et al (1989).
According to Ozergin-Ulgen and Mavituna (1994) actinorhodin production was 50 times as
much when utilising the complex growth medium as when compared to the production with
the defined growth medium. The maximum actinorhodin concentration was 2.12 mg/L and
125 mg/L, respectively, for the defined and complex growth media in the freely suspended
culture. Actinorhodin was excreted exiracellularly in the freely suspended culture for both the
complex and defined growth media.

4.4.2 Comparison of the culture media after actinorhodin production has
started

Sample A X o Sample B

Figure 4.2: Actinorhodin production culture sample comparison. (A) ISP2 complex growth
medium and (B) Hobbs defined growth medium

In Figure 4.2, sample A represents the actinorhodin production when ISP2 complex growth
medium was used. This growth medium was initially yellow in colour and as actinorhodin
production increased the colour of the growth medium in the culture flasks changed to pink
and eventually dark purple. After inoculation the culture pellets changed from white in colour
to yellow for the duration of the experimental procedure. Sample B in Figure 4.2, represents
the actinorhodin production when the Hobbs defined growth medium was utilised.
This medium started out clear in colour and remained clear in colour up to +120 hr, after
which the growth medium in the culture flasks developed a slight dark blue tinge and the
culture pellets became pink in colour. According to Ozergin-Ulgen and Mavituna (1994)
actinorhodin should be navy blue in the defined growth medium and dark purple in the
complex growth medium.
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was not tested therefore it is unknown if these were being produced as the secondary
metabolite instead of actinorhodin.

From literature it can be assumed that when utilising a defined growth medium in a freely
suspended culture, most of the product formation is intracellular. However, when utilising a
complex growth medium with a pH close to neutral and the product is dark blue-purple in
colour, it can be assumed that product formation is both intracellular and extracellular.
The lactone derivative y-actinorhodin accounts for the dark blue/purple colour of the product
and indicates that y-actinorhodin is extracellular while actinorhodin is produced intracellularly.

From their studies Doull and Vining (1990) concluded that a decrease in the growth rate
triggered actinorhodin pro'duction. While Hobbs et al. (1990) concluded that actinorhodin is
mainly produced during the stationary phase and that production is sensitive to both
ammonium ions and phosphate to a lesser extent. From the Luedeking-Piret model
Ozergin-Ulger and Mavituna (1993} found that actinorhodin production was growth-
associated with growth rate being the dominant parameter. According to Bystrykh et al.
(1996) the depletion of glucose stops pigment synthesis, while the depletion of other
nutrients, such as ammonium or nitrate, phosphate and trace elements resulted in pigment
synthesis (Melzoch et al, 1997). Actinorhodin is produced by actively growing cells, in
nitrogen- or carbon-limited cultures; with the highest specific production rate occurring at the
intermediate growth rate in carbon-limited cultures (Melzoch et al,, 1997).

4.5 Summary

From the experiments conducted during this section of the study, the complex growth
medium, ISP2 yielded higher biomass as well as secondary metabolite concentrations when
compared to the defined growth medium described by Hobbs et af. (1989).

It can be concluded that when the main objective is to stimulate the production of high
concentrations of the secondary metabolite, actinorhodin by Strepfomyces coelicolor then
1SP2 compiex medium is the growth medium of choice. However, when the calculation of
kinetic parameters is priority and not secondary metabolite production the Hobbs et al.
(1989) defined medium is the recommended growth medium.

In Chapter 5 both ISP2 complex growth medium and Hobbs et al. (1989) defined growth
medium were used, in order to compare biofilm growth in a continuously operated MGR. In
Chapters 6 to 8 the ISP2 complex growth medim was utilised. However, in Chapter 7
variations of ISP2 growth medium were used as well.
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CHAPTER 5

RESULTS

SUBSTRATE CONSUMPTION KINETICS AND
ACTINORHODIN PRODUCTION USING
CONTINUOUS PRESSURISED SINGLE FIBRE
MEMBRANE GRADOSTAT REACTORS (SFMGR)

PUBLICATION:
De Jager, D., Sheldon, M.S. & Edwards, W. 2009. Modelling growth kinetics of
Streptomyces coelicolor A3(2) in a pressurised membrane gradostat reactor (MGR). Enzyme
and Microbial Technology, 45:449-456.
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CHAPTER FIVE
SUBSTRATE CONSUMPTION KINETICS AND ACTINORHODIN
PRODUCTION USING CONTINUOUS PRESSURISED SINGLE FIBRE
MEMBRANE GRADOSTAT REACTORS (SFMGR)

5.1 Introduction

Secondary metabolism is suppressed when a micro organism is growing at its full potential
under oplimum conditions. In order to optimise secondary metabolite production certain
nutrients, such as glucose, a carbon source for Streptomyces coelicolor A3(2}, is limited
resulting in increased actinorhodin production.

5.1.1 Background

Quantitative characterisation of the activity of an enzyme or microbe on a particular substrate
is an essential requirement for the detailed understanding of the dynamics of any process
{(Goudar & Devlin, 2001). The quantification process involves estimating several parameters
in the kinetic models using experimental data. A simple unstructured kinetic model is used to
describe the interaction between the substrate and the enzyme or microbe (Gouder & Devlin,
2001). Substrate utilisation by a micro organism normally results in the removal of a chemical
contaminant, increase in microbial biomass and the subsequent biodegradation of the
contaminant. Several microbial growth and Dbiodegradation kinetic models exist
(Okpokwasili & Nweke, 2006). The growth limiting substrate concept was introduced by the
Monod model. In continuous cultures the limiting nutrient is the substrate controlling or
limiting the growth of the micro organism, while in batch systems the limiting nutrient refers to
the substrate that limits the extent of growth of the cuiture (Bazin, 1982).

Substrate depletion by enzymes and non-growing bacterial suspensions are generally
described by the Michaelis-Menten equation, while the Monod equation generally describes
growth associated substrate consumption (Goudar & Deviin, 2001). The Monod empirical
equation (refer to Equation 2.7a in section 2.3.4.1) defines the relationship between the
growth rate and the concentration of the limiting nutrient. An important feature of this model
is that the growth rate is zero when there is no substrate and when the substrate is in excess
the growth rate tends to the upper limit (Lobry et al., 1992).

_ MG
K_+C,

U 2.7a
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Where u represents the specific growth rate (hr'); g represents the maximum specific
growth rate (hr'); C, represents the substrate concentration (g/m® and K, the Moned

saturation constant (g/m°), which is equivalent to the substrate concentration at half Moo
(Okpokwasili & Nweke, 2006).

A method commonly utilised to express the kinetic constants is the Monod equation, derived

from the Michaelis-Menton hypothesis, previously described by Equation 2.8 in section
2.3.4.1 (Shuler & Kargi, 2002).

28

Where C, is the substrate concentration (g/m®); r,is the biological consumption rate

(o/m>.hr); r, is the maximum substrate consumption rate (g/m°.hr); and X_ the Monod

saturation constant (Shuler & Kargi, 2002).

The Lineweaver-Burke (double-reciprocal plot) and Eadie-Hofstee methods are two
linearisation techniques in which the hyperbolic relationship between the rate of the reaction
and the substrate concentration is arranged linearly (Shuler & Kargi, 2002). According to
Ntwampe (2005) for the MGR system the Lineweaver-Burke linearisation method gave the
best fit with correlation coefficients (R?) of 0.9 and higher.

The yield coefficient (refer to Equation 2.21 in section 2.3.4.6) describes the relationship
between the biomass generated and the amount of substrate consumed to produce the
biomass. The maintenance coefficient (refer to Equation 2.22 in section 2.3.4.6) describes
the specific rate of substrate uptake for biomass maintenance when biomass production is
negligible (Shuler & Kargi, 2002; Ntwampe & Sheldon, 2006).

5.1.2 Objectives
The primary aim of this part of the study was to determine whether the Monod single-
substrate limited model could be fitted to this system.
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The objectives of this study were to:
e Compare the effect of different growth media on microbial growth and secondary
metabolite production within continuous systems.
e Quantify the substrate kinetics using ISP2 complex growth medium and Hobbs
defined growth medium.
e Quantify actinorhodin production.

5.2 Materials and methods

Except for the type of growth medium and the size of ceramic membrane utilised, all the
experiments were run under identicat operating conditions (i.e. pressure, temperature and
duration).

5.2.1 Micro organism

The micro organism used in this study was Streptomyces coelicolor A3(2) (Yul-Min & Jae-
hoen, 2004), the model representative of a group of soil dwelling micro organisms. The micro
organism was maintained as a frozen spore suspension in 20% glycerol at a temperature of -
80°C, prepared as explained in section 3.5.1.

5.2.2 Inoculum preparation and inoculation

The inoculum was prepared and tested for contamination as explained in sections 3.5.2 and
3.5.3, respectively. Each single fibre membrane gradostat reactor (SFMGR) was inoculated
as explained in section 3.5.4.

5.2.3 Growth medium

Two different growth media, a complex growth medium and a defined growth medium were
used during the operation of the SFMGR'’s. The complex growth medium that was used was
the International Streptornyces Project, medium 2 (iSP2) (Shirling & Gottlieb, 1966),; refer to
Table 3.3 in section 3.4 for the preparation procedure. The defined growth medium that was
used was described by Hobbs et al. (1989); refer to Tables 3.4 and 3.5 in section 3.4 for the
preparation procedure.

5.3 Experimental set-up

The new 1 x 3 single fibre membrane gradostat reactor (SFMGR) Quorus rig (see sections
3.1.2, 3.3 and 3.3.3 for the experimental set-up) was used to test the linearity between the
three manifolded SFMGR’s. Linearity was both qualified and quantified by immobilising the
filamentous bacteria S. coelicolor A3(2) on the surface of the ceramic membranes.
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The construction of a Single Fibre Membrane Gradostat Reactor (SFMGR) as patented by
Edwards et al. (2007) was illustrated schematically in Figure 3.4 and explained in section
3.3.1. After the SFMGR was constructed the reactor with ceramic membrane was pressure
tested to check their ability to withstand high pressures and that no leaks were present as
explained in section 3.3.2. Three SFMGR’s were then manifolded together with 5 mm (ID) by
8 mm (OD) silicone tubing, as shown in Figure 3.5 and explained in section 3.3.3.

A total of three experiments were performed. Two experiments were conducted utilising 1SP2
complex growth medium; one with 3 mm x 2 mm ceramic membranes and the other with
4 mm x 3 mm ceramic membranes. The remaining experiment was conducted with Hobbs
(1989) defined growth medium and 4 mm x 3 mm ceramic membranes. The two sizes of
capillary ceramic membranes utilised are explained in Table 3.1 in section 3.2.1.

After inoculation, the nutrient medium was supplied to the membrane lumen, in dead end
flow, as explained in section 3.6.1.

5.3.1 Bioreactor operation

Three vertically orientated SFMGR’s operated under pressure utilising the MGR concept as
patented by Leukes et al (1999), were used to culture the bacteria, S. coelicolor A3(2),
at 28°C on the external surface of the capillary ceramic membrane. The airlines to the ECS
of each reactor were manifolded from a single humiditier, therefore all three SFMGR'’s had
the same air source. The pressure applied to the medium bottle of each reactor was also
manifolded from the same source.

A pneumatic bioreactor system can be operated in one of two ways; either via flux control or
via pressure control (Defrance & Jaffrin, 1999). The pneumatic MGR system in this study
was operated via pressure control, as seen in Figure 5.1. For the first 24 hr it was attempted
to maintain the transmembrane pressure (TMP) at 1 kPa to allow the micro organism to
adhere to the membrane surface. For the remainder of the study the medium and ECS were
operated at pressures of 53.5 and 50 kPa, respectively, to attempt to maintain a
transmembrane pressure (TMP) of 3.5 kPa. As the pressure differential was kept constant,
the flux decreased over time as the biofilm increased in thickness and thus resistance to
transmembrane flux increased. The flux started at a rate of £0.708 and 0.472 L/m?.hr for the
3 mm (ID) X 2 mm (OD) and 4 mm (1D) x 3 mm (OD) ceramic membranes, respectively.
The bioreactor system was operated for 28 days (+672 hr).
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TMP JCS Shinko controtler set at 1 kPa for the first 24 hours after inoculation
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Figure 5.1: Plots of the permeate flux and the transmembrane pressure as functions of
operation time for a pressure controlled SFMGR

Two experiments were operated using the Intemational Streptomyces Project, medium 2
(ISP2) growth mediumn (Shirling & Gottiieb, 1966) for the duration of the experiment. One of
these two experiments was run using 3 mm (CD) x 2 mm (ID) ceramic membranes, while the
other was run using 4 mm (OD) x 3 mm (ID) ceramic membranes. A third experiment was
first operated with ISP2 growth medium for +163 hr, then with Hobbs (1989) defined growth
medium until 439 hr, then again ISP2 growth medium until 667 hr, using the 4 mm (OD) x 3
mm (ID) ceramic membranes. ISP2 growth medium was utilised initially for +163 hr to ensure
a well established biofilm was present on the ceramic membrane of each reactor before
changing to the defined growth medium.

5.4 Analytical methods

Permeate from each SFMGR was collected and analysed daily. The amount of permeate
collected daily was dependent on the pressure differential and the resistance to
transmembrane flux by the biofim. The volume and pH of the permeate samples were
measured and recorded daily, including the time elapsed between sampling; thus allowing
the flux to be calculated for each SFMGR.

On completion of the experiments the wet biomass of each reactor was recorded, as well as
the dry biomass, after the biofilm had been dried for 12 hr at 70°C in an oven. The biofilm
thickness was measured, with a Vernier calliper, along the length of the membrane at 2 cm
intervals after the bioreactor set-up was disconnected. It was not possible to determine the
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thickness of the biofilm with a Fluorescence microscope as the biofilm was too thick {refer to
section 3.7).

Actinorhodin concentrations were detemmined as described in section 3.9.1. Refer to
Appendix A for a detailed description of the actinorhodin assay procedure. The glucese
concentration of the permeate samples were measured as described in section 3.9.2.
Refer to Appendix B for the detailed glucose assay procedure. The phosphate concentration
within the permeate samples was measured as described in section 3.9.3. Refer to
Appendix G for the detailed procedure of the phosphate assay. The concentration of both
glucose and phosphate was calculated from the absorbance values obtained from the.
assays conducted, and a linear correlation determined from the respective standard curves.

5.5 Results and discussion

Three SFMGR’s were used in each experiment. One permeate sample was taken from each
bioreactor daily. The daily flux, pH, actinorhodin, glucose and phosphate results obtained
from the three bioreactors were averaged (with the aid of Sigma Plot {Version 8)), for each of
the three experiments and the standard error for each point determined. The standard error
bars on the figures represent the spread of data for a particular point arcund the average
value calculated for that point.
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5.5.1 Average flux

4.0 Only for experiment 3
3.5

ISP2 complex Hobbs et al. (1989) defined growth ISP2 complex
30 growth medium medium arowth medium

i
L L ] —

Average flux (L/m*hr)

0 48 96 144 192 240 288 336 384 432 480 528 576 624 672
Time (hr)

—&— |SP2 complex medium (3 mm x 2 mm)
—&— |SP2 complex medium (4 mm x 3 mm)
—&— Hobbs defined medium (4 mm x 3 mm)

Figure 5.2: Average flux in the 1 x 3 SFMGR rig (The error bars represent the standard error
using Sigma Plot 8.0)

Figure 5.2 is a plot of the average flux (L/m®.hr) against time (hr), and indicates how the flux
decreased over time when the TMP was kept constant, and a well established biofilm was
present to provide increased resistance to flux as the biofilm thickness increased.

The curves in Figure 5.2 representing the ISP2 complex medium (3 mm x 2 mm and 4 mm x
3 mm) were both operated with the complex growth medium for the duration of the
experimental procedure. The only difference being the size of the ceramic membranes
utilised. The curve representing Hobbs defined medium (4 mm x 3 mm) was operated with
ISP2 growth medium for the first 163 hr, then Hobbs defined growth medium for 163 to
499 hr, and ISP2 growth medium for 499 to 677 hr. The similarity between the three
experimental procedures was that all three procedures were operated with ISP2 growth
medium for the first 163 hr and the same pressure differential of 3 kPa. The difference
between the ISP2 complex medium (4 mm x 3 mm) experiment and the Hobbs defined
medium (4 mm x 3 mm) experiment was that different growth medium was utilised after
163 hr, but the same size ceramic membranes were utilised.
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The low flux observed at 336 hr on the ISP2 comipex medium (3 mm x 2 mm) curve occurred
as a result of two interelated reasons: (1) the pressure differential was decreased to a value
of 2 kPa; and (2) the well developed biofilm. The pressure differential was decreased to
starve the biofilm, in order to stimulate secondary metabolite production.

The absent data point at 336 hr, for the ISP2 comlex medium (4 mm x 3 mm) curve was
removed due to a power failure, which caused the medium to overflux. When the power
failure occurred, the ECS pressure decreased to zero, while the medium pressure remained
at its set pressure. As it was a closed system, a large pressure differential was thus
established across the membrane, resulting in an extremely high transmembrane flux.

Figure 5.2 indicates that after 240 hr the flux became stable, due to the presence of a well
established biofilm at this time. Slight variation occurred in the flux after 240 hr, due to the
fact that the actual pressures of the medium and ECS varied slightly from the respective set
pressures. This variation in pressures resulted in the pressure differential varying from the
set 3.5 kPa, which influenced the transmembrane fiux.

Similar flux was observed for both ISP2 complex medium curves, even though different sized
ceramic membranes were utilised. A higher flux was observed for the Hobbs defined medium
curve. During the study it was observed that after 163 hr when the growth medium had been
changed from the complex medium to the defined medium, the biofims decreased in
thickness. The cause of the higher flux observed for the Hobbs defined medium, was due to
the decreased biofilm thickness, which provided decreased resistance to transmembrane
flux. 24 hr after changing the defined medium back to the complex medium, an increase in
the thickness of the biofilms was observed; especially in the biofilm located at the bottom end
of the ceramic membrane in the vertically orientated SFMGR. According to Ozergin-Ulgen
and Mavituna (1994) complex growth medium is favoured by researchers when working with
S. coelicolor as it yields higher biomass and product concentrations than defined growth
medium.
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5.5.2 Average pH
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Figure 5.3: Average pH of the 3 Single Fibre Membrane Gradostat Reactors (The error bars
represent the standard error using Sigma Plot 8.0)

The initial pH of the complex growth medium ISP2 was 7.5, while the initial pH of the defined
growth medium, described by Hobbs et al. (1989), was 7.2. For the first 163 hr both
experiments were operated with ISP2 growth medium. After 163 hr the pH of the ISP2
complex medium (4 mm x 3 mm) curve continued increasing, while the Hobbs defined
medium (4 mm x 3 mm) graph remained stable at pH of approximately 7.0. At 624 hr, about
120 hr after the growth medium was changed to ISP2 complex medium the pH started
increasing again. The trend observed in Figure 5.3 was that after inoculation the pH of ISP2
complex medium decreased initially and stabilised at pH of approximately 5.5 for 120 hr
before increasing. According to Bystrykh et al. (1996) at growth medium pH values of 4.5 to
5.5 significant amounts of actinorhodin occurs. However, it is located almost exclusively
intracellularly. At growth medium pH values of 6.0 to 7.5 a different blue pigment was
produced both intracellularly and extracellularly. S. coelicolor A3(2) is therefore capable of
producing large amounts of two actinorhodin-related pigments (Bystrykh et al 1996 ).

The stable pH noticed between 163 and 499 hr in the curve for Hobbs defined medium
(4 mm x 3 mm) corresponds to the time period when the growth medium was changed from
the complex medium to the defined medium. In Figure 5.4 there was a stable, yet minute
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production of secondary metabolites when the system was operated with the defined
medium. After changing the growth medium back to IPS2 complex medium at 499 hr, the
actinorhodin production and pH decreased followed by an increase after 24 hr and 72 hr,
respectively (seen in Figures 5.3 and 5.4). The final pH of the growth medium, rather than
specific nutrient limitation has been identified as the determining factor in which blue pigment
will be produced. Bystrykh et al. (1996) reported that when grown at a neutral pH the major
exported product of the actinorhodin biosynthetic pathway by S. coelicolor A3(2) is
y-actinorhodin.

5.5.3 Average actinorhodin production

110 ISP2 complex Hobbs et al. (1989) defined ISP2 complex
arowth medium growth medium growth medium
100 -t »l F >
1
B 1
E I
80
E |
g 70 i
.g I
60 -
g I
(=8
5 50 - l
E 40 - I
B
o
g 30 -

20 4

10 +

0 = L] = L] T B SR T

0 48 96 144 192 240 288 336 384 432 480 528 576 624 672
Time (hr)

—=&— ISP2 complex medium (3 mm x 2 mm)
—@— ISP2 complex medium (4 mm x 3 mm)
—&— Hobbs defined medium (4 mm x 3 mm)

Figure 5.4: Average actinorhodin production in the 1 x 3 SFMGR rig (The error bars represent
the standard esrror using Sigma Plot 8.0)

Figure 5.4 indicates that higher actinorhodin production was achieved with the complex
growth medium than with the defined growth medium. About 72 hr after changing the Hobbs
defined growth medium back to ISP2 complex medium, actinorhodin production started
increasing. In Figure 5.3 the average pH when the bioreactors were operated with the
defined growth medium was 6.8. Therefore, the low amounts of actinorhodin produced, when
the bioreactors were operated with Hobbs defined medium, could be because the
actinorhodin was mainly produced intracellularly.
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During this study the maximum actinorhodin concentration produced by S. coelicolor A3(2),
utilising the complex medium 1SP2, immobilised on the surface of ceramic membranes, was
51.0 mg/L and 85.12 mg/L for the 3 mm x 2 mm and 4 mm x 3 mm ceramic membranes,
respectively. In the fiask cultures utilising the complex growth medium ISP2, the maximum
actinorhodin concentration produced was 86.9 mg/LL The maximum actinorhodin
concentration produced by S. coelicolor A3(2) immobilised on a ceramic membrane and in
flask cultures during the experimental procedures performed, utilising Hobbs defined
medium, was 6.89 and 6.2 mg/L, respectively. According to Ozergin-Ulgen and Mavituna
{1994) the maximum actinorhodin production in an immobilised culfure, utilising the defined
growth medium was 0.538 mg/L. The actinorhodin concentrations obtained during this study
was therefore higher than that obtained by Ozergin-Ulgen and Mavituna (1994).

Ozergin-Ulgen and Mavituna (1994) grew Streplomyces coelicolor in immobilised cultures
operated with both a complex growth medium, YEME, described by Hopwood et al. (1985)
and the defined medium described by Hobbs et al. (1989). Actinorhodin was excreted
extracellularly in the immobilised culture when the complex growth medium was utilised and
intracellutarly when the defined growth medium was used. In immobilised cultures operated
with the complex growth medium YEME (Hopwood ef al, 1985) actinorhodin production
occurred after glucose depletion, indicating that the product formation was non-growth-
associated. The actinorhodin concentrations obtained during this study were about half when
compared to literature {Ozergin-Ulgen & Mavituna, 1994). This could be because two
different complex media were utilised, YEME growth medium was utilised in the literature
and iSP2 growth medium for this study.

With ISP2 growth medium actinorhodin was produced mainly extracellularly, this was
confirmed by the permeate being dark purple (opaque) in colour and an average pH of 8.1.
According to Ozergin-Ulgen and Mavituna (1994) immobilised cultures of S. coelicolor
operated with a complex growth medium produces the secondary metabolite actinorhodin
extracellularly, resulting in higher actinorhodin concentrations than obtained with the defined
growth medium, where it was assumed actinorhodin production is intraceflular hence the low
actinorhodin concentrations.

with Hobbs defined medium the permeate was clear, indicating actinorhodin production was
intracellutar. if the actinorhodin production was extracellular the permeate would have been
dark blue (clear), as was seen with the flask cultures in section 4.5.2. Similar amounts of
actinorhodin was produced in the flask cultures as with the 1 x 3 SFMGR Quorus rig.
The actinorhodin assay used (see section 3.9.1) was only capable of determining
extracellular actinorhodin.
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The highest secondary metabolite (actinorhodin) production was measured when operating
the SFMGR's with ISP2 growth medium and the 4 mm x 3 mm ceramic membranes.
The pressure differential and therefore the flow rate for both experimental procedures were
identical. However, the 4 mm x 3 mm capillary ceramic membranes had a larger surface area
than the 3 mm x 2 mm, resulting in a lower flux per square meter surface area for the 4 mm x
3 mm ceramic membranes. Thus, it is postulated that the micro organism was under nutrient
limitation, which stimulated a higher production of secondary metabolites.

Figure 4.1 in section 4.4.1 represents actinorhodin production in flask cultures, while
Figure 5.4 represents actinorhodin  production in continuous immobilised cultures.
A comparison of the graphs show that batch cultures (Figure 4.1} have a short phase (72
hr) during which no actinorhodin was produced followed by a rapid increase in actinorhodin
production. The continuous cultures {Figure 5.4) showed a longer inactive phase (x192 hr)
followed by a slow increase in actinorhodin production, untii maximum production was
reached. Although the continuous cultures took a long time to reach maximum actinorhodin
production, the total amount of actinorhodin produced was much higher than the batch
cultures were capable of producing. Over time the amount of actinorhodin produced by the
batch cultures decreased, due to the nutrients in the growth medium being depleted, while
the amount of actinorhodin produced by continuous cultures remained at a maximum as long
as the operating parameters of the system were being optimised. Ozergin-Ulgen and
Mavituna (1994} reported that immobilised cells of S. coeficolor A 3(2) were more efficient
producers of actinorhodin than freely suspended cultured cells.

Immobilised cultures of S. coelicolor operated with a complex growth medium produce the
secondary metabolite actinorhodin extracellularly, resulting in higher actinorhodin
concenfrations than obtained with the defined growth medium where it was assumed
actinorhodin production was intracellular hence the low actinorhodin concentrations
(Ozergin-Ulgen and Mavituna, 1994).
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5.5.4 Average phosphate concentration
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Figure 5.5: Average phosphate concentration for the 1 x 3 SFMGR rig (The error bars represent
the standard error using Sigma Plot 8.0)

The original phosphate concentration in the two growth media was 0.083 and 1.37 mg/ml for
ISP2 complex medium and Hobbs (1989) defined medium, respectively. Hence, the increase
in phosphate concentration observed between 192 and 576 hr in Figure 5.5 when the ISP2
complex growth medium was switched to Hobbs defined growth medium.

From the graphs in Figure 5.5 it appears the phosphate concentration remains relatively
stable at 0.079 mg/ml for the complex growth medium. However, from the values obtained
the micro organism was not utilising phosphate, since a phosphate concentration of
0.079 mg/ml and 1.76 mg/ml was present in the permeate samples of the complex and
defined growth media, respectively. This value obtained for the permeate of the defined
growth medium was higher than the phosphate concentration present in the growth medium
initially.

According to Bibb (2005) an excessive level of inorganic phosphate, such as K;HPO, present
in Hobbs et al. (1989) defined medium, prevents the production of structurally diverse
secondary metabolites, like actinorhodin. How the elevated levels of intracellular phosphate
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exert an inhibitory effect on secondary metabolism is speculative (Bibb, 2005).
Therefore, the actinorhodin conceniration increases with decreasing phosphate
concentration (Hobbs et al. 1989). Figures 5.4 and 5.5 verify this statement, as the defined
growth medium which had a high concentration of inorganic phosphate had a corresponding
low actinorhodin concentration. Phosphate concentrations in the range of 0.3 to 300 mM
supports cell growth. However, phosphate concentrations of 10 mM and higher repress the
biosynthesis of many antibiotics (Ates et al., 1997). Hobbs et al. (1989) reported that
actinorhodin production was completely inhibited when the phosphate concentration in the
growth medium was higher than 24 mM. Regarding actinorhodin production by S. coelicolor
Hobbs et al. (1990) reported that an interrelationship exists between the nitrogen and
phosphate levels present in the growth medium, with phosphate having an epistatic control
over nitrogen.

5.5.5 Average glucose concentration
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Figure 5.6: Average glucose concentration for 1 x 3 SFMGR rig (The error bars represent the
standard error using Sigma Plot 8.0)

The initial glucose concentration present in ISP2 complex medium was 4.96 and 1.74 mg/ml
for Hobbs (1989) defined medium. Hence, the decrease in glucose concentration observed
between +163 and 499 hr in Figure 5.6 when ISP2 complex growth medium was switched to
Hobbs defined growth medium.
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From the graphs in Figure 5.6 the micro organism was consuming glucose, since the glucose
concentration present in the permeate samples was lower than the amount originally present
in the two growth media. The original glucose concentration present in the defined growth
medium described by Hobbs (1989) was about a third of that present in the 1SP2 growth
medium; the amount of glucose present in the permeate samples collected between +163
and 499 hr when the SFMGR's were operated with Hobbs (1989) defined medium was zero.

A comrelation of Figure 5.6 with Figures 5.2, 5.3 and 5.4 revealed that when the flux
increased, the glucose concentration increased. However, when the pH and actinorhodin
concentration increased, the glucose concentration decreased and vice versa.

Comparing the graphs in Figure 5.6 shows the quantity of actinorhodin produced was
significantly higher for ISP2 growth medium than for Hobbs (1989) defined medium. This was
due to the difference in glucose concentrations present in the two growth media. It has been
reported that actinorhodin is extremely sensitive to the glucose concentration present in the
growth medium (Ates et al,, 1997; Elibol & Mavituna, 1998; Elibol, 2004). This is observed in
Figures 5.4 and 5.6, where the ISP2 complex medium (3 mm x 2 mm) and ISP2 complex
medium (4 mm x 3 mm) graphs show a high glucose concentration as well as a
corresponding high actinorhodin production. in contrast the Hobbs growth medium (4 mm x
3mm) graph in Figures 5.4 and 5.6 indicate a low glucose concentration and a
comresponding low actinorhodin production. Elibol (2002) stated that glucose is consumed by
S. coelicolor for biomass formation. Glucose is an independent variable while actinorhodin,
biomass concentrations, volumetric oxygen and glucose uptake rate are all dependent
variables (Elibol, 2002). An increase in biomass concentration is accompanied by a decrease
in the residual glucose concentration (Elibol, 2001).

In the I1ISP2 growth medium sufficient glucose was present for actinorhodin production
without complete depletion of the substrate, since there was still glucose present in the
permeate samples. Hence, glucose was not the limiting nutrient in the system when ISP2
growth medium was utilised. When the system was operated with Hobbs (1989) defined
medium, glucose was the limiting nutrient as the substrate was depleted during the
production of the secondary metabolite actinorhodin, as seen in Figure 5.6.

5.5.6 Single substrate limited growth kinetics

The general response of S. coelicolor A3(2) to a depletion of glucose is the cessation of blue
pigment synthesis; and to growth limitation by nitrogen (either ammonium or nitrate),
phosphate, or trace elements is the synthesis of blue pigment (Bystrykh et al, 1996).
When the pressurised MGR system was operated with Hobbs (1989) defined medium from
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+163 and 499 hr, the permeate became clear and lost its blue pigment; the disappearance of
this blue pigment indicated a depletion of glucose. This was confirmed by the glucose results
which indicated complete consumption of glucose over time, as seen in Figure 5.6 for the
Hobbs growth medium (4 mm x 3 mm) graph. Therefore, glucose was the limiting nutrient in
the Hobbs defined growth medium as the substrate was completely depleted during the

study.

Various single-substrate growth kinetic models exist, such as the Monod, Tessier, Moser and
Contois growth kinetic models, refer to Table 2.4 in section 2.3.3.1 for the equations

representing these models. The two methods for determining (KX,) are (1) to measure the

nutrient concentrations at known growth rates; or {(2) to measure the growth rate at known
concentrations of the rate limiting nutrient (Beyenal et al., (2003). In this study different
substrate (i.e. glucose) concentrations were not tested and the biomass was only determined
at 28 days (refer to section 3.5.6) and not for different time durations. The substrate

saturation constant (K, ) could therefore not be calculated or extrapolated and an empirical

model with experimental data was required. The Monod single-substrate growth kinetic
model was therefore utilised to quantify the glucose consumption kinetics, as the initial
glucose concentration present in the growth medium remained unchanged for the duration of
the study.

5.5.6.1 Substrate consumption rate

The accumulative glucose concentration consumed was determined by adding the daily
glucose consumed over +672 hr. The glucose consumed was calculated by determining the
difference between the glucose initially present in the growth medium and the glucose
present in the permeate samples. The accumulative glucose consumption (shown in
Figure 5.7) curve was quantified over #672 hr. A third-order polynomial function best
described the graph of accumulative giucose consumed plotted against time with a
correlation coefficient (R?) value of 0.99. The derivative of the third-order polynomial function

was equivalent to the glucose consumption rate(r, ).
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Figure 5.7: Accumulative glucose consumption profile over 672 hr

The average glucose consumption rate(r, ), calculated by dividing the total accumutative

glucose consumed by the total time the pressurised MGR system was operated (672 hr)
was approximately 92.27 g/m®.hr. Ntwampe and Sheldon (2006) utilised this method for
determining the substrate consumption kinetics for the white rot fungus Fhanerochaete
chrysosporium, immobilised in a non-pressurised MGR system. The average glucose

consumption rate(r,) for their system was defined as 94.0 g/m®.hr. Sheldon et al. (2008)
quantified the nutrient consumption of P. chrysasporium (BKMF-1767) immobilised in single-

capiltary flow-cell MGR's operated under different spore concentrations and air flow rates.
The average glucose consumption was 17.09 and 48.9 g¢/m%.hr for the 0.5 and 1 million

spores, respectively.

5.5.6.2 Monod saturation constant (K_,) and the maximum substrate

consumption rate (r_)

The method and equation used for determining the Moneod kinetic constants were explained
in sections 2.3.4.1 and 2.3.4.3. The inverse of the derivative of the third-order polynomial
function described the relationship between the inverse of the first-order derivative and the
inverse of the Monod equation {shown in Figure 5.8).
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Figure 5.8: Lineweaver-Burke linearisation method

The Lineweaver-Burke method, as described by Shuler and Kargi (2002), was utilised to
linearise the rate limiting nutrient's data, by rearranging the hyperbolic relationship between

the rate reaction and the glucose concentration. The Monod saturation constant (K ) was

calculated by dividing the slope of the linear trendline by the intercept obtained from the
graph in Figure 5.8. The Lineweaver-Burke linearisation method gave the best fit with
correlation coefficients (R% of 0.9 and higher for the MGR system utilised by Ntwampe
(2005). Sheldon et al. (2008) utilising an MGR for the immobilisation of used the Lineweaver-
Burke method to linearise the rate limiting nutrient’s data.

In this study, the Monod saturation constant (X, ) and the maximum substrate consumption

rate (r, ) were calculated to be 29605.65 g/m® and 434.78 g/m°.hr, respectively from +163 to

499 hr, when the pressurised MGR system was operated with Hobbs et al. (1989) defined
growth medium. It was therefore postulated that the pressure within the system facilitated the
“mass transfer of the nutrients, such as glucose, across the biofilm, resulting in a higher
Monod saturation constant. Since the biofilm was more saturated with nutrients than
observed in non-pressurised systems, the rate of glucose consumption by the biofiim would
be higher due to higher concentrations of nutrients being more readily available to the
biofitm.
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5.5.6.3 Yield coefficient

A yield coefficient, determined by plotting the mass of the dry biofim (determined as
explained in section 3.7) against the mass of glucose consumed (shown in Figure 5.9), could
only be determined for the ISP2 complex medium from +20 to t42 hr. The biomass was
initially established using 1SP2 complex growth medium and then changed to Hobbs et al.
(1989) defined medium after 163 hr once a well-established biofilm was present. A yield
coefficient determined utilising the substrate data from +163 to 499 hr for the defined growth
medium would therefore not be a true reflection due to the growth medium being changed
during the experimental procedure.  The yield coefficient, determined from Figure 5.9, was
defined as 0.603 g biofilm/g glucose for ISP2 complex growth medium over a time period of
142 hr. However, the accuracy of this value is questionable since there are not enocugh data
points in Figure 5.9 due to conflicting biomass and glucose consumption results..
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Figure 5.9: Glucose consumed against the biofilm generated over time

Using a non-pressurised vertically orientated SFMGR operated at 37°C for 264 hr Ntwampe
and Sheldon (2006) quantified the growth parameters of P. chrysosporium (BKMF-1767)
based on the utilisation rate of giucose and biofim. The average glucose-based yield
coefficient was determined to be 0.202 g biofilm/g glucose over a period of 264 hr.
The glucose-based growth yield parameter estimated by Barclay et al. (1993) for the Monod
model was 0.441 g biofilm/g glucose in a batch cuiture.,
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Beyenal et al. (2003) obtained a yield coefficient of 0.628 g micro organism/g glucose for
Pseudomonas aeruginosa grown in a 2 L chemostat culture with an artificial growth medium.
This value was an order of magnitude higher than those reported in literature, which Beyena!
et al. (2003) attributed to the glucose concentration utilised in the artificial medium being
higher than in the other systems previously tested.

5.5.6.4 Significance of the substrate limited results

When comparing the results obtained in this study with non-pressurised systems (shown in
Table 5.2), the pressure within the system appears to influence the substrate consumption
rate. With a higher consumption rate and therefore higher maximum consumption rate being
observed in the pressurised system utilised during this study. However, the Monod saturation
constant is unaffected by the presence or absence of pressure within the system. The
saturation constant for glucose was lower in the pressurised system than in the non-
pressurised system, and still lower in the non-pressurised chemostat culture. The Monod
saturation constant appears to be influenced by the residual concentration of the rate limiting
substrate. Glucose was not limited during the study conducted by Sheldon et al. (2008},
which might explain why the Monod saturation constant was higher in this system than
during the current study. The higher the residua! concentration of the limiting substrate the
higher the yield coefficient, especially if the limiting substrate is the carbon source of the
micro organism, such as glucose, which stimulates biomass formation.
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Table 5.2: Comparison of substrate limitation results from literature with the current studies results

Current study

Sheldon ef al (2008)

Beyenal and Lewandowsk] (2003)

Substrate consumption rate
{g/m.hr)

Monod saturation constant
{a/m®)

Maximum substirate
consumption rate (g/m.hr} *

Yleld coetficient (g biomass/g
substrate)

Limited substrate{s)

Dual or single substrate
limitation

System

Micro organism

92.27

434.78

28605.65

0.603

Glucose

Single

Pressurisad MGR

Streptomyces coslicolor A3(2)

1.25 (0.5 million spores)
1.18 {1 million spores}

1.41 (0.5 million spores)
1.34 (1 million spores)

9.32 (0.5 million spores)
17.67 (1 milion spores)

Ammonia (dapleted)

Single

17.09 (0.5 million spores)
18.9 (1 milliom spores)

1200.61 (0.5 million spores}
3190.34 (1 million spores}

48.31 (0.5 million spores)
121.62 (1 miltion spores)

Glucose (not depleted)

Non-pressurised single fibre capillary flow cell MGR

Phanerochaete chrysosporium (BKMF-1767)

26.9 (glucose)
1.18 (oxygen)

0.628 (glucose)
0.635 oxygen)

Glucosa and oxygen

Dual

Chemostat

Pseudomonas aeruginosa
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56 Summary

At a constant transmembrane pressure (TMP) as the biofilm increased in thickness, flux
decreased due to increased resistance. S. coeficolor utilised glucose for biomass growth
during this study confirmed by the thick biofilm growth resulting when the complex growth
medium was utilised and the poor biofilm growth observed when Hobbs defined medium was
used and glucose was the fimiting nutrient in the system. The dark blue colour of the
permeate indicated extracelullar actinorhodin production, while the clear colour of the
permeate indicated intracellular actinorhodin production when utilising the complex and
defined medium respectively. High phosphate concentrations present in the growth medium
have an inhibitory effect on bicfim growth and secondary metabolite production, confirmed
when Hobbs defined growth medium with a high phosphate concentration was used.

For the complex growth medium a constant TMP with increasing biofilm thickness caused
decreased flux, which resulted in nutrient limitation stimulating extracellular actinorhodin
production. The Hobbs defined medium with the combined effect of low gluccse and high
phosphate concentrations resulted in poor biofilm growth and intracellular production of
actinorhodin. It can be concluded that ISP2 complex growth medium is both a growth and
secondary metabolite producing medium, while Hobbs defined growth medium is a
production medium, as this medium did not stimulate biofilm growth, but did stmulate the
intraceliular production of the secondary metabolite, actinorhodin.

If glucose is the limiting nutrient within an MGR system, whether the system is pressurised or
non-pressurised, the average glucose consumption rate is in the range of 90 - 85 g/m®hr.
However, if glucose is not completely depleted within the system the average glucose
consumption rate wilt be much lower.

In pressurised MGR systems in which glucose is the Iimiting nutrient, higher Monod
saturation constants and maximum glucose consumption rates are observed than in
non-pressurised MGR systems. MGR systems inoculated with the higher spore
concentration operated over the same time period will have both a higher Monod saturation
constant and maximum glucose consumption rates due to increased spore concentrations
resulting in thicker and denser biofilm growth.

Although the filamentous bacterium Streptomyces coelicolor utilises glucose for biofilm
growth, from the yield coefficient values obtained during the study conducted and from
literature, this micro organism requires a similar amount of glucose to the white rot fungi
Phanerochaete chrysosporium for biofilm generation. However, it is recommended that the
experiment be repeated to confirm the yieid coefficient value obtained during the study.
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CHAPTER 6

RESULTS

QUANTIFYING GROWTH KINETICS IN
CONTINUOUSLY OPERATED PRESSURISED
SINGLE FIBRE MEMBRANE GRADOSTAT

REACTORS (SFMGR)
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CHAPTER SIX
QUANTIFYING GROWTH KINETICS IN CONTINUOUSLY OPERATED
PRESSURISED SINGLE FIBRE MEMBRANE GRADOSTAT
' REACTORS (SFMGR)

6.1 Introduction

A fast emerging area of membrane bioreactor (MBR) applications is the immobilisation and
culturing of micro organisnis, such as fungi and bacteria for the production of high-value low-
volume secondary metabolites such as antibiotics, anti-inflammatories, anticancer drugs and
vitamins (Luekes, 1999; Burton, 2001; Charcosset, 2006). A number of MBR applications
have been reported in literature with various micro organisms (Beffort, 1989; Beeton et al,,
1993; Zhang et al, 2006); fungi (Venkatadri & Irvine, 1993; Leukes, 1999; Solomon &
Petersen, 2002; Hai et al., 2006; Ntwampe et al,, 2007) and enzymes (Govender et al., 2003;
Charcosset, 2006; Diaz et al., 2006) that were successfully cultured and/or immobilised on
the extemnal surface of membranes.

6.1.1 Background

Various empirical kinetic profiles have been described in solid state fermentation (SSF)
systems including linear, exponential, logistic and fast acceleration/slow deceleration.
The modelling of microbial growth kinetics plays an important role in the design and
optimisation of MBR systems. Mathematical models are used to describe the overall
performance of the MBR's. The models must describe not only the microbiat growth kinetics
but also the transport phenomena within the substrate bed and the mass and energy
exchanges between the bed and subsystems of the MBR, such as the membrane wall and
the extracellular space gases (Mitchell et al,, 2003).

In flowing systems, such as a membrane gradostat reactor (MGR), where the nutrient
solution passes through the membrane lumen to the extracellular space (ECS) and air is
supplied on the shell side of the bioreactor, three-dimensional biofiims develop. Therefore,
studying and quantifying the growth kinetics within a continuous MGR is important as this
" can be utilised in the development of an efficient nutrient gradostat within the biofilm as well
as to model the mass transfer of the bioprocess (Sheldon et al, 2008). A large amount of
information regarding growth kinetics of micro organisms in batch, fed-batch and non-
pressurised systems are available in literature (Mitchell, 1991; Ates, 1997; Ikasari & Mitchell,
2000; QOoilkaas et al, 2000; Sheldon & Small, 2005; Van de Lagemaat & Pyle, 2005;
Ntwampe & Sheldon, 2006; Sheldon et al, 2008). However, to date limited information has
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been published with regards to the microbial growth kinetics of bacteria immobilised in
continuously operated pressurised MGR's.

Table 6.1: Equations representing various growth models {lkasari & Mitchell, 2000; Mitchell ef
al., 2004)

Growth model Equation Equation number
ax
Exponential I 7). ¢ . 2.2a
- dax xY 23a
Logistic x| 1-2-| n=1
TWO-FHASE: _
Fast acceleration (Exponential} ? =puX 24a
X _ (o1,
Slow deceleration a [ﬂ Le ] X121, 25a
aX XY 26a
i —_—= 1— | ,n<ar>l :
Power law I ( X,.,]

The models shown by Equations 2.2a to 2.6a in Table 6.1, respectively, were tested to
determine which model(s) best describes the growth of S.coelicolor A3(2) in the pressurised
SFMGR's used in this study.

6.1.2 Objectives

The purpose of this study was to quantify the growth kinetics of the filamentous bacterium
Streptomyces coelicolor A3(2) immabilised on the external surface of single fibre ceramic
membrane MGR’s, operated under continuousty pressurised air and nutrient supply.

The objectives for thié part of the study were to:
e Quantify S. coelicolor growth on ceramic membranes.
e Model the growth kinetics of Streptomyces coelicolor A3(2) in a continuously
operated pressurised membrane gradostat reactor (MGR).
» Investigate the correlation between the measured parameters (eg. average flux, pH,
actinorhodin production, glucose and phosphate concentrations) and the growth
curve.
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6.2 Materials and methods

6.2.1 Micro organism

A 1 x 12 SFMGR rig was run with the complex growth medium, ISP2, and the filamentous
bacterium Streptomyces coelicolor A3(2), prepared as explained in section 3.5.1.

6.2.2 Inoculum preparation and inoculation

The inoculum was prepared and tested for contamination as explained in sections 3.5.2 and
3.5.3, respectively. Each single fibre membrane gradostat reactor (SFMGR} was inoculated
as explained in section 3.5.4.

6.2.3 Growth medium _

The nutrient medium used for the both inoculum preparation and bioreactor operation was
ISP2 (Shirling &Goattlieb, 1966}, a complex growth medium (refer to Table 3.3 in section 3.4
for the preparation procedure).

6.3 Experimental set-up

The experimental set-up used in this section was the 1 x 12 SFMGR rig as explained in
sections 3.3 and 3.3.3 and Figure 3.5. The ceramic membranes used were the 3mm x 2 mm
ceramic membranes supplied by Hyflux CEPAration BV. The characteristics of the capillary
ceramic membranes that were used in the SFMGR system, are listed in Table 3.1 in section
3.2.1.

A schematic diagram of the SFMGR, as patented by Edwards et al. (2007), was illustrated
schematically in Figure 3.4 and explained in section 3.3.1. After the SFMGR was
constructed, the reactor with ceramic membranes was pressure tested using water to check
its ability to withstand high pressures and that no leaks were present as explained in section
3.3.2. Three SFMGR's were then manifolded together with 5 mm (1D} by 8 mm (OD) silicone
tubing, as shown in Figure 3.5 and explained in section 3.3.3.

6.3.1 Bioreactor operation

After sterilisation and inoculation, the nutrient medium was supplied to the membrane lumen
. at a flow rate of 0.001 Lr. The air was supplied to the ECS of the bioreactor at a flow rate of
2.4 Uhr. A pressure differential, measured with pressure transducers, was created across
the membranes by applying pressure to both the nuirient medium and the humidifier.
The pressure applied to the nutrient medium was higher than the pressure applied to the
humidifier to ensure transmembrane flux occurred. The SFMGR system was operated in the
dead-end mode with a constant shell side pressure supplied by a JCS Shinko proportional-
integral-derivative (PID) controller.
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Four sets of three vertically orientated manifolded SFMGR’s (shown in Figure 3.5) were used
to culture the bacteria, S. coelicolor, at 28°C on the capillary ceramic membranes.
The system and reactor parameters are shown in Table 6.2.

Table 6.2: System and reactor parametets

Model parameter Unit Basic value
Membrane outer diameter m 0.0028
Membrane inner diameter | m 0.0018
Membrane wall thickness - m 0.0005
Effective membrane length m 0.225

Glass manifold inner radius m 6.5x10°
Glass bioreactor length m 2.09x10"
Nutrient flow rate Lhr 1.0x10?
Nutrient medium viscosity Pas 12x10°

Four experiments were performed during this study. Two experiments were operated for 18
days, with two reactors sacrificed every third day. The remaining experiments were run for 8
days, with two reactors sacrificed daily after day 3.

6.4 Analytical methods ,

Pemmeate from each SFMGR was collected daily. The amount of permeate collected daily
was dependent on the pressure differential and the resistance to transmembrane flux by the
biofilm. The volume and pH of the permeate samples were measured, including the time
elapsed between sampling; thus allowing the flux to be calculated. After disconnecting a
reactor the wet biomass was measured, as well as the dry biomass after the biofilm was
) dried for 12 hr at 70°C {refer to section 3.7).

Actinorhodin concentrations were determined as described in section 3.9.1. Refer to
Appendix A for a detailed description of the actinorhodin assay procedure. The glucose and
phosphate concentrations of the permeate samples were determined as described in
sections 3.9.2 and 3.9.3, respectively. Refer to Appendices B and C for detailed descriptions
of the glucose and phosphate assays.
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6.5 Results and discussion

All the data collected from the experiments operated for the same time period under identical
conditions with the same growth medium were averaged together, this included flux, pH,
actinorhodin, glucose and phosphate results. Figures 6.7 to 6.11 represent the average
results and include standard error bars, generated using Sigma Plot (Version 8.0).
The growth curve obtained for this study was constructed from the average dry biomass
obtained from the two reactors disconnected after 66, 90, 114, 140, 162, 212, 282 and 354 hr
of operation.

6.5.1 Drybiomass growth curve

Figure 6.2 depicts the average dry biomass results obtained for S. coeficolor A3(2) cultivated
on the external surface of the ceramic membrane in the continuous pressurised SFMGR's.
A limited understanding of the kinetic modei! for actinorhodin production exists due 1o the
unstable, complex heterogeneous nature of Skrepfomyces coelicolor (Elibol & Mavituna,
1999a). The data point at 354 hr is devoid of standard error bars due to repeated sloughing
of the biofilm from the membranes at this time (as shown in Figure 6.5), resulting in very little
data being accumulated for this point. A similar growth curve, to that in Figure 6.2, shown in
Figure 6.3, was obtained from a plot of the wet biofilm thickness as a function of time
{Godongwana et al., 2009), thus validating the shape of the growth curve.
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Figure 6.1: Growth curve obtained from the experimental data using the average dry weight of
the biomass (The error bars represent the standard error using Sigma Plot 8.0)
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Figure 6.2: Growth curve cobtained from the experimental data using the average biofilm
thickness (The error bars represent the standard emror using Sigma Plot 8.0)

An independent t-test was done to determine whether two growth cycles were present.
The t-test measures the significant difference between data for 2 points, either dependent or
independently, by comparing the means of the two points. The t-value, (which can be
negative as absolute values are not used when calculating the t-value) and p-value take both
the sample size and standard deviation into account. A p-value smaller than and equal to
0.05 (p = 0.05) was interpreted as significant as it indicated a probability of 5 % or less.

Table 6.3: Results from the One-way ANOVA run with SPSS

t-test between: t-value p-value
66 to 90 hr -3.77 0.0024
90to 114 hr 0.58 0.5776
11410 140 hr -1.03 0.3341
140 to 162 hr -0.13 0.8995
162t0 212 hr -3.22 0.0323
21210282 hr 578 x10"° 1
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The p-values, in Table 6.3, indicate that the increase in dry biomass between 66 to 90 hr
and +162 to 212 hr was significant, as the p-values between these data groups were below
0.05. The significant difference between +66 and 90 hr occurred as the biofilm was still in the
exponential growth phase. The significant difference between +162 and 212 hr can only be
explained by a second exponential growth phase. Therefore, the first growth cycle ends and
the second growth cycle starts around 162 hr. A t-test could not be run between the data
groups at £212 to 354 hr as there was too little data available, therefore no statistics were
computed.

Therefore, Figure 6.2 shows the presence of two growth cycles, confirmed by the t-test,
indicating biphasic growth. The growth curve showed two typical s-shaped growth cycles with
what appeared o be the start_of a third growth cycle. Therefore, the first growth cycle was
identified between 66 and 162 hr, with the second growth cycle occurring between +162
and 354 hr with no evident intermediate lag phase. The shape of the growth curve after 282
hr indicates the possibility of a third growth cycle. However, this could not be confimed due
to biofilm sloughing after 354 hr (as shown in Figure 6.5). Biphasic growth occurs when a
micro organism exhibits two growth phases due to the use of two different substrates for
growth. Upon depletion of the first substrate the micro organism starts utilising a second
substrate (Meunier & Choder, 1999). However, during this study a complex growth medium
was utilised and except for glucose, which was not depleted in the system, the usage of the
remaining substrates were not quantified, as the substrates were unknown.

From the experimenta! data obtained by integrating Equation 2.20 (Shuler & Kargi, 2002),
average specific growth rates of 0.053 hr' and 0.012 hr' average specific growth rate was
calculated, for the first growth cycle (66 to 162 hr) and second growth cycle (+162 to 354
hr}), respectively. However, utilising Ordinary Differential Equations Solver {ODE} in the
software program Polymath 5.1 .together with Solver in Microsoft Excel 2003 to minimise the
sum of squares of the differences (SSD) between the experimental and calcuiated data, a
specific growth rate value of 0.049 hr' for the first growth cycle was found to provide a better
fit to the growth curve. Specific growth rate values of 0.013 hr' (162 to 212 hr) and
0.019 hr' (¥212 to 354 hr) was found to provide a better fit to the growth curve, when the
two-phase growth model was fitted.

Where X is the microbial biomass (g); ¢ represents time (hr) and u the specific growth rate
constant (hr') (Shuler & Kargi, 2002). |
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According to Naeimpoor and Mavituna (2000), Shahab et al. (1996) determined a specific
growth rate of 0.048 hr' for S. coelicolor grown in a continuous culture. This value
corresponds to the specific growth rate value of 0.049 hr' caculated for the first growth cycie

during this study.

6.5.1.1 Modelling the growth curve

The ODE in the software program Polymath 5.1, as well as non-linear regression in Microsoft
Excel 2003 was utilised to fit the logistic, power law, exponential and two-phase growth
models to the two growth cycles of the growth curve in Figure 6.2 by minimising the sum of
square differences (SSD), as shown in Figure 6.4. By determining the correlation coefficient
(R?) values the best fit of the calculated data to the experimental data was validated. The
best model was selected based on the minimum SSD and best R? values between the
experimental and calculated data.
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Figure 6.3: Growth models fitted to the growth curve obtained from the experimental data (The
error bars represent the standard error using Sigma Plot 8.0)
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Table 6.4: Growth model fitting to the first growth cycle (66 to 162 hr)

Growth model Specific growth rate () SSD R? n
Logistic 0.049 hr™ 1.01x10* 0.95 NA
Power law 0.049 hr' 6.85x 107 0.96 1.1
Exponential 0.049 hr”' 19.1 0.56 N/A

Table 6.5: Growth model {itting to the second cycle {162 to 354 hr)

Growth model Specific growth rate (p) SSD R? Notes
Logistic  0.040 hr' 476 x 10° 0.89 N/A
Exponential 0.0063 hr’' 1.37x 10% 0.73 NA
TWO-PHASE:
Fast acceleration 0.019 hr' 5.49x 10° 1
(Exponential)
Slow deceleration 0.013nr" 5.34 x 107 0.25 L:: '147

Tables 6.4 and 6.5 are a comparison of the sum of square differences (SSD) and R? values
obtained for the different growth modeis fitted to the growth curve in Figure 6.2. Figure 6.4
depicts the growth models showing the two best fits fitted to the growth curve obtained from
the experimental data (the power law modet from 66 to 162 hr and logistic model from 162
to 354 hr; power law model from +66 to 162 hr and two-phase model! (fast acceleration: +162
to 212 hr and sfow deceleration: £212 to 354 hr). However, when comparing the growth
models fitted in Figure 6.4 the power law model from 166 to 162 hr and logistic model from
#162 to 354 hr gave the best fit to the experimental data. This was confirmed by the
minimum SSD and maximum R? values of 6.85 x 10° and 0.96 obtained for the power law
model (166 to 162 hr) and 4.76 x 10° and 0.89 obtained for the logistic model (212 to 354
hr), respectively. The SSD value for the power law (fitted from 66 to 162 hr) was an order of
magnitude smaller than the logistic model. Although the fast acceleration phase of the two-
" phase model showed a smaller SSD and higher R? value than the logistic model (fitted from
+212 to 354 hr), when the SSD and R? values of the slow deceleration phase was taken into
account this growth mode! was eliminated.

Due to biofilm sloughing from the ceramic membrane {shown in Figure 6.5), the shape of the
growth curve could not be confirmed after 354 hr, even with repeated experiments. Changing
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the nutrient and airflow rates to minimise the probability of the biofilm sloughing was not an
option, as the resulting graph would have been obtained under different operating conditions
from earlier experiments and could therefore not be compared.

Figure 6.4: A ceramic membrane showing biofilm sloughing during operation of the SFMGR
system

In Figure 6.6 and Table 6.6 the data point at 354 hr was excluded due to biofilm sloughing.
Therefore, for the second growth cycle the growth models were only fitted from +162 to
282 hr.

According to the minimum SSD and best R® values, the power law model still gave the best
fit for the first growth cycle, from +66 to 162 hr. Table 6.6 is a comparison of SSD and R?
values obtained for the different growth models fitted to the second growth cycle of the
growth curve from £162 to 282 hr only. The two-phase model (fast acceleration phase from
around +162 to 212 hr and slow deceleration phase from around 212 to 282 hr) gave the
best fit for the second growth cycle. From the minimum SSD values of 5.46 x 10 for the fast
acceleration phase and 3.90 x 10° for the slow deceleration phase, an order of magnitude
smaller than for the logistic model, and a maximum R? value of 1 the two-phase model
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provided the better fit to the growth curve. A comparison of Figures 6.4 and 6.6 indicate the
best growth model fit is obtained when the point at around 354 hr on the growth curve is

excluded.
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Figure 6.5: Two-phase growth models fitted to the growth curve obtained from the
experimental data; excluding 354 hr (The error bars represent the standard error using Sigma
Plot 8.0)

Table 6.6: Growth model fitting to the second growth cycle (162 to 282 hr)

Growth model Specific growth rate () SSD R’ Notes
Logistic 0.075hr’' 6.96x 10° 0.75 NA
Exponential 0.019 hr' 4.48x 10" 0.75 N/A
TWO-PHASE:
Fast acceleration 0.0tghr’ 5.49x10° 1
(Exponential)
Siow decsieration 0.013r’ 3.90x 10° NA L=t
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The two-phase model was developed to describe the growth of fungat micro organisms and
although S. coelicolor is a filamentous bacterium it behaves like fungi to some extent,
because Streptomycetes are mycelial bacteria resembling filamentous fungi in their apical
growth (Flardh, 2003}, which explains why the two-phase growth model provided the best fit.
To describe the growth of a filamentous micro organism a two-phase growth model,
representing the exponential phase and the deceleration phase was developed. The two-
phase model complements rather than replaces the logistic model (lkasari & Mitchell, 2000).
For micro organisms showing filamentous growth, the growth rate should not be described as
depending on the substrate concentration, because the growth of a micre organism depends
on the substrate concentration within its focal environment and not on the average substrate
concentration and usage within the biofilm (lkasari & Mitchell, 2000).

As biphasic growth was demonstrated two specific growth rates were obtained, one for each
growth cycle, with a lower specific growth rate (in the range of +0.013 to 0.019 hr') obtained
for the second growth cycle compared to the first growth cycle (in the range of +.033 to
0.073 hr'). This corresponds to literature where similar MGR systems were utilised. Shetdon
et al. (2008) confimed biphasic growth in the filamentous white rot fungi Phanerochaete
chrysosporium (BKMF-1767) immobilised on a polysulphone membrane in a flow-cell MGR
operated with a peristaltic pump system. Two exponential growth phases were identified with
specific growth rates in the range of 0.07 to 0.1 hr for the first growth cycle and in the range
of 0.015 to 0.05 hr' for the second growth cycle. This occurred due to the biofilm being
exposed to ammonium starvation. Ntwampe and Sheldon (2006) also reported a primary and
secondary growth phase for the white rot fungi P. chrysosporium (BKMF-1767) immobilised
on a vertically orientated polysulphone capillary membrane in an MGR.

A comparison of the results {refer to Table 6.7) obtained in this study with a non-pressurised
MGR system (Sheldon et al, 2008) showed a similar trend, with a lower specific growth rate
obtained for the second growth cycle compared to the first growth cycle. However, the
ranges of the specific growth rate values were not similar, this could be attributed to a
filamentous bacterium being utiilsed in this study and a white-rot fungi being utilised in the
non-pressutised MGR system.

Karandikara et al. (1997) studied the Jife cycle of Streptomyces coelicolor on solid medium
from a physiological perspective. In this study a biphasic growth pattern was identified, with a
continuous transition from an initial exponential growth cycle into a slower growth cycle of
biomass accretion. The change from the initial exponential growth cycle to the slower growth
cycle coincided with the depletion of nitrate in the growth medium. The depletion of nitrate
caused an increased production of a-ketoglutarate by the micro organism which resutted in a
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decrease in the pH of the growth medium (Karandikara et al. 1997). A biphasic growth
pattern was identified when S. coelicolor was cultured on a solid medium. Therefore, it would
appear that a solid substratum (i.e. solid medium, membrane surface in an MGR) onto which
the micro organism can immobilise is required to initiate the phenomenon of biphasic growth,
as this was not observed in batch and fed-batch cultures.

Table 6.7: Comparison of literature with data from this study

Current study Sheldon et al. (2008) Karandikara et al. (1997)
Phanerochaete
Micro organism S. coelicolor A3(2) . S. coelicolor
. chrysosporium
{BKMF-1767)
System Pressurised continuous  Non-pressurised flow-celt Solid medium
MGR MGR

Specific growth rate +0.01310 0.019 hr' 0.07to 0.1 hr" -

(first growth curve)

Specific growth rate +0.033 to 0.073 b’ 0.015t0 0.05hr! -

{second growth curve)

Reason identitied for Not identified Ammonium starvation Nitrate depletion
biphasic growth

During this study the nitrogen concentration present in the permeate samples was not
determined, therefore it was unknown whether the system experienced nitrate depletion;
resulfting in the biphasic growth identified. However, the pH of the system was determined
daily and no decrease was noticed at +162 hr when the first gfowth cycle ended and the
second growth cycle started. This was possibly due to the fact that the system used in this
study was a continuous system and not a batch system. The carbon concentration present in
the permeate samples, in the form of glucose, was determined during this study. However,
although the filamentous bacterium S. coelicolor A3(2) consumed glucose as indicated by
the amount of glucose present in the permeate samples decreasing continuously over time,
glucose was not the limiting substrate in this system as glucose was never completely
depleted within the system.

Utilising linear programming Naeifnpoor and Mavituna (2000) analysed the specific growth
rate of Streptomyces coelicolor grown in chemostat cultures under various nutrient
limitations. The maximum theoretical growth rate was 0.093 hr' for nitrogen limitation,
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decrease in the pH of the growth medium (Karandikara et al. 1997). A biphasic growth
pattern was identified when 8. coelicolor was cultured on a solid medium. Therefore, it would
appear that a solid substratum (i.e. solid medium, membrane surface in an MGR) onto which
the micro organism can immobilise is required to initiate the phenomenon of biphasic growth,
as this was not observed in batch and fed-batch cultures.

Table 6.7: Comparison of literature with data from this study

Current study Sheldon et al. (2008) Karandikara et al. {1997)
Phanerochaete
Micro organism S. coelicolor A3(2) . S. coelicolor
chrysosporium

(BKMF-1767)

System Pressurised continuous  Nonpressurised flow-cell  Solid medium
MGR MGR

Specific growth rate +0.013t0 0.019 hr"' 0.07t0 0.1 hr' -

(first growth curve)

Specific growth rate +0.033 t0 0.073 hr’ 0.01510 0.05 by’ -
(second growth curve)

Reason identified for Naot identified Ammonium starvation Nitrate depletion
biphasic growth

Ouring this study the nitrogen concentration present in the permeate samples was not
determined, therefore it was unknown whether the system experienced nitrate depletion;
resulting in the biphasic growth identified. However, the pH of the system was determined
daily and no decrease was noticed at +162 hr when the first gfowth cycle ended and the
second growth cycle started. This was possibly due to the fact that the system used in this
study was a continuous system and not a batch system. The carbon concentration present in
the permeate samples, in the form of glucose, was determined during this study. However,
although the filamentous bacterium S. coelficolor A3(2) consumed glucose as indicated by
the amount of glucose present in the permeate samples decreasing continuously over time,
glucose was not the limiting substrate in this system as glucose was never completely
depleted within the system.

Utilising linear programming Naeimpoor and Mavituna (2000} analysed the specific growth
rate of Strepfomyces coelicolor grown in chemostat cultures under various nutrient
limitations. The maximum theoretical growth rate was 0.093 hr’ for nitrogen limitation,
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0.071 hr”' for phosphate limitation and 0.065 hr” for both sulphur and potassium limitations.
In this study, the specific growth rate was determined to be 0.049 hr' for the first growth
cycle; 0.013 hr' for the fast acceleration phase and 0,019 hr' for the slow deceleration
phase of the two-phase growth model. When compared to the specific growth rates
determined by Naeimpoor and Mavituna (2000) it would appear that the system utilised in
this study was not experiencing limitation from any of the nutrients analysed by Naeimpoor
and Mavituna (2000).

According to Bystrykh et al. (1996) the general response of S. coelicolor A3(2) to a depletion
of glucose is the abolishment of blue pigment synthesis; and to growth limitation by nitrogen
{either ammonium or nitrate}, phosphate, or trace elements is the synthesis of blue pigment
(i.e. actinorhodin). The phosphate concentration of the permeate samples was determined
daily and remained stable for the duration of the study. Biue pigment synthesis did not cease
for the duration of the study. Therefore, the possibility exists that the system experienced
trace element fimitation since this was not measured and the amount of trace elements
present in the nutrient medium was unknown, as a complex medium was utilised for the

study.

For batch cultures of S. coelicolor A3(2) with an air-flow rate of 2 to 6 L/min a maximum
specific growth rate of 0.03 hr'' was achieved (Ozergin-Ulgen & Mavituna, 1993). For a batch
culture with a lower air flow rate of 2 L/min a maximum spegcific growth rate of 0.017 hr' was
determined (Ates et al., 1997), while for a fed-batch culture with an air flow rate of 2 L/min a
maximum specific growth rate of 0.022 hr' was determined (Ozergin-Ulgen & Mavituna,
1993). In batch cultures of S. coeficolor A3(2} with a continuous glucose feed, higher
maximum specific growth rates were obtained at higher airflow rate.

The results for the first growth cycle in this study is in agreement with the specific growth rate
obtained for the same filamentous bacterium cultured in a non-pressurised batch system
{Ozergin-Ulgen & Mavituna, 1993). However, in non-pressurised batch and fed-batch
systems of S. coelicolor A3(2) operated at lower airflow rates than utilised in this study, the
specific growth rates were similar to the specific growth rate range obtained for the second
growth cycle in this study. For S. coelicolor A3(2) a combination of pressure and airflow rate
influences the specific growth rate, with higher specific growth rates obtained when the
airflow rate is higher and the system pressurised.
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6.5.2 Average flux
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Figure 6.6: Average flux for the 1 x 12 SFMGR rig (The error bars represent the standard error
using Sigma Plot 8.0)

Two experiments were operated for a time duration of 18 days, while two experiments were
operated for 8 days. In Figure 6.7 it was observed that the flux gradually decreased over time
due to an increase in the biofilm thickness and therefore an increase in resistance to flux.
Refer to section 5.5.1 in Chapter 5 for an expanded discussion and comparison to various
literature sources regarding flux and S. coelicolor A3(2).

Chapter 6 Page 132 of 271



6.5.3 Average pH

—&— 18 Days
91 —e— 8Days
8 —
7 -
6 =
I 5
&
3
o
4 o
0 T T T T T T T T T
0 48 96 144 192 240 288 336 384 432

Time (hr)

Figure 6.7: Average pH obtained for the 1 x 12 SFMGR rig (The error bars represent the
standard error using Sigma Plot 8.0)

The initial pH of the ISP2 complex growth medium was 7.5 and as is characteristic with this
growth medium the pH of the permeate samples first decreased to about 5.5 while the biofilm
was establishing itself before increasing. In the curve representing 8 days, in Figure 6.8, the
pH had only just started increasing when the reactors in these experiments were
disconnected. The graph representing 18 days in Figure 6.8 followed the same trend
observed in the results obtained for the 1 x 3 SFMGR rig in section 5.5.2. The maximum pH
obtained over the 18 day time period was 7.8. Refer to section 5.5.2 in Chapter 5 for an
expanded discussion and comparison to various literature sources regarding pH and
S. coelicolor A3(2).
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6.5.4 Average actinorhodin production
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Figure 6.8: Average secondary metabolite production obtained for the 1 x 12 SFMGR rig (The
error bars represent the standard error using Sigma Plot 8.0)

A comparison of Figure 6.8 and Figure 6.9 revealed that secondary metabolite production is
directly proportional to an increase in pH. In other words as the pH increases so to does the
production of the secondary metabolite, actinorhodin. When the pH decreased actinorhodin
production also decreased as seen at 360 hr in Figures 68 and 6.9 on the curve
representing 18 days in each of the Figures. Refer to section 5.5.3 in Chapter 5 for an
expanded discussion and comparison to various literature sources regarding secondary
metabolite (actinorhodin) production and S. coelicolor A3(2).
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6.5.5 Average phosphate concentration
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Figure 6.9: Average phosphate for the 1 x 12 SFMGR rig (The error bars represent the standard
error using Sigma Plot 8.0)

The original concentration of phosphate in the ISP2 complex growth medium was
0.083 mg/ml. From the curves in Figure 6.10 and the corresponding phosphate concentration
values the micro organism was not consuming or producing phosphate as the phosphate
concentration present in the permeate samples remain stable around 0.083 mg/ml for the
duration of the experiments. Refer to section 5.5.4 in Chapter 5 for an expanded discussion
and comparison fo various literature sources regarding the average phosphate concentration
present in the permeate samples and S. coelicolor A3(2).
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6.5.6 Average glucose concentration
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Figure 6.10: Average glucose concentration for the 1 x 12 SFMGR rig (The error bars represent
the standard error using Sigma Plot 8.0)

The original glucose concentration present in ISP2 complex growth medium was 4.97 mg/ml.
Figure 6.11 indicates that the filamentous bacterium S. coelicolor A3(2) consumed glucose
as the amount of glucose present in the permeate samples decreased continuously over
time. However glucose was not the limiting substrate in this system as glucose was never
completely depleted by the system. Refer to section 5.5.5 in Chapter 5 for an expanded
discussion and comparison to various literature sources regarding the average glucose
concentration present in the permeate samples and S. coelicolor A3(2).
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6.5.7 Correlation of measured parameters and the growth curve
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Figure 6.11: Growth curve, average fiux, pH, actinorhodin production, phosphate and glucose
consumption profiles (The error bars represent the standard error using Sigma Plot 8.0)

Figure 6.12 allows all the measured parameters (i.e. average flux, average pH, average
actinorhodin  production, average phosphate concentration and average glucose
consumption) to be compared to the growth curve obtained from the average dry biomass.
The average phosphate and average pH curves in Figure 6.12 do not follow the same trend
as the other curves of either significantly increasing or decreasing. These two curves appear
to remain relatively stable over the time course of the growth curve, with no significant
increase or decrease observed.
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Figure 6.12: Growth curve, average flux, actinorhodin production and glucose consumption
profiles (The error bars represent the standard error using Sigma Plot 8.0)

Figure 6.13 is similar to Figure 6.12; however the average pH and average phosphate curves
were removed to facilitate clearer interpretation of trends by the curves with respect to each
other and the growth curve.

According to Elibol (2002) most of the glucose consumed by S. coelicolor A3(2) is utilised for
biomass formation, which accounts for the glucose concentration decreasing as the biomass
increased in Figure 6.13. However, as the biomass increased, the flux decreased, this was
expected as the pressure differential was kept constant for the duration of the experimental
procedures. Therefore, as the biofilm increased in thickness due to glucose consumption, the
flux decreased due to increased resistance from the growing biofilm. An increase in biofilm
thickness resulted in decreased flux, which in turn caused the biofilm to experience nutrient
limitation and therefore increased secondary metabolite, actinorhodin, production.
Actinorhodin production is initiated by nutrient limitation, the more significant the nutrient
limitation the higher the actinorhodin production.

6.6 Summary

The growth kinetics of the filamentous bacterium Streptomyces coelicolor A3(2) immobilised
in a pressurised MGR exhibits biphasic growth. From the growth models fitted to the growth
curve obtained from the experimental data, the power law model described the first growth
cycle and the two-phase model the second growth cycle In this study, the specific growth
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rate was determined to be in the range of +0.033 to 0.073 hr" for the first growth cycle and
+0.013 to 0.019 hr! for the second growth cycle and the two-phase growth model provided a
better fit than the logistic model.

it is recommended that the experiments be repeated with the same growth medium but at
lower nutrient and airflow rates, to try prevent biofilm sloughing and thus confirm the shape of
the growth curve and possibility of a third growth cycle after 354 hr. An assay to determine
the nitrate concentration present in the permeate samples should be performed to identify if
nitrate depletion occurs in continuously operated pressurised SFMGR systems. Identical
pressurised and non-pressurised systems of S. coelicolor A3(2) should be compared with
regards to specific growth rates, biofiim thickness and biomass to determine the effect of
pressure on the system. Experiments with other bacteria should be conducted in pneumatic
systems to confirm whether the two-phase growth model phenomenon applies only to
filamentous micro organisms or include bacteria.
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CHAPTER SEVEN
MULTI-FIBRE MEMBRANE GRADOSTAT REACTOR (MFMGR)
SCALE-UP

7.1 Introduction
The scale-up step from laboratory to industrial scale is complicated (Govender et al., 2003).
Currently, scale-up is an empirical, imprecise art (Shuler & Kargi, 2002).

7.1.1 Background

A problem observed with scale-up, is that the actual productivity is less than the predicted
theorstical maximum, due to the utilised operational parameters being based on empirical
assumptions made after single fibre membrane gradostat reactor (SFMGR) analysis
(Govender et al, 2003). Kinetic growth models are required by engineers in the design
process, as these models are an excellent scientific method for predicting a system’s
behaviour for the design of scaled-up systems (Sheldon et al., 2008). Possible methods for
improving scale-up are therefore, kinetic growth models and scale-down procedures since
microenvironmental conditions are scale dependent (Shuler & Kargi, 2002).

7.1.2 Objectives

This study was conducted to gain information regarding how scale-up from a SFMGR to a
MFMGR would effect secondary metabolite production. Therefore, the primary aim for this
part of the study was process scale-up from a single fibre membrane gradostat reactor
(SFMGR) to a multi-fibre membrane gradostat reactor (MFMGR).

The cobjectives of the experimental procedure were to:
¢ Culture S. coelicolor in a MFMGR utilising ceramic membranes with a larger inner
and outer diameter.
* Quantify the substrate (i.e. glucose and phosphate) consumption.
s Quantify the product (i.e. actinorhodin) formation.

7.2 Materials and methods

7.2.1 Micro organism

Two MFMGR's were run with the complex growth medium, ISP2, and the filamentous
bacterium Streptomyces coelicolor A3(2) (Yui-Min and Jae-hoen, 2004), maintained as a
frozen spore suspension in 20% glycerol at a temperature of -80°C. The frozen spore
suspension had a spore concentration of 1 x 10’ spores/ml, and was prepared as explained
in section 3.5.1.
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7.2.2 Inoculum preparation and inoculation procedure

The inoculum was prepared as explained in section 3.5.2. The same reverse filtration
inoculation procedure (Govender et al, 2004) that was used for the SFMGR, explained in
section 3.54, was utilised to inoculate each MFMGR. However, the MFMGR's were
inoculated with 1 L of sterilised ISP2 growth medium, to which the 40 ml sterile ISP2 growth
medium inoculated with 100 pi! of the defrosted spore suspension in the shaker-flask had
been sterily added.

7.2.3 Growth medium

The growth medium used for the inoculum preparation and operation of the MFMGR’s was
ISP2, a complex growth medium, refer to Table 3.3 in section 3.4 for the preparation
procedure. -

7.3 Experimental set-up

The experimental set-up used in this section was two stainless multi-fibre membrane
gradostat reactors (MFMGR's), shown in Figure 7.1, housing 28 ceramic capillary
membranes, operated using the gradostat concept.

Two types of ceramic hollow fibre membranes were utilised. The inner and outer diameter of
the two membranes was the only difference between the two, as explained in Table 3.1 in
section 3.2.1.

Following construction; the glass MFMGR's and ceramic membranes, medium bottles,
humidifier, sample collection bottles and prime bottle were sterilised by autoclaving at a
temperature of 121°C and a pressure of 1 atm for 20 min.
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7.3.1 Nutrient flow rate and airflow rate

The growth medium was supplied to the lumen of the ceramic membranes at a flow rate of
0.02 L/hr (per module) and the air was supplied to the extracellular space (ECS) of the
bioreactor at a flow rate of 2.4 L/hr per module. Using pressure transducers controlled by an
automated computer program, a transmembrane pressure differential was created within the
system by applying pressure to both the growth medium and the humidifier.

7.3.2 Bioreactor operation

Two vertically orientated MFMGR’s operated under pressure utilising the MGR concept as
patented by Leukes et al. (1999), were used to culture the bacteria S. coelicolor at 28°C. The
MFMGR system was operated in a dead-end mode with a constant shell side pressure
supplied by a JCS Shinko 'pressure controller. One MFMGR was run with 28 ceramic
membranes with an inner diameter (ID) of 3 mm and an outer diameter (OD) of 4 mm, while
the second MFMGR was operated with 28 ceramic membranes with an ID of 2 mm and an
OD of 3 mm. Both MFMGR's were operated with ISP2 growth medium, as described by
Shirling and Gottlieb (1966), for £711 hr before the glucose and malt content of the ISP2
growth medium was reduced to 25% of the original amount. The medium thus contained per
litre distilled water: 1 g glucose, 4 g yeast extract and 2.5 g malt extract. The MFMGR’s were
operated with this altered growth medium from £711 to 902 hr. Between +902 and 1233 hr
the growth medium was altered to contain per litre distilled water: 1 g glucose, 4 g yeast
extract and 10 g malt extract. The MFMGR's were operated with this altered growth medium
until the bicreactors were disconnected. The composition of the growth medium was altered
during this study to observe how altering the amount of glucose {i.e. carbon source) would
influence secondary metabolite production by S. coelicolor. The effects of nutrient limitation
are easier to observe on a larger scale, such as a MFMGR than on small scale, as a larger
volume of permeate can be collected daily.

A bioreactor system can be operated in one of two ways, either via constant flux control or
via constant pressure control in a pneumatic system. The system in this study was operated
via pressure control and the creation of a pressure differential to ensure trans-membrane flux
occurred. The growth medium and ECS were operated at set pressures of 53.0 kPa and
50 kPa respectively, to maintain a constant fiux of 0.506 L/m“hr (per module) for the
MFMGR housing the 3 mm (OD) x 2 mm (ID) ceramic membranes and 0.337 L/m®.hr (per
module} for the MFMGR housing the 4 mm (OD} x 3 mm (ID} ceramic membrane. The two
MFMGR’s had different flux rates because of the size difference between the ceramic
membranes housed in the MFMGR's. The growth medium and permeate bottle of each
MFMGR was placed on a load cell that was connected to a computer. The pressure for the
medium bottles was adjusted, according to the data received from the load cells by the
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automated computer program, to maintain a constant flow rate of 20 mvt/hr (i.e. 480 mi/day) to
each MFMGR. Both MFMGR's were operated for 52 days (+1233 hr) before disconnecting.

7.4 Analytical methods

Permeate from each MFMGR was collected and analysed daily. The amount of permeate
collected daily was dependent on the pressure differential and the resistance to
transmembrane flux by the biofilm. The volume and pH of the permeate samples were
measured and recorded daily, including the time elapsed between sampling; thus allowing
the flux to be calculated for each MFMGR.

On completion of the experimental procedure the wet biomass of each MFMGR was
recorded, as well as the dry biomass, after the biofilm had been dried for 12 hr at 70°C in an
oven (refer to section 3.7).

Actinorhodin concentrations were determined as described in section 3.9.1. Refer to
Appendix A for a detailed description of the actinorhodin assay procedure. The glucose and
phosphate concentrations were determined as described in sections 3.9.2 and 3.9.3,
respectively. Refer to Appendices B and C for detailed descriptions of the glucose and
phosphate assays, respectively.

7.5 Results and discussion

One permeate sample was taken from each MFMGR daily. The fiux, pH, actinorhodin,
glucose and phosphate results obtained daily were plotted with the aid of the statistical
program, Sigma Plot {Version 8).
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7.5.1 Average flux
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Figure 7.2: Average flux for the multi-fibre membrane gradostat reactors (MFMGR’s)

The two MFMGR's were operated with a new automated computer program. The flux across
both the 4 mm x 3 mm and 3 mm x 2 mm ceramic membranes was relatively stable over the
52 days (1233 hr) of operation, with the actual flux of both MFMGR's operating slightly

above their respective set fluxes.

However, after £576 the flux in both MFMGR'’s was significantly higher and lower than the
flux set point for the smaller and larger membranes, respectively, due to a problem
experienced with the automated program. A technician was contacted and the problem

solved with the flux returning to close to the set point.
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Figure 7.3: Comparison of the average fiux for the muiti-fibre membrane gradostat reactors
(MFMGR's) and the single fibre membrane gradostat reactors (SFMGR's) (The error bars
represent the standard error using Sigma Plot 8.0)

The SFMGR's were only operated for 672 hr before being disconnected, while the MFMGR's
were operated for 1233 hr. In Figure 7.3 the fluxes were relatively stable for the larger and
smaller membranes in the MFMGR's, while only the smaller membranes in the SFMGR's
showed relatively stable flux.

The same pressure differential was utilised for both the 4 mm x 3 mm and 3 mm x 2 mm
ceramic membranes in the SFMGR’s. Therefore, the flux across the larger membranes was
unstable when compared to the smaller membranes; this could be due to the pressure
differential being too low to result in a stable transmembrane flux. In order to have
maintained a stable flux similar to the smaller membranes the pressure differential should
have been increased accordingly with an increase in membrane diameter.
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7.5.2 Average pH
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Figure 7.4: Average pH for the multi-fibre membrane gradostat reactor (MFMGR's)

The initial pH of the ISP2 growth medium was 7.5 first decreased for the first 24 hr, while the
biofilm was establishing itself before increasing after 96 hr. As the MFMGR’s were operated
for £1233 hr the pH could reach a maximum pH of about 8.5 in both MFMGR's. At growth
medium pH values of 6.0 to 7.5 a different blue pigment is produced both intracellularly and
extracellularly. S. coelicolor A3(2) is therefore capable of producing larger amounts of two
actinorhodin-related pigments (Bystrykh et al., 1996).

In Figure 7.4 at 720 hr a sudden increase in pH is seen in both curves. This corresponds to
when the growth medium was changed from normal ISP2 growth medium to ISP2 growth
medium containing 25% of the normal amount of glucose, 25% of the normal amount of malt
extract and 100% of the normal amount of yeast extract. The decrease seen in both curves
at +912 hr corresponds to when the growth medium was changed to ISP2 growth medium
containing 25% of the normal amount of glucose and 100% of both malt extract and yeast
extract.

Comparing the pH in Figure 7.4 and the actinorhodin production in Figure 7.6, when the pH
increases the actinorhodin production increases, and vice versa. This applies to both the
4 mm x 3 mm and 3 mm x 2 mm ceramic membranes. According to Bystrykh et al. (1996) at
growth medium pH values of 4.5 to 5.5 significant amounts of the main intracellular pigment,
actinorhodin occurs. At growth medium pH values of 6.0 to 7.5 a different blue pigment,

Chapter 7 Page 148 of 271



actinorhodin’s lactone derivative y-actinorhodin, responsible for the blue colour of the
permeate, is produced both intracellularly and extracellularly. The pH of the permeate, seen
in Figure 7.4, was in the range of 7.5 to 8.5 for most of the study. It was observed the
permeate was blue in colour, therefore it was postulated y-actinorhodin was being produced
by the micro organism.
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Figure 7.5: Comparison of average pH for the multi-fibre membrane gradostat reactor
(MFMGR’s) with single fibre membrane gradostat reactors (SFMGR's) (The error bars represent
the standard error using Sigma Plot 8.0)

The pH curves followed the same trend in both the MFMGR and SFMGR rigs when operated
with the complex growth medium, ISP2. In Figure 7.5 there is no curve for the 3 mm x 2 mm
ceramic membranes in the SFMGR as pH was not measured when this experimental
procedure was conducted. A maximum pH of approximately 8.5 was obtained with both
membranes in the MFMGR's and the larger membranes in the SFMGR's.

The maximum pH was reached more rapidly in the SFMGR'S than in the MFMGR’s. This is
attributed to the fact that the SFMGR’s operated with the larger membranes were operated at
the same pressure differential as for the smaller membranes. Therefore, the flux across the
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large membranes was lower, resulting in reduced growth medium to the biofiim and thus
nutrient limitation. Nutrient limitation results in the onset of secondary metabolism which is
indicated by the rapidly increasing pH.

7.5.3 Average actinorhodin production
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Figure 7.6: Average actinorhodin production for the multi-fibre membrane gradostat reactor
(MFMGR’s)

While the two MFMGR'’s were operated with normal ISP2 growth medium the MFMGR with
the 3 mm (OD) x 2 mm (ID) ceramic membranes had a higher actinorhodin production than
the MFMGR with the 4 mm (OD) x 3 mm (ID) ceramic membranes. However, in Figure 7.6
when the growth medium was changed at 711 hr the MFMGR with the larger ceramic
membranes showed a higher actinorhodin production. This phenomenon remained even
after increasing the malt extract in the ISP2 growth medium back to 10 g/L.

The results in Figures 7.2, 7.4 and 7.6 indicated that flux, pH and actinorhodin production are
all related. While the flux and actinorhodin production were inversely related, the pH and
actinorhodin production were proportional to each other. If either the flux or the pH was not at
an optimum, the actinorhodin production was adversely affected. A dynamic balance thus
exists between these three parameters.
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Figure 7.7: Comparison of the actinorhodin production in the muliti-fibre membrane gradostat
reactor (MFMGR's) with the single fibre membrane gradostat reactors (SFMGR’s) (The error
bars represent the standard error using Sigma Plot 8.0)

The results in Figure 7.7 indicate the highest actinorhodin concentration (85.12 mg/L) was
produced by the SFMGR housing the larger membranes. The same pressure differential was
utilised for both the larger and smaller ceramic membranes in the SFMGR's. Therefore, the
flux across the larger membranes (refer to Figure 7.3) was unstable when compared to the
smaller membranes; this could be due to the pressure differential being too low to result in a
stable transmembrane flux. In order to have maintained a stable flux similar to the smaller
membranes the pressure differential should have been increased accordingly with an
increase in membrane diameter. Thus, it is postulated that the micro organism was under
nutrient limitation, which stimulated a higher production of secondary metabolites.

The smaller membranes in the MFMGR’s produced higher actinorhodin concentrations than
the smaller membranes in the SFMGR’s. The growth medium fiux across the smaller ceramic
membranes in the MFMGR of 0.506 LUm?.hr was 28.5% lower than the flux of 0.708 Lim®.hr
across the smaller membranes in the SFMGR's. The biofilms immobilised in the MFMGR's
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were receiving a lower volume of growth medium and therefore subjected to nutrient
limitation resulting in higher concentrations of actinorhodin being produced.

7.5.4 Average phosphate concentration
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Figure 7.8: Average phosphate concentration for the multi-fibre membrane gradostat reactors
(MFMGR'S)

The original phosphate concentration in the ISP2 growth medium was 0.083 mg/ml and when
the medium was changed at +711 hr the growth medium contained 0.073 mg/m| phosphate.
The phosphate concentration in the growth medium, changed at 902 hr, to contain 25% of
the normal amount of glucose and 100% malt extract, was 0.110 mg/ml.

The results in Figure 7.8 indicate that the phosphate concentration present in the permeate
samples decreased when the malt extract was decreased (+711 hr) and increased when the
malt extract was increased (902 hr) to its original amount. Therefore, the phosphate
concentration was influenced by the absence and presence of the malt extract in the growth
medium.

The increased phosphate present in the permeate samples from +711 to 902 hr influenced
actinorhodin production (Figure 7.6), during this time period. According to Bibb (2005) an
excessive level of inorganic phosphate in the growth medium prevents the production of
many structurally diverse secondary metabolites, such as actinorhodin. Phosphate
concentrations in the range of 0.3 to 300 mM support cell growth. However, phosphate

Chapter 7 Page 152 of 271




concentrations of 10 mM and above repress the biosynthesis of many antibiotics (Ates et al.,
1997).

Once the amount of phosphate present in the growth medium was returned to normal
(£902 hr) the actinorhodin production increased even though the glucose concentration was
still decreased by 75%. The filamentous bacterium S. coelicolor therefore consumed almost
all of the glucose (as seen in Figure 7.10 from +302 to 1000 hr) for biomass formation, which
resulted in an increased secondary metabolite production as the biofilm was subjected to
nutrient limitations.
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Figure 7.9: Comparison of the actinorhodin production in the multi-fibre membrane gradostat
reactor (MFMGR’s) with the single fibre membrane gradostat reactors (SFMGR'’s) (The error
bars represent the standard error using Sigma Plot 8.0)

The phosphate concentration present in the permeate samples of both the SFMGR's and
MFMGR'S were similar, with trace amounts of phosphate present, except at +711 to 902 hr
on the curves representing the MFMGR's. This is atiributed to the malt extract and glucose
amounts being decreased in the ISP2 growth medium at this time.
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7.5.5 Average glucose concentration

20
—4&— 4 mm x 3 mm ceramic membranes

18 4 —®— 3 mm x 2 mm ceramic membranes

~ 164
E

= -
2
§ 12
-

£ 104
3

s

8 8-
z

] §
3

]

0 96 192 288 384 480 576 672 768 864 960 1056 1152 1248
Time (hr)

Figure 7.10: Average glucose concentration for the muiti-fibre membrane gradostat reactors
(MFMGR's)

The original glucose concentration of the complex growth medium ISP2 was =5 mg/ml. At
+711 hr the growth medium containing 25% of glucose and malt extract contained
1.825 mg/ml glucose. When the medium was changed at £902 hr the glucose concentration
was 2.415 mg/ml.

In Figure 7.10, =5 mg/ml of glucose was utilised by the micro organism, while the biofilm
was being established in the first 48 hr, which is supported by literature in which Elibol (2002)
states that glucose is consumed by Streptomyces coelicolor for biomass formation. Once the
biofilm was established there was a decrease in the amount of glucose utilised by the micro
organism. The glucose concentration present in the permeate samples steadily decreased as
the biofilm increased in thickness with time. This was due to the filamentous bacterium
S. coelicolor consuming glucose to form new biomass and also replace dead or dying
biomass.

The rapid decrease in glucose concentration at +711 hr was due to the amount of glucose
present in the growth medium being decreased to 25%. At 302 hr when the malt extract
was increased to normal amount, the amount of phosphate present in the permeate samples
decreased and a continuous decrease in glucose concentration was observed, until
+1008 hr. Between %864 and 1008 hr the glucose and actinorhodin (Figure 7.6)
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concentrations in the permeate samples were low, while the pH (Figure 7.4) was at a
maximum of 8.5. When the glucose concentration increased after 1008 hr the actinorhodin
production also showed an increase, while the pH decreased to +8.0. It was therefore
postulated S. coelicolor was consuming glucose to form new biomass, since the micro
organism was not utilising the glucose to produce secondary metabolites as seen in Figure
7.6.
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Figure 7.11: Comparison of the glucose production in the multi-fibre membrane gradostat
reactors (MFMGR’s) with the single fibre membrane gradostat reactors (SFMGR’s) (The error
bars represent the standard error using Sigma Plot 8.0)

The trend observed in both the SFMGR’s and MFMGR's was that the glucose concentration
present in the permeate samples steadily decreased with time. This is attributed to the
filamentous bacterium consuming glucose for biomass formation (Elibol, 2002).

7.6 Summary

MFMGR's were operated as a scale-up experiment of the SFMGR's utilised earlier in this
study. The amount of actinorhodin produced was influenced by the amount of phosphate
present in the growth medium. Reduced actinorhodin concentrations were achieved, due to
the increased phosphate concentration and large volume of growth medium diluting the
actinorhodin concentration. A pH of above 8 was achieved and maintained in both MFMGR's
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that allows for the production of both intracellular and extracellutar actinorhodin, The highest
actinorhodin concentration was however produced by the larger ceramic membranes in the
SFMGR’s. From the results it was concluded that S. coelicolor not only utilises glucose for
biomass formation, but also actinorhodin production, as the actinorhodin production
decreased when the glucose concentration in the growth medium was decreased.

Scale-up from SFMGR's to MFMGR's with S. coelicolor in MFMGR's is possible. However,
for scale-up to be a success, the correct process parameters (i.e. growth medium
composition, nutrient and air flow rates, membrane size) need to be utilised in order for the
system to function optimally.
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CHAPTER 8

RESULTS

MODELLING OXYGEN MASS TRANSFER WITHIN BIOFILMS OF S.
coelicolor IMMOBILISED IN A CONTINUOUS PRESSURISED SINGLE
FIBRE MEMBRANE GRADOSTAT REACTORS (SFMGR)
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CHAPTER EIGHT

MODELLING OXYGEN MASS TRANSFER WITHIN BIOFILMS OF
S. coelicolor IMMOBILISED IN CONTINUOUS PRESSURISED
SINGLE FIBRE MEMBRANE GRADOSTAT REACTORS (SFMGR)

8.1 Introduction

The main problem of oxygen supply in aerobic biological systems, such as MBR’s and
MGR's utifised for the industrial production of antibictics (Ozergin-Ulgen et al 1998), is
oxygen's nominal solubility in water (Hibiya et al., 2003). Inadequate oxygen transfer results
in reduced microbial activity (Thibault et a/., 2000). Reduced microbial activity can result in
decreased production of fow volume high value secondary metabolites.

The production of secondary metabolites, such as actinorhodin by Streptomyces coelicolor,
is strongly affected by the dissolved oxygen (DO) concentration (Ozergin-Ulgen et al. 1998).
To determine the effect of oxygen limitation on the production of secondary metabolites,
oxygen profiles within the biofilm can be measured utilising microsensors (Frederick et al.,
1991). Microsensors were introduced through the work of Revsbech (1989), who constructed
reliable oxygen microsensors, to be utilised in the profiing of oxygen distribution in
sediments and biofilms. The mathematical modeling of the oxygen concentration profiles
recorded with the oxygen microsensors, allowed the determination of oxygen kinetic
parameters (Frederick et al, 1991). The oxygen profiles obtained within biofilms not only
added to increased understanding with regards to biological processes on a microscale, but
also increased the information available regarding physical processes, such as diffusion and
convection (Kuenen et al., 1986). '

The oxygen profiles obtained in this study will provide increased understanding of both the
biological (microscale} and physical (diffusion and convection} processes within a
pressurised MGR system. Therefore, more data will be available with regards to oxygen
distribution within gradostat systems, thereby increasing the fimited amount of information
that is currently available.

8.2 Objectives

The main purpose of performing this part of the study was to determine the oxygen mass
transfer kinetics, including the diffusive and convective parameters using Streptomyces
coelicolor biofilms, immobitised on the extemmal surface of a ceramic membrane in a
continuously operated pressurised single fibre membrane gradostat reactor (SFMGR).
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Figure 8.1: 1 x 3 SFMGR Quorus rig

8.4.1 Bioreactor design and construction

A schematic diagram of the SFMGR, as patented by Edwards et al. (2007), was illustrated
schematically in Figure 3.4 and explained in section 3.3.1. The glass housing manifolds were
specially designed (see Appendix D) for the oxygen measurements with a port located at the
bottom: middle and top of the glass housing. After the SFMGR was constructed, the reactor
with ceramic membranes was pressure tested using water to check its ability to withstand
high pressures and that no leaks were present as explained in section 3.3.2. Three SFMGR's
were manifolded together with § mm (ID) by 8 mm (OD) silicone tubing, as shown in

Figure 3.6.

8.4.2 Clark-type ampoteric oxygen microsensor

All the oxygen microsensors utilised during this study were provided by Unisense (Denmark).
Unisense produces high performance oxygen sensors for a variety of tasks. The oxygen
microsensor used during this study was a Clark-type ampoteric oxygen sensor (shown in
Figure 8.2) with a tip diameter of 10 um, with a built-in guard cathode and reference anode.
Ampoteric indicates that the sensor measures the concentration of an analyte by the current

generated by the electrochemical reaction involving the analyte. Clark-type sensors are
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based on the diffusion of oxygen through a silicone membrane to an oxygen reducing
cathode that is polarised against an internal Ag/AgCl anode. The flow of electrons from the
anode to the oxygen reducing cathode linearly indicates the oxygen partial pressure around
the sensor tip and the signal is generated in the pA range. The current is measured by a
PA2000 picoammeter (shown in Figure 8.3) that provides a stable polarisation potential of -
0.8 V to both the sensing cathode and the guard cathode (Unisense, n.d.).

mus
+*

Shaft protection
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(11 mm)
Guard cable faie
E (amperometric
Qo
o sensors only)
(Y]
1
9_') {
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g (8 mm) . | F
=
o
—_
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from tip
(optional)
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from tip
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¥
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(amperometric
sensors only)

Figure 8.2: Clark-type ampoteric oxygen sensor with built-in guard cathode and reference
anode (Unisense, n.d.)
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Figure 8.3: PA2000 picoammeter

A tip diameter of 10 um and increments of 20 pm were used during the study to maintain the
structure of the biofilm, by using the least invasive procedure to keep damage to the biofiim

at a minimum when taking DO measurements.

8.4.2.1 Microsensor polarisation

The 10 um oxygen microsensor to be utilised during the study was placed securely inside the
designed manipulator. The BNC connector, containing both the reference and sensing
cathode, was connected to the input terminal of channel A of the PA2000 picoammeter. Then
the yellow guard cathode connector was connected to the guard terminal of the
picoammeter. The oxygen microsensor was then polarised by immersing the tip of the
microsensor in continuously aerated distilled water in the calibration chamber for at least an
hour. Polarisation was required to remove any oxygen present in the electrolyte. During
polarisation the oxygen present is consumed by both the sensing and guard cathode before
stable operation of the microsensor is possible, as stated in the oxygen sensor's Users’
manual provided by Unisense (Denmark). Polarisation was continued until a stable signal
was obtained for at least 10 min.

8.4.2.2 Microsensor calibration
Following polarisation the oxygen microsensor was calibrated by immersing the tip of the
sensor in an anoxic solution to obtain a zero reading and then in continuously well aerated
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distilled water for an atmospheric reading. The anoxic solution was prepared by mixing in a
1:1 ratio 0.1 M sodium ascorbate and 0.1 M NaOH. After immersing the tip of the sensor in
the anoxic solution the signal was allowed to stabilise before obtaining the zero oxygen

partial pressure reading (S, ). The atmospheric partial pressure (S,) reading was obtained,

after allowing the signal to stabilise, by immersing the tip of the microsensor in distilled water
that was continuously aerated in the calibration chamber, as stated in the oxygen sensor’s
User's manual provided by Unisense (Denmark).

According to the oxygen sensor's User's manual provided by Unisense (Denmark), to
convert a signal () from the partial pressure to the equivalent oxygen concentration (C,, },

a linear conversion is performed and the results multiplied by the atmospheric level solubility

(a,,) of oxygen in the relevant liquid at the relevant temperature, as shown in Equation 8.1.

C,, =a,,X Sk 8.1
Sﬁ ‘_SO

8.4.3 Design of the microsensor manipulator

it was required to measure in-situ dissolved oxygen (DO} measurements within the biofilm,
as the system utilised in this study was operated under pressure, a manipulator had to be
designed that would allow the microsensor to remain attached to the glass housing of the
bioreactor for the duration of each experiment. Once attached to the system, the manipulator
was required not only to house the microsensor, while maintaining the pressure within the
system, but allow the operator to manipulate the microsensor into and out of the biofilm
immobilised on the surface of the ceramic membrane.

Prior to manufacturing the manipulator set-up, the manipulator was drawn to scale using a
three dimensional drawing program, Solid Edge (Version 18). This was to ensure that when
the manipulator set-up was constructed, all parts fitted together perfectly and moved as
designed. See Appendix E for all the Solid Edge microsenser manipulator designs; as well as
Figures 8.4a and 8.4b for images of the actual design attached to the midd!e oxygen port of a
bioreactor.
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Micrometer

Microsensor manipulator
assembly

Micrometer stem stationary
cover and microsensor clamp

Micrometer

stationary cap cover Stage slide

Stage slider base
Microscope bed  wall

(a) Side view of the three-dimensional design in Solid Edge

(b) Side view of the actual design attached to the middle oxygen port

Figure 8.4: The microsensor manipulator designed to house the microsensor
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8.4.4 Connecting the oxygen microsensor and manipulator to the SFMGR
system

After inocutation, before pressurising the system, the microsensor housed in the designed
manipufator was attached to the middle oxygen port of the reactor for in-situ measurements
(refer to Appendix D for the design templates of the bioreactor glass housing with oxygen
measuring ports). The microsensor and the inside of the designed manipulator was sterilised
with 70% ethano! before being attached. To maintain the sterility of the system the entrance
of the oxygen port was sealed with a flat sheet membrane during construction of the
SFMGR. Upon attaching the manipulator, the flat sheet membrane was broken, thereby not
compromising the sterility of the system. Once securely in place the micrometer that formed
part of the manipulator design was utilised to carefully move the tip of the microsensor to
slightly above the surface of the ceramic membrane. The micrometer was then locked in
place to ensure the tip of the sensor did not move during operation of the system. After the
ECS had been pressurised any air leaks observed resulting in the system not maintaining the
set ECS pressure were sealed.

8.4.5 SFMGR operation

Three vertically orientated manifolded SFMGR’s (1 x 3) operated under pressure, as shown
in Figure 8.5, were used to culture the bacteria, S. coelicolor, at 28°C. After sterilisation and
incculation, the nutrient medium was supplied to the membrane lumen at a flow rate of
0.001 L/hr. The air was supplied to the ECS of the bicreactor at a flow rate of 2.4 L/hr. of the
nutrient medium and ECS, respectively. The SFMGR system was operated in the dead-end
mode with a constant shell side pressure supplied by a proportional-integral-derivative (PiD)
controller.

The system in this study was operated using pressure control, as explained in section 3.6.2.
For the first 24 hr it was attempted to maintain the transmembrane pressure (TMP) at 1 kPa
to allow the micro organism to adhere to the membrane surface. For the remainder of the
study, the medium and ECS were operated at pressures of 53 and 50 kPa, respectively
(refer to Table 3.9 in section 3.6.3), to attempt to maintain a TMP of 3 kPa. The humidified air
supplied to the ECS displaced the permeate produced, as a result of flux from the shell side,
by the micro organism.
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Figure 8.5: 1 x 3 Vertically orientated SFMGR set-up

Two experiments were performed during this study. One experiment was operated for 48
days (+1079 hr), with one reactor disconnected on days 45 (1007 hr), 47(+1057 hr) and 48.
The remaining experiment was run for 24 days (+569 hr), with all three reactors disconnected
on day 24.

8.5 Analytical methods

8.5.1 In-situ dissolved oxygen (DO) biofilm measurements

The manipulator housing the microsensor for the in-situ DO measurements was attached to
the middle oxygen port for all the experiments conducted during this study. Each day three
sets of 11 in-situ dissolved oxygen (DO) measurements were taken with the Unisense Profix
3.0 software utilised for data acquisition and automated profiling for the microsensors.

8.5.2 Atmospheric dissolved oxygen (DO) biofilm measurements

After each reactor was disconnected, the diameter of the biofilm was measured with an
electronic Vernier calliper at distances of 50 mm, 118 mm (position of the middle oxygen
port) and 170 mm from the bottom of the ceramic membrane, shown in Figure 8.6. Utilising
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the measured diameter the biofilm thickness at each of these locations could be calculated,
since the outer diameter (2.8 mm) of the ceramic membrane was known.

Manifolded pressurised Inoculation line

humidified air

{170 mm
]
Glass bioreactor ———1 ;1118 mm
E
Ceramic membrane ;
' | 50 mm
' Sample collection line
1]
A

Manifolded pressurised
nutrient medium

Figure 8.6: Positions at which the atmospheric dissolved oxygen measurements were taken
with respect to the bioreactor

The tip of the OX10 microsensor (shown in Figure 8.7) was moved to above the biofilm
surface. DO readings where taken as soon as possible after disconnecting the reactors using
Profix 3.0 by manually moving the tip of the sensor in 20 um increments until a DO reading of
zero was reached. If a reading of zero was not reached the tip was moved to a depth of 350
um away from the outside surface of the ceramic membrane to prevent the tip from breaking.
Three sets of DO readings were taken at each location, to obtain an average oxygen profile.
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Figure 8.7: An image of dissolved oxygen measurements with an OX10 Clark-type ampoteric
oxygen sensor

8.5.3 Biomass activity and biofilm measurements

The volume, pH and redox potential (mV) of the permeate samples were measured and
recorded daily; including the time elapsed between sampling, thus allowing the flux to be
calculated for each SFMGR. On completion of the experiments, the wet biomass of each
reactor was recorded, as well as the dry biomass after the biofilm had been dried for 12 hr at
70°C in an oven (refer to section 3.7).

8.5.4 Actinorhodin assay
Actinorhodin concentrations were determined as described in section 3.9.1. Refer to
Appendix A for a detailed description of the actinorhodin assay procedure. actinorhodin
assay procedure description).

8.6 Development of a mathematical model for oxygen mass transfer within a
biofilm grown in a pressurised SFMGR

For this part of the study the system was divided into three sections (as shown in Figure 8.8),
namely the extra capillary space (ECS), the boundary layer and the biofilm.
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«— Reactor wall

«+——— Extracapillary space (ECS)
#——1—— Boundary layer
Biofilm

Ceramic membrane

Figure 8.8: Three sections of the pressurised MGR system for modelling purposes

The diffusive, convective and reaction terms were therefore separated as shown in
Equations 2.47 and 2.48 (Bird et al. 2002; Eberl ef al. 2006),

s, avC,, =D, VC

a ' sub * r.-! 247

Where C,, represents the local substrate concentration (@/m®); t represents the time (hr);
i represents the axial velocity vector; V represents the gradient operator; D,, represents
the substrate diffusivity (m?/s) which was assumed to be constant and r, represents the rate
of substrate production or consumption (-r,) (g/m*hr). The substrate production or
consumption, r,, is a function of the local growth rate, biofilm density, and time. The left
hand side of Equation 2.47 represents bulk transport (convective); and the right hand side
excluding r, represents diffusive transport within the biofim. Equation 2.47 can be

rearranged so that both methods of substrate mass transport is on the right hand side of the
equation, as shown in Equations 2.48.

a_g‘mi = DABVszb - ﬁvcmb = r.{ 2'48
[ §

For the development of the DO mass balance Equation 2.48 becomes:
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daC,

oy

ot

=diffusion — convection - biological consumption 8.1

8.6.1 Model assumptions
1. Inthe extracapillary space no reaction occurred.
2. The ECS was at pseudo-steady state.

3. Inthe boundary layer no reaction occurred.

4. The boundary layer was at pseudo-steady state.

5. Oxygen transfer within the boundary layer only occurred radially and not axially,
therefore the oxygen concentration changed in a radial direction and not an axial
direction. DO mass transfer was therefore assumed to be one-dimensional; from the
gaseous ECS across the bicfilm towards the substratum, in this case the surface of
the ceramic membrane.

6. The biofilm immobilised on the ceramic membrane was at psuedo-steady state with
respect to the transport of DO into the inner mycelia. Psuedo steady state occurs
when the oxygen concentration does not change for a period of time at the biofilm
surface and aerial mycelia, when oxygen is transported from the gaseous phase into
the mycelia (Ntwampe et al., 2008).

7. In the biofilm oxygen was only transported in a radial direction, therefore the oxygen
concentration only changed radially and not axially.

8. The rates of DO mass fransfer in the biofilm are proportional to the concentration
difference across the biofilm thickness.

9. The proportionality factors are directly related to DO mass transfer constants.

10. S. coelicolor is an aerobic micro organism, therefore oxygen uptake rate through
biclogical reaction was assumed to be described by Monod’s equation.

11. The biofilm is uniform, therefore a single effective diffusivity value was used for the
entire biofilm. For biofilms with a heterogeneous non-uniform structure, the effective
diffusivity varies from one location to another (Beyenal & tLewandowski, 2002;
Lewandowski & Beyenal, 2003b).

12. The density of the biomass and the rate of oxygen consumption are uniform within
the biofilm, therefore the oxygen profile will only vary with the radial position (Thibault
et al., 2000).
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8.6.1.1 Mathematical model describing the extracapillary space and boundary
layer
In the bulk ECS, it was assumed that no biological consumption occurred (r, =0) and the

ECS was at pseudo-steady state (BCDz Jot= 0) as oxygen was not utilised, therefore in the

bulk ECS diffusion was equal to convection.

In the boundary layer it was assumed that no biological consumption occurred {r, = 0); the

DO in the boundary layer was at pseudo-steady state (E)Co2 /a:=c); oxygen was only
transpcrted radially in the boundary layer and not axially (u(BCO2 /az)= 0) and the oxygen

concentration changed in a radial direction and not an axial direction (r(achZ /az2)=o)

(Eberl et al., 20086). it was therefore assumed that the oxygen concentration did not change
vertically along the length of the biofilm, but only in depth into the biofiim. In the boundary
layer the oxygen concentration was therefore a function of r, as represented by Equation
8.2.

8.2

aC, D, [aco”r azcoz}

Y ar_z r or | or’

The partial derivatives in Equation 8.2 were therefore replaced by total derivatives as shown
in Equation 8.3.

a3

v

EY

dC, D,[dC, d°C,
. _ , 22 G
dr r L dr dr-

In Equation 8.4 the first and second derivatives were separated onto the left and right hand
side of the equivalent sign and then combined to make single terms, respectively.

D, a"C:;,2 =(v DABJdC‘J: 84
r dr- r dr

r

Equation 8.5 was obtained by multiplying Equation 8.4 by . Equation 8.5 describes the

AB

DO mass transport in the boundary layer of the SFMGR system.
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8.6.1.1 Mathematical model describing the extracapillary space and boundary
layer
in the bulk ECS, it was assumed that no biclogical consumption occurred (r, =0) and the

ECS was at pseudo-steady state (aCo2 Jor= 0) as oxygen was not utilised, therefore in the
butk ECS diffusion was equal to convection.

In the boundary layer it was assumed that no biological consumption occurred (rA = O); the

DO in the boundary layer was at pseudo-steady state {E.‘Co2 ot =0); oxygen was only
transpcrted radially in the boundary layer and not axially (u(E}Co2 /8z)= 0) and the oxygen

concentration changed in a radial direction and not an axial direction (r(azCo2 /822)=0)

(Eberi et al.,, 2006). it was therefore assumed that the oxygen concentration did not change
vertically along the length of the biofilm, but only in depth into the biofilm. In the boundary
layer the oxygen concentration was therefore a function of r, as represented by Equation
8.2.

oC, D, |9C, 9°C,
—t=AE 5 : 8.2
Y ar r [ ar tr or’

The partial derivatives in Equation 8.2 were therefore replaced by total derivatives as shown
in Equation 8.3.

dcC dcC, d’C,
y—2 —Dus| o, +r—2 : 83
dr r dr dr’

In Equation 8.4 the first and second derivatives were separated onto the left and right hand
side of the equivalent sign and then combined to make single terms, respectively.

2
Edii_q;‘l‘-_ = (v _.I_)é.ﬂ_)& 8.4
r dr r dr

r

Equation 8.5 was obtained by multiplying Equation 8.4 by . Equation 8.5 describes the

AB

DQ mass transport in the boundary layer of the SFMGR system.
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dlCOl - vr __l dCDz 8.5
D, dr

8.6.1.2 Mathematical model within the biofilm
The biofilm was at pseudo-steady state since the MGR was operated at a constant TMP,

therei‘ore(aCc,2 for = 0); oxygen was only transported radially in the biofim and not
axially (u(ac% /az)= 0); oxygen concentration changed in a radial direction and not an axial

direction (r(azq,2 / 3z%)=0). This was validated by the DO profiles obtained during the study;

each data point was an average of three sets of readings measured axially with regards to
each other. The standard error for each data point was extremely small. It was therefore
assumed that the oxygen concentration did not change vertically (i.e. z co-ordinate) along
the length of the biofilm, but only in depth towards or away from surface of the ceramic
membrane. DO concentration occured within the biofilm. Since the biofilm was a function of

both diffusion and consumption, r, was negative. A substrate consumption mode! (shown in

Equation 8.6) was therefore utilised to represent r,.

”maxcﬂz Xp
Y’V (KJ +Cp, )
% ]

_rA__

86
Where r, represents the rate of substrate production or consumption {¢/m3.hr); C'O2

represents oxygen concentration (g/m’); ¢ represents time (hr); 4. represents the

represents the biofim density (g/m®; Y,

5

maximum specific growth rate (hr'); X

V4

represents the growth yield coefficient (g biomass/g substrate) and K, represents the
substrate saturation constant (g/m°®) (Monod, 1949; Blanch, 1981).

From the above mentioned assumptions, Equation 2.53 combined with the rate expression
given in Equation 8.6 becomes:

vacoz _Dy|9C, ;razco_, MG X, 87
o rlor or’ Y%(K5+Coz) .

The partial derivatives in Equation 8.7 were therefore replaced by total derivatives as shown
in Equation 8.8.
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dC,, D, dC, D, rd"‘-col e ¢

v L= % 4 8.8
/( +G,,)

dr r dr rdr

By removing the common denominator on the left side of Equation 8.8, Equation 8.9 which
represented oxygen mass transfer within the biofilm was obtained.

dC, d’C, C, X
(v_&ﬂ.)__"z_=p’w iz P02 s 8.9
r dr dr Y’Vz (K5+C02)

Dividing Equation 8.9 by —D,; resulted in Equation 8.10.

8.10

( v 1)4C, __ 4C, #,.Co X
D, r} dr— dr’ /(K+C )

Equation 8.11 was obtained by rearranging Equation 8.10, so that all the terms were located
on the kft hand side of the equation.

d*C C, C, X,
2 +[ v lte He =0 8.1
drt '\ Dy r)dr Y, (K.+C )DM
X
For simplicity let —==—/ Py _ o 8.12
YX DAB
V2
A X
Note: r, = . since il =r,. 8.13
D,y Y,V
z

In Equation 813, r, represents the maximum substrate consumption rate (g/m>.hr).

Therefore, substituting Equation 8.12 into Equation 8.11 resulted in Equation 8.14.

8.14

d*c, [ v 1)dC, C,,

- =0
dr’ D, rJ dr +A(KS+COL_.)

One of three scenarios exists in the system utilised in this study, to solve Eqaution 8.14.
For simplicity allow:
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Co,

— =y 8.15
(Ks +C,)

A

Scenario 1: K;>>C,,
. Co., T Co, . . .
Assuming K>>C, , then d =A?. Substituting d =AK—- into Equation 8.14 results in

s 5

Equation 8.16.

C
: A2 =0 8.16

. A . .
However, since Aand K;are constants let G='f(—' Equation 8.16 can be rewritten as
5

Equation 8.17.

d*C . dcC
o (¥ 1o 6e -0 8.17
arr \ Dy r) dr 2

Equation 8.17 can be solved with the Pertubation Theory.

Scenario 2: , >>K

C C
Assuming C,, >>K;, then d=AE&=A Substituting d:AC—"!=A into Equation 8.14
o, o,

results in Equation 8.18, which can be rewritten as Equation 8.19

d’C : dc
o | _1)4C, +A=0 8.18

dr- D, r ) dr

dC dC,
o (¥ D% _ _, 8.19

dr D, r)jdr

Equation 8.19 is an inhomogenous differential equation, indicating that Equation 8.14 can be
solved with Laplace Transforms. An inhomogeneous differential equation is an ordinary
differential equation in which all the terms are linear and the entire equation is equal to a non
zero function of the variable, with respect to which derivatives are taken (Google, n.d.).
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Scenario 3: C, =K
Assuming C, =K, a numerical technique like the finite difference technique will be

required to solve Equation 8.14.

According to Howell and Atkinson (1976) scenaric 2 (C,, >> K} only occurs away from the
reaction zone within the biofilm. Therefore, K, is only significant within the reaction

(i.e. consumption or generation) regions in the biofilm and K is notimportant within the bulk

transport regions, such as the ECS.

8.7 Results and discussion

The manipulator housing the microsensor was attached to the middle port for all the
experiments during this study. The top oxygen port was not utilised for DO profiling as it was
observed that the biofim growth located opposite this port was sparse and the risk of
breaking the microsensor tip was therefore high. The biofilm growth on the surface of the
ceramic membrane located opposite the bottom oxygen port was sufficient for DO readings,
however, this port was not utilised due to repeated sloughing of the bottom section of the
biofim.

The 1 x 3 SFMGR system was stopped at approximately 569, 1007, 1057 and 1079 hr
respectively and oxygen profiles were taken for each reactor as explained in section 8.5.2.
The average dissolved oxygen profiles, oxygen penetration ratio, pH, redox potential (mV)
and actinorhodin production with standard error bars were plotted with the aid of the
statistical program Sigma Plot (Version 8).
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8.7.1 In-situ dissolved oxygen measurements
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Figure 8.9: Control and in-situ dissolved oxygen (DO) profiles at the middle position within a
pressurised SFMGR

During the control (a sterile uninoculated SFMGR) run, shown in Figure 8.9, the oxygen
concentration was in the range of 7.05 to 7.25 g O-/m°. At atmospheric pressure (101.3 kPa)
oxygen composes 21% of air by volume 21% which translates to a concentration of
+6.5 g O/m’. The system utilised in this study was operated at a pressure of +50 kPa
(gauge), thereby increasing the partial pressure of the air present in the ECS of the system.
Accounting for the high oxygen concentration in the range of 7.05 to 7.25 g O,/m?, this
translates to +33% increased oxygen in the air, during the control run.

Observed in the curve representing the experimental data (an inoculated SFMGR system) in
Figure 8.9, the DO concentration continuously increased over the duration of the experiment.
Due to the microsensor being attached to the middle oxygen port for the duration of the run,
the sensor was only calibrated at the start of the study at atmospheric conditions. It was only
discovered after completion of the study and after communication with Unisense sales
representatives, that to obtain the best resuits the microsensor requires daily calibration
under exactly the same conditions at which the system is to be operated. The microsensor
could not be calibrated daily as the system utilised in the study would have been at risk of
contamination, and a special chamber would have had to have been constructed to calibrate
the microsensor under the pressurised operating conditions.
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Figure 8.10: In-situ averaged dissolved oxygen (DO) profiles within the biofilm located at the
middle position of the SFMGR (The error bars represent the standard error using Sigma Plot
8.0)

The experimental data curves in Figures 8.9 and 8.10 show a continually increasing signal
over time. According to the oxygen sensors User's manual a high and drifting signal as
observed during the studies could occur for two reasons. Either the sensor tip was broken
and needed to be replaced or gas bubbles were present inside the sensor tip.
The microsensor tip was not broken during the in-situ DO profiles recorded in Figure 8.10,
therefore gas bubbles must have been present inside the sensor tip due to prolonged usage
of the microsensor under high pressure. According to the microsensor User's manual
supplied by Unisense (Denmark), to solve this problem the microsensor tip would have had
to be immersed in degassed water for 20 minutes. Water is degassed by boiling and
subsequent cooling or by 10 minutes of vacuum treatment (Anon., 1998). However, the
microsensor would have had to be removed from the SFMGR system, risking possible
breakage of the microsensor and contamination of the system. The high pressure within the
system resulted in increased DO diffusivity in the membrane at the tip of the microsensor,
which possibily could account for the continually increasing signal observed in Figures 8.9
and 8.10. Although the sensor was kept polarised between measurements, by keeping the
picoammeter on for the duration of the study, according to Unisense sales representatives
the membrane permeability changes with time and therefore requires calibration every 24 hr
if the time between measurements exceeds several days. Kuenen et al., (1986) observed
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drift of less than 1% per hour during the study of oxygen micro profiles of photosynthetic and
non-photosynthetic biofilms. Clark-type oxygen microsensors were used to study the biofilms
of trickling filters from a sewage treatment plant. However, over a long period of time, such
as +1080 hr, the drift observed would have been much larger. It can be concluded that due to
the high and drifting signal observed for the duration of both in-situ studies the profiles
obtained are not accurate representations of the DO concentration within the biofilm.

The large decrease in DO concentration observed at +504 hr during experiment 2 in
Figure 8.10 was due to the experimental data being recorded when the pressure in the ECS
was decreased after removing the permeate from the permeate collection bottles for daily
analysis. This decrease in DO concentration observed at a decreased ECS pressure
confirms that the pressurised air within the ECS affected the microsensor signal.
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Figure 8.11: In-situ average dissolved oxygen (DO) profiles located at the middle position as
the microsensor was removed from the biofilm at the end of the experiment after 569 hr (The
error bars represent the standard error using Sigma Plot 8.0)

The graph in Figure 8.11 that was obtained in-situ as the microsensor was removed from the
biofilm at the end of the experiment was not an accurate in-situ oxygen profile for the biofilm
due to the high and drifting signal experienced during the study. The concentration at the
different depths did not change as the microsensor was removed from the biofim and
remained unchanged even after the sensor was outside the biofilm in the ECS of the reactor.
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Figure 8.11: In-situ average dissolved oxygen (DO) profiles located at the middle position as
the microsensor was removed from the biofilm at the end of the experiment after 569 hr (The
error bars represent the standard error using Sigma Plot 8.0)

The graph in Figure 8.11 that was obtained irn-situ as the microsensor was removed from the
biofilm at the end of the experiment was not an accurate in-situ oxygen profile for the biofilm
due to the high and drifting signal experienced during the study. The concentration at the
different depths did not change as the microsensor was removed from the biofim and
remained unchanged even after the sensor was outside the biofilm in the ECS of the reactor.
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This profile can therefore be disregarded. Therefore all subsequent analysis was performed

on bioilfms directly after they had been removed from the pressurised reactors.

8.7.1.1 Problems experienced during the in-situ DO measurements

The following problems were experienced during the in-situ DO measurement section of this

study.
1.

8.7.2

The biofilm came loose from the membrane and became attached to the tip of the
microsensor. As the microsensor and manipulator was attached to glass housing of
the SFMGR it was not possible to remove the microsensor and clean the tip without
compromising the sterility and therefore the integrity of the study.

The bottom port to which the microsensor could be attached to measure in-sifu DO
readings was not 100% straight (ie 90° to the glass housing of the reactor) therefore
this port could not be utiised without risking breaking the microsensor tip.

The microsensor utilised in the study was handmade, as a result the tip as it
extended from the microsensor body was not perfectly straight. Therefore, after
placing the microsensor inside the designed manipulator tube, the tip was not centred
inside the tube. The off-centre microsensor tip inside the manipulator tube, together
with the angle of the bottom port, resulted in an increased risk of breakage of the
microsensor tip when manipulating the microsensor into the bioreactor.

The ports were designed to lie opposite the membranes, unfortunately as the
microsensor tips were not centred within the manipulator tube, which was attached to
a port, the microsensor tips were not located over the middle of the membrane.
Therefore, the tip sometimes moved past the biofilm and ceramic membrane
depending on the degree with which the microsensor tip was off-centre.

The bottom half of the biofilm showed repeated sloughing. The same operating
conditions was utilised for the duration of this study. Therefore, it was not possible to
decrease the nutrient and air flow rates to try prevent sloughing from cccurring.

The distance of the microsensor tip from the surface of the ceramic membrane after
entering the biofilm, during in-sitv DO measurements, was unknown.

Atmospheric dissolved oxygen measurements for different times at 50,

118 and 170 mm from the bottom of the reactor
Three reactors were disconnected at different times (24, 47 and 48 days). The ceramic

membranes with biofim were removed and DO measurements were taken outside at

atmospheric pressure at 50, 118 and 170 mm, respectively from the bottom of the reactor
(refer to Figure 8.6 for the locations from the bottom of the reactor).
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Figure 8.12: Average dissolved oxygen (DO) profiles at: (a) 50 mm; (b) 118 mm; and (c)
170 mm from the bottom of the bioreactor after 24, 47 and 48 days, respectively (The error
bars represent the standard error using Sigma Plot 8.0)
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Table 8.1: Average biofilm data at: (a) 50 mm; (b} 118 mm; and {c}) 170 mm from the bottom of
the bioreactor on days 24, 47 and 48, respectively

a Time (Days) 24 47 a8
Biofilm thickness (mm) 1.22 217 1.36
Average Dp penetration depth {mm) | 5.3 x 10° 1.2x10* 9.3 x 10°
Penetration ratio 4.37x10° 53x10% 6.86 x 10°

b  Time (Days)

24 47 48
Biofilm thickness (mm) 0.94 1.24 1.78
Average DO penetration depth (mm) | 50 x 10° 83x10°  93x10°
Penetration ratio 24x10° 75x10°% 52x10°
¢ Time(Days) 24 a7 a3
Biofilm thickness (mm) - 0.87 0.96
Average DO penetration depth (mm) | - 43x10* 4.1 x 10"
Penefration ratio - 49x10* 4.2x 10"

According Howell and Atkinson (1976), oxygen concentration declines exponentially with
depth; this was observed in Figures 8.12a — ¢ and 8.14a - ¢. In Figure 8.12a, it was
observed that the DO penetration depth was highest on day 47 and lowest on day 24.
Day 48 showed less DO penetration than day 47, although the bioreactor was operated for
a longer time period. Due to the bottom section of the biofilm sloughing, the biofilm on day
48 was thinner than the biofilm on day 47, as shown in the Table 8.1a. The thicker the
biofiim, the higher the average DO penetration depth (refer to Table 8.1a). The penetration
ratio at 50 mm for the different time durations were of the same order of magnitude, even on
day 48 when biofilm sloughing was observed, therefore the profile for day 48 was still
relevant to the study.
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In Figure 8.12Db, biofilm sloughing was only observed on day 48 at the bottom section (i.e.
+45 mm from the bottom of the bioreactor) of the membrane. The middle section of the
biofilm unaffected by sloughing. Therefore, on day 48 the biofilm thickness at 118 mm was
thicker than on day 47 (see Table 8.1b). The penetration depth was highest on day 48 and
lowest on day 24. The penetration ratios at 118 mm for the different time durations were of
the same order of magnitude.

Figure 8.12c represents the DO profiles of the biofilm located closest to the air supply of the
extracapillary space (ECS) of the bioreactor. The biofilm at 170 mm from the bottom off the
bioreactor was extremely thin, due to tapering of the biofilm cbserved fromn the bottom to the
top of the bioreactor. It was postulated that the thickness of the biofilm located at the top of
the membrane in the vertically orientated SFMGR was thinner than at the middle and
bottom positions due to gravity and nutrient run down. According to Gondongwana et al.
{2009} tapering of the biofilm towards the top of the bioreactor is often observed in vertically
orientated SFMGR's. Therefore, no DO profile was measured at 170 mm on day 24, due to
the biofilm being extremely thin and the high risk of breaking or damaging the oxygen
microsensor if measurements were taken. Since no DO measurements were recorded no
data could be provided for day 24 regarding DO penetration depth, biofilm thickness and
penetration ratio in Table 8.1¢c. The shape of the profiles in Figure 8.12¢, for days 47 and

48, indicate that r, = r,_, therefore no biological reaction (i.e. consumption) was occurring at

this location.

When comparing Figures 8.12a, b and ¢, the penetration depth was highest at 170 mm
when taking the biofilm thickness into account. The increased penetration depth was due to
the bicfilm’s location in terms of the air inlet. Since the pressurised air was entering the
bioreactor at the top, biofilm located in the vicinity of the inlet experienced increased oxygen
penetration. The combined effect of pressure and flow from the inlet promoted oxygen
penetration.

8.7.2.1 Biofilm thickness and dissolved oxygen penetration depth

The biofilm thickness was measured with an electronic Vernier caliper every 0.02 m along
the length of the ceramic membrane. As was expected the biofilm thickness increased with
time. Utilising a similar non-pressurised MGR system an increase in biofilm thickness was
observed over time with the fungi Phanerochate chrysosporium (Ntwampe et al., 2008).
According to Elibol and Mavituna (1999a; 1999b) in a fermentation system the biomass
concentration of S. coelicolor increased with time. Table 8.1a, b and ¢ shows that the DO
penetration depth in the biofilm increased with time, therefore the DO penetration depth is
linked to biofilm thickness. The penetration depth increased when the biofilm thickness
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In Figure 8.12b, biofim sloughing was only observed on day 48 at the bottom section (i.e.
+45 mm from the bottom of the bicreactor} of the membrane. The middle section of the
biofilm unaffected by sloughing. Therefore, on day 48 the biofilm thickness at 118 mm was
thicker than on day 47 (see Table 8.tb). The penetration depth was highest on day 48 and
lowest on day 24. The penetration ratios at 118 mm for the different time durations were of
the same order of magnitude.

Figure 8.12c represents the DO profies of the biofilm located closest to the air supply of the
extracapillary space (ECS) of the bioreactor. The biofilm at 170 mm from the bottom off the
bioreactor was extremely thin, due to tapering of the biofilm observed from the bottom to the
top of the bioreactor. It was postulated that the thickness of the biofilm located at the top of
the membrane in the vertically orientated SFMGR was thinner than at the middle and
bottom positions due to gravity and nutiient run down. According to Gondongwana et al.
(2009) tapering of the biofilm towards the top of the bioreactor is often observed in vertically
orientated SFMGR’s. Therefore, no DO profile was measured at 170 mm on day 24, due to
the biofilm being extremely thin and the high risk of breaking or damaging the oxygen
microsensor if measurements were laken. Since no DO measurements were recorded no
data could be provided for day 24 regarding DO penetration depth, bicfiim thickness and
penetration ratio in Table 8.1c. The shape of the profiles in Figure 8.12c, for days 47 and

48, indicate that r, = r_, therefore o biological reaction (i.e. consumption) was occurring at

this location.

When comparing Figures 8.12a, b and ¢, the penetration depth was highest at 170 mm
when taking the biofim thicknessinto account. The increased penetration depth was due to
the biofilm’s location in terms of the air inlet. Since the pressurised air was entering the
bicreactor at the top, biofim lecated in the vicinity of the inlet experienced increased oxygen
penetration. The combined effect of pressure and flow from the inlet promoted oxygen
penetration.

8.7.2.1 Biofilm thicknessand dissolved oxygen penetration depth

The biofilm thickness was measured with an electronic Vernier caliper every 0.02 m along
the length of the ceramic membrane. As was expected the biofilm thickness increased with
time. Utilising a similar non-pressurised MGR system an increase in biofilm thickness was
observed over time with the fungi Phanerochate chrysosporium (Ntwampe et al., 2008).
According to Elibol and Maviuna (1999a; 1999b) in a fermentation system the biomass
concentration of S. coelicoforincreased with time. Table 8.1a, b and ¢ shows that the DO
penetration depth in the biofim increased with time, therefore the DO penetration depth is
linked to biofilm thickness. The penetration depth increased when the biofilm thickness
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increased and decreased on day 48 when the biofilm thickness showed a decrease due to
the biofilm sloughing. Howell and Atkinson (1976) defined the penetration depth as the
depth of film for which the overall oxygen uptake would be 99% of that in a very thick
biofilm. During this study penetration depth was defined as the depth of biofilm at which
oxygen concentration first presented as 0%. Therefore, the depth the DO penetrated into
the biofilm.

Table 8.2: Biofilm data

Time (Days) Day 24 Day 45 Day 47 Day 43
Average biofilm 0.453 2.025 1.355 0.885
thickness {(mm)

Average wet biomass (g) | 1.061 3.609 3437 3.169
Average dry biomass (g) | 0.121 0.309 0317 0.209
Average density of the 0.35 0.34 0.63 3.1
wet biofilm (g/m}

Table 8.2 shows all the biofilm data measured and calculated after disconnecting the
bioreactors. The biofilm for day 48 experienced biofilm sloughing, therefore the data does
not always follow the trends observed. The biofilms that experienced sloughing on day 24
were eliminated from the calculations. With increasing age the biofilms showed increasing
dry biomass and wet density, the wet biomass and biofilm thickness did not show this trend.
The biofilm on day 45 showed a heavier wet biomass and therefore biofilm thickness, this
could be attributed to increased flux before disconnecting the bioreactor or a lower
temperature within the rig resulting in less absorption of liquid from the bicfilm surface.
However, after being dried in an oven overnight the liquid was remaved and the expected
trend of increasing biomass with increasing time was observed, therefore excess liquid is
the cause of the increased biofilm thickness and wet hiomass observed on day 47.

Both the thickness and density of the biofilm have a significant affect on the distribution of
oxygen within bicfilms. The density of biofilms change in the depth direction. A thin biofilm
has a dense homogeneous structure, and thus is expected to exhibit a lower substrate
penetration depth due to the high density of the biofilm structure that resuits in a small
diffusion coefficient. Thicker biofilms show a heterogeneous structure with large pores
(Hibiya et af., 2003), therefore the oxygen can penetrate further into the biofilm.
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8.7.2.2 Oxygen penetration ratios within the biofilm

The oxygen peneiration ratio was calculated by dividing the oxygen penetration depth by
the biofilm thickness. In Table 8.1a, b and c the oxygen penetration depth increased with
increasing biofilm thickness, while the oxygen penetration ratio decreased with increasing
biofilm thickness. However, the increase in penetration depth was not proportional to the
increase in biofilm thickness. Meaning that the penetration depth increased in smaller
increments with time, when compared to the biofilm thickness. This resulted in a decreasing
penetration ratio when the biofilm increased in thickness. According to Hibiya et al. (2003) a
thick anaerobic zone exists at the bottom of thick biofilms, indicating the possibility of
microbial denitrification. It has been concluded by Hibiya et al. (2003) that the oxygen
penetration ratio decreases gradually with an increase in the thickness of the biofilm. In a
similar non-pressurised MGR system Niwampe et al. (2008) concluded the oxygen
penetration ratio decreased with an increase in biofilm thickness. The penetration ratio
decreased from an average of 0.42 at 72 hr to 0.12 after 264 hr, therefore the thickness of
the anaerobic zones located close to the surface of the ceramic membranes increased with
time (Ntwampe et al., 2008).
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Figure 8.13: Penetration ratio at different locations on a single membrane measured on
different days (The error bars represent the standard error using Sigma Plot 8.0)

In the pressurised SFMGR system utilised in the study the position at 50 mm was located
furthest from the air supply, while the position at 170 mm was located closest to the air
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supply of the system. Figure 8.13 indicates that the closer the biofilm was located to the air
supply the higher the penetration ratio. It was observed that the biofilm located closest to
the air supply in a pressurised SFMGR was the thinnest. Therefore, in a pressurised
SFMGR the highest penetration ratio was determined to be in the thinnest part of the biofilm
located closest to the air supply of the system.

8.7.3 Atmospheric dissolved oxygen measurements along the length of the
biofilm

The type of DO mass transport into the bicfilm, convection or diffusion, had to be identified
as it determines the model to be utilised to determine the mass transport parameters within
the immobilised biofilm. The ratio between the biofilm oxygen diffusivity coefficient (D, , ) in

the aerial mycelia and the oxygen diffusivity coefficient (D, ) in the nutrient medium, had to
be determined. The oxygen diffusivity coefficient (D,) in the nutrient medium was
determined to be equivalent to 1.161 x 10° m%hr as the complex growth medium, {SP2, had
3% salinity as measured with a hydrometer. if the ratio(Dw :Da_f) was larger than and

equal to 1 {21) then the transport was diffusive; if the ratio was much smaller than 1 (<<1)
then the transport was convective (Ntwampe et al,, 2008). The ratio was calculated for each
DO profile as shown in Table 8.3a - c.

The biofiim located at 50 mm from the bottom of the ceramic membrane was located
furthest from the air inlet and the type of mass transport into the biofilm was identified as
diffusion. The biofilm located at 118 mm from the bottom of the ceramic membrane was
located in the middle of the bioreactor, half way between the bottom of the reactor and the
air inlet. In Table 8.3b the type of mass transport into the biofilm was determined to be via a
combination of diffusion and convection. The biofilm located at 170 mm from the bottom of
the ceramic membrane was located closest to the air inlet and the type of transport into the
biofilm was identified as convection. The shape and gradient of the DO profiles in Figure
8.14a - c¢ indicate that depending on the location of the biofilm with regards to the air inlet,
different types of mass transport into the biofilm were utilised.
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Table 8.3: Type of mass transport into the biofilm at (a) 50 mm; (b) 118 mm; and (c} 170 mm
from the botiom of the bioreactor on days 24, 47 and 48, respectively

2 Parameter Day 24 Day 47 Day 48
D, (wmn) 1.161 x 10° 1.161 x 10° 1.161x 10%
D, ; tm'mn) 3.85x 10° 8.15x10° 3.08x 10°
Ratio (Dh, :D, f) 3.0t 142 3.77
Type of transport Diffusive Diffusive Diffusive

b parameter Day 24 Day 47 Day 43
D, (m*mn) 1.161 x 10% 1161 x 10° 1161 x 10°
D, ; (m'mn) 6.05x 10° 1.75x 10° 4.56 x 10°
Ratio ( D :D f) 0.18 0.66 255
Type of transport Convective Diffusive Diffusive

€ Parameter Day 24 Day 47 Day 43
D, 1L161x10°  1161x10° 1161 x 10°
D, , (mie) Nt measured  3.05x 10° 452x10°
ratio (D, :D, ) |- 0.3 0.26
Type of transport - Convective Convective

In Figure 8.14a no DO profile was obtained on day 24 for the 170 mm position as the biofilm
was too thin to take measurements. Comparing the shape and gradient of the profiles in
Figure 8.14a — ¢ to the type of mass transport identified in Table 8.3a — ¢; indicated that the
diffusive transport profiles obtained in the biofim located at 50 mm and 118 mm, had a
steep gradient. The convective mass transport identified in the biofilm at 170 mm from the
bottom of the bioreactor had a gradua! gradient, less steep than the profiles for 50 mm and
118 mm.
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The biofilm at 170 mm was located closest to the air inlet and exhibited increased DO
penetration depth when compared to 50 mm and 118 mm, although the biofilm located at
170 mm was the thinnest due to biofilm tapering. The increased DO penetration depth was
due to a combination of the location of the biofilm with regards to the air inlet and the
convective mass transport within the biofilm.
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Figure 8.14: Average dissolved oxygen profiles on: (a) day 24; (b) day 47; and (c) day 48 at 50
mm, 118 mm and 170 mm from the bottom of the bioreactor, respectively (The error bars
represent the standard error using Sigma Plot 8.0)

Chapter 8 Page 187 of 271



The biofilm at 170 mm was located closest to the air inlet and exhibited increased DO
penetration depth when compared to 50 mm and 118 mm, although the biofilm located at
170 mm was the thinnest due to biofilm tapering. The increased DO penetration depth was
due to a combination of the location of the biofilm with regards to the air inlet and the
convective mass transport within the biofilm.
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8.7.4 Atmospheric dissolved oxygen measurements influenced by the
structure of the biofilm
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Figure 8.15: Average dissolved oxygen (DO) profile on day 24 at 40 mm from the bottom of the
reactor and two profiles on day 47 at 170 mm (The error bars represent the standard error

using Sigma Plot 8.0)

During the study the profiles in Figure 8.15 were obtained in addition to the profiles seen in
Figure 8.12a - c. The shape of the profiles in Figure 8.15 differs from those in Figure
8.12a - c. The DO profiles in Figure 8.15 were not steadily decreasing as seen in Figure
8.12a - c. In the curves measured on day 47 in Figure 8.15 the DO concentration was
steadily decreasing when the profile suddenly increased at 0.00013 and 0.0003 m for the first
and second set of readings at 170 mm, respectively. This was due to the structure of the
flamentous bacterium Streptomyces coelicolor utilised during the study, as shown in the
SEM's in Figure 8.16. As the micro organism is filamentous in nature sometimes air pockets
are created as seen in Figure 8.16 (b and c), which might be responsible for the
phenomenon observed in the DO profiles in Figure 8.15.
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Figure 8.16: The life cycle of Streptomycetes grow mom solid media, such as the surface of a
ceramic membrane (Claessen ef al., 2006)

8.7.5 Dissolved oxygen mass transport parameters

From the dissolved oxygen profiles obtained using the data acquisition software Profix 3.0,
the dissolved oxygen mass transport parameters were calculated via two methods; (1) Profile
1.0 software, and (2) using Taylor's expansion series explained in section 2.4.3 in Chapter 2.

The oxygen profies recorded using Profix 3.0 data acquisition software, were not only
analysed with Profile 1.0 software, but also in Microsoft Excel 2003. Equation 8.1 was utilised
to convert the signal recorded by Profix 3.0 (V) into dissolved oxygen concentrations
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(g O/m®). The inverse of each part in Equation 2.55 {refer to section 2.4.4.2 in Chapter 2)
was taken, to yield a linear function between the inverse of the second derivative and the
inverse of the DO concentration, represented by Equation 2.56 (Hibiya et al., 2003). In Excel
the inverse of the second derivative and the inverse of the DO concentration were plotted

and a linear trendline inserted. The substrate saturation constant, K, was calculated by

dividing the slope of the trendline obtained by the intercept. The oxygen diffusion coefficient,

D

..s» Was calculated using Equation 2.26 in section 2.4.1.2. The maximum rate of reaction,

V_.. was then calculated by dividing the intercept of the linear trend line by the oxygen
diffusion coefficient. To determine the oxygen diffusion coefficient, D, ., the flux through the
biofilm, J, ,was required. The flux was determined with Profile 1.0 softiware. An input file

(refer to Appendix F for an example of an input file) created in Notepad, was run in Profile 1.0
and an output file generated (refer to Appendix F for an example of an output file} for each
DO profile measured. The output file contained data regarding the DO concentration at the
surface and bottom of the biofilm close to the membrane, the oxygen flux through the biofilm,
the type of biological activity (i.e. production or consumption), as well as the depth at which
biological activity started in the biofilm.

The kinetic parameters K, V, .., D, and J, ., and the experimental coefficients a, b and

¢ were also calculated using Equations 2.32, 2.35, 2.38 to 2.39 of Tayler's expansion
method explained in section 2.4.3 in Chapter 2 (these results were not included in this
chapter).

8.7.5.1 Kinetic parameters calculated from the oxygen profiles and Profile 1.0
Table 8.4a indicated that as the biofim decreased in thickness towards the top of the
bioreactor due to biofilm tapering the substrate saturation constant, X_, decreased. In this

study the substrate was oxygen. In Table 8.4b the substrate saturation constant increased
over time, therefore the older the biofilm the higher the substrate saturation constant. It was
therefore postulated that in thin less dense biofilms the substrate saturation constant will be
small, while in thicker older biofilms the substrate saturation constant will be larger.

The oxygen diffusion ceefficient, D, ,, in the aerial mycelia was highest at 170 mm from the

bottom of the bioreactor, as seen in Table 8.4a. The biofilm at this location was situated
closest to the air inlet, while the biofilm located further away from the air infet at 50 mm and
118 mm was therefore not subjected to direct air flow as the biofilm at 170 mm.
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Table 8.4: Average dissolved oxygen Kkinetic parameters at (a) 50, 118 and 170 mm from the
baottom of the bioreactor; and (b) on days 24, 47 and 48, calculated from the dissolved oxygen
profiles

a Pasition on the ceramic 50 mm 118 mm 170 mm
membrane (mm)
K, (gmy 3.00 3.46 =0
D . (m¥me) 20 x 1% 20 x 10% 33x10®
a,f
Biofilm thickness {mm) 1.33 143 0.92
b Time (Days) Day 24 Day 47 Day 43
K. @m) 245 3.78 425
5
D . (mim) 20x10°® 22x10" 20x10%
a.f
Biofilm thickness (mm) 0.451 1.355 0.885 (Biofilm sloughed)

The maximum rate of reaction, V___, was the same order of magnitude for the biofilm located

at 50 mm and 118 mm (Table 8.4a), as well as on the different days (Table 8.4b) the
bioreactors were disconnected. The values for the maximum rate of reaction were extremely
large and therefore not reported in the study. A possible reason for the extreme values
obtained could have been due to the pressure under which the system was operated, as well
as the type of mass transport into the biofilm. The humidified air supplied to the ECS of the
bioreactor and the growth medium supplied to the lumen of the membrane were pressurised.
The pressure differential in the system therefore facilitated increased reaction rates within the
biofilm regions dominated by maximum biological reaction and minimal transport.

In Table 8.5a it was observed that the closer the biofilm {170 mm) was located to the air inlet
the lower the flux through the biofilm and the further the biofilm (50 mm) was located from the
air inlet the highef the flux through the biofilm. Table 8.5b indicated that the flux through the
biofilm decreased over time and increased biofilm thickness. Tables 8.5a and b indicate that
the biological reaction occurring within the biofims was consumption since the value
calculated by Profile 1.0 was negative.
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Table 8.5: Average dissolved oxygen parameters at (a) 50, 118 and 170 mm from the bottom of
the bioreactor; and (b) on days 24, 47 and 48, calculated using Profile 1.0 software

Position on ceramic membrane | 50 mm 118 mm 170 mm

(mm)

Calculated concentration at the | 7.33 6.2t 6.29

top {g/m’)

Calcutated concentration at the | 1.39 165 0.69

bottom (g/m™

Calcutated flux at the top 0.1 0.17 0.02

(g/m*.hr)

Calculated flux at the bottom 4] 0 0

(g/m™.hr)

Production {Consumption) Zone 1:-1103.60 Zone 1:-145785 Zone 1:-79.62
Zone 2:-86.90

Depth (mm) 0.03 0.08 0.23 (Zone 1)
0.38 (Zone 2)

Time (Days) Day 24 Day 47 Day 48

Calculated concentration at 7.58 5.66 7.1

the top (g/m”)

Calcuiated concentration at 1.61 1.35 1.47

the bottom (g/m®)

Calcutated fiux at the top 0.29 0.09 0.13

(@/m?.hr)

Calcutated flux at the bottom o 0 0

(g/m™.hr)

Production {Consumption) Zone 1:-6052.67 Zone 1:-880.65 Zone 1: -1680.90

Depth {mm) 0.07 0.15 0.09

In the biofilm located at 50 mm and 118 mm from the bottom of the bioreactor the biological
reaction occurs within 0.09 mm and 0.08 mm from the surface of the biofilm, respectively.
At 170 mm the biological reaction (i.e. consumption) begins 0.23 mm from the surface of the
biofilm. Therefore, the reaction zone within the biofilm at 50 mm, 118 mm and 170 mm was
1.24, 1.35 and 0.31 mm thick, respectively. The thickness of the reaction zones indicated
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that at 176 mm, closer to the air inlet, there was minimal consumption and maximal transport,
while at 50 and 118 mm consumption was high and transport low. This is confirmed by the
type of transport identified at these locations, as well as the consumption values generated in
the output file using Profle 1.0 software. Diffusive transport dominated at 50 and 118 mm,
while convective transport dominated at 170 mm.

The shape and gradients of the profiles in Figure 8.12a — ¢ were detemined by the type of
transport. In the regions were the transport was via diffusion the biological reaction zones
were large; therefore these regions were dominated by the biological reaction and not
transport. In the regions were the transport was via convection the biological reaction zones
were minima), therefore these regions were dominated by maximal convective transport and
minimal consumption. This was confimed by the substrate saturation constant and
maximum rate of reaction which were determined to be approximately zero at 170 mm,
where the transport was convective. If the substrate saturation constant is much smaller than

the initial concentration of the substrate (i.e. oxygen), C, , then the biological reaction rate,
ry, will be equivalent to the maximum substrate consumption rate, r, . However, if K, =0,

then r, = r, = 0. This was observed in the biofiim at 170 mm from the boltom of the

bioreactor, where consumption was minimal and convective fransport at a maximum.

8.7.5.2 Comparison of parameters calculated utilising the oxygen profiles,
Profile 1.0 and Taylor’s expansion series

Niwampe et al. (2008) determined DO mass transfer parameters using Taylor's expansion
series for a similar non-pressurised MGR system utilised to immobilise P. chrysosporium.
The Monod saturation constants were in the range of 0.041 to 0.999 g/m?, the consumption
of oxygen in the biofilm was in the range of 894.53 to 2739.70 g/m’.hr, the oxygen diffusion
coefficient in the range of 7.94 x 10°® to 1.750 x 10°® m%hr and dissolved oxygen flux through
the biofilm 0.27 to 0.7 g/m>.hr. The average oxygen penetration depth decreased with time
and the penetration ratio decreased from 0.42 to 0.12 with anaerobic zones in the biofilms
increasing from 602 pm after 72 hr to 1940 ym after 264 hr.

During this study, using Profile 1.0 software the substrate saturation constants were in the
range of 2.45 to 4.25 g/m’, the oxygen diffusion coefficient in the range of 8.15 x 10% to
1.75 x 10° m%hr and dissolved oxygen flux through the biofilm 0.13 to 0.28 g/mZhr. The
average oxygen penetration depth decreased with time and the penetration ratio decreased
from 1.6 to 0.26.
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When the DO kinetic parameters determined for this study were compared to those obtained
by Niwampe et al. (2008) the range of substrate saturation constants and the rate of oxygen
consumption range was higher. This was attributed to the system being operated under
pressure while the MGR system utilsed by Ntwampe et al. (2008) was not. The oxygen
diffusion coefficients obtained were of the same order of magnitude for both systems.
Although different micro organisms were immobilised during the two studies both micro
organisms, namely Phanerochaete chrysosporium and Streptomyces coelicolor, were
filamentous in nature.For both the non-pressurised MGR system used by Ntwampe et al.
(2008} and the pressurised MGR system used during this study the average penetration
depth decreased over time with an increase in biofilm thickness, resutting in a decrease in
penetration ratio over time. The penetration ratios determined for this study were higher than
those determined by Ntwampe et al. (2008} due to the current study being operated for a
longer duration; however both showed a decrease in penetration ratio over time. A higher
flux of oxygen through the biofilm was observed in the non-pressurised system (Nitwampe et
al., 2008} than in the pressurised system utilised during the current study.

The DO kinetic parameters calculated using Taylor's expansion series were compared to the
values obtained using Profile 1.0 software. However, except for the oxygen diffusion

coefficient values which were of the same order of magnitude, the values determined for X,
V... and J__ were vastly different from those determined with Profile 1.0 software. Taylor's

expansion method was utllised by Niwampe et al (2008) to determine the DO kinetic
parameters in a similar non-pressurised system. The values determined by Ntwampe et al.
{2008) are comparable to those determined for the cumrent study using Profile 1.0 software.
Therefore, Taylor's expansion method can be utilised to determine dissolved oxygen kinetic
parameters for non-pressurised MGR systems, but was not suitable for the pressurised
system utilised during this study.

8.7.6 Scenario to be utilised to solve the mathematical model developed

From this study it was determined that the initial oxygen concentration, C, , supplied to the
- system in the range of 7.05 to 7.25 g O/m® and the substrate {i.e. oxygen) saturation
constant, K, values (indicated in Tables 8.4b) were of the same order of magnitude,
therefore C, = K. A numerical technique is therefore required to solve Equation 8.14.

However, the correct numerical technique first needs to be identified before the equation can
be solved. This process of elimination and model solving would be extremely time consuming
and was therefore not part of this study.
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8.7.7 Dissolved oxygen measurements of the permeate samples

The DO present in the permeate samples was measured daily after removing the permeate
from the permeate collection bottle of each reactor. When the permeate was collected from
the pressurised collection bottles into centrifuge tubes, the permeate was exposed to air at
atmospheric pressure allowing mixing to occur. The only way to collect the permeate from
the pressurised collection bottles for analysis was by releasing the pressure in the collection
bottles which facilitated the transfer of the permeate to the cenirifuge tubes. The volume of
permeate collected determined how well the air mixed with the permeate. The smaller the
volume the higher the DO concentration within the permeate samples and the larger the
volume the lower the DO concentration. Therefore, the DO concentration present in the
permeate samples appeared to depend on the volume of permeate collected and possibly
the temperature in the laboratory.

8.7.8 Dissolved oxygen measurements within the growth medium
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Figure 8.17: Average dissolved oxygen (DO) profiles in unused growth medium and used
growth medium (24 days) (The error bars represent the standard error using Sigma Plot 8.0)

In Figure 8.17 the DO concentration within the media was measured with a Clark-type
ampoteric microsensor. The two curves showing a gradual decrease in DO concentration
over time was measured in the complex growth medium, ISP2, which had been utilised for
24 days by the system. When the DO readings were taken it was observed that there was
back growth of the micro organism in the growth medium. In the pressurised SFMGR system
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utilised in this study the longer the system is operated the higher the possibility of back
growth of the micro organism within the growth medium. This accounts for the gradual
decrease in DO concentration as the profile was measured, since the micro organism
present in the growth medium was utilising the oxygen present in the medium. For these two
curves readings were taken every 2 seconds with an OX10 microsensor.

The stable almaost horizontal curve in Figure 8.17 represents the DO concentration measured
in sterile unused fresh complex growth medium. As this growth medium was sterile and
unused there was no back growth of the micro organism, therefore the oxygen present in the
medium was not being utilised which explains why the curve is horizontal and does not
fluctuate over time. For this curve readings were taken every 10 seconds with an OX10
microsensor, therefore there are less data points when compared to the two other curves in
Figure 8.17.

The possibility of oxygen present in the growth medium influencing the DO concentration
present in the biofilm, and resulting in increased concentration as observed in Figures 8.9
and 8.10 can therefore be eliminated. The micro organism present in the growth medium due
to back growth utilised any oxygen present.

8.7.9 Average flux, pH, actinorhodin production and redox potential
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Figure 8.18: Time course of the average fiux, pH, actinorhodin production and redox potential
profiles (The error bars represent the standard error using Sigma Plat 8.0)
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In Figure 8.18 the average flux, pH, actinorhodin production and redox potential was
determined daily. Both the pH and redox potential was measured with a Metrohm 744 pH
meter. Observed from the curves in Figure 8.18 the flux decreased gradually over iime as the
transmembrane pressure remained constant and the biofilm increased in thickness. Due to
the flux decreasing over time and the micro organism consuming glucose for biomass
formation the biofim was subjected fo nufrient limitation resulting in an increase in
extracellular actinorhodin production. An increase in actinorhedin production resulted in an
increase in pH. The redox potential was measured for the first time during this study. It was
observed that as the pH increased the redox potential decreased, therefore the pH and redox

potential showed an inverse relétionship to each other.

88 Summary

To be able to measure in-situ dissolved oxygen (DO} measurements within a biofilm
immabilised in a pressurised MGR a manipulator had to be designed. The manipulator had to
allow the DO microsensor to remain attached to the glass housing of the bioreactor for the
duration of each experiment. i was required that once attached to the system the
manipulator not only housed the microsensbr, while maintaining the pressure within the
system, but allowed the operator to manipulate the microsensoer into and out of the biofilm
immobilised on the surface of the ceramic membrane. The manipulator was successfully
designed and drawn to scale using a three dimensional drawing program, Solid Edge
(Version 18).

On completion of this section of the study it was concluded that over time a biofim
immobilised on the surface of a ceramic membrane in a pressurised SFMGR increases in
thickness, unless sloughing occurs. However, due to the vertical orientation of the bioreactor
the thickest part of the biofilm was located at the bottom of the bioreactor and the thinnest at
top. Convective mass transfer was identified in the thin biofilm located closest to the air inlet
and diffusive mass transport in the thicker biofilm located in the middle and at the bottom of

the bioreactor.

-It is recommended that the study be repeated with an oxygen microsensor constructed by
Unisense that is pressure tolerant. A pressure tolerant microsensor would allow the
measurement of oxygen under high pressure, like observed in the ECS of the system utilised
in this study. Thereby, hopefuily eliminating the high and drifting signal cbserved during the
in-situ DO measurements of this study.

It is important to understand how oxygen affects an immobilised biofilm in an MGR in order to
optimise the SFMGR system for the commercial production of secondary metabolites, such

Chapter 8 Page 197 of 271



as actinorhodin. The measured oxygen profiles of the immobilised Streptomyce coelicolor
biofilm can be used to quantify mass transfer parameters. Understanding dissolved oxygen
mass transfer kinetic parameters in aerobic biofilms, such as Streptormyces coelicolor A3(2),

is required to obtain optimal microbial activity.

It is recommended that should a similar study be conducted more than one method be

utilised to determine the maximum rate of reaction, V_,_, in order order to confirm the values

obtained during this study. Since the values obtained were excessively high even for a
pressurised system. By utilising different methods to determine the oxygen mass transfer
parameters within a pressurised MGR system, the most appropriate method would be

confirmed.
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CHAPTER NINE
OVERALL DISCUSSION OF RESULTS

9.1 Background

The main purpose for performing this research project was to determine the growth,
substrate and oxygen mass transfer kinetics in a continuously operated pressurised
Membrane Gradostat Bioreactor (MGR), using the soil dwelling Gram positive filamentous
bacterium Streptomyces coelicofor A3(2).

9.2 Overall discussion of results
9.2.1 The quantification and comparison of Streptomyces coelicolor growth in
defined and complex growth medium
Growth media is divided into two categories: complex and defined. In a defined growth
medium each component present in the medium is known, as well as the quantity of the
component to be used in the medium preparation. In a complex growth medium not all the
components are known since extracts, such as malt extract, are utilised and not all the
-components present in the extract are defined on the label of the container. A complex
medium provides the micro organism being cultured with the basic components required to
survive, such as carbon in the form of glucose. A relationship normally exists between the
compaosition of the growth medium and the biosynthesis of secondary metabolites such as
actinorhodin.

From literature it was deducted that when utilising a defined growth medium, most of the
product formation is intracellular. However, when utilising a complex growth medium with a
pH close to neutral and the product is dark blue/purple in colour, it can be assumed that
product formation is both intracellular and extracellutar. The lactone derivative y-actinorhodin
accounts for the dark biue/purple colour of the product and indicates that y-actinorhodin is
extracellular, while actinorhodin is produced intracellularly.

The use of the complex growth medium, ISP2, utilised in this study resulted in thicker, more
robust biofilms, as well as higher secondary metabolite (i.e. actinorhodin) production, than
the defined growth medium. When utilising the complex medium, the biofilms increased in
thickness due to glucose consumption. However, due to the biofilm continually increasing in
thickness, the flux decreased since the TMP was kept constant for the duration of the study.
Therefore, the biofilm experienced nutrient limitation, resulting in blue pigment synthesis that

was visible in the permeate.
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The biofilms generated when the defined medium was utilised were extremely thin due to
nutrient limitation, identified as glucose. The glucose limitation, indicated by the cessation of
blue pigment synthesis, resulted in poor biomass production. Therefore, when the defined
growth medium was utilised the secondary metabolite production was intracellular and not

visible in the permeate.

Both the complex and defined growth media stimulated secondary metabolite production, but
for different reasons. The defined medium resulted in actinorhodin production due to glucose
limitation, which also caused poor biomass growth. While the complex medium resulted in
actinorhodin production, due to decreased flux across the biofilm.

9.2.2 Identifying glucose consumption kinetic parameters for S. coelicolor
using both a complex (ISP2) and defined growth medium _

Secondary metabolism is suppressed when a micro organism is growing at its full potential
under optimum' conditions. In order to optimise secondary metabolite production certain
nutrients, such as glucose, a carbon source for Strepfomnyces coeficolor A3(2), is limited

resulting in increased secondary metabolite production.

In this study the glucose concentration decreased as the biomass increased. When the
complex growth medium was utilised glucose was not limited. However, glucose was
identified as the limiting nutrient when the system was operated with the defined growth

medium.

The Monod single-substrate growth kinetic model was utilised to quantify the glucose
consumption kinetics, as the initial glucose concentration present in the growth medium
remained unchanged for the duration of the study. The average glucose consumption rate,

(r,), was determined to be approximately 92.27 g/m®hr. Utilising the Lineweaver-Burke
method to linearise the rate limiting nutrient's data, the Monod saturation constant, (X, ),

and the maximum substrate consumption rate, (r, ), were calculated to be 29605.65 g/m®
and 434.78 g/m’.hr, respectively. While using Solver in Microsoft Excel 2003 for the non-

linear regression method, the Monod saturation constant, (X, }, and the maximum substrate

consumption rate, (r,), were calculated to be 29605.67 g/m’ and 4341.69 g/m’hr,

m

respectively.

if glucose is the limiting nutrient within an MGR system, whether the system is pressurised or
non-pressurised, the average consumption rate is in the range of 80 to 95 g/m®.hr. However,
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if glucose is not completely depleted within the system the average consumption rate is
much lower. In pressurised MGR systems, higher Monod saturation constants and maximum

glucose consumption rates are observed than in non-pressurised MGR systems.

9.2.3 Mathematical modelling of the growth kinetics of S. coelicolor biofilm

growth in a pressurised MGR

The growth curve obtained for S. coelicolor A3(2) immobilised in a pressurised continuously
operated MGR, showed the presence of two growth cycles (biphasic growth) from +66 to
162 hr and +162 to 354 hr, re§pectively, with no noticeable intermediate lag phase. Two
specific growth rates were obtained, one for each growth cycle, with a lower specific growth
rate (in the range of 0.013 to 0.019 hr"') obtained for the second growth cycle compared to
the first growth cycle (in the rahge of 0.033 to 0.073 hr'™"), this trend corresponds to literature
for non-pressurised MGR systems. The specific growth rate determined for the first growth
cycle correspond to the specific growth rate obtained in literature for the same micro
organism cultured in a non-pressurised batch system. However, the specific growth rate
range obtained for the second growth cyclé in this study corresponds to specific growth rates
obtained in literature for non-pressurised batch and fed-batch systems operated at lower
airflow rates than utilised in this study.

The various kinetic growth models (i.e. logistic, exponential, linear, power law and two-
phase) were fitted to the growth curve obtained from the experiemental data. The power law
mode! gave the best fit for the first growth cycle, from 166 to 162 hr. The two-phase model
(fast acceleration phase from 162 to 212 hr and slow deceleration phase from 212 to
282 hr) gave the best fit for the second growth cycle. The best growth model fit was obtained
when the point at +354 hr on the growth curve was excluded. Due to repeated biofilm
sloughing from the ceramic membrane, the point at +354 hr could not be confirmed after
354 hr, even with repeated experiments. '

The cause of the biphasic growth during this study was not identified. However, from (1) the
pH values recorded; (2) the glucose, actinorhodin and phosphate assays performed; (3) the
épecific growth rates obtained for the two growth cycles,; as well as (4) the synthesis of the
blue pigment (ie. actinorhodin), glucose and phosphate were eliminated as possible causes.
Nitrogen, sulphur, potassium and trace elements were the components of the growth
medium not eliminated. However, since a complex growth medium was utilised during the
study the quantity of these components present in the growth medium was unknown.
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9.2.4 The quantification and comparison of product formation in biofilms of
S. coelicolor in both single fibre membrane gradostat reactor’s (SFMGR’s) and
multifibre membrane gradostat bioreactor’s (MFMGR’s)

The highest actinorhodin concentration (85.12 mg/L) was produced by the SFMGR'’s housing
the larger membranes. The same pressure differential was utilised for both the larger and
smaller ceramic membranes in the SFMGR’s. The flux across the larger membranes was
unstable due to the pressure differential being too low to facilitate a stable transmembrane
flux. The pressure differential should have been increased accordingly with an increase in
membrane diameter. Therefaore, it was postulated that the micro organism experienced
nutrient limitation, resulting in increased actinorhodin production.

The highest actinorhodin concentration produced by the biofim immobilised on the larger
and smaller membranes in the MFMGR's, was 44.60 and 67.09 mg/L, respectively. The
highest actinorhodin concentration produced by the biofilm immobilised on the smaller
membranes in the SFMGR's was 51.0 mg/L. The growth medium flux across the smaller
membranes in the MFMGR of 0.506 L/m®.hr was 28.5% lower than the flux of 0.708 L/m?hr
across the smaller membranes in the SFMGR's. The biofiims immobilised in the MFMGR'’s
housing the smaller membranes were receiving a lower volume of growth medium and
therefore subjected to nutrient limitation resulting in higher concentrations of actinorhodin
being produced. The highest actinorhodin production occurred with the larger membranes in
the SFMGR’s and with the smaller membranes in the MFMGR's

A comparison of the results obtained for the SFMGR’s in Chapter 5 with the resuits obtained
- for the MFMGR's in Chapter 8 indicated that for the MFMGR'’s when the pH increased the
actinorhodin and glucose concentrations decreased. This occurred possibly due to the
composition of the growth medium being altered and the maintenance of a constant flux
across the membranes. The MFMGR's utilised an automated system with load cells that
ensured the flux remained constant. In the SFMGR's an increase in pH resulted in an
increése in actinorhodin production and a decrease in glucose concentration. However, due
to a combination of increased biofilm thickness over time and a constant TMP, the flux in the
SFMGR system decreased over time. Therefore the SFMGR’s experienced nutrient limitation
due to decreased flux, while the MFMGR's experienced nutrient limitation due to the growth
medium being altered to contain decreased quantities of glucose and malt extract.

9.2.5 Atmospheric oxygen measurements and quantification of the oxygen
kinetic parameters

On completion of this section of the study it was concluded that over time a biofilm
immobilised on the surface of a ceramic membrane in a pressurised vertically orientated
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SFMGR increases in thickness and exhibits tapering from the bottom to the top of the
bioreactor. Both biofilm density and dry biomass increased with age.

The DO penetration depth depends on: (1) the location of the biofilm; (2) biofilm thickness;
and (3) the type of transport into the biofilm. The closer the biofilm is located to the air inlet,
the thinner the biofilm and if the mass transport is via convection the higher the penetration
depth. Therefore, DO penetration depth increased from the bottom of the bicreactor towards
the top, where the air inlet of the SFMGR was located. The penetration ratio increased with a

decrease in biofilm thickness along the length of the ceramic membrane.

The type of transport depended on the thickness and location of the biofilm within the
bicreactor with regards to the air inlet. Mass transport in biofilms less than 1 mm thick was
via convection and via diffusion in biofilms thicker than 1 mm. At 50 and 118 mm from the
bottom of the bioreactor, the type of transport was identified as diffusive. The substrate
saturation constants were determined to be =3.00-and 3.46 g/m®, respectively and the
thickness of the reaction zone ~1.24 and 1.35 mm, respectively, indicating minimal transport
and maximum biclogical reaction, identified as consumption. At 17¢ mm from the bottom of
the reactor, the type of transport was identified as convective. The substrate saturation
constant was determined to be =0.00 g/m® and the thickness of the reaction zone =0.38 mm,
indicating minimal consumption and maximal convective mass transport. However, the
question arises if the air inlet was located at the bottom of the bioreactor; would the transport
in the biofilm located at the top of the bioreactor still be via convection?

Anaerobic zones exist within the biofilm especially at 50 and 118 mm from the bottom of the
reactor where the mass transpaort was via diffusion. At these locations transport was minimal
and biological reaction maximal. The average penetration depth was determined to be
~8.67 x 10° and 8.87 x 10° mm at 50 mm and 118 mm, respectively. Considering the
average biofilm thickness at 50 mm from the bottom was =1.58 mm and 1.32 mm at 118 mm
from the bottom of the reactor, the possibility that the biofilm experienced oxygen limitation
exists.

Taylor's expansion method proved to be an unstuitable method to determine dissolved
oxygen kinetic parameters for a continuously operated pressurised MGR system. Profile 1.0
proved to be a suitable method. During this study, using Profile 1.0 software the substrate
saturation constants were in the range of 2.45 10 4.25 g/m’; the oxygen diffusion coefficient in
the range of 8.15 x 10° to 1.75 x 10®° m%hr; and dissolved oxygen flux through the biofilm
0.13 to 0.29 g/m®hr. The average oxygen penetration depth decreased with time and the
penetration ratio decreased from 1.6 to 0.26. The high flux through the biofilm at 50 and
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118 mm was due to the minimal transport and maximum biclogical reactior at these

locations, eventhough both these locations were far away from the air inlet.

An individual mathematical model can be developed for each location of the biofilm on the
the membrane (i.e. 50, 118 and 170 mm). The scenaric to be utilised to solve the model
depends on the type of transport through the biofilm, the ratio of the substrate saturation
constant to the initial substrate (i.e. oxygen) concentration, as well as the ratio of convective
transport to diffusive transport at a particular location within the biofilm. In heterogeneous
biofilms mass transport does not occur solely by diffusion or convection, but a combination of
the two. '
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CHAPTER TEN
CONCLUSIONS AND RECOMMENDATIONS

10.1 Conclusions

It can be concluded that when the main objective is to stimulate the production of high
concentrations of the secondary metabolite, actinorhodin by Streptomyces coelicolor then
ISP2 complex medium is the growth medium of choice. However, when the calculation of
‘kinetic parameters is priority ‘and not secondary metabolite production the Hobbs et al.
{1989) defined medium is the recommended growth medium

The presence of pressure within an MGR system influences the substrate consumption rate.
A higher consumption rate and therefore higher maximum consumption rate is observed in
pressurised systems than non-pressurised systems. However, the Monod saturation
constant is unaffected by the presence or absence of pressure within the system, but rather
affected by the residual concentration of the rate limiting substrate. The highér the residual
concentration of the rate limiting substrate the higher the yield coefficient, especially if the

limiting substrate is the nutrient which stimulates biomass farmation.

From the results of this study and literature it was postulated, for S. coelicolor A3(2) a solid
substratum (i.e. solid medium, membrane surface in an MGR) onto which the micro organism
can immabilise is required to initiate the phenomenon of biphasic growth, as this was not
observed in batch and fed-batch cultures. For this micro organism biphasic growth occurs in
both pressurised and non-pressurised systems. For S. coeficolor the specific growth rates
are similar, whether the micro organism is cultured in a batch, fed-batch, continuous MGR,

pressurised or non-pressurised system

Scale-up from SFMGR'’s to MFMGR'’s with S.coelicolor was possible. However, for scale-up
to be a success, the cormrect process parameters (i.e. growth medium composition, nutrient
-and air flow rate, membrane size) need to be utilised in order for the system to function
optimally and efficiently produce high concentrations of secondary metabolites.

Oxygen mass transfer in a biofilm immobilised within a continuously operated pressurised
MGR is influenced by the thickness of the biofilm and the location of the biofilm with regards
to the air inlet. In vertically orientated SFMGR's tapering of the biofilm occurs, with the
thinnest biofilm located at the top and the thickest biofilm at the bottom of the bioreactor.
Penetration depth is influenced by the location of the biofilm with regards to the air inlet,
biofilm thickness and type of mass transport. The type of mass transport depends on the
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thickness and location of the biofilm in the bicreactor. Meodelling oxygen mass transport is a
complicated process as the type of mass transport in the biofiim needs to be identified.
However, bicfilms are not uniform therefore in heterogeneous biofilms mass transport does
not occur via convection or diffusion only, but a combination of the two. Determining the
extent of the convective or diffusive transport in the biofilm at a particular location will assist

in the development of the mathematical mode!.

In conclusion there is now a better understanding of substrate kinetics, growth kinetics and
oxygen mass transfer kinetics within a continuously operated pressurised MGR system. The
information obtained contributed to a better understanding of reactor design, secondary
metabolite production and process optimisation. The oxygen profiles obtained provided an
increased understanding of both the biological {microscale) and physical (diffusion and
convection) processes within a pressurised MGR system. More data is now available with
regards to oxygen distribution within gradostat systems, increasing the limited amount of

information currently available.

10.2 Recommendations
The following recommendations are made due to the problems experienced during the study,
as well as from regular utilisation of the system.

1. The study should be repeated but at conditions that will eliminate the sloughing
phenomenon cbserved.

2. The growth medium component responsible for the biphasic growth should be
identified.

3. An assay to determine the nitrate concentration present in the permeate samples
should be performed to identify if nitrate depletion occurs in continuously operated
pressurised SFMGR systems. ' '

4. |dentical pressurised and non-pressurised systems of S. coelicolor A3(2) should be
compared with regards to specific growth rates, biofilm thickness and biomass to
detemmnine the effect of pressure on the system.

5. Experiments with other bacteria should be conducted in pneumatic systems to
confirm whether the two-phase growth model phenomenon applies only to
filamentous micro organisms or includes bacteria.

6. Improved microsensors that are less invasive into the biofilm, therefore they do not
disturb the structure of the biofilm when entering and leaving the biofiim.

7. Construction of microsensors that are more durable and de not break so easily,
possibly using a different material for construction.
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8. Construction of microsensors that are not pressure sensitive when operated under
pressure for long pericds of time. Thereby, eliminating the dissolving of air in the
electrolyte causing increased readings and signal drift.

9. It is recommended that the experiments be repeated but instead of using
microsensaors to utilise smart holograms “programmed” to measure the dissolved
oxygen, glucose concentration, actinorhodin concentration, nitrogen concentration,
phosphate concentration and pH within the biofilm. The use of smart holograms will
eliminate the increased readings and signal drift experienced with the normal
microsensors due to their pressure sensitivity. The problem of off-centre tips will also
be eliminated. '

10. If microsensors are utilised for follow up studies, the ports onto which the microsensor
tube is attached must be perfectly straight and attached at a 90° angle as the
slightest deviation from this angle will result in the microsensor being skew which
increases the possibility of breaking the microsensor tip. | '

" 1t. The mathematical model developed to describe mass transfer within the pressurised
MGR system utilised during this study must be completed and the curve fitting
method utilised on experimental data to test the validity of the model developed.

12. Disolved oxygen kinetic parameters should be calculated using various methods such
as Proifle 1.0 software and Taylor's expansion series. The method providing the most
accurate values fbr the DO kinetic parameters determined via the curve fitting method
with the best SSD and R? values determined with regards to the DO profiles
measured.
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APPENDIX A: Actinorhodin assay

Reagents required:
ISP2 liquid medium
2 M NaOH

Procedure:

1. Transfer 1 mi of the permeate sample to a 1.5 mi eppendorf tube.

2. Centrifuge at 1000 rpm for 2 minutes.

3. Transfer 500 p! of the supernatant into a clean 1.5 ml eppendorf tube.

4. Transfer 500 pl of the ISP2 liquid medium into a clean 1.5 m! eppendorf tube (Serves
as the blank sample for the assay).
Add 500 ! 2 M NaOH to each 1.5 m! eppendorf tube (i.e. Dilution to 1 M NaOH; pH ~
12). .
6. Mix contents of 1.5 ml eppendorf tubes vigorously by vortexing.

3)

7. Aliquot 300 pl of the mixture in triplicate into a 96-well microtitre plate.
8. Measure absorbance at 640 nm. '

To calculate actingrhedin concentration (units, mg/L}) refer to Equations A.1 to A.3. E1% is
the mass extinction coefficient. E1% is the absorbance of a 1% solution by mass and has the
units g"'L cm™. For actinorhodin E1% = 355 g™'.L.cm™.

From Beer's Law: A, =EC, . ! A1
Theretore C,,,., _ A2

El
C,.m (1%) solution is 1g/100 m!; therefore muitiply by 10 to get glb. C_, is furthef
multiplied by 1000 to get mg/L.
€ = 22 10000 A3

GEChingG l

Note; For a microtitre plate reader 300 pl volume gives a 0.8 cm pathlength.
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APPENDIX B: Glucose assay

Reagents required:
1% DINITROSALICYLIC ACIB REAGENT SOLUTION

33, 5-Dinitrosalicylic acid (DNS) 10g
Phenol 29

Sodium sulphite 05g
Sodium hydroxide ' 10g

Add distilled water to make 1 litre

40% POTASSIUM SODIUM TARTRATE SOLUTION
Potassium sodium tartrate 409
Add 100 ml distilled water

Procedure:
Prepare a standard glucose solution with a concentration of 5 g/L. Prepare dilutions as stated
it Table B.1.

Table B.1: Dilutions for the glucose standard curve

Glucose sclution (ml) H2Q (ml) Glucose concentration {(mg/ml)
y] 1.0 0

0.1 ' 09 0.1

0.2 ' 0.8 02

04 0.6 04

0.6 0.4 - 06

0.8 : 0.2 0.8

0.9 a1 0.9

1.0 0 1.0

Note that the dilutions prepared for the standard curve will undergo the same procedure as
described below.

1. Add equal volumes of DNS reagent {500 pl} and sample (500 ) to an eppendorf tube.
Mix by vortexing. _

2. Heat contents of eppendorf tubes to 90°C in a waterbath for 10 minutes. The mixture in
the eppendorf tubes wilt become a red brown colour.

3. Cool the contents of the eppendorf tubes as it comes out to room temperature in order to
stop the reaction.
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4. Add 167 p! of the 40% potassium sodium tartrate solution to maintain the colour. Mix by
vortexing.

5. Read in triplicate on a plate reader at 590 nm.
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APPENDIX C: Phosphate assay

Reagents required:
ASCORBIC ACID (store at 4°C for up to 3 days)
Ascorbic acid 18g
Make up to 200 ml with dH-O

AMMONIUM MOLYBDATE

Ammoniurm heptomolybdate (dissolve first in 160 ml H,Q) 259

Add H,SO, to above solution 13 mi

Make up to 200 ml with dH,O | ,
Use same phosphate salt (See Table C.1) found in nutrient medium being assessed in the

preparation of the standard solution. The molecular weight (Mw) of phosphate (PO.) is 94.97.

Table C.1: Phosphate salts standard solutian preparation

To prepare standard solution containing 1 mg/mi PO,

KoHPO4 Mw 174.17 183 mg per 100 mi! distilled water

KHzPO4 Mw 136.08 143 mg per 100 ml distilled water

NaH:PO. Mw 119.98 126 mg per 100 ml distilled water

NH4PO, Mw 113.01 119 mg per 100 ml distilled water
Procedure:

To prepare the standard solution curve add 50 ul standard to 950 ul distilled water. Prepare
dilutions as stated in Table C.2.

Table C.2: Dilutions for the phosphate standard curve

PO, Solution (mi) Hz0 (mif) P04 Concentration (mg/ml)
0 1.0 0

0.1 0.9 0.1

0.2 0.8 0.2

c.4 0.6 0.4

0.6 0.4 0.6

0.8 0.2 0.8

0.9 c.1 0.9

1.0 0 1.0
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Aliquot 500 pl of each standard dilution into a clean test tube.
Add 500 pl ammonium molybdate to each test tube, mix by vortexing.
Add 500 pl ascorbic acid to each test tube, mix by vortexing.

Stand for 30 minutes at room temperature.

I A

Aliquot 300 pi of the well mixed standard dilutions into triplicate wells in clean 96-well
microtitre plate and read at 650 nm on BMG Fluostar Optima.

Assay procedure for permeate samples:

1. Add 50 ul of a sample to 950 pl distilled water, mix by vortexing.

Aliquot 500 ! of the diluted sample into a clean test tube.

Add 500 pl ammonium molybdate, mix by vortexing.

Add 500 pi ascorbic acid to each test tube, mix by vortexing.

Stand for 30 minutes at room temperature.

Aliquot 300 pl well mixed sample into triplicate wells in clean 96-well microtitre plate and
read at 650 nm on BMG Fluostar Optima. '

o o op LN
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APPENDIX D: Design templates of bioreactor glass housing with
oxygen measuring ports

Figures D.1, D.2 and D.3 are design templates utilised in the manufacturing of bioreactor
glass housings with ports located at various positions on the side of the glass housing. These
bottm, middle and top located ports were for the attachment of an oxygen microsensor to
determine the dissolved oxygen (DO) concentrations within the biofilm immobilised within the

bioreactor.

Sl 35

|

Figure D.1: Design template of a bioreactor glass housing with an oxygen measuring pori
located at the bottom
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Figure D.2: Design template of a bioreactor glass housing with an oxygen measuring port
located in the middle
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Figure D.3;: Design template of a bioreactor glass housing with an oxygen measuring port
located at the top
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APPENDIX F: Profile 1.0 input and output files

« Profile 1.0 INPUT FILE
R2 118cm no 1 Aimospheric D47

0
0.000080
4

4

5:t=F b=C)
5.91

0
1.161e-05
1

Depth at top of calcufation domain

Depth at bottom of calculation domain

Max number of equally spaced zones in interpretation (1 to 12)

Type of boundary conditions(1:1=C b=C, 2:t=C t=F, 3:b=C b=F, 4:t=C b=F

First boundary condition

Second boundary condition

Diffusivity of water at 37C

Expression for sediment diffusivity (Ds){1: Ds=FI'D, 2: Ds=FI*"2*D, 3:

Ds=D/(1+3*(1-F))

-0

5.91 Concentration at x = start
-1.0e20 Minimum for consumption rate
0 Maximum for consumption rate
0.0001 Maximum deviation (in %) when accepting a calculated minimum
0.001 Level of significance in the F statistics
X Fl DB ALFA C
03 O 0 5.91
'0.000020 03 0 0 5.22
0.000040 03 0 0 3.83
0.000060 03 ¢ 0 2.19
0.000080 03 0 0 .26
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* Profile 1.0 OUTPUT FILE
Name of input file: 118R2D47.1.txt
Name of output file: 118R2D47.1 RESULTS

Input read from file - the calculation begins.

Zones SSE

1.4610E+01
2 .2984E+01

3.2167E+01 .
4 .1780E+01 .

R*2 Zones: 2 3 4

7814 ---—- 291 470 .737

8585 --roreoee 477 772
8973 --——--—me- 722
9156

The F statistics suggest 1 zones. Choose the number of zones for further calculations: 1

ones SSE R? Zones:
1 .4610E+01 7814

The F statistics have no suggestion. Choase the number of zones in final result: 1

The calculation is don'e:' 1224 steady state profiles are tested.

Calculated concentration at top: 0.5910E+01
' Calculated concentration at bottom: 0.1732E+01

Calculated flux at top: 0.1091E+C0
Calculated flux at bottom: 0.0000E+00
Depth integration of production: -0.1091E+00
Depth integration of irrigation: 0.0000E+00

Depth integration of production and irrigation in each zone:

Zones Production Irrigation
1 -0.1091E+00 0.0000E+00
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